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A bstract 

A study was carried out to evaiuate the sponge oii process for the purification of 

high pressure hydrogen from hydrocracker off-gas. Countercurrent gas liquid contacthg 

was found to be the best process for the purification of hydrocracker off-gas at 10-20 

MPa typically containhg 70% hydrogen. 

A laboratory scale apparatus consisting of a packed column absorber and a 

stnpper, with solvent in closed loop circulation for operation up to 25 MPa was 

constructed. The absorber and separator diameters were 1.58 cm and the separator height 

was 45 cm. The absorber was packed with 4 mm glass beads to 40 cm high for solubility 

measurements, and 10 cm high for m a s  transfer rneasurements. 

Solubilities were measured for pure hydrogen and methane and for 73% hydrogen 

and 27% methane in 13 pure solvents and 3 mixed refinery solvents at high pressures and 

room temperature. These measurements identified the optimum solvents for selective 

absorption of methane over hydrogen. Solubility prediction methods were developed using 

both solubility parameter correlations and equation of state models. The presence of 

ethane in the gas strearn increased the selective absorption of methane over hydrogen in 

toluene. The addition of a solid paraffinic compound, eicosane (CZOH~~),  to toluene 

improved the gas solubilities as expected. 

Kgh pressure liquid side mass transfer coefficients were measured by absorbing 

pure methane in toluene and gas side mass transfer coefficients were measured by 

absorbing binary gas in toluene. Ideal mass transfer coefficients were obtained from the 

experirnentai values by correcting for the d a s i o n  mechanism using a bootstrap solution 

and for high mass transfer rates using the exact solution of the Maxwell-Stefan equations. 

Generalized correlations suitable for design calculations were developed for prediction of 

ideal mass transfer coefficients. 



Simulations were carried out using a nonequilrbrium model which incorporateci 

corrections for diffusion mechanism, high mass tramfer rate and thermodynamic 

nonideality of the phases. Generalized methods for transport property estimations were 

used to enhance the flexibility of the model, and dytical derivatives of the 

thermodynamic properties were used to enhance its accuracy. The simulation results were 

evaluated with experimentd data for binary and temary gas absorption in toluene. 



Acknowledgements 

1 am exceptionaily gratefut to my supervisor, Dr. Barry h d e n  for bis guidance, 

interest and encouragement though out this research project. It was really a pleasant 

expenence to work with him. An important lesson I learnt fiom him is that managing inter 

personnel relationship properly is very essential to handle projects. 

I wouid Iike to thank Dr. Patrick Clarke for his continuous interest in the project 

and for his suggestions and criticism durkig the course of the study. 1 greatly appretiate 

his input in this project. 

Special thanks to Dr. Robert Heidemann for his helpfid suggestions related to 

thennodynamic aspects, Dr. Prithwi Raj Bishnoi in regard tu experimental apparatus, Dr. 

Ani1 Jain for bringing industrial aspects into the project, and Dr. Anil Kumar Mehrotra for 

his generai advice and support. 

1 express a deep sense of gratitude to my parents, Simhasen and Sulochanasen for 

their love, encouragement and sacrifice, and to my brothers, Sunilsen and Sumansen for 

their warmth and encouragement. 

Last but not lem, 1 would like to thank all my fiiendq especialiy Leary Hossein, 

Hussein Alboudwarej, Kunal Karan, Rupam Bora, Surajit Roy, Simant Upreti, Ani1 

Kalaga, Mohammad Islam, Deepak Ihanwar, Rajesh Jakher, Deanne Ivany, Lai Trinh, 

Susan Rose and Mrudula Paranjape who made my stay here in Calgary lively and cheerfut. 



Dedicated to My Parents 



Table of Contents 

Title Page 

Approval Page 

Abstract 

Acknowledgments 

Dedication 

Table of Contents 

List of Tables 

List of Figures 

List of Symbols 

Chapter 1 - Introduction 

1 . 1  Objective 

1 -2 Background 

1.2.1 Hydrocracker Off-gas 

1 -2.2 Existing Murer-separator Process 

1 -3 Modifications and Evaluation of Purification Process 

1 3.1 Countercurrent versus Mixer-separator Process 

1 -3 -2 Solvent Selection 

1.3.3 Econornic Analysis 

1.4 Dissertation Structure 

Chapter 2 - Experimental 

2.1 Apparatus 

2.2 Instrument CaIibration 

2.2.1 Gas Flow Controller 

2.2.2 Liquid Flow Meter 

2.2.3 Gas Chromatograph 

2.3 Chernicals and Materials 

vi 

vii 

xii 

xiv 



2.4 Experimental Pro cedure 

2.4.1 Start-up and Steady-state Runs 

2.4 -2 Depressurization and Liquid Draining 

2.5 Dissolved Gas Composition Cdculation 

2.6 Error Analysis 

2.6.1 Propagation of Instrument Errors 

2.6.2 Reproducibility of Experiments 

Chapter 3 - Solubility Studies 

3.1 Literature review 

3.2 Solvent Properties 

3.3 Solubility Determuiation 

3.4 Accuracy of the Solubility Results 

3.5 Pure Hydrogen and Methane Solubilities in Liquids 

3 -5.1 Solubility Parameter Correlations for Pure Gases 

3 -5.2 Pure Gas Solubilities Prediction for Refinery Oils ushg 

Solubility Parameter Correlations 

3 -5.3 Pure Gas Solubilities Prediction using Equations of State 

3 5 4  Pure Gas Solubilities Prediction for Refheiy Oils uskg 

Equations of State 

3.6 Binary Gas Solubilities in Liquids 

3 -6.1 Solubility Parameter Correlations for Binary Gas 

3.6.2 Binary Gas Solubilities Prediction for Refinery Oils using 

Soiubility Parameter Correlations 

3 -6.3 Binary Gas Solubilities Prediction using Equations of State 

3 -6.4 Binary Gas Soiubiliàes Prediction for Refkery Oils using 

Equations of State 

3.7 EfEect of Presence of Ethane on the Gas Solubilities in Toluene 

3 -8 Effect of Presence of Eicosane in Toluene on the Gas Solubilities 

3.9 Summaty 



Chapter 4 - Mass Transfer Studies 

4.1 Literature review 

4.1.1 Mass Transfer Coefficients 

4.1.1.1 Liquid Side Mass Trader  Coefficient 

4.1.1 -2 Gas Side Mass Transfer Coefficient 

4.1.2 Effective Inteficial Area for Mass Transfer 

4.1.3 Gas and Liquid Dispersion 

4.1.4 Liquid Distribution 

4.1 -5 Literature on Kigh Pressure Mass Transfer Data 

4.2 Design and Testing of the Absorber Column 

4.2.1 Dispersion 

4.2 -2 Liquid Undersahiration 

4 -2.3 Liquid Distribution 

4.2.4 End Effects 

4.2.5 Hydrodynarnic Conditions 

4.3 Measurement of Liquid Side Mass Transfer Coefficient 

4.3.1 Log Mean Concentration DifEerence Equation 

4.3.2 Mode1 Differential Equation 

4.3.3 Calculation of k ; using Onda' s Correlation for W etted Area 

4.3.4 Theoretical Treatment for the Calculated k; Values 

4.3 -4.1 Mass Transfer Flux (N,) and Dinusion Flux (Ji) 

4.3.4.2 Bootstrap Correction 

4.3.4.3 Hïgh flux Correction 

4.3.4.4 Combined Bootstrap and High Flux Correction 

4.3.4.5 Calculation of Ideal Liquid Side Mass Trader  

Coefficient 

4.3.5 Generaiized Correlation for Ideai Liquid Side Mass Transfer 

Coefficient 

4.3.6 Discussion of Liquid Side Mass Transfer Coefficient Results 



4.4 MeasUrexnent of Gas Side Maçs Transfêr Coefficient 

4.4.1 Log Mean Concentration DifEerence Equation 

4.4.2 Calculation of K ',, and Ki, using Onda's Correlation for 

Wetted Area 

4.4.3 Theoretid Treatment for the Calculated K Values 

4.4.3.1 Liquid Side Correction Factors 

4.4.3 -2 Gas Side Correction Factors 

4.4.3 -3 Calculation of I d d  Gas Side Mass Transfer 

Coefficient 

4.4.4 Generaked Correlation for Ideal Gas Side Mass Transfer 

Coefficient 

4.4.5 Discussion of Gas Side Mass Transfer Coefficient Results 

4.5 Recovery and Purity of Hydrogen 

4.5.1 Bhary Gas Absorption in Toluene 

4.5.2 Temary Gas Absorption in Toluene 

4.5 -3 Discussion of PGty and Recovery Results 

4.6 Surnmary 

Chapter 5 - Absorber Simulation 

5.1 Literature review 

5.2 Nonequilibnum Model 

5.2.1 Elimination of Equations, and Variables Representation 

5.2.2 Transport Relations 

5.3 Final Equations and Variables 

5.4 Solution of the Model Equations 

5.5 Calculation of Function (F) and Jacobian [JI Elements 

5.6 Calculation of Transport Properties 

5.7 Calculation of Mass Transfer and Heat Transfer Coefficients 

5 -8 Calculation of Themodynamic Properties and Derivatives 



5 -9 Cornputer Program 

5 -9.1 Input to the Program 

5 -9.2 Initialbation of the Variables 

5 -9.3 Program Flow Chart and Output 

5.1 0 Simulation Results 

5.10.1 Binary Gas Absorption Results 

5.10.2 Temary Gas Absorption Redts  

5.11 Summary 

Chapter 6 - Conciusions and Recommendations 

6.1 Conclusions 

6.2 Recommendations 

References 

Appendix A - Solubüity Prediction Results 

Appendix B - Mass Transfer Experimental Data 

Appendix C - Transport Properties Estimation 

Appendix D - Thermodynamic Properties and Derivatives Calculation 



List of Tables 

Table 1.1 

Table 2.1 

Table 3.1 

Table 3.2' 

Table 3.3 

Table 3.4 

Table 3.5 

Table 3.6 

Table 3.7 

Table 3.8 

Table 3 -9 

Table 3-10 

Table 3-11 

Table 3.12 

Table 3.13 

Table 3.14 

Characteristics of various purifiication processes 

Solvents, purity and the suppliers 

Pure solvents and their propehes 

Refinery oils and theû properties 

Soiubiiities of pure hydrogen and methane in various pure 
solvents and refinery oils at 295 K 

Calculated average physical properties of refinery oils 

Deviations in pure gas solubilities predictions for oils using 
solubility parameter correlations 43 

Binary interaction parameters and deviations in the PR-EOS 
predicted pure gas solubilities 44 

Binary interaction parameters and deviations in the SE-EOS 
predicted pure gas solubilities 45 

Compositions of n-octane, 1 -octene and benzene which mode1 
the refinery oils 46 

Deviations in the PR-EOS predicted pure gas solubilities for 
refinery oils modeled with n-octane, 1-octene and benzene 46 

Deviations in the SRK-EOS predicted pure gas solubilities for 
rehery oils modeled with n-octane, 1-octene and benzene 

Solubilities of 73% H* and 27% CH4 gas mixture in various 
pure solvents and refhery oils at 295 K 

Deviations in the predicted binary gas solubilities for refinery 
02s using solubility parameter correlations 

Deviations in the PR-EOS predicted binary gas solubilities 

Deviations in the SRK-EOS predicted binary gas solubilities 



Table 3.1 5 Deviations in the PR-EOS predicted binary gas solubüitie for 
rehery oils modeled wÏth n-octane, lsctene and benzene 55 

Table 3.16 Deviations in the SRK-EOS predicted bmary gas solubilities for 
reheiy oils modeled with n-octane, 1-octene and benzene 55 

Table 3.17 Solubilities of binary gas (73% and 27% CI&) and te- 
gas (73% H2, 21% CH4 and 6% C2&) in toluene 56 

Table 3.18 Solubilities of b u i q  gas (73% Hz and 27% Ca) with and 
without eicosane in toluene 57 

Table 3.19 Solubilities of temary gas (73% Hz, 27% C& and 6% C2&) 
with and without eicosane in toluene 57 

Table 5.1 Percent relative erron in the mode1 predictions for binary gas 
absorption 155 

Table 5.2 Percent relative errors in the model predictions for ternary gas 
absorption 161 



List of Figures 

Figure 1 - 1 

Figure 1.2 

Figure 1.3 

Figure 1.4 

Figure 1.5 

Figure 2.1 

Figure 2.2 

Figure 2.3 

Figure 2.4 

Figure 2.5 

Figure 2.6 

Figure 2.7 

Figure 2.8 

Figure 2.9 

Figure 2.10 

Figure 2.11 

Schematic of the hydrocracker plant showing a hydrogen 
purifxation process 

Existing mixer-separator hydrogen purification process 

Cornparison of countercurrent absorber with mixer-separaîor 
for a feed gas 74% Hz, 20% CH4 and 6% C2& cuntacted with 
toluene at 17.33 MPa and 22 OC 

Absorption performance of various solvents for a feed gas 
containing 74% Hz, 20% C a  and 6% C2& contacted with 
toluene at 17.33 MPa and 22 OC 

Cost cornparison of various purification processes 

Schematic diagram of the experimental apparatus 

Photograph of the experirnentai apparatus 

Photograph of the experimental apparatus snowing selected 
equipment 

Absorber inside details 

P D  control loop 

LINC micro-flow meter 

A sarnple chromatogram for a mixture containing H2 and C a  

Calibration curve for pure hydrogen for 0.003" orXce gas 
flow controuer 

Calibration cuve for pure methane for 0.003" orifice gas 
fiow controiler 

Calibration curve for a gas containing 73% H2 and 27% CH4 
for O .OO3" orifice gas £low controlier 

Calibration curve for pure methane for 0.007" orifice gas 
flow controller 



Figure 2.12 Calibration curve for a gas containing 73% Hz and 27% C& 
for 0.007" orifice gas flow controlier 

Calibration of LINC liquid fiow meter at aünospheric pressure Figure 2.13 

Figure 2.14 

Figure 2.15 

Figure 2.16 

Figure 2.1 7 

Figure 3.1 

Calibration of L M  liquid flow meter at various pressures 

Gas chromatograph calibration curve for hydrogen 

Gas chromatograph calibration cuve for methane 

Gas chromatograph &%ration cuve for ethane 

Solubilities of hydrogen and methane in n-heptane versus 
liquid flow rate 

Figure 3.2 Cornparison of experimentai and literature sotubiiities of 
pure hydrogen and methane in toluene 

Figure 3 -3 Cornparison of experimental and literature solubilities of 
pure hydrogen and methane in benzene 

Figure 3 .4  Estimated methane selectivities vernis hydrogen solubilities 
at 13.88 MPa and 295 K 

Figure 3.5 Estimated rnethane selectivities versus hydrogen solubilities 
at 17.33 MPa and 295 K 

Figure 3.6 Estimated methane selectivities versus methane solubilities 
at 13.88 MPa and 295 K 

Figure 3 -7 Estimated methane seledvities versus methane solubiiities 
at 17.33 MPa and 295 K 

Figure 3.8 Solubilities of pure hydrogen as a function of solvent 
solubility parameter at vanous pressures 

~olubilities of pure rnethane as a fhction of solvent 
solubility parameter at various pressures 

Figure 3 -9 

Figure 3.1 0 Measured rnethane selectivities vernis hydrogen solubilities 
at 13 -88 MPa and 295 K with a binary gas containing 73% Hz 
and 27% C a  



Figure 3.1 1 

Figure 3.12 

Figure 3.13 

Figure 3-14 

Figure 3.15 

Figure 3.16 

Figure 3.1 7 

Figure 3.1 8 

Figure 4.1 

Figure 4.2 

Figure 4.3  

Figure 4.4 

Figure 4.5 

Figure 4.6 

Figure 4.7 

Figure 4.8 

Figure 4.9 

Measured methane selectivities versus hydrogen soiubilities 
at 17.33 MPa and 295 K with a binary gas containing 73% Hi 
and 27% CH4 

Measured methane selectivities versus methane so1ubilitie-s 
at 13.88 MPa and 295 K with a binary gas containing 73% H2 
and 27% C& 

Measured methane selectivities versus methane solubiiities 
at 17.33 MPa and 295 K with a b i n q  gas containhg 73% H2 
and 27% CH4 

Solubilities of binary gas hydrogen as  a fbnction of solvent 
solubility parameter at various pressures 

Solubilities of binary gas methane as a function of solvent 
solubilitty parameter at various pressures 

Hydrogen and methane solubilities with and without ethane 
in the feed gas mixture 

Binary gas solubiiities with and without eicosane in toluene 

Temary gas solubilities with and without eicosane in toluene 

Solubifity of pure methane in toluene at 295 K 

Variation of methane concentration in the exit liquid with 
liquid flow rate 

k; a values calculated from log mean driving force equation 

k; a values calculatzd by solvhg mode1 differential equation 

Caiculated wett ed areas using Onda' s correlation 

Dependence of k; on liquid flow rate at various pressures 

Bootstrap correction factor for liquid phase 

High flux correction factor for liquid phase m a s  t d e r  

Calculated ideal liquid side mass transfer coefficients 



Figure 4.10 Correlation for ideal liquid side rnass transfer coefficient 

Figure 4.1 1 

Figure 4.12 

Figure 4.1 3 

Figure 4.1 4 

Figure 4.15 

Figure 4.16 

Figure 4.1 7 

Solubility of binary gas containing 73% H2 and 27% CHU in 
toluene at 295K. 

Variation of hydrogen and methane compositions in the exit 
gas with liquid flow rate 

Variation of hydrogen and methane compositions in the exit 
gas with gas flow rate 

Variation of hydrogen composition in the exit liquid with 
iiquid flow rate 

Variation of methane composition in the exit liquid with 
Liquid flow rate 

Variation of hydrogen composition in the exit liquid with 
gas flow rate 

Variation of methane composition in the exit liquid with 
gas flow rate 

K,,a values for hydrogen and methane as a fiinction of 
liquid flow rate 

Figure 4.1 8 

K&a values for hydrogen and methane as a fùnction of 
gas flow rate 

Figure 4.1 9 

K,,a values for hydrogen and methane as a fwiction of 
liquid flow rate 

Figure 4.20 

Ki,a values for hydrogen and methane as a function of 
gas flow rate 

Figure 4.2 1 

Figure 4.22 

Figure 4.23 

Calculated wetted areas using Onda's correlation 

KLL values for hydrogen and methane as a hc t ion  of 
liquid flow rate 

KLL values for hydrogen and methane as a fûnction of 
gas flow rate 

Figure 4.24 



Figure 4.25 KLv values for hydrogen and methane as a h c t i o n  of 
liquid flow rate 

Figure 4.26 K i v  values for hydrogen and methane as a bct ion  of 
gas fiow rate 

Figure 4.27 Bootstrap correction factor for Liquid phase 

Figure 4.28 High flux correction factor for liquid phase mass transfer 

Figure 4.29 Bootstrap correction factor for gas phase 

Figure 4.30 High flux correction factor for gas phase rnass t r ade r  

Figure 4.3 1 Variation of ideal gas side mass transfer coefficient with 
iiquid flow rate 

Figure 4.32 Variation of ideal gas side mass transfer coefficient with 
gas flow rate 

Figure 4.33 Correlation for ideal gas side mass transfer coefficient 

Figure 4.34 Purity and recovery of hydrogen for binary gas absorption 

Figure 4.35 Punty and recovery of hydrogen for temary gas absorption 

Figure 5.1 S chematic diagram of a nonequilibrium section 

Figure 5.2 Typical composition and temperature profiles hi  the region 
of the interface 

Figure 5.3 Computer progran flow chart 

Figure 5.4 Predicted vapor composition profiles for binary gas absorption 
at 10.44 MPa (V* = 4.65 x 10-~ kmol/h; h=9.77 x 10-~ kmolh) 

Figure 5.5 Predicted liquid composition profiles for binary gas absorption 
at 10.44 MPa (V, = 4.65 x IO-' kmollh; L-9.77 x 10" kmoh) 

Figure 5.6 Predicted temperature profiles for binary gas absorption at 
10.44 MPa OI, = 4.65 x kmollh; L4.77 x 10-~ kmolh) 

Figure 5.7 Cornparison of experimental and predicted component 
distributions for binary gas absorption 



Figure 5.8 

Figure 5.9 

Figure 5.10 

Figure 5.1.1 

Figure 5.12 

Figure 5.13 

Figure 5.14 

Figure 5.1 5 

Figure 5.1 6 

Figure 5.17 

Comparison of experirnental and predicted exit gas compositions 
for binary gas absorption 154 

Cornparison of experimental and predicted exit iiquid compositions 
for binary gas absorption 154 

Cornparison of experimental and predicted hydrogen compositions 
in the exit gas for blliary gas absorption 

Predicted vapor composition profiles for ternary gas absorption 
at 10.44 MPa (Vi. = 9.63 x 10-~ h o &  L=13.43 x 10-~ krnoih) 

Predicted Liquid composition profiles for ternary gas absorption 
at 10.44 h4Pa (Vn = 9.63 x lU3 krnol/h; L=13.43 x 10-~ kmolh) 

Predicted temperature profiles for ternary gas absorption at 
10.44 MPa (V* = 9.63 x 10-~ kmoih; L=13.43 x 10-~ ho l / h )  

Cornparison of experimentd and predicted component 
distributions for temary gas absorption 

Cornparison of experimental and predicted exit gas compositions 
for temary gas absorption 

Cornparison of experimentai and predicted exit iiquid compositions 
for temary gas absorption 159 

Comparison of experimental and predicted hydrogen compositions 
in the exit gas for temary gas absorption 



List of Symbols 

;ir 

c. 

a 

A 

P l  
AAD 

AARD 

B 

[BI 

C 

wetted area (m2/m3) 

total specinc area of packing (m2/m3) 

net interfacial area (m2) 

constant in the mass ûansfer cotrelation 

derivative matrk obtained with variables of j- 1 " section 

average absolute error (]>6rrd--l) 
average absolute relative error (]+--I/+) 
constant in the mass transfer correlation 

derivative ma& obtained with variables of j& section 

moiar density (kmoI/m3) 

iiquid phase molar density (kmoVh) 

gas phase molar density (kmoVh) 

liquid mean molar density (kmol/m3) 

iiquid mean molar density (kmol/rn3) 

number of components 

derivative matrix obtained with variables of j+l" section 

specific heat (Jkg K) 

cyclo hexane 

driving force for m a s  transfer 

Fick difFusivity (m2/h) 

Maxwell-S tefan difisivity (m2h) 

number of equations per section 

energy transfer rate (Jh) 

finction rnatrix 

gravitational acceleration (m/h2) 

gas phase heat transfer coefficient ( ~ / r n ~  K h) 

liquid phase heat transfer coefficient (Um2 K h) 

enthalpy (J) 



LCO 

MCH 

identity matrix 

diffbsion flux (kmol/m2 h) 

Jacobian matrix 

average mass aansfer coefficient (mlh) 

binary interaction parameter, binary mass transfer coefficient (m/h) 

ideal Liquid side mass transfer coefficient (fi) 

experimental Iiquid side mass m e r  coefficient (mh) 

multicomponent liquid side mass transfer coefficient (rnlh) 

experirnental volumetric liquid side mass tramfer coefficient (lh) 

ideal gas side mass transfer coefficient (mm) 
thermal conductivity (J/m K h) 

muiticomponent gas side mass transfer coefficient (mh) 

experirnentai overall iiquid side mass transfer coefficient (1 h) 

experimental overall volumetric l a i d  side mass transfer coefficient (lh) 

experimental overall gas side mass transfer coefficient ( l/h) 

experiment al overall volumetric gas side mass transfer coefficient ( 1 /h) 

component iiquid molar flow rate (kmoVh) 

molar flux of solute in the liquid (kmo~rn* h) 

thickness of the film (m) 

liquid mass flux (kg/m2 h), liquid molar flow rate (lanollh) 

light cycle oil 

inlet liquid molar flow rate (kmol/h) 

molar liquid flow rate (kmoh) 

volumetric liquid flow rate (Lh) 

tiquid mean molar flux (kmo~rn~ h) 

equilibrium ratio 

methylcyclo hexane 

number of sections in the coiumn 

mass transfer flw (kmol/m2 h) 



NP 

NR 

Pb 

P 
P 

Pr 

PC-SG 

r 

R 

ReL 

R e  

Sc 

SH-RG 

T 

TMB 

TMP 

number of pressure data points 

number of identical experirnentd nins 

mass û-ansfer rate (kmoh) 

partid pressure (MPa) 

pressure @Pa) 

Prandtl number (@PD) 

Petro-Canada supreme gasoline 

position coordinate for film thickness (m) 

universai gas constant, resistance for mass transfer (h/m) 

liquid Reynolds number (&la+) 

gas Reynolds number (V/a& 

Schmidt number (CppK) 

Shell regular gasoline 

temperature (K) 

trimethylbenzene 

uimethyl pentane 

velocity (m/h) 

component vapor molar flow rate (kmollh) 

gas mass flux (kghd h), gas molar flow rate (kmoüh) 

inlet gas moku flow rate (krnoih) 

molar gas flow rate (kmoh) 

volumetric gas flow rate (Wh) 

gas mean molar flux (kmol/m2 h) 

liquid phase mole fiaction 

mean mole fiaction in the liquid phase 

equilibrium mole fiaction 

gas phase mole fkaction 

mean mole fiaction in the gas phase 

position in the packing (m), mass trader flux ratio, mole fiaaion 

packed section height (m) 



Greek Symbols 

relative volatility for binary gas 

relative volatility for temary gas 

bootstrap correction factor 

solubility parameter (~ /cm~)~ . ' ,  Kronecker delta, film thickness reference 

fugacity coefficient 

thermodynarnic nonideality correction rnatrix 

viscosity &g/m h) 

coefficients of the matrix 

determinacy coeffi~ients 

mass density (kg/m3) 

liquid surface tension ( k g h )  

critical packing surface tension (kg/h) 

dimensioniess distance for fiim thickness 

high flux correction factor 

hi& flux correction factor matrix 

rate factor 

rate factor rnatrix 



CHAPTER 1 

Introduction 

1.1 Objective 

The overd objective of this work was to develop a &ta base and a mode1 to 

facilitate the use of the high pressure sponge oil absorption process for the purification of 

hydrogen. This information is essential in the design and costing of these units. 

1.2 Background 

The sponge oil absorption processes (Mulvihill et al., 1964) for the selective 

absorption of light hydrocarbons in the presence of hydrogen have been used traditiondy 

in petroleum refinenes to pur@ hi@ pressure hydrocracker off-gas. Sponge 02 is 

generally defined as a hydrocarbon liquid which is nonrûactive with the absorbed vapon, 

and has a vapor pressure less than 10% of the vapor pressure of the key vapors being 

absorbed (Haines, 1975). 

Recently the sponge oil process has gaineci more importance because new 

upgrading (hydrocracking) processes are operating at higher pressures. High pressure 

operation of upgraders provides better gasoline and distillate production, improved 

gasollne pool octane quality, and enables heavy cracking stocks (cycle oil, coker oils, 

vacuum tower bottoms etc.) to be processed. The advantase of the sponge oïl absorption 

process is that it keeps the purified hydrogen at high pressure and there by reduces the 

high cost of hydrogen compression. 

1.2.1 Hydrocracker Off-gas 

In hydrocrackers, the high pressure hydrogen atmosphere faditates the cracking 

of highly refiactory streams which generaliy resist cataiytic cracking (Gary and Handwerk, 

1984). Hydrocracking reactions are normaliy carried out at temperatures over 300-400 O C  

and at pressures over 10-20 MPa in the presence of catalyst. Circulation of large quantities 

of hydrogen with the feedstock at high partial pressures is necessary to favor the reactions, 



prevent excessive catalyst fouling, and to absorb the exotherrnic heat. With few 

exceptions, hydrocracking processes in use today are nxed-bed catalytic processes with 

iiquid dowdow. Hydrocracking process generates lighter gases (CE&, H2S, Ca, H a  

etc.) which together with gases coming in with the make-up hydrogen must be purged. 

A schernatic diagram showing the important strearns in a typicd hydrocracker 

plant using hydrogen purincation unit is aven in Figure 1 . 1 .  A 795 m3/d (5000 BPD) of 

vacuum tower bottom requires about 1.416 std NIrn3/d (50 d o n  SCFD) of hydrogen gas 

at about 85% purity. The off-gas at about 15 MPa (2200 psia) typically contains 70 mol% 

H2, 24 mol% C& and 6 mol% C2+ and small amounts of H2S, C a  and H20 fiom which 

the gases other than hydrogen need to be purged. The p d e d  hydrogen from the 

hydrogen purification unit is mixed with the rnake-up gas and then recycled. 

Figure 1 . 1  Schematic of the hydrocracker plant showing a hydrogen purification process 
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1.2.2 Existing Mirer-separator Procas 

An existing hydrogen pudication process in a Canadian refhery is shown in Figure 

1.2. This unit has a long static mixer where off-gas is mixed with a contacting oil, which 

absorbs hydrocarbons and some hydrogen. The oil and the gas are separated in a high 

pressure separator at 15 MPa The purifiecl gas stream which contains about 80 mol% Hz 

is mixed with make-up gas containing 90 mol% H2 and is recycled to the hydrocracker 

(Figure 1.1). The oil containing dissolved gases fkom the high pressure separator is flashed 

at about 1.5 MPa in a low pressure separator to remver the dissolved gases and to 

regenerate the oil. The recovered gas contains about 40-55 moMo H2 and is generdy used 

as a fuel gas and the regenerated oil is recycled to the static mixer. 

Figure 1 -2 Existing mixer-separator hydrogen purification process 

1 H2 rich gas 

1.3 Modifications and Evaluation of Purification Process 

Improvements in the performance of the sponge oil absorption process are 

desirable due to its increasing importance in refineries. A study canied out by Garofalo 

(1986) on an existing mixer-separator hydrogen purification unit ushg an aromatic 

contacting oïl (light oil) showed that the process provided low hydrogen purities ( les than 

80%) and low hydrogen recoveries (less than 90%) and needed large flow rates of 

contacting oii. Therefore, better utilization of the contacting process can be realired by 

using a countercurrent absorber and identifying the high selectivity oil for methane at high 

pressures. 
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1.3.1 Countercurrent versus Mixer-separator Prûccss 

An equiùbrium matenal balance calculation was perfomed to iden te  the 

advantages of the countercurrent absorption process over the cocurrent mixer-separator 

process. For this purpose a feed gas containing 74 mol% Hz, 20 mol% C& and 6 mol% 

Cz& contacted with toluene at 17.33 MPa and 22 OC was considered. It was assumed that 

for cocurrent mixer-separator contacting the exit liquid was in equili'brium with the exit 

gas for ail components. For countercurrent wntacting the exit Liquid was assumed to be in 

equilibrium with the entering gas for H2 and C a  and the entering liquid was assumeci to 

be in equilibriurn with the exit gas for C&. The equiliiriurn ratios needed in the 

calculations were obtained by performing flash calculations using the Peng-Robinson 

equation of state. 

Figure 1.3 Cornparison of countercurrent absorber with mixer-separator for a feed gas 

74% &, 20% CJ& and 6% Cz& contacted with toluene at 17.33 MPa and 22 OC. 

From the equilibrium simulation results shown in Figure 1.3 it can be observed that 

the purities obtained by countercurrent operation are significantly higher than those values 
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obtained by cocurrent rnixer-separator operation. The countercurrent operation gave 

slightly lower hydrogen recoveries below an LJGm ratio of 0.6 and slightly higher 

recovenes above this value. Since the operating LJGm ratio is normally above 0.6, there is 

a significant improvement in the separation by using countercurrent contacting. 

1.3.2 Solvent Selection 

To ident* the effect of using different solvents, toluene, methylcyclohexane and 

iso-octane were compared for counternirrent contacthg with the above mentioned feed 

gas using equilibrium simulation. Figure 1.4 shows that for a fixed purity or recovery, zso- 

octane is the best solvent requing the lowest flow rate, methylcyclohexane is the next 

best, followed by toluene. In general, if the solvent flow rate is lower, pumping costs are 

reduced. 

Figure 1.4 Absorption performance of various solvents for a feed gas containhg 74% Hz, 

20% CH4, and 6% Ct& at 17.33 MPa and 22 OC 

100 , 
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1.33 Economic Analysis 

An economic study was d e d  out by the Industrial Hydrogen Chair program 

(Pruden et al., 1996) at the University of Calgary, Calgary, Canada, comparing 

countercurrent absorption, pressure swing adsorption (PSA) and membrane purification to 

the CANMET's (Canada Center for Mineral and Energy Technology) mixer-separator 

process. The countercurrent absorber used iso-octane as the contacthg oil and the mixer- 

separator process used toluene as the contacting oil. The CAPMET hydrocracker plant 

was assurned to process 3 180 m3/d (20,000 BPD) of Cold Lake vacuum tower bottoms. 

The feed to the hydrogen purification unit had 74% Hz, 18% CE& and 88% C& at 13.8 

MPa. The total costs that included the capital costs depreciated over 10 years and the 

operating costs for various purification processes are compared in Figure 1.5. 

Figure 1.5 Con cornparison of various purification processes 
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The benefits of higher purity, higher recovery and lower oil circulation rate for the 

countercurrent process reduces the total cos by more than 10Y0 compared to the exisùng 

mixer-separator process. PSA and membrane processes resulted in a higher cost compared 

to sponge oil processes, because these processes generaiiy cannot be operated at pressures 



more than 7 MPa. The p d i e d  gas in both cases was obtained at low pressure and has to 

be compressed before being recycled to the hydrocracker. Some new inorganic 

membranes can handle pressures greater than 7 MPa and provide punties beîter than the 

sponge oil process, but the permeate hydrogen will be at low pressure which again 

necessitates the hydrogen compression. This introduces extra hydrogen cornpressors that 

are quite expensive (Cox and Pruden, 1997). Sponge oil processes c m  operate at any 

pressure where the puified gas wiIi remain at high pressure, which exclude the use of 

extra hydrogen cornpressors. 

Table 1.1 compares P S q  membrane, cryogenic (Wang et al., 1984) and sponge oil 

processes (Pruden et ai., 1996). It can be seen that the sponge oil process: does not 

require feed pretreatment, operates at very high pressures (7-25 MPa) with very low 

pressure drops, and provides reasonable hydrogen recoveries (90-95%). In spite of low 

hydrogen purities (80-90%), the sponge oil process provides an overall cost advantage for 

high pressure operations. 

Table 1.1 Characteristics of various purification processes 

Process 

As demonstrated, countercurrent absorption provides advantages over other 

common processes. Therefore, in this work a laboratory scde pufication apparatus 

consisting of a packed colurnn countercurrent absorber and a low pressure separator was 

designed and constniaed. Optimum sohents for the selective absorption of methane were 
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idenaed by solubility measurements. Since mass transfer data were essential for s k g ,  

mass trander experiments were d e d  out at high pressures. To sirnulate the perfknance 

of the absorber a nonequiliriurn model was developed and evaiuated. 

1.4 Dissertation Structure 

This dissertation is separated into the foliowing chapters. Chapter 2 describes the 

experimental work camied out as a part of this study. This includes design of the 

apparatus, instrument calibration, chernicals usecl, data analysis and the error calculations. 

Chapter 3 provides the experimental pure hydrogen and methane gas and b i n q  

gas (hydrogen and methane) solubility results. Solubdity parameter correlations were 

developed and the equations of state predictions were tested for pure gas and binary gas 

solubilities in pure solvents and refinery oils. Hydrogen and methane solubilities in toluene 

were tested in the presence of ethane and eicosane. 

Chapter 4 describes the measurements of Liquid side and gas side mass transfer 

coefficients and the calculations of ideal mass transfer coefficients by applying the 

corrections for diffusion mechanism and high mass transfer rates. Correlations for 

hydrogen purities and recoveries were also developed from the mass transfer results. 

Chapter 5 describes absorber sirnuIation using a nonequilibrium model which 

includes multicomponent flux calculations, transport property predictions, thennodynamic 

properties and denvatives calcdation. This chapter also includes the evaluation of the 

simulation results with the experimental data 

Chapter 6 sumarizes the hdings of the study and provides recommendations for 

additional research. 



CHAPTER 2 

A laboratory sale experimental apparatus was designed and constructed to 

facilitate the meanirement of  soiubility and mass trader data. This chapter uiciudes the 

apparatus, instrument calibration, experirnental procedure, caldation of the dissolved gas 

compositions and the error anaiysis. 

2.1 Apparatus 

The experimental apparatus, s h o w  in Figure 2.1, consisteci of a counterment 

packed column absorber and a separator (strïpper). A photograph of the experimental 

apparatus is aven in Figure 2.2 and a closer pichire showing absorber, separator and 

control instruments is given in Figure 2.3. 

Figure 2.1 Schematic diagrarn of the experhental apparatus 

WTM 
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Figure 2.2 Photograph of the experimental apparatus 

Figure 2.3 Photograph of the experimental apparatus showing selected equiprnent 



The absorber and separator were both 1.58 cm uiside diameter 

45 cm hi& For the soiubility experiments, a 70 cm taU absorber was 

The separator was 

packed with 4 mm 

spherical glass beads to a height of 40 cm and for the mass trader experiments, a 40 cm 

taü absorber was packed with 4 mm spherical glas beads to a height of 10 cm. For both 

absorbers, the bottom section where iiquid is coilected was 15 cm hi&. The absorber and 

separatorw colurnns were made of 1.65 mm thick SS 316 tubing. Throughout the 

experimental apparatus SS 3 16 tubing and connections were used. The iiquid line enterhg 

the absorber column was arrangeci such that the liquid entered about 1 cm above the 

packing. The packing was supported at the bottom by a wire screen of mesh size 16 (1 

mm opening) as shown in Figure 2.4. A 16 mesh screen was placed at the top as well to 

retain the packhg and to aid in distribution of the iiquid. 

Figure 2.4 Absorber inside details 

The pressures in the absorber and separator were measured with gage pressure 

transmitters (ROSEMOUNT, Eden Prairie, Minnesota), and the level in the absorber and 

separator were rneasured with merential pressure transmitters (ROSEMOUNT). The 

pressures in the absorber and separator, and level in the absorber were controiied. For this, 



the signal fiom the corresponding transmitter (4-20 mA) was input into a proportionai- 

integral-denvative (PD) controuer (YOKOGAWA, Tolqo, Japan) which then outputs a 

control signal (4-20 mA) to a current-to-pressure transducer (ROSEMOUNT) as shown 

in Figure 2.3. The output control signal depends upon the set point value and the control 

parameters (proportional band, integral t h e  and derivative time). The ment-to-pressure 

transducer sends a pneumatic signal (3- 15 psi) to an air-toopen control valve (BADGER, 

Tulsa, Oklahoma) which controls the pressure or liquid level. The maximum variation 

about the set points under steady-state operation were less than +OS% for pressures and 

less than M.25% for liquid levei. 

Figure 2.5 PID control loop 

Choice of the control valve Cv was critical due to the high pressure drops 

involved, and it was found necessary to maintain stock of valve trims with a range of Cv's 

0.000006-0.00005 to have good control for all experiments. 

The liquid fkom the separator was recirculated to the absorber by a high pressure 

packed plunger metering pump (MILTON ROY, Ivyland, Pennsylvania). At the exit of the 

pump a pressure relief valve (NWRO, Willoughby, Ohio) was set at 25 MPa and piping 

arrangements were made to release any excess pressure into the suaion Iine thereby 

protecting the pump, piping and process equipment. 



A micro-flow meter (LLNC-92-11, Porter, Texas) with an accuracy of H.5% of 

flow was used to measure the liquid flow rate, providing instantaneous and total flow 

rates. This micro-flow meter, shown in Figure 2.6, has two chambers with a single 

"nutator". Liquid flowing through the two chambers causes the nutator to cycle at a rate 

d k d y  proportional to flow, displacing approxbnately 0.02 cm3 of fluid per each cycle. 

The nutator incorporates an integral small magnet which moves as it cycles. This causes 

movement of the pivoted needle located outside of the fluid chamber. The needle 

movement causes intemptions in a photo eminerldetector, which produces a sine wave 

electrical signal which is conditioned by conventional electronics to provide flow rate and 

total flow. 

Figure 2.6 LINC micro fiow meter 

The feed gas flow rate was controlled by a caïbrated mass flow controller 

(BROOKS-5850TRe, Haffieid, Pennsylvania), and the flow rates of the gases leaving the 

absorber and separator were measured with wet-test meters (ALEXANDER WRIGHT, 

Sutton, Engiand) having an accuracy of +0.25%. 

The gases leaving the absorber and separator were andyzed using a gas 

chromatograph (SHMADZU-84 Kyoto, Japan) with a thexmal conductivity detector and 

a 6'x 1/8" molecular sieve SA 80/100 SS 3 16 column. Before any analyses, the column 

was reconditioned for 24 hours at 250 O C  in argon atmosphere to remove any strongly 



adsorbed impuritïes ( C a  Hz0 etc.). Frequent reconditioning and rd'bration was 

necessary because of the degradation of the coiumn performance with tirne. 

For the analysis of the gas mixhire, argon was used both as a reference and canier 

gas with flow rates about 25 mUmin each. The column was maintained at 90 OC and the 

detector at 120 OC, and the detector Giament CuITent was maintaineci at 60 rnA The peak 

detection sensitivity (slope) was 45 pV/min and the attenuation was set to 2 which was 

found to be reasonable for a sarnple size of 100 5. Areas were normalized and corrected 

using the response factors obtained by &%ration with pure gases. A sarnple 

Chromatogram showkg the retention tirne, area and volume % is given in Figure 2.7. 

Figure 2.7 A sample chromatogram for a mixture containhg Hz and C& 
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The approach of key pressures and liquid levels to steady-state was obtained by 

monitoring these parameters using a computer. For this purpose, a data acquisition board 

@AS-802, KEITHLEY, Taunton, Massachusetts) was comected to a personal computer 

and the profiles were obtained using a data acquisition software (Version 7.3, LABTECH, 

W i g t o n ,  Massachusetts). 



A smd liquid injection pump (216C Sprague, Rousseau Controls, Toronto, 

Ontario) was used to fill the separator fiom the reservoir during the start-up and as  

required ifthere were any srna11 solvent loses. For the better flexibility and control over the 

apparatus, check valves, needle valves (regulating), bal valves (on-off) and filters were 

mounted where required. 

The apparatus was leak tested by closing ail outlets and keeping the niaogen 

pressure at 24 MPa for one day. Over this period the pressure decrease in the apparatus 

was found to be less than 0.7%. 

2.2 Instrument Cdibration 

The gas flow controller, liquid flow meter and gas chromatograph were calibrated 

using independent means. Although the caiïbration of the gas flow controller was 

redundant as exit gases were measured with wet-test meters, it was important to close the 

overall material balance of the system. Verincation of the liquid flow indicated by the 

iiquid flow rneter was essential as it was a key factor in the cornputaiion of dissolved gas 

composition. The gas chrornatograph was calibrated with pure gases to measure the 

composition of the mixed gas. 

2.2.1 Gas Flow Controller 

A gas flow controller with a 0.003" diameter orifice was used for solubility 

experiments, and a 0.007" orifice was used for mass transfer experiments where higher 

flow rates were required. The gas flow meter with the 0.003" orifice was caiibrated with 

pure hydrogen, pure methane and a mixture of hydrogen and methane. The O.OOTY o&ce 

was caiibrated with pure methane and a mixture of hydrogen and methane. The 

calibrations were carried out at absorber pressures fiom 6.99 MPa to 20.78 MPa by 

measuring the gas flow rates with a wet-test meter. 



Figures 2.8, 2.9 and 2.10 give the diration results for the 0.003" orifice gas flow 

controuer. Figure 2.8 shows that the fiow rate of the hydrogen was independent of the 

operating pressure. However, Figure 2.9 shows that the flow rate of methane increased 

with operating pressure. For the 73% hydrogen and 27% methane mumire (Figure 2-10), 

the flow rate was found to increase slightly with pressure. 

Figure 2.8 Calibration cuwe for pure hydrogen for 0.003" orifice gas £iow controller 

% Reading 

Figure 2.9 Calibration curve for pure methane for 0.003" orifice gas flow controller 
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Figure 2.10 Calibration m e  for a gas containing 73% hydrogen and 27% methane for 

0.003" orifice gas flow controiler 

60 70 80 90 100 

# Reading 

Figures 2.1 1 and 2.12 give calibration results for the 0.007'' orifice gas flow 

controller for pure methane and for the mixhire of hydrogen and methane, respectively. 

For methane, the flow rate was found to increase with pressure and for the 73% hydrogen 

and 27% methane mixture the flow rate was found to increase very slightly with pressure. 

Figure 2.1 1 Calibration curve for pure methane for 0.007" or5ce gas flow controiler 
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Figure 2.12 Caiibration cunte for a gas containhg 73% hydrogen and 27% methane for 

0.007" ordice gas fiow controller 

10 20 30 40 50 60 70 80 90 100 
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2.2.2 Liquid Flow Meter 

The liquid flow meter was calibrated with toluene at atmospheric pressure, 6.99, 

13.88 and 20.78 MPa. The cyhder and stop-watch method was used to masure the 

volumetric flow rates. Nitrogen was fed at the bottom of the absorber to maintain the 

pressure and the Liquid was pumped into the absorber countercurrent to the gas. WhiIe 

calibrating the Liquid flow meter, pressure and Liquid level in the absorber were controlled. 

Figure 2.13 gives the comparison of the flow rate indicated by the metering pump, liquid 

flow meter and the cylinder and stop-watch method at atmospheric pressure which shows 

that the stroke indication on the metering pump couid not be used to obtain liquid flow 

rates. However, the flow rate indicated by the liquid flow meter agreed well with that 

measured using cylinder and stop-watch. The flow rates indicated by the liquid flow meter 

versus the cylinder and stop-watch method are compared at pressures from atmospheric to 

20.78 MPa in Figure 2.14. The agreement is within 1 %. 



Figure 2.13 Caiibration of LINC Liquid flow meter at amiospheric pressure 
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Figure 2.14 Calibration of LINC iiquid flow meter at various pressures 
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23.3 Gas Chromatograph 

The gas chromatograph was caliirated with pure hydrogen, methane, and ethane. 

Sample sires ranghg fkom 0.5 pL to 100 p.L were injecteci and the area responses noted. 

Figures 2.15, 2.16 and 2.17 show the caiibration curves for hydrogen, methane and 

ethane, respectively. The retention times were about: 0.9 min for hydrogen; 2 min for 

methane; and 12 min for ethane. 

Figure 2.1 5 Gas c hromat ograp h calibration m e  for hydrogen 
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Figure 2.1 6 Gas chromatograph calibration cuve for methane 
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Figure 2.17 Gas chromatograph cali'bration curve for ethane 

The cdibration curve for hydrogen was correlated with a quadratic equation and 

the cunies for methane and ethane were correlated with hear equations. It was also 

necessary ro examine the effect of one gas on the response of the other. Therefore, 100 pL 

sarnples of three different gas mixtures: 30% H2 and 70% CH4, 50% Hz and 50Y0 CCH, 

and 72% Hz and 28% C&, were injected and their responses compared with those 

obtained with pure gases. It was found that there was negligible error in the component 

responses whether as individual gases or in the mimures: -0.5 1 % for hydrogen and 0.37% 

for met hane. 

2.3 Chernicals and Materials 

Prepurified grade hydrogen at 99.9%, commercialiy purified grade methane at 

99.5% as weU as mixed gases (&+CE& and H2+C&+Ct&) were obtained f?om Praxair 

Inc. Canada. Table 2.1 lists ail pure solvents used in this study, as weil as their purity and 

supplier. 



Table 2.1 Solvents, punty and the suppliers 

Solvent 
n-Heptane 
n-Octane 

2,2,4-Trimethy lpentane 
1 -Octene 

Cyclohexane 
Methylcyclohexane 

Benzene 
Toluene 

Ethylbenzene 
m-XyIene 

1,2,4-Trimethylbenrene 
Pyridine 

Quinohe 

Supplier 
BDH 

Aldrich 
Sigma 
Aldrich 
Sigma 
Aldrich 
Sigma 
BDH 

Aldrich 
Aldrich 
Aldrich 
Sigma 
Aldrich 

In addition to the solvents listed above, three mixed rekery oils with increasing 

aromaticity: Petro-Canada supreme gasoline (PC-SG), SheU regular gasoline (SH-RG) and 

light cycle oil &CO) were used in the experirnents. n e  parfit additive, eicosane, 

which was used in the additive mns, was obtained fiom Aldrich Chemical Company h c .  

and was 99% pure. 

2.4 Experimental Procedure 

The experimental procedure involved: start-up, steady-state operation with the 

acquisition of pressures, liquid levels and fl ow rates, and depressurization and draining of 

liquid upon completion of the mns, which are detailed below. 

2.4.1 Start-up and Steady-state Runs 

The separator was £ïrst filled with liquid to a desired level fiom the reservoir. 

Liquid from the separator was then circulated to the absorber to wet the giass beads and 

form a liquid pool at the boaom of the absorber. After many start-up trials it was found 

that a smooth aart-up could be accomplished by simultaneously increasing the gas and 

iiquid flows untii the h a 1  pressure and flow conditions were achieved. It was necessary to 

maintain the liquid pool in order to prevent gas fiom flowing through the liquid level 

control valve (control valve connected to LC in Figure 2.1). Liquid carryover due to hi& 



gas fiow rates in the absorber was avoided by increasing the gas fiow rate slowly. The 

Iiquid circulation was gradually increased in order to avoid depletion of the Liquid pool at 

the bottom of the absorber. However, the liquid flow rate couid not be increased too 

drastidy since fl ooding could occur. 

Gas flowing upward through the absorber contacted liquid flowing downward. The 

Liquid fiom the absorber was depressurized in the separator to desorb the dissolved gas 

and the regenerated liquid was pumped back to the absorber. The liquid flow rate was 

measured using a micro-flow meter. Flow rates of the gases leaving the absorber and the 

separator were measured with wet-test meters and gases WC::: d y z e d  with a gas 

chromatograph. The pressure in the absorber and separator and the liquid level in the 

absorber were measured and controlled. 

2.4.2 Depressurization and Liquid Draining 

The apparatus was depressurized when the runs were complete or when the feed 

gas was changed. In this w e ,  the absorber pressure was decreased slowly by reducing the 

controuer set point pressure such that the depressurization occurred without any Liquid 

carryover . 

Before changing the contacting liquid, complete draining of the previous Liquid 

fiom the apparatus was effected. Most of the liquid was first drained through valves 

mounted at different locations. Mer draining most of the liquid by gravity, the remaining 

liquid was purged out of the apparahis using nitrogen. The total amount of Iiquid drained 

fiom the apparatus was about 250 mL. To ensure that no traces of solvent remained in the 

apparatus, the apparatus was flushed with approximately 500 mL of new liquid before 

ninning the experiments. 

2.5 Dissolved Gas Composition Calculation 

For al1 cases, room temperature was taken as 22 O C  and the room pressure about 

668 mm Hg and any variations in the room pressure were incorporated into the 



calcuiations. The flow rate of the gas Ieaving the separator, obtained fiom the wet-test 

meter, was converted to STP conditions (101.325 kPa and 15 OC) and then used to 

determine molar flow rate of the dîssolved gas, G,. By measuring the volumetric flow rate 

of the solvent and knowhg the density of the solvent the molar flow rate of the solvent, 

L, was caldated. FinaiIy, the mole fiaction of the dissolved gas (x) in the solvent was 

calculateci using: 

which assumes that the solubitities at separator conditions were negligible. 

For the case of rnixed gases, the separator gas composition was analyzed, and the 

molar flow rates of the individual gases (G,) were calculated fiom the total molar flow 

rate which was rneasured using the wet-test meter. The mole fiactions of the individual 

gases (xi) in the solvent were calculated by using: 

where C is the number of components in the gas mixture. The equation assumes that the 

solubilities at separator conditions were negiigible. 

2.6 Error Analysis 

There are two types of errors possible in the experimental results, namely 

systematic errors and random errors (Young, 1962). Systernatic errors are errors 

associated with measurement techniques or with ïrnproper calîbration of instruments. 

Random errors are produced by unpredictable and unknown variations in the experimental 

situation which can result fiom factors such as smaii errors in judgrnent on the part of the 

observer, unpredictable fluctuations in conditions and mechanical vibrations in the 

equipment. Compared to random errors, systematic errors are generally more important 



and are much more diEcult to avoid. Accuracy is related to the deviation of a 

measurement £tom the true value using an absolute standard. Precision is related to the 

reproducibility of the measurement time and time again. 

The eEect of instrument calibration errors and reproduciiüiîy mors on the 

calculated values of the dissolved gas compositions were requKed to evaluate the 

reliability .of the experimental results. Therefore, the propagation of these errors was 

computed on the measured mole fhction values. 

2.6.1 Propagation of Instrument Errors 

The mole fiaction of a gas dissolved in a Iiquid is given as a function of gas and 

liquid volurnetric flow rates by: 

where Gv is the gas flow rate in (Lni), LV is the Liquid flow rate in (m), ML is the 

molecular weight of the liquid, p~ is the density of the Liquid in (kg/L), 0.858 is the 

conversion factor for gas flow f?om room conditions to STP conditions (15 OC and 1 atm), 

and 23643 is the volume in liters occupied by one km01 of ideal gas at STP conditions. 

The resulting error in the calculated value of dissolved gas composition, (Ax), due 

to instrument errors is calculated by: 

where A& and ALv are the rneasurement accuracies of the wet-test rneter and 

Liquid flow meter, which are H.25% and +0.5%, respectively. These values are given by 

manufacturers based on cornparison with an absolute standard, so include accuracy and 

precision errors. 

The measurement errors were calculated for the experirnental data of pure gas 

absorption in toluene for pressures 6.99, 10.44, 13.88, 17.33 and 20.78 MPa The average 



absolute error (O/oAAD=lOOxAx) in the caldateci mole hction value for hydrogen in 

toluene was 0.025% and for methane in toluene was 0.148%, whereas the average 

absolute relative errors (%AARD= 100x ( M x ) )  were 0.72% and 0.54%, respectively . 

2.6.2 Reproducibility o f  Esperiments 

Measurernent erron, which indicate the reproducibility of the experimentd resdts, 

were calculated from su  identical experiments at four different pressures. The runs were 

carried out by absorbing a gas mumire containing 73% H2 and 27% C a  in toluene at 

pressures 6.99, 10.44, 13.88 and 17.33 MPa The %AAD (percent average absolute 

deviations) for each pressure were calailated using: 

where IAxl is the absolute deviation in the mole hct ion fiom the mean mole hction value 

and NR is the number of identical runs at a given pressure. Over all the pressures, the 

average %AAD was 0.035% for hydrogen and 0.056% for methane and average %AARD 

were 1.13% for hydrogen and 0.91% for methane. 

The standard deviations (a) were calculateci using Equation (2.6) and were 

0.00047 for hydrogen, and 0.00075 for methane. 

The error analysis in Sections 2.6.1 and 2.6.2 indicated that m m e r n e n t  errors 

were well within engineering Lunits. Therefore, the values of dissolved gas composition 

obtained were of acceptable accuracy and precision. 



CHAPTER 3 

Solubility Studies 

3.1 Literature Review 

Abundant literature has been pubtished on experimental solubilities of pure 

hydrogen and methane in organic solvents. Some of the important data banks for the 

solubilities include: Solubility Data Series, Chernistry Data Series and Physical Sciences 

Data Aithough high pressure pure gas solubilities are readily available in the hierature, 

rnixed gas solubilities in organic liquids are quite rare. 

Battino and Clever (1966) provided detailed information about the equipment and 

methods used to obtain gas solubilities, methods of expressing gas solubility, solubility 

theory and reIationships, and references for nurnerous solute-solvent combinations. Frolich 

et al. (193 1) measured the solubility of hydrogen and methane in parafhic, naphthenic 

and arornatic compounds. They found that hydrogen solubility increases less rapidly with 

pressure than predicted by Henry's law, whereas methane solubility increases more 

rapidly. Ipatiev and LeWi (1 93 5) measured the solubility of hydrogen in naphthenic and 

aromatic iiquids. They discovered that hydrogen is more soluble in naphthenic than in 

aromatic compounds, and the solubility in aromatics decreases with an increase in the 

number of methane side chahs. Sattler (1940) measured the solubility of hydrogen in 

para£Enic, naphthenic and aromatic solvents and showed that it is a linear function of 

pressure up to 15.2 MPa which is in contradiction to the results by Frolich et al. (193 1). 

Dean and Tooke (1946) determiriecl the solubility of hydrogen in various paraffinic 

compounds for temperatures from 3 11 to 422 K and pressures 3.45 to 34.5 MPa. They 

reported an increase in the hydrogen solubility with an increase in temperature and 

pressure, but a decrease with increasing solvent molecular weight. By correlating their 

results with literature data they concluded that hydrogen is more soluble in paraffins than 

in aromatics of similar molecular weight. Hydrogen solubilities in cyclohexane were 

measured by Berty et al. (1966) and Krichevski and Sorina (1958), and in benzene by 

Knchevski and Efiemova (1 948). Connolly and Kandalic (1 986) measured hydrogen 



solubility in seven organic solvents in the temperature range 308 to 593 K and pressure 

range 1.36 to 16.34 MPa Brunner (1985) mea~u~ed  the solubility of hydrogen in ten 

organic solvents at 298, 323 and 373 K, and pressures up to 10 MPa His data appea. to 

be very precise owing to the state-of-the-art instmentaîion d e s d e d  in his work. 

Sage et al. (1936) measured the solubihy of methane in paraffins, naphthenes and 

aromatic compounds &om 3 11 to 378 K and pressures up to 20.7 MPa. They observed the 

highest methane solubility in paratFnic compounds and lowest methane solubiiity in 

arornatic compounds. S a h a  (1962) investigated the solubfity of methane in padfhic, 

naphthenic and arornatic compounds at pressures up to 40 MPa It was found that for 

hydrocarbons with the same number of carbon atoms in the molecule, and those with 

sirnilar boiling poims, methane solubility is greatest in parafnnic hydrocarbons and lowest 

in arornatic hydrocarbons. The solubility of methane is more closely related to sunilarities 

in molecular stnicture than in molar mass. Legret et al. (1982) measured methane 

solubilities in various aromatic compounds at temperature 3 13.2 K and pressures up to 50 

MPa. They found that for pressures below 32 MPa methane dubilities increase with 

increasing solvent carbon number while, above 37 MPa, methane solubilities decrease with 

increasing solvent carbon number. Using the Iiterature data they also showed that 

methane-n-alkanes give a similar behavior at the solubility inversion region centered at 10 

MPa. Solubility of methane in n-heptane was measwed by Reamer et ai. (1956), methane 

in n-octane by Kohn and Bradish (1964), methane in cyclohexane by Schoch et al. (1940) 

and methane in toluene by Lin et ai. (1978). Recently, Danvish et al. (1994) measured 

methane soiubilities in four arornatic solvents, narnely, benzene, naphthalene, phenanthrene 

and pyrene for temperatures frorn 323 to 433 K and at pressures to 11 -3 MPa. 

Fewer experùnental solubility studies of pure ethane in organic solvents are 

available compared to those for hydrogen and methane. Reamer and Sage (1962) studied 

the volumetrk and phase behavior of the ethane-n-decane system at temperatures beîween 

277 and 5 11 K at pressures up to 69 MPa Bufkin et al. (1986) measured the solubility of 

ethane in n-decane at pressures up to 8.2 MPa and temperatures fiom 278 to 41 1 K. The 



solubilities measured by m e r  and Sage (1962) were 7% iower than those determined 

by Bufkin et al. (1 986) and were attributed to the low pur@ of ethane. Zais and Silberberg 

(1970) measured the solubility of ethane in n-hexane at 339, 394 and 450 K and pressures 

fiom 0.4 to 8 MPa. Gasem et al. (1989), with their measurements of ethane solubility in n- 

hexane at pressures to 5.4 MPa and temperatures fiom 3 1 1 to 394 K showed that the data 

of Zais and Silberberg (1 970) is in disagreement by more than 10%. 

It is weli known that in multicomponent light gas bearhg systems, the solubility of 

one gas is afKected by the presence of other gases. Siminick et al. (1980) measured vapor- 

liquid equilibna in a temary system containing hydrogen, methane and tePalin (1,2,3,4- 

tetrahydronaphthaiene; C i&3. The rneasurements were perfomed at 462 and 663 K and 

pressures fiom 5 .O7 to 25.33 MPa for various gas compositions. They reponed substantial 

variations in the K (equilibrium ratio) values at higher pressures. A decrease in hydrogen 

solubility with increased methane concentration in system of hydrogen-methane-coal liquid 

(SRC II) was reported by Ding et al. (1 985) who performed experiments over temperature 

and pressure ranges of 420 to 680 K and 4 to 1 1 MPa. Liaw et al. (1 99 1) measured the 

solubilities of hydrogen-methane-tetralin and hydrogen-ethane-tetralin systems at 

temperatures of 633 and 653 K and pressures up to 12 MPa. The presence of methane and 

ethane in the systems affeaed the solubility of hydrogen in tetrah. At constant 

temperature and hy drogen partial pressure, the solubility of hy drogen in tetraiin went 

through a maximum as the methane or ethane partid pressure was increased. 

The methods avaiiable for determining gas-liquid equilibrium cm be grouped into 

static or dynarnic methods. In static methods, the gas-liquid mixture is s k e d  with an 

electric stirring motor (Katz and Hachmuth, 1937) or a rocking devise (Dean and Tooke, 

1946; Akers et al., 1954) or a magnetic stirrer (Legret et al., 1981) in a closed ceil until 

the pressure and temperature reach equili'brium values. The system is then allowed to 

settle and srnail sarnples of liquid and vapor are analyzed. Although this technique gives 

very good results by withdrawïng a very srnall amount of sample without disturbing the 

equilibnum, the sampling process is very complicated and tirne consuming. In dynamic 



methods (Micheis et al., 1950), the pure gas is fed under pressure through the Liquid until 

equilibnum is reached. The phases are separated continuously without upsetting the 

equiiibrium and are analyzed. This method needs complex instruments for the control and 

measurement of pressures and sample flow, and care must be taken to assure system is at 

m e  equilibriurn. By maintaining a very low liquid flow rate and a bigh gas flow rate in an 

efficient contacthg system, tme equilibriurn can be achieved in a dynamic system. 

Pure hydrogen and methane gas solubilities in the sarne solvent ailow a prelimlliary 

identification of an optimum oil for hydrogen purification, however, this approach may not 

be feasible because published solubility experiments have been carried out by diBerent 

research programs and are not always at comparable conditions. More importantly, since 

the presence of one gas affects the solubility of the other, precise identification of an 

optimum solvent cannot be done by comparing pure gas solubilities. Findy, accurate 

solubility predictions in a temary system require reliable pure component solubility data 

because the binaq interaction parameters (k,) used in the ternary system solubilities 

predictions are caldated fiom pure component solubilities. AccordingIy, the solubilities 

of hydrogen plus methane in organic solvents at high pressures were rneasured to identify 

an optimum oil for the selective absorption of methane over hydrogen. 

For the selective absorption of methane over hydrogen it was important to know 

the effect of ethane on the solubilities of hydrogen and methane. Since no such data were 

available, solubility measurements were also performed for a system of hydrogen-methane- 

ethane-toluene and were compared to a hydrogen-methane-toluene system. 

Parfit solvents normally have higher methane and hydrogen gas solubilities 

than aromatic solvents, and adding a paraffinic (&Cs) to aromatic solvents increases the 

gas solubilities (Brainard and Williams, 1967). However, the effect of adding a heavier 

paraffin to an aromatic solvent on the gas solubilities was ais0 of interest. Therefore, a 

normal par- eicosane (C2&), was added to toluene and the solubiiities of hydrogen- 

methane, and hydrogen-methane-ethane gas mixtures were rneasured. 



3.2 Solvent Properties 

The pure solvents with their physicd properties are listed in Table 3.1, dong with 

their solubility parameter values at 25 OC as obtalied fiom G d c e  (1989). 

Table 3.1 Pure solvents and their properties 

1 Solvent 

*Hep tane 
n-Octane 
2,2,4Trimethylpentane 
1 -0ctene 
Cyclohexane 
Methylcyclohexane 
Benzene 
Toluene 
Ethylbenzene 
m-Xylene 
1,2,4-T rimethy lbentene 
Pyndine 
Quinoline 

Solubility 
Parameter 
( ~ / c m ~ ) O . '  

15.1 
15.6 
14.3 
15.4 
16.8 
16.0 
18.8 
18.2 
18.0 
18.0 
17.6 
21 -9 
22.1 

The mked refinery oils, Petro-Canada supreme gasoline (PC-SG), SheiI regular 

gasoline (SH-RG) and Light cycle oil ( 'CO) were analyzed by Core Laboratories (Calgary, 

AB, Canada) for API gravity, kinematic viscosity, SOA (saturates, olefïns and aromatic) 

fractions and ASTM D-86 distillation. Results fiom these analyses are given in Table 3.2. 

The SOA analyses indicate that PC-SG is rich in saturates and LCO is rich in aromatics, 

whereas SH-RG had a reasonable amount of both saturates and aromatics. The ASTM 

D86 volume recoveries for PC-SG and SH-RG were almost 100% whereas for LCO, a 

heavier and more viscous liquid, the recovery was about 90%. 



Table 3.2 Refhery 02s and thek properties 

Properly 
Density @ 15 O c  

Viscosity @ 20 OC 
FIA-knalvsis: 

S aturates 
O l e b  

Aromatics 

(%Vol. Recovd.): 
1.B.P 
5 
10 
15 
20 
25 
30 
35 
40 
45 
50 
55 
60 
65 
70 
75 
80 
85 
90 
95 

End Point 

% Recovered 

(Wm3) 
(mPa 9 

(Vol. %) 
77 

77 

("Cl 
77 

Y7 

77 

Y9 

77 

77 

73 

77 

77 

Y7 

?Y 

Y7 

77 

27 

77 

37 

53 

37 

77 

77 

(Vol. %) 

PC-SG 
700 

0.413 

92.3 
0.0 
7.7 

40.9 
55.1 
66.2 
75.3 
83 -4 
88.5 
93.5 
96.6 
99.6 
102.6 
104.7 
105.7 
107.7 
112.8 
117.8 
123 -9 
135.0 
155.2 
186.5 
206.7 
214.7 

98.5 

SH-RG LCO 
970 
7.38 

17.4 
0.0 
82.6 

138 
253 
272 
275 
278 
280 
282 
284 
289 
295 
299 
3 O3 
305 
3 10 
3 13 
323 
336 
347 
3 54 
-- 
--- 

89.5 

3.3 Solubüity Determination 

Gas solubilities were deterniined by operating with set gas flow rate to the bottom 

of the absorber, contacted with liquid in countercurrent flow (Figure 2.1). The liquid flow 

rate was as low as possible and the gas flow rate as hi@ as possible to ensure that the 

tiquid leaving the absorber bottom was saturated with gas. The s~perficial velocity of the 

gas was approximately 1 -5-2.0 mm/s and that of liquid was 0.3-0.5 mmls. From the Uiiaal 



start-up of the systern about 0.5 h was required to pressurize the absorber and then 

approach aeady-state. Liquid leaving the absorber entered the separator at near 

atmospherk pressure where the dissolved gas was desorbed nom the solvent and the 

regenerated solvent recycled to the absorber. The individual flow rates of gases leavhg the 

absorber and separator were rneasured with wet-test meters. Since the separator was 

maintaineci at near atmospheric pressure, complete stripping of the gas fiom the liquid was 

assumed, and solubility was calculated nom the fiow rate of gas leaving the separator and 

the liquid recirculation rate as discussed in Section 2.5. For pure gas solubilities pure 

hydrogen and methane were useci, for binvy gas solubilisa a gas mixture containing 73 

molYo Hz and 27 mol% C& was used, and for temary gas solubilities a gas mumire 

containing 73 mol% Hz, 21 mol% C a  and 6 mol% C2& was used. For mixed gas u s ,  

the increase in hydrogen concentration firom the bottom to the top of the absorber was 

s m d  (less than 3%) because of the high gas flow rate versus the low Liquid flow rate. The 

composition of the gases leaving the absorber and separator were measured with a gas 

chromatograph. Gas solubilities were calculated fiom the composition and flow rate of the . 

recovered gas. and the liquid circulation rate. 

3.4 Accuracy of the Soiubility Results 

There was no correction for solubilities at separator conditions because hydrogen 

and methane solubilities are very low at atmospheric pressure compared to the pressures 

at which the solubilities were measured. Pure hydrogen solubility in toluene is less than 

0.03 5 mol% at atmospheric pressure and about 4 mol% at 13.88 MPa, whereas pure 

methane solubility in toluene is less than 0.22 mol% at atmospheric pressure and about 30 

mol% at 1 3.88 MPa. 

Initially, experiments were camied out to h d  the range of Liquid flow rates at 

which the liquid became saturated with gas. Hence the solubilities of hydrogen and 

methane in n-heptane, 2,2+trirnethylpentane and toluene were measured at three difEerent 

flow rates and various pressures. Figure 3.1, which gives the solubility of hydrogen and 

methane in n-heptane for pressures fiom 6.99 to 20.78 MPa, shows that the solubilities 
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reniaineci constant over the full range of liquid flow rates used. A similar behavior was also 

O bserved for 2,2,4-trimethylpentane and toluene. Accordingly, all the solubility 

mûasurements were made for liquid flow rates in this range (Peramanu and Pruden, 

1997a). 

Figure 3.1 Solubilities of hydrogen and methane in n-heptane versus liquid flow rate 

0.2 0.3 

Liquid Flow (Un) 

The measured solubilities of hydrogen and methane in toluene and benzene were 

compared with literature data to evaluate the accuracy of the experhental results, as 

show in Figure 3 -2 and Figure 3.3, respectively. For hydrogen solubîlity in toluene AAD 

in the mole fiaction was 0.054% (AARD=1.22%) and for methane solubility AAD was 

0.16% (AARD=0.76%). For hydrogen solubility in benzene AAD was 0.10% 

(AARD=3.44%) and for methane solubility AAD was 1.39% (-5.92%). 



Figure 3 -2 Cornparison of experimentai and lite-e solubilities o f  pure hydrogen and 

O 5 10 15 20 25 30 

Pressure (MPa) 

Figure 3 -3 Cornparison of experimental and literature solubilities of pure hydrogen and 

methane in benzene 

KnchevslQ and ffrema (1948) - (288.15 K) 
Satîler (1940) - p08.15 K) 
Sawina (1 962)- (31 3.2 K) 

- * - - . -  Sehoch et al. (1 940)- (JI 1 .O8 K) - Fmi i i  et al. (1 93+ (289.15 )O 

O 5 10 15 20 25 30 

Pressure (MPa) 



3.5 Pure Hydrogen and Methane Solubilitie~ in Liquids 

The solubilities of pure hydrogen and methane at 295 K are given in Table 3.3 

(Peramarm and Pruden, 1997a). Normally the methane solubility is about 5 to 8 times 

greater than the hydrogen solubiiiity depending on the type of the solvent. From Figures 

3.2 and 3.3 it can be seen that hydrogen solubility varies almoa linearly with pressure, 

whereas methane solubiiity increases less rapidly. 

Table 3.3 Solubilities of pure hydrogen and methane in various pure solvents and refinery 

0.0459 0.3080 
0.0674 0.4210 
0,0900 0.5213 
O. 1 122 0.6041 
O. 1289 0.6838 

Cyclohexane 

Ethylbenzene 

Methylcycio hexane Benzene 

0.0435 0.2883 
0.0642 0.4067 
0.0865 0.4973 
O. 1048 0.570 1 
O. 1209 

Toluene 

0.0156 O. 1014 
0.0205 0.126 1 
0.0255 O. 1464 
0.0302 O. 1659 
Light Cycle Oil 



The methane seledvity over hydrogen was estimateci fkom pure gas solubilities 

with the assumption that component solubilities were not affkcted by the presence of the 

other gas: 

xm 
Estimated methane selectivity = - * H= 
where x and x ,: are the solubilities of methane and hydrogen, respectively, expressed 

as mole fiactions 

Figures 3 -4 and 3.5 give the estimated methane selectivities and the pure hydrogen 

solubilities at 13.88 and 17.33 MPa, respectively. Figures 3.6 and 3.7 give the estirnateci 

methane selectivities and the pure methane solubilities at 13 -88 and 17.33 MPa, 

respectively. It can be seen that an increase in pressure does not much the relative 

positions of solvents in the estimated selectivity-solubility diagram. The heterocyclic 

compounds have the lowest solubilities, cyclic compomds have a higher solubility, and 

acyclic compounds had the highest solubility. In the acyclic hydrocarbon group, olefinic 

compounds have the lowest solubilities, normal parafEic cornpounds have higher 

solubilities, and branc hed parafnnic compounds have the highest solubilities. In cy clic 

compounds aromatic compounds have lower solubilities than naphthenic compounds. It 

was observed that as the amount of methane branching increased in the solvent the gas 

solubilities in the solvent increased. This is evident in the aromatic group where benzene, 

toluene, ethylbenzene, m-xylene and 1,2,4-trimethyibenzene show an increase in solubility; 

in the naphthenic group where methylcyclohexane had a higher solubility than cyclohexane 

and in the paraffinic group where 2,2,4-trimethylpentane had a higher solubility than n- 

heptane and n-octane. The highest methane selectivities were observed for the aromatic 

and naphthenic cornpounds. Benzene had the highest selectivity and lowest solubility 

whereas 2,2,4-trimethylpentane had the highest solubility and lowest selectivity in the pure 

solvents tested excluding the heterocyclic compounds. 
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Figure 3.4 Estimated methane seiectivities vernis hydrogen solubilities at 13.88 MPa and 

Pyridine 

MCH 
0 

0.00 0.02 0.04 0.06 0.08 0.10 0.12 0.14 

Hydrogen solubility (mole fraction) 

Figure 3.5 Estimated methane selecîivities versus hydrogen solubilities at 17.33 MPa and 

Pyridine 
0 

MCH 
O 

0.00 0.02 0.04 0.06 0.08 0.10 0.1 2 0.14 

Hydrogen solubility (mole fraction) 
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Figure 3 -6 Estimated methane selectivities versus methane solubilities at 13 -88 MPa and 

Pyridine 
a 

EB O- MCH 
a 

1 ,Z&TMB 
SH-RG 

n -Octane 
LCO PC-SGa n -Heptane 

O t Sctem 
O 

2,2&TMP 

0.0 0.4 0.2 O .3 0.4 0.5 0.6 O -7 0.8 

Methane solubility (mole fraction) 

Figure 3.7 Estimated methane selectivities versus methane solubilities at 17.33 MPa and 

Pyridine 
O SH-RG 

n- 

0.0 O. 1 0 2  0 3  0.4 0.5 0.6 0.7 0.8 

Methane solubil'w (mole fraction) 



3.5.1 Solubiiïty Parameter Correiations for Pure Gases 

When the gas solubilities in pure solvents were plotted @na the solvent 

solubility parameter (Table 3. l), a correlation was observed. Figures 3.8 and 3 -9 show the 

gas solubiiity versus solvent solubility parameter values for pure hydrogen and methane, 

respectively, at various pressures. 

The pure hydrogen gas solubilities were correlated to the solvent solubility 

pararneter, 6, and total pressure, P: 

and for methane: 

where the pressure is expressed in MPa and the solubility parameter Ui (J/CII?)~.~ at 25 OC. 

Figure 3 -8  Solubilities of pure hydrogen as a fiction of solvent solubility pararneter at 

various pressures 

0.14 1 

O 10.44 MPa 

r 13.88 MPa 

'A a 1 7.33 MPa 

1 O 12 14 16 18 20 22 24 26 

Solvent solubility parameter (~ lcm'  )O-' 
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Figure 3 -9 Solubilities of pure methane as a hc t ion  of solvent so lub i .  parameter at 

various pressures 

Predictions of pure gas solubilities using the above correlations are given in 

Appendix A.1. Excluding the heterocyclic compounds pyridine and quinohe, the 

correlations showed 0 -3 5% .MD (AARD=5.3 5%) for pure hydrogen solubilities and 

1 -5 8% AAD (AARD=4 -08%) for pure methane solubilities. 

3.5.2 Pure Gas Solubüities Prediction for Refuiery O b  using SolubEty Parameter 

CorreIations 

The solubility parameters for the refinery oils were calculated using the HYSIM 

simulation software (Kyprotech, Calgary, AB). The oil was fkst divided into a nurnber of 

pseudocomponents using ASTM D-86 distillation data (Table 3.2) and HYSIM was used 

to predict the physical properties of each pseudocomponent. The latent heats of 

vaporization for ail the pseudocomponents were calculated from their boi1.g point 

temperatures using Hildebrand's equation (Grulke, 1989): 

AHsc = (23.7 Tb + 0.02 T: - 2950) x 4.184 x 10' (3 -4) 

where is the latent heat of vaporization (J/mol) at 25 OC and Tb is the boiling point 

(KI. 



The solubility parameters in ( ~ f c m ~ ) ~ . ~  for each pseudocomponent, 6;, were then O btained 

AH, -RT 
6 .  =( y 

where AHi is the latent heat of vaporization (Jlmol) and Vi is the molar volume (cm3/mol) 

of pseudocomponents, R is the universal gas constant (J/mol K) and T is the temperature 

(KI 

The solubiiity parameter of the oil was calculated using a simple mixing d e  based on the 

component volume bc t i ons  (Prausnitz et al., 1986): 
C 

'=C$i', 
i= 1 

where is the volume fiaction and C is the total number of pseudocomponents. 

The bulk physical properties of oils were calculated by averaging the 

pseudocomponent properties with corresponding weighting factor. Density was weighted 

with volume fractions, molar m a s  and latent heat of vaporization were weighted with 

mole fiactions and Watson characterization factor (Kw) wwas weighted with mass fiactions 

of the individual pseudocomponents. The characterization results are given in Table 3.4. 

The Watson characterization factor ranges &om less than 10 for highly aromatic materials 

to almoa 15 for highly paraffinic compounds, whereas naphthenic compounds have 

intermediate Kw values between 10 and 15. The Iow Kw values for PC-SG and SH-RG, 

whÏch are both rich in saturates (92% for PC-SG and 70% for SH-RG) indicate that these 

oils also had significant amounts of naphthenic compounds, included in the "saturates" 

fhction in Table 3.2. 



The solubilities of pure hydrogen and methane in the oils were predicted osing the 

above calculated solubÎIity parameter values and the solubility parameter correlations 

given by Equations (3 -2) and (3 -3). The predicted results are given in Appendix A 1. 

There was a good agreement between the experimental and prediaed soiubilities except 

for the hydrogen solubilities Li light cycle oü as given in Table 3.5. Large mors for the 

Light cycle oil may be because solubdity parameter correlations were developed with 

solvents which were lighter and l e s  viscous than the Light cycle 02, and the correlations 

did not include heterocyclic compounds which may be present in the light cycle oil. 

Table 3.4 Caldated average physical properties of refinery oils 

Table 3 -5 Deviations in pure gas solubilities predictions for rehery ods using solubility 

pammeter correlations 

Solubility 
Parameter 
( ~ / c r n ~ ) O . ~  

15.33 1 
15.898 
19.022 

3-53 Pure Gas Solubility Predictions using Equations of State 

Latent Heat 
of Vapom. 
(kJ/mol) 
3 6004 
34530 
72130 

The prediction of solubilities utilizing equations of state was essential since the 

Watson 
Factor 
("R)~ 
12.55 
1 1.87 
10.44 

- 

Oil 

PC-SG 
SH-RG 
LCO 

solubility parameter correlations are only valid at the temperature of 295 K for which they 

Molar Mass 
(kgbo l )  

99.73 
92.80 
186.67 

Methane Sohbility 

were developed. The binary interaction parameters, which account for the interactions 

Density 
(kg/m3) 

700.0 
733 -5 
969.8 

Oil 

PC-SG 
SH-RG 
LCO 

T 

~ ~ d r o ~ e n  Solubility 
%AAD 
1.735 
1.808 
1.161 

between the unlike molecdes in the equations of state, were determined (Peramanu and 

Number of 
Pseudo- 

components 
16 
18 
14 

%AAD 
O. 153 
0.288 
0.828 

%AARD 
3 -99 
5 -46 
5.14 

Pruden, I997a) using the experimental pure gas solubilities. Ushg the Peng-Robinson 

%AARD 
2.07 
3.86 
19.45 

(Peng and Robinson, 1976) and Soave-Redlich-Kwong (Soave, 1972) equations of state 



for pure gas solubilities, the binary interaction parameters (kj) were adjusted until the sum 

of square of mors  was minimized for the objective fùnction, F, given by: 

where Np is the number of pressure points. 

Appendices A2 and A3 give the predicted pure gas solubilities using the Peng- 

Robinson (PR) and Soave-Redlich-Kwong (SRK) equations of state, respectively . Tables 

3 -6 and 3 -7 give the values of the binary interaction parameters Rij), and the error between 

the experimental and predicted pure gas solubilities. The average AAD for ail the solvents 

with these equations of -tes was 0.10% (AARD=2.04%) for hydrogen and 0.35% 

(AARD= 1.19%) for methane. Hydrogen had higher interaction parameter values than 

methane because of a greater diierence between hydrogen and the solvent molecules 

cornpared to methane and the solvent molecules. 

Table 3.6 Binary interaction parameten and deviations in PR-EOS predicted pure gas 

solubilities 
-- - 

Solvent 

n-Heptane 
n-Octane 
2,2,4-TMP 
1 -0ctene 
CH 
MCH 
Benzene 
Toluene 
EB 
m- Xy lene 
1,2,4-TMB 
Pyridine 
Quinoline 

kii 
0.2696 
0.3066 
0.2805 
0.2768 
0.261 1 
0.2657 
0.3 160 
0.3 166 
0.3464 
0.3278 
0.3 189 
0.2718 
0 -2244 
Average 

Met ha 
k, 

0-03 1 1 
0.0307 
0.0303 
0.0300 
0.03 3 9 
0.0290 
0.0677 
0.0622 
0.0740 
0.0675 
0.07 1 9 
O. 1034 
O. 1 163 

Average 
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Table 3 -7 Binary interaction parameters and deviations in SRK-EOS predicted pure gas 

n-Heptane 
n-Octane 
2,2,4- W 
1 -0ctene 
CH 
MCH 
Benzene 
Toluene 
EB 
m-Xyiene 
1,2,4-TMB 
qrtidine 
Quinohe 

solubilities 

- -  - 

Average 

ki i  
0.026 1 
0.0260 
O. O267 
O. 0243 
0.0236 
0.0203 
0.0565 
0.0520 
0.0649 
0.0579 
0.0623 
O. O899 
O. 0993 
Average 

3.5.4 Pure Gas Solubüity Predictions for Refinery Oüs using Equations of State 

The gas solubilities in the refinery oil using equations of state were prediaed by 

utilizing saturates? olefins and aromatics (SOA) analyses given in Table 3.2. Although 

solubility predictions for oils is possible h m  the ASTM D86 characterization, the flash 

calculation procedure is quite involved due to large number of pseudocomponents. As an 

alternative, information fiom the SOA anafyses was utilized and it was assumed that the 

refinery oiis were composed of three types of pure compounds namely: a parafnn, an 

oIe& and an aromatic. The pure hydrogen and methane solubilities were calculated ushg 

the Peng-Robinson and Soave-Redlich-Kwong equations of state with combinations of 

paraffinic, olefinic, and arornatic compounds; and compared with the mea~u~ed solubility 

values. It was found that representing the oils by n-octane for the saturates hction, 1- 

octene for the olefïnic hction and by benzene for the arornatic fiaction gave the best 

solubility predictions. The mole fiactions of n-octane, 1-octene and benzene in the oils 

were calculated using the volume fiaction data (Table 3 -2) and are given in Table 3.8. 
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Table 3 -8 Compositions of nectaneV 1-octene and benzene which mode1 the rehexy oils 

The solubilities were caiculated using the Peng-Robinson and Soave-Redlich- 

Kwong equations of aate with the binary interaction parameters (k,) given in Tables 3.6 

and 3 -7. The solvent-solvent interactions were assumed to be negligiile, therefore solvent- 

solvent buiary interaction parameters were set to zero. Tables 3 -9 and 3.10 give the errors 

in the predicted hydrogen and methane solubilities using the Peng-Robinson (Appendk 

k 2 )  and Soave-Rediich-Kwong equations of state (Appendk A3), respectively. The 

predictions were accurate to withùi 5% except for methane solubility in light cycle oil. 

Table 3.9 Deviations in the PR-EOS predicted pure gas solubilities for refinery oils 

Benzene 
(mol f?) 
O. 133 1 
0.3488 
O. 8973 

modeled with n-octane, 1 -octene and benzene 

1 -Octene 
(mol fi) 
0 .O000 
0.0668 
0.0000 

Oil 

PC-SG 
SH-RG 

LCO 

n-Octane 
(mol fk) 
0.8669 
0.5844 
O. IO27 

Table 3.10 Deviations in the SRK-EOS predicted pure gas solubilities for refinery ods 

modeled with 12-octane, I -octene and benzene 

Oil 

PC-SG 
SH-RG 
LCO 

No. of 
Data 

4 
4 
4 

Oil 

PC-SG 
SH-RG 
LCO 

Hydrogen Solubility Methane Solubility 
%AAD 
0.085 
0.224 
0.097 

~ o . - o f -  
Data 

4 
4 
4 

%AAD 
1.293 
1.643 
7.140 

%AARD 
1.44 
3 -85 
1.76 

%AARD 
3.37 
4.47 
27.86 

Hydrogen SoIubility 
%AAD 
0.085 
0.227 
O. 100 

- - 

Methane Solubility 
%AARD 

1-48 
3.88 
1.82 

% A D  
1.233 
1.657 
7-208 

%AARD 
3.17 
4.54 
28.04 



3.6 Binary Gas Solubiütics in Liquids 

Table 3.11 gives the solubilities of a gas containing 73% hydrogen and 27% 

methane in liquids at 295 K (Peramanu and Pruden, 1997a). 

Table 3.1 1 Solubilities of 73% H2 and 27% C a  gas mixture in various pure solvents and 

-. . . -- 

H2 CH4 
(moi fi) (mol fi) 

n-Heptane 

Cyclo hexane 

E thylbenzene 

Quinoiine 

H2 CHs 
(mol fi) (moi fi) 

n-Octane 

H2 CH4 
(moi f?) (mol fi) 

2,2,4TMP 

Benzene 

(moi 5) (mol 6) 
1 -0ctene 

0.0338 0.0805 
0.0498 0.1 133 
0.0650 O, 1393 
0.0798 0.1617 
0.0936 O. 1789 

Toluene 

Light Cycle Oil 

Figures 3.10 and 3.1 1 give the measured rnethane seledvities versus the hydrogen 

solubilities at 1 3.88 and 1 7.3 3 MPa, respectively. Figures 3.12 and 3.13 give the measured 



methane seleaiVities vernis methane solubilities for the pressures 13.88 and 17.33 MPa, 

respectively. The selectivities were caiculated using: 

For methane solubilities fiom a binary gas mixture, the solvents foUowed trends 

similar to those for pure methane. It can be seen in the measured selectivity-solubility 

diagrams that an increase in the pressure influences the relative positions of some solvents, 

which is in contrast to estimated seleaivity-solubility diagrams given in Figures 3.6 and 

3 -7. Benzene and cydohexane showed very high selectivities at 13.88 MPa, but their 

selectivities dropped substantiaily at 1 7.3 3 MPa. Methylcyclohexane had a very high 

selectivity at all pressures, and a reasonable methane solubility, whereas 2,2,4- 

trimethylpentane had the highest methane solubility and reasonable selectivity. The 

optimum solvent is one which has both a high solubility and selectivity for methane, thus, 

methylcyclo hexane, 1 -octene, n-octane and 2,2,4-trirnethylpentane were found to be the 

bea solvents for the separation of methane fiom hydrogen. Overall, the optimum solvent 

would consist of a combination of 2,2,4-nimethylpentane and rnethylcyclohexane since it 

would have both the highest methane solubility and selectiviq. 

M e r  considering the range of selectivities and solubilities, the data cieariy indicate 

that the solubilities Vary over a much larger range than the selectivities. Nonetheless, both 

factors are important to achieve the required purity and recovery of hydrogen fiom an 

absorber. The cost of the recirculating solvent is also an issue that must be taken into 

consideration. 
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Figure 3.10 Measured methane selectivities versus hydrogen solubilities at 13 -88 MPa and 

295 K with a binary gas containllig 73% H2 and 27% C I t  

m-Xyhe ~ I ~ c ~  10. 
€ao O 

n 4ctane 
224-TMP 

?oluene 
SH-RG 

O rn 
PCSG 

Pyridine LCO 
a O 

n-Heptane 

L 
Quinoline 

rn 
4 . 4 , " " : ' " ' : ' " ' : " ' ~ : ~  L i . . .  

I 

0.00 0.02 0.04 0.06 0.08 0-10 0.12 

Hydrogen solu bility (mole fraction) 

Figure 3 .1  1 Measured methane selectivities versus hydrogen solubilities at 17.33 MPa and 

295 K with a binary gas containing 73% Hz and 27% CH4 

Benzene 
EB- 

LCO 
a 

SH-RG 
rn PC-SG 

a 
0 

n -Heptane 

0.00 0.02 0.04 0.06 0.08 0.10 0.12 

Hydrogen solubilïty (mole fraction) 



50 

Figure 3.12 Measured methane selecbvities versus methane solubilities at 13 -88 MPa and 

295 K wfi a binary gas containhg 73% Hz and 27% CHo 

Toluene a 

Pyridine 
a LCO 

a 

a PC-SG 

0.00 0.05 0.10 0.15 0.20 0.25 

Methane solubility (mole fraction) 

Figure 3.13 Measured methane selectivities versus methane solubilities at 17.33 MPa and 

795 K with a binary gas containing 73% HZ and 27% CH4 
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3.6.1 Solubility Parameter Correlations for Binary Cas 

The binary gas soiubiiity results (Table 3.11) were used to develop soiubility 

parameter wrrelations. 

Figure 3.14 Solubilities of binary gas hydrogen as a fiuiction of solvent solubility 

parameter at various pressures 

Figure 3.15 Solubilities of binary gas methane as a funaion of soivent solubility parameter 

at various pressures 



Hydrogen and methane 

given in Figures 3.14 and 3.15, 

solubilities versus the solvent solubw parameter are 

respectively, with the total pressure (P) as a parameter. 

These correlations were expressed as a hction of partial pressure @) and solubility 

parameter (6) and are reiiable for the concentration range of 60% to 80% hydrogen in a 

binary gas mixture. 

Hydrogen solubility in the binary gas is given by: 

whereas methane soiubility is given by: 

where the partial pressures of hydrogen ( pH: ) and methane ( p,. ) are expressed in MPa 

3 0.5 and the solubility parameter in (Jkm ) at 25 OC. 

The b i n q  gas solubility predictions using the above correlations are given in 

Appendix A4. Excluding the heterocyciic compounds the correlations showed 0.28% 

AAD (AARD=4.99%) for hydrogen and 0.59% AAD (MdD=4.97%) for methane. 

3.6.2 Binary Gas Solubilities Prediction for Refinery Oils ;sing Solubüity Panuneter 

C o  meIations 

The average solubilif~ parameters calculated in Section 3.5.2 (Table 3.4) and the 

solubility parameter correlations aven by Equations (3 -9) and (3.10) were used to predict 

the solubilities of the binary gas in the oils. The deviations of the predicted results 

(Appendix A4) fiom the experimental results are given in Table 3.12. AU the solubility 

predictions were below 10% deviation except for the hydrogen solubilities in Petro- 

Canada supreme gasoline and light cycle oii. 



Table 3.12 Deviations in the predicted bkiary gas solub'ies for refinexy oils using 

solubility parameter correlations 

Oil 

3.6.3 Binary Gas Solubilities Prediction using Equations of State 

PC-SG 
, SH-RG 

LCO 

The Peng-Robinson and Soave-Redlich-Kwong equations of state were used to 

predict solubilities in a hydrogen-methane-solvent systern (Peramanu and Pruden, 1997a). 

The calculated binary interaction parameters (kij) between each gas and solvent given in 

Tables 3.6 and 3.7 were used. The binary interaction parameters between hydrogen and 

methane were taken f b m  Trebble (1991), and were 0.0387 for the Peng-Robinson 

equation of state and -0.028 1 for the Soave-Redlich-Kwong equation of state. Solubilities 

were calculated using a flash algorithm subject to the condition that equilibrium vapor was 

73% Hz and 27% C&. 

Hydrogen SolubiIity 
%AAD 1 %AARD 

Appendix AS and A.6 give the predicted binary gas solubilities ushg the Peng- 

Robinson and Soave-Redlich-Kwong equations of state, respectively . Tables 3.13 and 

3.14 list the number of data points (Np) and the prediction errors for the Peng-Robinson 

and Soave-Redlich-Kwong equatioqs of state, respeaively. The average AAD for all 

solvents was 0.16% (AARD=3.5 5%) for hydrogen and O S  8% (AARD=5 -29%) for 

methane. Neither equation of nate showed a distinct advantage, and both gave satisfactory 

predictions. 

Methane SoIubility 
%AAD 1 %AARD 

0.8 13 
O -240 
0.527 

12.60 
4.63 
14.17 

0.684 
0.880 
0.698 

4.83 
8.25 
9.68 
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Table 3.13 Deviatiow in the PR-EOS predicted binary gas soiubilïties 

l Solvent 

Heptane 
n-Octane 
2,2,4-Trimethytpentane 
1 -0ctene 
C yclohexane 
Methylcyclohexane 
Benzene 
Toluene 
Ethylbenzene 
m- Xylene 
1,2,4Trimethylbenzene 
Pyndine 
Quinolule 

5 
3 
5 
5 
4 
5 
4 
5 
3 
3 
4 
4 
3 

Average 

Table 3.14 Deviations in the SRK-EOS predicted b i n q  gas solubilities 

Solvent 

n-Heptane 
n-Octane 
2,2,4-Trimethylpentane 
1 -0ctene 
C yclo hexane 
Met hylcyclo hexane 
Benzene 
Toluene 
Ethylbenzene 
m-Xylene 
1,2,4-Tnmethylbenzene 
Pyridine 
Quinoiine 

5 
3 
5 
5 
4 
5 
4 
5 
3 
3 
4 
4 
3 

Average 

Methane 
%AAD 
0.995 
0.784 
1.845 
0.653 
0.262 
0.498 
0.445 
0.267 
O. 127 
0.269 
0.345 
0.067 
0.267 
0.525 

3.6.4 Binary Gas Solubilities Prediction in Refmery Oüs using Equations of State 

As discussed in Section 3 5 4 ,  the oils were modeled as mixtures of n-octane, 1- 

octene and benzene and the solubilities were predicted using equations of state. Tables 

3.15 and 3.16 give the errors between the measured and predicted binary gas solubilities 



using the Peng-Robinson (Appendix AS) and Soave-Redlich-Kwong equatiow of state 

(Appendk A6), respectively. The deviations were very large (17%) for methane 

solubilities in light cycle oil, slightly larger than 10% for hydrogen and methane solubilities 

in Petro-Canada supreme gasoline, and less than 7% for hydrogen and methane solubilities 

in Sheil regular gasoline and hydrogen solubilihes in light cycle oil. 

Table 3.15 Deviations in the PR-EOS predicted binary gas solubilities for refinery oils 

modeled with n-octane, 1 -octene and benzene 

Tab le 3.16 Deviations in the SRK-EOS predicted binary gas solubilities for refïnery oils 

Oi1 

PC-SG 
SH-RG 
LCO 

modeled with n-octane, 1 -octene and benzene 

Methane S olubility N 

4 
4 
3 

%AAD 
1-73 1 
0.503 
1.254 

3.7 Effect of Presence of Ethane on the Gas Solubiiities in Toluene 

%AARD 
11.71 
4.59 
16.63 

Oil 

PC-SG 
SEI-RG 
LCO 

Since ethane is present in small concentrations in hydrocracker off-gases, it was 

Hydrogen SoIubility 

important to quantify its effect on the solubilities of hydrogen and methane (Peramanu et 

%AAD 
0.769 
0.3 10 
0.063 

N 

4 
4 
3 

al., 1998). It was expected that ethane would enhance rnethane solubility over that of 

%AARD 
10.0 1 
6.74 
1.48 

hydrogen, resulting in an hproved separation. No experùnental data in the literature were 

found to subaantiate this, and therefore gas solubilities were measwed for a ternary gas 

Hydrojgen Solubility 

containing 73% Hz, 21% CI& and 6% C2& in toluene and compared to those obtained 

Methane Solubility 
%AAD 
0.773 
0.303 
0.065 

from the binary gas containhg 73% Hz and 27% Cfi as given in Table 3.17. 

%AAD 
1.695 
0.530 
1.315 

%AARD 
10.04 
6.62 
1.55 

%AARD 
11.54 
4.76 
17.39 



Table 3.17 Solubilities of binary gas (73% & and 27% C&) and temary gas (73% Hz, 

21% C& and 6% C2&) in tolume 

Because of the merences in compositions between the binary and temary gases it 

was necessary to compare solubiiities at similar partial pressures (pi==). Figure 3.16 

gives the solubilities of hydrogen and methane in toluene for binary and temary gas at 

various partial pressures. For hydrogen, the average increase in solubility was negligible 

(0.13%), whereas for methane the increase was about 37% which indicates a signincant 

increase in methane selectivity in the presence of ethane. This translates into an improved 

separation of methane £iom hydrogen. 

Figure 3.16 Hydrogen and methane solubilities in toluene with and without ethane in the 

feed gas mixture 



3.8 Effect of Presence of Eicosane in Toluene on the Gas Solubilities 

Often refineries end up with an excess of aromatic oils and use these oils as 

absorbing oils, yet they have low gas solubilities compared to paraffinic o h .  In an effort to 

improve the absorption capacity of these aromatic oils, a solid parafnnic compound (Czo) 

was added to the modei aromatic solvent, toluene. A solution of toluene and eicosane 

(C2A2) was prepared containing 20 wt% (7.54 mol%) eicosane and both binary gas and 

temary gas solubilities were measured in the solution (Peramanu et al., 1998). Table 3.18 

provides the binary gas solubilities with and without eicosane in toluene and Table 3.19 

gives the ternary gas solubilities with and without eicosane in toluene. 

Table 3.18 Solubilities of binary gas (73% Hz and 27% C&) with and without eicosane in 

toluene 

P 1 Binarv Gas without Eicosane 1 Binary Gas with Eicosane 

Table 3.19 Solubilities of temary gas (73% Hz, 2 1% C& md 6% C2&) with and without 

eicosane in toluene 

The presence of eicosane increased the solubility of al1 the gases, as shown in 

P 
W a )  

Figures 3.17 and 3.18 for the binary gas and ternary gases, respectively. For the bhary 

gas, the increase in hydrogen solubility was 1 1.5% and for methane it was 12.5%, and for 

Ternary Gas without Eicosane 
H2 

(mol fi) 

Ternary Gas with~icosane 
C2&2 

(mol fi) 
Hz 

(moi fi) 
w 

(mol fr) 
C2& 

(mol f?) 
CHs 

(mol fi)  
C2& 

(mol 5) 



the temary gas the increase was 9.8% for hydrogen and 11.2% for methane and 9.0% for 

et hane. 

Figure 3.17 Binary gas solubilities with and without eicosane in toluene 

O 2 4 6 8 4 O 12 14 16 18 20 

Pressure (MPa) 

Figure 3.18 Temary gas solubilities with and without eicosane in toluene 

Ethane 

Meîhane 

Hydmgen 

6 8 10 

Pressure (MPa) 



3.9 Summary 

Measured gas solubilities using the absorption-stripping apparatus were consistent 

with Literature data for hydrogen-toluene, methane-toluene, hydrogen-benzene and 

methane-benzene systems up to 20.78 MPa. 

Pure hydrogen solubilities foUowed Henry's law whereas pure methane solubilities 

did not. In the order of increasing hydrogen and methane gas solubilities, the compounds 

were: heterocyclic compounds, unbranched aromatics, branched aromatics, naphthenes, 

olefins, normal paraffins and branched parafnns. 

Estimated selectivities using pure component solubilities were over 10% higher 

than those measured for binary gases and could not be used to identify the optimum 

solvent. Measured selectivities indicated that the solvents containing structures similar to 

2,2,4-trimethylpentane, n-octane, 1-octene and rnethylcyclohexane are prefened 

candidates for the sponge oil absorption process. 

Solubility parameter correiations for pure gas and binary gas solubilities gave good 

predictions for pure solvents and fair predictions for refinery oils. Equations of state 

predictions for both pure gas and binary gas solubilities were in good agreement with 

experimental results for pure solvents. They were in fair agreement with and refinery oils 

modeled with n-octane, 1-octene and benzene representing paraninic, olefinic and 

aromatic contents respectively. 

The effect of ethane on hydrogen solubility in toluene was negiigible, whereas 

methane solubility and selectivity increased significantly, resulting in improved separation. 

The addition of a solid paraffinic compound, eicosane (C~OE-I~~), to toluene 

increased the solubilities of hydrogen, methane and ethane. 



CHAPTER 4 

Mass Transfer Studies 

4.1 Literature Review 

The proper design of a packed column absorber requires a knowledge of mass 

transfer coefficients, effective interfaciai area, gas and Liquid dispersion, and liquid 

distribution. There are many generalized correlations published for mass transfer 

coefncients (kL and k ~ )  which have been developed from data at atmospheric conditions. 

However, for a more accurate design the operating conditions and components used for 

the correlation should be generally similar to those in the proposed unit. Normally 

experiments yield volumetric m a s  transfer coefficient &a or kva) vaiues which are 

converted to k~ or k~ fkom a knowledge of the effective interfacial area (a). Gas and liquid 

dispersion in a packed column impacts the performance by reducing concentration 

gradients. Improper liquid distribution can result in inefficient colurnn operation through 

channeling , which decreases gadliquid contact. These factors must be considered in a 

sound correlation for mass transfer. 

4.1.1 Mass Transfer CoetTicients 

There is abundant literature availabie on liquid and gas side mass transfer 

coefficients for aqueous solutions at atmospheric conditions. However, few data are 

available for non-aqueous solutions and hi& pressure conditions. In mass transfer 

experiments, interface concentrations cannot be measured, and the bulk concentrations are 

used. Therefore, in order to measure a mass transfer coefficient, it is necessary that only 

one (gas or liquid) resistance is dominant. To measure the Iiquid side m a s  transfer 

coefficient the solute (gas) mua be sparingiy soluble in the iiquid and to measure the gas 

side mass transfer coefficient the solute must be readïiy soluble in the liquid. However, in 

most systems it is difncult to have a negligible resistance on the liquid or gas side, which 

WU lead to errors in the measured m a s  transfer coefficient. This problem is more 



common when measu~g gas side rnass transfer coefficients because tiquids n o d y  offer 

signifiant resistance in spite of high gas solubilities. 

4.1.1.1 Liquid Side Mass Transfer CoeEcient 

The 5rst successfid correlation for liquid phase mass transfer rates in a packed 

column was proposed by Shenvood and HoLloway (1940b) by desorbing COz, 0 2  and Hz 

fiom water. They found that the liquid side volumetric mass transfer coefficient &a) 

decreases with an increase in packing size for Raschig rings, whereas a change in packing 

size for Berl saddles was found to have a negligible effect on kLa. The correlation was 

gïven as: 

where a is a constant which depends on the packing type and size, with values listed by 

Au-Yeung and Ponter (1 983). L, p, p and D are the mass velocity, density, viscosity and 

diffusivity of liquid respectively. 

The Shenvood and Hoiloway (1940b) Liquid film mass transfer correlation was 

confmned by Molstad et al. (1942), Deed et al. (1947), Vivian and Whitney (1947) and 

Whitney and Vivian (1949) who desorbed oxygen or carbon dioxide fkom water into air 

using different size and type of packings and difFerent column diameters. Norman (1961) 

found that the variation of kLa for different packings was very small, and correlated the 

data for ring and saddle packings with a single equation. 

According to Yoshida and Koyanagi (1958), the dimensional group in the 

equations proposed by the above workers is unsound even for a fixed size of packing. The 

values of L/p are not proportional to the true Reynolds number since the effeaive wetted 

periphery varies with the liquid fiow rate. By an analogy with fdm flow they expressed the 

true Reynolds number by L/ap where a is the effective area. They indicated that the 

Reynolds number expressed as LdJp is reasonable ifthe ratio of effective ara  to the total 
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surface area of the p a c b g  is constant, because the characteristic length of packin& 4 is 
generally inversely proportionai to the total s p d c  surface area of the packing (a<). 

Van Krevlen and Hoftijzer (1947) proposed a correlation for the liquid phase mass 

transfer coefficient in a packed column by h o d u c h g  a liquid fdm thiclcness term, 

(p2/gp2)L/j, into the Shenvood and Holloway correlation to give dimensional consistency: 

where g is the gravitational acceleration and a, is the wetted area which can be estimateci 

&oom the total specifïc surface area, a, using: 

Aithough the correlation by van Krevelen and Hofbjzer (1 947) is dimensionally consistent, 

it incorrectly indicates that the mass transfer coefficient is proportional to rather than 

the D* suggeaed by Higbie's penetration theocy, and confbmed by Vivian and KUig 

Shulman et al. (1955b) obtained a correlation for kL in a column packed with 

Raschig rings and Berl saddles. They calculated the effective a m  by cornparhg the k ~ a  

data of Fellinger (1 94 1)  on ammonia absorption into water and the kv data obtained by 

vaporization of naphthalene. The correlation was given as: 

where d, is the diameter of a sphere having the same surface area as the packing. 

Onda et al. (1959) developed a general dimensionless wrrelation for liquid phase 

mass transfer coefficients with a colurnn packed with Raschig rings. The effective 

interfacial area was assumed to be quai  to the wetted area where the wetted area was 

calculated corn an equation presented by Fujita and Sakurna (1954). However, an 



extensive test of the correlation was not possible since the wetted area data of Fujita and 

Sakuma (1 954) were limiteci to water systems with Raschig ring packing. 

To incorporate the eEkt of Surface tension of the liquid, Yoshida and Koyanagi 

(1 958) and Onda et al. (1968) employed organic liquids in their studies. Yoshida and 

Koyanagi (1958) obtained a correlation for liquid phase rnass transfer rates by absorbing 

pure carbon dioxide into water and methanol in a column packed with spheres, Raschig 

rings, and Berl saddles, as well as in a bead column containhg spheres connected in a 

vertical row. 

Onda et al. (1 968) developed a generalized correlation for liquid side mass m e r  

coefficient using their kra data for the absorption of carbon dioxide into methanol and 

carbon tetrachloride, and the published kLa data by Sherwood and Holloway (1940b), 

Ueyama et al. (1954), Hikita et al. (1954), Onda et al. (1959), Yoshida and Koyanagi 

(1962) and Vivian and King (1964). The equation correlated the kLa data for water and 

organic Liquids to within 20% and is given by: 

where d, is the nominal sire of packing. To obtain kL f?om kLa Onda et al. (1968) assumed 

that that the effective area was equal to the wetted area developed by Onda et al. (1 967): 

where a is the surface tension of the Iiquid and is the critical surface tension of  the 

Au-Yeung and Ponter (1983) reviewed the correlations published since 1940 for 

prediaing liquid phase m a s  trader coefficients and gave tecornmendations accordmg to 

operating conditions and application. Since there is no direct correlation avdable for the 

effective interfacial area, the equations which are based on wetted area are considered to 



be reiïable. For most systems the correlation by Onda et al. (1968), @en by Equation 

(4.9, is considered to be most reliable since it has been extensively tested against 

literature data 

4.1.1.2 Gas Side Mass Transfer Coefficient 

The correlation of gas phase mass transfer data has been Iess successful than for 

the liquid phase because of the lack of systems for which the major resistance is in the gas 

phase. Investigations of the behavior of gas films have been conducted with: 1) the 

vaporization of a pure liquid into a gas Stream, 2) the absorption of a solute gas into a 

liquid offering a high degree of solubility, and 3) the absorption of a solute gas into a 

liquid where the equiiibnurn partial pressure is zero because of an irreversible chernical 

reaction. In Cases 1 and 2, heat of vaporization and heat of solution effects result in 

localized t emperature changes that are reflected in c hanging equilib rium constants. Local 

temperature effects also cause changes in surface tensionfiat may result in film spLitting 

and change of effective area of mass transfer. In Case 3, the chemical reaction rate or 

difhision of the reacting cornponent of the solvent may be rate controlling, thus shifting a 

large portion of the transfer resistmce to the liquid phase. This will cornplkate the analysis 

of the data, and the extraction of the tme value of gas side m a s  trmsfer coefficient. 

Shenvood and Holloway (1940a) measured gas side mass transfer coefficients 

through the vaporization of water and the absorption of arnrnonia f?om air in water. 

Comparing their results with experimental data for ammonia absorption in an and solution 

they concluded that the Liquid 6lm resistance was an appreciable hction of the total 

resinance. Garnson et al. (1943) performed experiments in a horizontal mer with 

grandar solids to obtain the equation for gas side volumetric mass transfer coefficient. 

Gas film mass transfer coefficients in a packed column can be estimateci by their equation 

provided the effective wened area is known or the entire surface area is assumed to be 

effectively wetted. 



Van Krevlien and Hoftizer (1948) correlated gas side mass W e r  coefficients 

under operating conditions where liquid is flowing counter-current to the gas meam: 

where V, p, and D are the mass velocity, density, viscosity and difksivity of gas, 

respectively. According to Taecker and Hougan (1949), the equation proposed by Van 

Krevlen and Hoftizer (1948) is unsatisfactory because the exponential value of 0.8 for the 

modifieci Reynolds number is too hi& and the use of the nominal particle diameter for 

packing rnakes no aliowance for the shape and hoilowness of the packlig. By measuring 

the rate of evaporation of water into a Stream of air during the constant-dxying-rate period 

they estabiished gas transfer rate relations for Raschig rings, partition rings and Berl 

saddles. 

Shulrnan (1955a) used the holdups to explain the difference between gas phase 

mass transfer rates obtained by vaporization and absorption techniques. S hulman and 

Margolis (1 957) proposed an equation for gas side mass transfer coefficients based on the 

data obtained for a naphthalene-air system and the data of Lynch and W&e (1955) and 

Yoshida and Tanaka (195 1). 

Onda et ai. (1968) obtained a general equation for kv by dividing the reported k ~ a  

data of by Felhger (1941), Houston and Walker (1950), Onda et al. (1 96 1, 1963, 1966), 

and Yoshida and Koyanagi (1962), by the wetted area given by Equation (4.6). Data were 

correlated within f. 20% by the equation: 

where the constant CI is 5.23 for packings larger than about 15 mm, and 2.0 for smder 

pac kings. 



4.1-2 Effkctive Intedacial Area for Mass Transfer 

A major obstacle in the design of an absorption column is obtaimng a genedzed 

correlation for effective interfacal area for mass trander because of the Wculty in 

accurate measurement. Effective inteficial area is not only dependent on packing size, 

type of packing, Iiquid flow rate and gas flow rate, but dso on the liquid surface tension 

and the d a c e  energy of the packing. 

Shenwood and Holloway (1 940b) found that kra was independent of the gas flow 

rate up to the loading point. From this, they concluded that the effective interfanal area 

was independent of gas rate since kL is normally independent of gas rate. They also 

indicated that the effective interfacial area for Raschig rings decreases with increase in size 

shce the larger packings have smder specinc surface area. However, variation in the 

effective interfacial a r a  with packing size for Berl saddes was negligible because the 

decrease in packing surface with increase in packing size was offset by the increase in the 

intarfacial surface caused by the bridging over of points of contact between p a c h g  

boundaries by the liquid. 

Van Krevelen and Hoftizer (1948) obtained a relationship for the wetted area by 

comparing kva values nom various sources: 

Fujita and Sakuma (1954) presented an equation for the wetted are% the validity 

of which was co-ed by Kikita and Kataoka (1956): 

S hulman et al. (1 95 Sb) undertook an extensive study of naphthalene vaporization 

into air to measure kv. Using their kv data and the kva data of Fellinger (1941) they 



obtaïned the dependence of effective interfàciai area on the gas rate, liquid rate, packing 

type and size. Based on their results, they concluded that the e f f d v e  interfanal area 

increases with an increase in liquid flow rate and is f&ly independent of the gar flow rate 

up to the loading point. They also measured the wetted areas for irrigated naphthalene and 

compared with the effective intenacial areas. The behavior of the effective inteficial area 

with liquid flow rate was similar to that of the wetted area. The effective intertacial area 

was smallest for the srnailest packings although they possess the largest total d a c e  and 

wetted area. This is because the small packings were found to have large static holdups 

withui in the packing which is practically useless for absorption. The large packings have 

smaii static holdup and the effective area is more closely related to the wetted area. For 

liquids other than water Shulman et al. (1955~) presented a relation for effeave interfacial 

area as a fùnction of the effecbve interfacial area for water, operating holdup of water and 

the operating holdup of the liquid. The operating holdup, which is a masure of the iiquid 

flowing through the packing when the column is in operation, is expressed as a funaion of 

liquid flow rate, viscosity, density and surface tension. 

Yoshida and Koyanagi (1958) calculated the effective area for mass transfer in 

packed columns by cornparhg the CO2 absorption in a packed colurnn with absorption in 

a colurnn packed with beads. It was again observed that the effective interfacial area for 

srhall spheres (0.5" diameter) was less than that for larger spheres (1" diameter) because 

large arnounts of stagnant Liquid were present in smaller packings. They also observed that 

the fiactional surface area (a/&) wetted by methanol is more than the area wetted by water 

due to lower surface tension of methanol compared to water. By plotting the effective area 

against liquid flow rate for various types and sires of packings, they observed that the 

effective area did not Vary greatly with size and type of packing despite the considerable 

Werence in total surface area However, the nature of the packing materials surface was 

found to affect the effective interfacial area Yoshida and Koyanagi (1962) compared the 

effective areas calculated for vaporization and absorption in a packed column. Effective 

areas for vaporization were found to be considerably larger than the effective interfacial 

areas for absorption. In vaporization almost the whole interfacial area is effective and it is 



nearly equal to the wetted area, whereas for absorption semistagnant or siowiy moving 

parts of the Liquid s d a c e  are less efféctive than Eist moving parts. 

To take into account the dependency of wetted surfàce area on liquid sufice 

tension and surface energy of the packbg materiai, Onda et al. (1967) developed the 

following equation for wetted axa: 

where oc is the critical surface tension of the packing and <r is the surface tension of the 

liquid. This wetted area was assumed to be equal to the effective interfacial area by Onda 

et al. (1968) to develop the correlations for liquid and gas side mass transfer coefficients 

which were accurate within G O %  when compared to the data pubfished in the iiterature. 

A generaiked correlation for effective interfacial area for packed distiUation 

columns was developed by Bravo and Fair (1982). They calculated the effective interfacial 

area for mass transfer using the data bank of Bolies and Fair (1979) and the m a s  transfer 

coefficients correlations of Onda et al. (1968). The equation was successfùl for packed 

distillation columns but overpredicted the effective interfacial areas for absorption 

columns, because the correlation was largely based on distillation data where there is a 

higher effective interfacial area due to simultaneous vapor condensation and liquid 

bubbling. Also, the data bank of Bolies and Fair (1979) was for water as the only irrigating 

liquid. Water has a high surface tension and therefore a low effective interfacial area and 

hence a successfui correlation for effective interfacial area for absorption was not possible. 

Chernical methods of measuring effective interfàcial area and mass transfer 

coefficients are discussed by Sharma and Danckwerts (1970) who lïaed the chemical 

systems and the operating concentration ranges. Charpentier (198 1) has summarized the 

chemical methods and gave the conditions and detail calculation procedures to obtain 

effective interfacial areas and mass hansfer coefficients. Midoux (1984) measured the 



inteficial area and tiquid side mass m e r  coefficient in cocurrent down flow (trickle 

bed) reactors by absorbing C a  in amine solutions which foliowed fast chernicd reactions 

of pseudo m-nh order. Larachi et al. (1992) absorbed C@ in amine and glycol solutions 

under f~ pseudo-first order conditions to measure effective inteficiai areas. Lara- 

Marquez (1992) measured effeaive interfacd areas and iiquid side mass transfer 

coefficients in cocurrent dom-flow and cocurrent up-flow reactors by means of two 

chemical absorption systems: 0 2  absorption in aqueous sodium suifite solutioas, and CO2 

absorption in diethanolamine and ethylene-&col solutions. Although chemical methods 

. provided an easier way to obtain effective interfacial areas, a generaiized correlation for 

packed column countercurrent flow is not well establishd. This may be due to 

uncertainties in reaction kinetics and the reaction regimes which are very important for the 

calculation of effective interfacial areas using chernical methods. 

Since a generalized correlation for estimahg the effective intermal area for 

packed column absorption is not available, the wetted area is in general considered to be 

equal to the effective interfacial a m  The correlation proposed by Onda et al. (1967) for 

wetted are& given by Equation (4.1 1). is moa reliable since the mass transfer coefficients 

obtained using this equation were extensively tested with the literature data. 

4.1.3 Gas and Liquid Dispersion 

Dispersion (axial or radial) in packed columns can result fiom: molecular diffiision; 

velocity gradients; and mixing or eddy diffusion (Shenvood et al., 1975). h i a l  dispersion 

is usually undesirable since it causes degradation of the concentration gradient that would 

exist for plug flow (Vermulen et al. 1966) and results in reduced rates of mass transfer 

which necessitates a greater number of transfer units for a given separation. 'The mass 

transfer coefficients calculated with the plug flow assumption are lower than the mie 

values because for a *en separation the concentration dnving force is higher for plug 

flow than that for dispersion flow. k a a l  dispersion describes a group of local effects 

which in principle occur d o d y  dong the path of fluid and is a diierent effect 

compared to those due to maldistribution of flow, or channeling. In packed wlumns radial 



dispersion is usudy desirable because it helps to achieve a d o m  concentration at a 

given cross section and thereby reduce the effect of axial dispersion. 

Carberry and Breton (1958) measured the axial dispersion of water flowing 

through a fixed bed by recording the dispersion of a puise input of dye at the exit, which is 

generally tenned the tr-ent respome technique. They found that the dispersion 

coefficient increases with an increase in Reynolds number. DeMaria and White (1960) 

carried out the transient response technique in an irrigated packing and showed that gas 

dispersion has a strong dependency on the liquid flow rate. Miyauchi and Vermeulen 

(1963) developed mathematical solution for countercurrent flow cases and presented 

equations to incorporate the axial dispersion. Sater and Levenspiel (1966) measured the 

dispersion in gas and liquid phases and developed correlations to show the effect of flow 

rates and p a c h g  geometry on the axial dispersion numbers of both phases. Gunn (1968) 

cornpiled the data published by various authors until 1968 for the dispersion in random 

bed of spheres. It was found that for axial mWng the iiquid Peclet number (uLdfiL) lies in 

the range 0.3-0.5 for Reynolds number (uLdpPL/pL) up to 100, and the gas Peclet number 

( u ~ d @ ~ )  was found to lie in the range 1-3 for the Reynolds number (uvdppv/p~) greater 

than 1. It was also found that the radiai dispersion coefficients were one order of 

magnitude smaller than the axial dispersion coefficients. Gunn and Pryce (1 969) measured 

the axial and radial dispersion coefficients in regular and random arrangements of particles 

of various sizes and found that the Peclet number is independent of packing sue. They 

also found that the diffusion equation can describe both axial and radiai dispersion in 

randorn packings: 

where c is the tracer concentration, t is the tirne, E is the dispersion number, x is the 

distance and u is the velocity. 

GUM (1969) derived an equation for gas phase and liquid phase mkhg based on 

probability theory which showed a good agreement with experimental results. Van Swaaij 



et al. (1969) came to an important conclusion by me&g the residence M i e  

disnibutions for the liquid phase in a column packed with Raschig rings for single phase 

and two phase flow. The r d t s  indicated that if the static holdup of a packed column is 

low in relation to the operating (dynamic) holdup, the spread in the residence times for the 

liquid phase in a packed column is very srnail and comparable to the dispersion of the 

flowing single phase. Bemett and Goodridge (1970) denved a mode1 which considers the 

concentration of tracer in terms of dynamic and stagnant regions of the Iiquid phase where 

the dispersion was assurned to occur by buk mi>ang in the dynamic region and mass 

transfer between the two regions. 

By measuring the axial mixing in a countercurrent gas absorption column Dunn et 

al. (1 977) found that the extent of liquid mixkg is greater than that of the gas phase. Gas 

phase dispersion was found to be significantly highw in a two phase flow system 

compared to a single phase flow syaem, whereas the dispersion in the liquid phase was 

only slightly afTected by the presence of the gas phase. Under conditions of countercurrent 

flow the gas phase dispersion was found to increase with increasing gas and liquid flow 

rates whereas the Liquid phase dispersion decreased with liquid flow rate and was 

independent of gas flow rate. The apparent decrease of liquid phase dispersion noted with 

increasing liquid rate was due to the disappearance of stagnant liquid regions with an 

increase in turbulence. 

Gunn (1987) correlated axial and radial Peclet numbers (udfi) with Schmidt 

(pl@) and Reynolds (u&p/p) numbers for beds of sphencal and cylindrical particles. 

Dispersion experiments in a high pressure system were carrieci out by Tan and Liou (1989) 

who measured the axial dispersion coefficient for supercritical carbon dioxide in a packed 

bed. They showed that axial dispersion increases with an increase in pressure, interstitial 

velocity and the packed particle diameter and decreases with an increase in temperature. 

A review paper by Shah et al. (1 978) Iists published dispersion data and system 

conditions, and outlines numerous techniques for measurîng residence time distriiution of 



phases in a multiphase colurnn. They evaluated several backminng models and b a c M g  

characteristics of various gas-liquid contactors such as trickle beds, spray columns. 

mechanidy agitated columns, plate columns, and fluidized bed columns; and presented 

criteria for eliminating the effect of backmixing in packed columns. 

Although axial dispersion is detrimental to the performance of a packed column, 

most investigators developed th& rnass transfer correlations with the assumption of plug 

flow. The reasons are: 

To account for the dispersion, the dispersion coefficients need to be measured or 

calculated for a given system under specinc operating conditions. This requires 

accurate tracer concentration measurements for both the gas and liquid phases in a 

countercurrent flow system or selection of the proper correlations to calculate those 

values. which in general are diicult to accomplish. 

To incorporate axial dispersion in the mass transfer coefficient, a fairly complex 

second order dserential equation needs to be solved which has boundary conditions 

representing a discontinuity in solute concentration at the inlet, and an asymptotic 

approach to the concentration at the exit. 

It has been shown that mass transfer coefficients calculated with the assumption of 

plug flow leads to values which are only 5% less than the tme values. 

The innuence of axial dispersion on mass transfer coefficients has been studied by 

few researchers. Britten and Woodbum (1966) with the absorption of carbon dioxide fiom 

nitrogen into water showed that the tme (with axial dispersion) overail liquid side mass 

transfer coefficients (KLa) were about 5% greater than the apparent (with plug flow) 

overall liquid side mass transfer coefficients. Increase in the liquid flow increased 

backmixing in the gas which caused a larger difference. Relatively high degrees of gas 

phase mixing under the countercurrent flow of liquid enable one to neglect the influence of 

liquid phase dispersion on the mass transfer coefficient. Their results showed that the 

effect of axial dispersion on the penormance of the column was small under experimentd 

conditions, however the effect may become signifiant for industrial flow rates. 



Mathur and Weliek (1976) confinneci the relative unimportance of axial muring in 

the liquid phase compared to the gas phase. From experimental results on the absorption 

of carbon dioxide fiom Ntrogen into water they showed that neglecting axial dispersion 

will cause only a smaii change Oess than 5%) in the caldated values of mass transfer 

coefficients. The studies of Britten and Woodbum (1966) and Mathur and Weilek (1976) 

were made with the stee-date technique, where the of axial and radial concentrations of 

the solute in the column were directly measured during the absorption. The study showed 

that axial mi><ing in gas phase decreases with an increase in gas flow rate, wtiich is in 

contradiction to the eariier measurements using m i e n t  response techniques. 

To summarize the discussion on dispersion in a packed column with 

countercurrent gas and liquid flow: 

1) Liquid phase axial mixing decreases with an increase in liquid flow rate and is fairly 

independent of gas flow rate. 

2) Gas phase axial mixing increases with an increase in Liquid flow rate and the 

dependency on the gas flow rate is not yet confirmed. 

3)  Axial mWng in the liquid phase is considered to be negiigible compared to that in the 

gas phase. 

4) The effect of gas phase axial mixing on the calculated values of mass transfer 

coefficients is less than 5%. 

4.1.4 Liquid Distribution 

When a liquid flows down through a packed tower, the distribution of Liquid over 

the cross-section of the tower at any point in the tower is not uniform for two reasons. 

Firstly, the liquid streams tend to follow certain courses in preference to others 

(channeling) and thus give uneven distribution. Secondiy, there is a tendency for the Liquid 

to spread in a definite way towards the walis of the tower resulting in a greater proportion 

of liquid in the outer zones of the tower cross-section than in the inner zones. This is 

normally termed the "wall effect". Wall effect has considerable importance in the design of 



packed towers, since a deficiency of Iiquid at the center of the packing necessitates a 

higher tower than that caldated assuming unifonn liquid distribution. 

Early experiments on liquid distribution in a packed column were camed out by 

Scott (1 93 5) and Baker et al. (1 93 5) who observed the preferential £iow of liquid along 

the wall. Scott (1935) confirmed wail effects with Raschig ring packing and observed that 

Liquid didu not flow away from the w d s  because of the characteristic orientation of the 

packing adjacent to the wall even in dumped packing. Baker et al. (1935) performed 

experiments to determine the naturai course of liquid flow in packed towers of a range of 

sues, and for variety of packing materials. 

There are two popular models proposed to explain liquid distribution: 

1) Random wak model (Chila and Schmidt, 1958) - This assumes that each liquid packet 

moves independently of other Liquid packets. 

2) Rivulet model (Porter, 1968a) - This assumes that liquid flows along preferred paths in 

the form of rivulets and the preferred path changes in a random marner as it descends 

through the packing. Coalescence takes place when the nose of one rivulet m s  into 

the path which has already been wetted by another nvulet. Both nvulets then run d o m  

the sarne path. If the nose of a rivulet runs into a particula. configuration and splits, 

iwo or more smaüer rivulets may be formed, each tracing out a separate path. 

The random walk model is expressed conveniently by a diffusion type equation and 

is given by: 

where Q is flow rate per unit area, z is the packed depth, r is the radial distance and S is 

the Iiquid spread factor. The nvulet model also results in the same equation if the number 

of nvulets is large (Porter, 1968a). 



Several investigaton have used different boundary conditions at the wall to sulve 

the above equatïon. Chila and Schmidt (1958) regardeci the waü as a perfea refiector: 

which is unsatisfhctory because it does not incorporate wall fiow term (W). Porter and 

Jones (1963) assumed that the iiquid flow in the vertical direction is proportional to the 

flow rate on the w d :  

Q[R.a = K W(=I (4.15) 

This boundary condition was M e r  rehed by Porter (19684b,c) in his rivulet mode1 to 

give a functional dependence to the flow rate on the wall: 

Although Equations (4.15) and (4.16) d o w  a f i t e  amount of liquid on the wall, 

they do not d o w  arbitrary change in the liquid flow on the wail at any value of the packed . 

depth. Dutkai and Ruckenstein (1968, 1970) proposed a boundary condition by an 

analogy with the adsorption-desorption mechanism which is given as: 

This implies that the adsorption rate is proportional to Q&) and the desorption rate to 

W(rh and the dxerence between these quantities is equd to the arnount of iiquid 

transferred fiom the packing to the wall. 

To take into account the variation in liquid flow rate dong the wall, a new 

equation for the boundary condition was established by Onda et al. (1973): 

which impiies that the wall flow rate W;,, which is in equilibrium with the liquid flow rate 

in the vicinity of the w d ,  Q&,, and that the penetration of the liquid into the wall region 



takes place because of the driving force between the equilibrium wall flow rate Wk, and 

the practicai wd flow rate W(=,. 

Gunn (1978) proposed new boundary conditions based on ciifferences in 

permeabmty between the wail and bulk region where the field of redistribution was 

assumed to be isotropic. Farid and Gunn (1978) tested the theory with theu experimental 

results. The theory was later modified by Gurm and Ai-Saffar (1993) for anisotropic 

redistribution and was teaed with experimental results. 

AU of the experiments mentioned above were for single phase flow of pure water 

except for those of few investigators who observed the effect of countercurrent gas flow 

and the surface tension of the liquid. Baker et al. (1935), Dutkai and Ruckenstein (1970) 

and Farid and Gunn (1978) used countercurrent flow of air in their experiments and Onda 

et al. (1973) performed experiments by varying the surface tension of water with a non- 

foarning surfactant. 

To surnrnarize the findings on liquid distribution: 

1) For a fked tower diameter and rate of liquid flow, increasing the size of packuig 

favors an increase of liquid flow rate dong the waü. The disuibution becomes irregular 

resulting in channeling with larger sizes of packing (Scott, 1935). To achieve a fairly 

unifonn distribution with no marked tendency to channel Baker et al. (1935) 

recommended a column diameter to particle diameter ratio of at least 8: 1. However, 

uniform distribution was achieved at lower column to particle diameter ratios with 

spherical packings. 

2) The shape of the packing is also an important factor in the determination of the waü 

effect (Porter and Jones, 1963). The wall effect with Pal1 rings and Berl saddles was 

seen to be much smder than that for Raschig rings. P d  rings maintain an initidy 

good liquid distribution because of a small tendency of the Liquid to spread, whereas 

Berl saddles, because of their shape, retum liquid from the wall eEectvely. 



The amount of liquid flowing dong the w d  increases with column length and W y  

reaches a constant value where distribution becomes practically constant with the wall 

flow rates ranging from 10 to 60% of the total liquid flow. When gas flows 

countercurrent to a liquid CO-t distribution of the fiows is achieved over a shofier 

distance and the amount of liquid flowing on the wd decreases (Dutkai and 

Ruckenstein, 1 970). 

For pure water (a = 73 dynes/cm) the proportion of the wall flow rate to the total flow 

is maximum at low liquid flow rates and decreases with the Liquid flow rates, whereas, 

for water with surfactant (a = 47 dynedcm) the value is minimum at Iow liquid flow 

rates and inaeases with iiquid flow rates (Onda et al., 1973). This is because Liquid 

with lower surface tension is more liable to wet the packing than pure water, so that 

the proportion of wall flow is srnall for lower Liquid rate that increases with liquid rate. 

Liquid with lower surface tension has a lower liquid spread factor (S) and lower wail 

effect coefficient (C in Equation 4.18) which means that the wall flow builds up more 

slowly and the arnount of w d  flow will be lower at constant distribution of the flow. 

The boundaq conditions by Porter and Jones (1963) and Porter (1968a,b,c), given by 

Equations (4.15) and (4.16) respectively, seem to overpredict the wall flow by about 

20% whereas the boundary conditions by Dutkai and Ruckenstein (1968) and Onda et 

al. (1973), given by Equations (4.17) and (4.18) respectively, showed good agreement 

with experirnental results (Onda et al., 1973). 

4.1.5 Literature on High Pressure Mass Transfer Data 

The published literature on high pressure mass transfer data are limited to 

pressures less than 5 MPa and cocurrent fiow of gas and liquid in application to trickie bed 

hydrotreaters. For cocurrent down flow of gas and iiquid at hi& pressure, a review paper 

by Al-Dahhan et al. (1997) discusses the flow regime transition, liquid holdup, gas-liquid 

intefiacial area and mass transfer, catalya wettïng efficiency etc. Based on the study of 

interfacial area by Warnmes et al. (1991), Larachi et ai. (1992) and Lara-Marquez et ai. 

(1 W2), and on liquid side volumetric mass transfer coefficient @=a) by Lara-Marquez et 

al. (1992) they made the foilowing observations: 



(i) Effect of pressure on the Iiquid side mass transfer coefficient &) could not be 

assessed with the available limited i n f o d o n .  

Ci) For gas superficial velocity l e s  than 1-2 cm/s the effective interfacial area does 

not depend on the gas density. 

(iii) For gas velocities larger than 1-2 c d s  and at a given liquid velocity, the 

effective interfacial area increases when pressure is Licreased. 'This was 

explahed by two postdates: 

a) Due to shear intensification the liquid trickling films are invaded by tiny 

bubbles whose sire results fiom a balance between viscosity and 

surface tension. The fonnation of such bubbles enhances the inteficial 

area and the volumetric mass transfer coefficient. 

b) The iiquid film thickness at a fixed liquid mass velocity decreases with 

pressure and gas velocity where the shear stress on the gas-liquid 

interface increases. This results in an improved spreading of the iiquid 

film over the extemal packing area, making them more wet and at the 

sarne time increasing the effective interfacial area. 

Although published mass transfer correlations are used extensively to design 

commercial scale towers operating at near atmospheric pressures, they may not be 

accurate for the design of hi& pressure absorption columns. Since the mass transfer data 

for countercurrent flow at pressures more than 5 MPa were not available, an attempt was 

made to obtain these data with a systern identical to the sponge oil absorption process. 

4.2 Design and Testing of the Absorber Column 

Factors such as dispersion, liquid undersaturation, liquid distribution and end 

effects in the column play important roles in the measurement of mass trader coefficients 

from the apparatus. It is essential to know the magnitude of those factors and how they 

influence the measured mass transfer coefficients. 



4.2.1 Dispersion 

An attempt was made to measure gas dispersion in the absorber wlumn. The 

objective was to obtain dispersion data fiom the apparatus at high pressures and compare 

the data to pubiished results. Tan and Liou (1989) rneasured dispersion coefficients for 

supercritical COz in a 2.12 cm column packed with 2 mm gtass beads for interstitiai 

velocities of 0.00 1 to 0.1 cm/s in the pressure range 60.8-14.2 MPa. They observed low 

dispersion coefficients (E) in the range of 0.0001 - 0.01 cm2/s and Peclet numbers (dpulE) 

in the range of 0.6-2.7. 

A long absorber with inside diarneter of 1-58 an was packed to a height of 48 cm 

with 2 mm glass beads and used to masure dispersion coefficients. The dispersion 

measurement was based on transient response technique (Section 4.1 -3). A carrier gas 

helium was introduced at 14 a d  Uh into the absorber at 3.54 MPa without any iïquid 

flow. The void fiaction of the bed was 0.43 and the interstitiai velocity, u, was 0.14 c d s .  

Nitrogen was used as a pulse input to the absorber. The necessary piping and connections 

were made at the absorber inlet to give a pulse input of 1.67 cm3 volume at 3.54 MPa 

without disturbing the carrier gas flow. The amount of nitrogen injected was 2.41 x 10" 

mol. The concentration of the nitrogen in the exit gas was rneasured with a gas 

chromatograph using heiium reference gas. Measurements of nitrogen in the exit gas were 

taken every 0.5 min. îhe analysis was carried out until the niaogen concentration in the 

exit gas was less than 0.5% of the total amount. To calculate the dispersion coefficients, 

the moments method (Levenspiel 1974) was used. The mean of the concentration 

distribution O is given as: 
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where Z is the height of packing and C is the concentration of the tracer in the exit gas. 



The variance of the concentdon distribution is given by: 

m 

and the dispersion number @hZ) oui be obtained fiom: 

Equation (4.21) was solved for the dispersion number ( E / d )  and the Peclet 

number dpuE was then deterrnined. The calculated values of Peclet numbers were two to 

three tirnes smder than those pubiished by Tan and Liou (1989) indicating a significant 

dispersion. However, the high dispersions were not due to dispersion in the packed 

section, but mixing in the empty section of the absorber and at the control valve. The flow 

path of the gas included not only the packed section of the absorber but also the empty 

section, the volume of which was about 50% of the packed volume. This empty section 

could not be eliminated because of the type of piping and fittings used which introduced 

enhanced dispersion due to molecular diffusion (Sherwood et al., 1975). The back 

pressure conno1 valve introduced significant mbhg as well (Sherwood et ai., 1975). This 

indicates that accurate measurements of dispersion is possible only when the tracer 

concentration is measured just above the packing height in the column. 

Mi>ong in the empty section of the absorber and in the control valve do not 

influence the calculated values of the mass transfer coefficients since the liquid and gas 

contacting occurs only in the packed section. Since the effect of dispersion on the 

measured mass transfer coefficients in the packed section is nonnally less than 5% 

(Section 4.1.3), dispersion was negiected in the calculation of mass transfer coefficients. 



4.23 Liquid Undersaturation 

To obtain reliable mass transfer data it is essential that the liquid IeaWig the 

absorber be undersatuarated. If the liquid leavhg the absorber is satwated with gas it 

rneans there is a dead volume in the column where rnass traTISfer is not possible, and this 

dead volume is unknown which codd be a few millimeters or a few centimeters. 

For the mass transfer experirnents a 40 cm high absorber with inner diameter of 

1.58 cm was used. Liquid was coliected in the lower 15 cm of the absorber. Above the 

liquid collection section, the absorber was packed 20 cm high with 4 mm diameter glass 

beads. The experiments were carried out at 10.44 MPa with methane as a feed gas and 

toluene as a c o n t a h g  liquid and using higher gas and liquid flow rates than those used in 

the solubility measurements. It was f o n d  that the toluene leaving the absorber was still 

saturated with methane, and therefore the iiquid flow rates were increased. Even at the 

upper limits of the instruments liquid saturation was still obsewed. Thus, the packing 

height was reduced to 15 cm and sllnilar experirnents were carried out. The Liquid was 

then found to be undersatuarated by oniy 2%. Since undersaturation of at least 5% was 

desired, the packing height was reduced to 10 cm and the desired undersaturation was 

ac hieved. 

4.2.3 Liquid Distribution 

It is recommended in the literature that the absorbers be designed with a column 

diameter to packing ratio greater than 8 (Baker et al., 1935), therefore the 4 mm glas 

spheres were replaced with 2 mm glass spheres. However, the mns with smaller beads 

were not successfùl because of flooding in the colurnn. The use of 3 mm glass spheres 

caused similar problems for the smooth operation. Therefore, finally it was decided to 

retum to the 4 mm glas spheres for which steady-state operation was possible without 

any flooding problems. Increasing the column diameter to satisfy the condition of the 

column diarneter to packing diameter ratio greater than 8 was not feasible because it 

necessitated gas and iiquid flow rates which were well above the upper ranges of the 

process instruments. Wall effects due to the low column diameter to particle diarneter 



ratio were assumeci to be negligible because of the spherical packing, the low d a c e  

tension of toluene and counterairrent gas flow (Section 4.1 -4). According to h a c h i  et al. 

(1992) who used a s m d  scale column with column to particle diameter ratio of 6, the w d  

effects do not play an important role especially when the operation is plug flow. By 

comparing the results of column to particle diameter ratio of 6 to the resdts of ratios 8 

and 27 they justified their conception. 

A 0.49 cm inside diameter tube was used to distribute the liquid over the packing 

in the 1.58 cm 1.D absorber colurnn. To co&m that the liquid was uniformly distributed, 

a visual observation was made by flowing toluene with dye at atmosphenc pressure down 

through a 1.6 cm I D  plexiglass column packed with 4 mm glass spheres to a height of 10 

cm, and it was found that the iiquid distribution was f&ly uniform. 

4.2.4 End Effect. 

End effects were possibly present due to the spray zone at the absorber top (the 

region between the liquid distributor and the top of the packing) and at the absorber 

bottom (the region between the bottom of the packing and the liquid pool). These end 

effects are especidy important in shon columns because they can significantly contribute 

to the total arnount of absorption. In the apparatus the liquid inlet port was maintained at 

1 cm from the packing section so as to reduce rnass transfer in the spray zone at the top, 

therefore absorption in this zone was neglected. It was not possible to reduce the bottom 

spray zone because the location of the gas line was fixed in-between the bottom of the 

packed bed and liquid pool. The minimum distance between the bottom of the packed bed 

and the iiquid pool that could be achieved was 4 cm, and therefore it was necessary to 

estimate the absorption contribution of this zone. Accordingly, experiments were 

performed at 10.44 MPa with constant liquid and gas flow rates with bottom spray zone 

heights of 4 cm, 6.5 cm and 9 cm for the absorption of methane in toluene. The spray zone 

height was changed by changing the liquid pool level. Every centimeter length of the 

bottom spray zone contributed less than 0.25% to the total amount of gas absorbed. This 
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indicated that the 4 cm long bonom spray zone contnhted less than 1% to the total 

amount of gas absorber, and was therefore neglecîed. 

4.2.5 Hydrodynamic Conditions 

The foliowing are the hydrodynamic conditions of the absorber column for 

measurement of the mass transfer coefficients. 

Height of the packhg 

Column inside diameter 

Type of packing 

Packing diameter 

Superficial gas velocity 

Superficial liquid velocity 

Pressure drop in the column 

Void fiaction 

Total tiquid hold-up 

Flooding conditions 

10 cm 

1.58 cm 

glas spheres 

4 m  

1-4.5 mm/s 

0.5-3 mm/s 

c0.03 MPa (Measured) 

0.43 (Measured by counting and volume methods) 

0.04-0.07 (Calculated: Perry et al., 1984) 

<70% of flooding limit (Calculated: Peny et al., 1984) 

4.3 Mesurement o f  Liquid Side Mass Transfer Coeficient 

To obtain accurate values for the Liquid side mass transfer coefficient it is 

necessary to have a negligible resistance in the gas phase. Negligible or even zero 

resistance can be achieved if a pure gas is absorbed in a liquid, or if the gas is sparingly 

soluble in the liquid where the liquid phase resistance is dominating. Therefore, pure gases 

were absorbed in toluene to obtain Liquid side mass transfer coefficients. For the 

absorption of pure hydrogen in toluene, it was difncult to obtain signifiant and well 

dehed concentration changes as dissolved hydrogen concentrations were smd .  

Therefore, liquid side m a s  transfer coefficients were obtained using the much more 

soluble methane. 



Liquid side m a s  transfér expehents were carried out at pressures nom 3.54 to 

17.33 MPa and various iiquid flow rates at 295 K which are given in Appendix B. 1. The 

average material balance error for the methane molar flow rate was less than 0.55%. 

Insisnificant resistance on the gas side was confhmed since no efféct on the absorption 

rate was observed when the gas flow rate was increased. Since the separator pressures 

were not low enough to neglect the methane composition in toluene entering the absorber, 

the inlet and exit liquid methane mole fiactions were corrected accordhg to separator 

pressure. To carry out this correction, the separator contents were assumed to be at 

equilibrium, and the solubilities at separator pressures were obtained by extrapolating the 

measured values of high pressure solubilities to low pressures as given in Figure 4.1. In 

Figure 4.2, concentration of methane in absorber iiquid decreases as iiquid flow rate 

increases, as expected. This is a necessary condition for measurement of massi transfer 

coefficients, as it shows that iiquid is not saturated for the range of liquid ff ow rates shown 

(Peramanu and Pruden, 1 997b). 

Figure 4.1 Solubility of pure methane in toluene at 295 K 
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Figure 4.2 Variation of methane concentration in the exit Liquid with liquid flow rate 

-3.54 MPa 

-6.99 MPa 

-10.44 MPa 

-13.88 MPa 

-20.78 MPa 
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4.3.1 Log Mean Concentration Difference Equation 

The experimental volumeaic Liquid side mass transfer coefficients ( k; a) were 

calculated using a log mean concentration driving (LMCD) force equation: 

where Lm is the mean molar rate of liquid per unit area, ë, is the mean molar density of 

the liquid, Z is the height of the packed section, x, and x, are the inlet and outlet mole 

fraction of methane in toluene respectiveiy, and x, and x, are the equiïbrium values at 

the inlet and outlet, respectively, which are equal since the gas was pure methane. The 

experimental volumetric mass transfer coefficient was represented by k;a instead of k a  

because there was a finite mass transfer rate and a partiailar diffusion mechanim, the 

aspects of which will be discussed later. 



Figure 4.3 gives the variation of the volumetric liquid side mass aansfer 

coefficients (k;a) with Liquid rate for pressures fkom 3.54 to 17.33 MPa These 

coefficients increase with increase in Iiquid flow rate where the rate of increase is almost 

the sarne for all pressures. 

Figure 4.3 k ;a vaiues calcdated fiom log mean d n h g  force equation 

2000 4600 6000 8000 tWO0 

Liquid mass fiow rate (kg/&) 

4.3.2 Mode1 Differential Equation 

Methane absorption was quite high at hi& pressures, and therefore liquid molar 

flow rate increased significantly: 10% at 3.54 MPa, 20% at 6.99 MPa, 30% at 10.44 MPa, 

40% at 13.88 MPa and 50% at 17.33 MPa. Therefore, the log mean concentration driving 

force relationship (Equation 4.22) which assumes that the iiquid flow rate is the mean of 

the iniet and outlet molar flow rate may not be accurate. Therefore, absorption mode1 with 

methane mole fkaction as a dependent variable (Shenvood et al., 1975) was represented 

as: 



where C is the molar rate of methane in liquid per unit cross-sectional area, x is the 

equiliirium concentration of methane, z is the vertical position in the column packing, a 

is the liquid molar densày and L, is the molar flow rate of the liquid per unit cross- 

sectionai area. 

The integration was carried out from top (PZ) to bottom (A) of the column 

assuming a value of k ;a and using the initial condition that 1 = li. at z = 2. The k;a value 

was adjusted until the methane concentration in the exit Liquid matched the experimenîal 

vaiue. The value of L, was calculated using a material balance and the value of a 

calculated using the Peng-Robinson equation of state for each differential height during 

the integration. The values of k;a calculated by Equation (4.23) are given in Figure 4.4. 

They were found to be about 12% larger than those calculated f?om the log mean 

diifference relationship (Figure 4.3) at the highest pressure (17.33 MPa) where the changes 

in liquid molar flows were maximum (Peramanu and Pmden, 1997b). 

Figure 4.4 k t a  values calculated by solving mode1 ditfeentiai equation 
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4.33 Calcuiation of k; using Onda's Correlation for Wetted Area 

The values of k la  obtained fkom Equation (4.23) were used to obtain k; since 

they were more accurate than those obtained nom the log mean concentration merence 

equation. To calculate the values of k; nom experimental k a values it was necessary to 

know the effective interfacial area (a). Since a generalïzed correlation for effective 

interfacial area was not avdable in the literature, it was assumed that the e f f d v e  

interfacial area was qua1 to the wetted area (aJ. A well tested correlation for wetted area 

from the atmospheric pressure data by Onda et al. (1967) was used since a successful high 

pressure wetted area correlation was not available in the literature. 

The Onda's equation for wetted a r a  is given by: 

where a= is the critical surface tension of paclung. p, p, 

viscosity and surface tension, respectively. 

and a are the iiquid density, 

Liquid properties were calculated at the average concentration of the liquid in the 

column. Densities were calculated using the Peng-Ro binson equation of state (Peng and 

Robinson, 1976) and viscosities by using the generaiized multiparameter correlation by 

Chung et ai. (1988). The mixture surface tensions at high pressures were computed using 

the Macleod-Sugden correlation (Reid et al., 1987). The molar densities of vapor and 

liquid needed in Macleod-Sugden correlation were calculated using the Peng-Robinson 

equation of state. The equations and the values of the parameters for the calculation of the 

physical properties are given in Appendix C. The calculated values of wetted areas given 

in Figure 4.5 show that the wetted area increases with increase liquid flow and pressure, 

and the effea of liquid flow rate decreases at higher pressures. The uicrease in wetted 

areas with pressure was mainly due to decrease in liquid surface tension with higher 

concentrations of dissolved methane. The calculated values of k; given in Figure 4.6 are 

nearly independent of pressure. 



Figure 4.5 Calculated wetted areas using Onda's correlation 
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Figure 4.6 Dependence of k; on Liquid flow rate at various pressures 

0.6 , 

O 2000 4000 6000 8000 10000 

Liquid masr flow rate (kglm2h) 



4.3.4 Theoretical Treatment for 

To develop a generaiïzed 
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the Calculatecl k; Values 

mass m e r  coefficient correlation, it is important to 

ensure that the mass transfei ocairs under the conditions of equimolar counterdfision 

and low mass trader rates. In equimolar conterdiBision the net mass aansfer is zero 

because the transfer of molecules of one type in one direction is exady balanceci by the 

transfer of molecules of other type in the opposite direction. Under the conditions of low 

m a s  transf'er rates the composition profiles are not distorted by the difision of the 

components across the interface. The values of mass t rader coefficients which are 

obtained under these conditions are called "ided mas transfer coefficients" and are 

denoted by kL for the liquid phase and by kv for the gas phase. 

The experimental conditions were not necessarily equimolar counterdBÙsion and 

with low mass transfer rates. The mass transfer coefficients (k;) obtained were under a 

dif3erent diffusion mechanism and with high mass transfer rates. Therefore, to obtain ideal 

Liquid side m a s  transfer coefncients (kL) the experimental values were corrected for the 

diffusion mechanism using bootstrq correction and for the high mass transfer rates using 

hzghfrux correction derived ffom Maxweil-Stefan equations. 

To comprehend the sigdcance of bootmap correction and high flux correction, it 

is necessary to understand the definitions of mass transfer flux Ni and diffusion flux Ji, 

which are given below. 

4.3.4.1 M a s  Tninsfer FLUX (Ni) uid Diffusion Flux (Ji) 

If a species i travels with a velocity ui with respect to a stationary coordinate 

reference fiame, the molar mass transfer flux of that species Ni is defined by: 

N, = ciui (4.25) 

where s is the rnolar density and u; is the velociw of component i. 



The total molar mass transfer flux Nt is the sum of the individual molar fluxes and is given 

where C is the number of components in the mixture, ct is the mixture molar density and u 

is the rnolar average velocity defmed as: 

where xi is the mole Çaction of component i. 

ï h e  molar diffusion flux, Ji, which is the molar flux of species i relative to the 

molar flux of the mixture as a whole and is given by: 

where the molar average velocity u is chosen as a reference velocity. 

Since the sum of the molar diffusion fluxes of all species in a mixture must be equal to 

zero : 

The component mass transfer flux, Ni, is related to its diffusion flw<, Ji, by: 

N ,  = J ,  +c,u = J ,  + x , N ,  (4.30) 

4.3.4.2 Bootstrap Correction 

In practical applications values of Ni are needed because it is these flues that 

appear in the matenal balance equations. If we know the diffusion f lues  Ji, the mass 

transfer fluxes Ni cannot be r d i y  calculated because all C of these fluxes are 

independent, whereas only C-1 of the Ji are independent (Equation 4.29). Therefore one 

additional piece of information is needed to calculate Ni which is dictated by the context of 

the particular mass transfer process. The problem of deterrnining the N knowing the J is 



cded the bootstrap problem and for a system with C components the equation is given in 

a matrix forrn as by (Krishna and Standart, 1979; Taylor and Krishna, 1993): 

(N) = [PI (JI (4.3 1) 

where (N) is the column matrix of rnass d e r  fiwes with order C-1, (J) is the column 

matrix of molar diffusion fluxes with order C- 1. [BI is the square matrix of bootstrap 

coefficients with order C-1 xC-1 which is the correction for difision flux to obtain the 

m a s  transfer flux. 

For equzmolm counterdfision, where movement of the m o l d e s  of one (or 

more) species in one direction is exactly balanced by the movement of the molecules of 

other species in the opposite direction, there is no net change in the number of moles and 

therefore the total molar flux vanishes: 

N t  = O  (4.3 2) 

Therefore, for ail species in the mumire the component m a s  transfer fluxes equal the 

corresponding diffusion fluxes: 

N, = J ,  (4.33) 

This type of situation c m  arise in a distillation column when the molar heats of 

vaporization of the two components are equal, or where there is heterogeneous chernical 

reaction with no net change in the total number of moles. 

For Stefm dzfision, a stagnant inert component is present in the mixture. For a 

mixture in which the C' component is inert, Nc = 0: 

Nc = J c + x C N t  = O  (4.34) 

The total molar flux is, therefore, given by: 

- Jc N t  =- (4.35) 
Xc. 

which gives the individual molar fluxes as: 

k t i  



This type of situation can &se duhg absorption or condensation operations and when 

reaction takes place in the presence of inerts or diluents. 

For the situation offnedflux ratios the molar flux of each species is given by: 

N, = ziNt (4.3 7) 

where is the rnolar ratio of species i to the total molar flux. 

The molar flux of species Ni is, therefore, given by: 

This type of situation can &se in diffusion controlled heterogeneous chernical reactions 

where the reaction stoichiometry dictates the flux ratios, or in the condensation of 

mumires where the flux ratios are sometimes set equal to the condensate composition. 

A generalized equation for bootstrap coefficients cm be derived on the bais of the 

equation: 

where Vi is the deteniiinacy coefficienl 

Multiplying Equation (4.30) by vi and 

for the total flux given by: 

where the coefficients AI, are defined by 

of the component. 

summing over ali the species resdts in an equation 



Substituting Equation (4.40) for Nt into Equation (4.30) the molar fiuxes for the C-1 

species are then given by: 

where each p& is defined by: 

Pt = 6+ -x iAr  

where 6ik is the Kronecker delta fiindon aven by: 

6, = 1  for i = k  and 6 , = O  for i * k  

The total molar flux can be represented in C-1 dimension ma& form by: 

N, = - ( A ) ~ ( J )  (4.45) 

where superscript T stand for the transpose of the matrix and (A) is the coefficient rnatrk 

of order C-1 . The individual molar flux can be represented as: 

(NI = [Pl (J) (4.46) 

where [Pl is the square matrix of order C-1 which is given by: 

[Pl = P l  - (x) (~) '  (4.47) 

where [6] is the square matrix of the Kronecker delta function with order C-l . 

For equzmohr comîercù~sion al1 vi are equal, that is: 

v, = v, for i = 1,2 ,...... C-1  

and the bootstrap coefficients are given by: 

P* = 6* 

For Stefm dzjfkszon all the vi values are zero except for the one species with zero 

flm. If the stagnant species is C, then, Nc = 0: 

v , = O  f o r i = 1 , 2  ,...... C-1 and v,+O (4.50) 



and the bootstrap coefficients are @en by 

For fned flux ratios, by using Equatiow (4.38) and (4.42) the bootstrap 

coefficients are expressed as: 

Once the values of bootstrap coefficients are known the mass t d e r  fluxes can be 

readily calculated ffom the d i s i o n  fluxes or vise versa using Equation (4.46). 

4.3.4.3 High FLUX Correction 

High flux corrections can be obtained by solving the Maxwell-Stefm equations for 

a multicomponent systern with the assumption of thermodynarnic ideality of the phases. 

The Maxwell-Stefan relations are developed on the bais  of momentum balance equations 

for moledes where the coüisions are considered to be elastic. In elastic collisions two 

bodies collide and move apart again with conservation of both momentum and kinetic 

energy. If two molecules of the same type collide, then there is no net loss of momentum 

of the molecules of that type, altematively if molecules of Merent types collide then one 

gains momentum and other loses momenturn. For a multicomponent nonideal system the 

Maxwell-Stefan relationship for diffusion of species i is given by: 

where di is the mass transfer driving force for the species i in the mixture; B i  is the 

MaxweU-Stefan dfisivity representing an inverse of the drag coefficient; u and uj are the 

velocities of species i and j, respectively; and xi and xj are the mole fiactions of the species 

i and j, respectively. ïhe Maxwell-Stefan difisivity Bi, is equal to b i n q  Fick diffusivity 



Di for ideal syaems. Since moa published &sivity correlations are developed with data 

obtained with nearly ideal or dilute systems the difisivity term in the correlations can be 

regarded as MaxweU-Stefan difisivity. 

For an ideal system the driWig force can be represented in terms of mole hctions. 

By elimuiating the velocities using the definition of individual molar fluxes, N,- ~ u i ,  the 

Maxweli-Stefan equation for an ideal system can be represented as: 

where Vx, is the mole fiaction gradient for species i. 

The exact solution of the Maxwell-Stefan equations (Knshna and Standart, 1976; 

Krishna and Standart, 1979; Taylor and Knshna, 1993) gives an expression for the high 

flux correction factor. For molecular diffusion under steady-state conditions in a planar 

film between the position coordinates r = ro and r = r, , where the thickness of the film is 

- r, , the Maxwell-Stefan equation is given as: 

Since the mole fiactions should add up to unity, xc can be elirninated ffom the 

equation resulting in equations (Krishna and Standart, 1976; Krishna and Standart, 1979; 

Taylor and Krishna, 1993): 

where q is a dimensionless distance defined by: 



The coefficients Y. and Yi are defïned by: 

\ 

and 

Yi, = -Ni 

and W; fkom Equation (4.56) is dehed by 

where i=1,2.. . . . .C-1 and j=1,2 ,... . X - 1 .  

Equation (4.56) is written in C-1 diensional rnatrix fom as: 

where [Y] is a square matrix of order C-1 which is cded the rate factor rnatrk and (w) is 

a column matrix of order C- 1 .  

The boundary conditions of the film mode1 are: 

Equation (4.61) represents a set of linear differential equations since ct, Ni and Bi, 

are constant. The solution in C- 1 dimensional matrix form (Krishna and Standart, 1 Wh; 

Krishna and Standart, 1979; Taylor and Krishna, 1993) is equal to: 



For one dimensional ditrusion, the MaxweU-Stefan relations for an i d d  

thermodynamic system can be written in tems of d a s i o n  fluxes: 

where [B] is the multicomponent Maxwell-Steh diffbsion coefficients matrix. 

Therefore, diffùsion fluxes at q=0, Jio, are: 

and the d ï s i o n  fluxes at q=l, Ji& are: 

where [a] is the correction factor matrix evaluated at q=0 which is given by: 

[zo]= ['a[ex~[y]- [ Ir' (4.67) 

and [s] is the correction factor ma& evaluated at q=l which is given by: 

[ ~ o ] = [ y ] [ e ~ ~ [ ~ ~ [ e ~ [ ~ ] - [ ~  II-' = [ ~ o ] [ e x ~ [ y ~  (4.68) 

By knowing the correction factor matrix the high diffusion fluxes can be obtained 

from the low diffusion fluxes or vise versa fiom Equations (4.65) or (4.66). 

4.3.4.4 Combined Bootstrap and High Flux Correction 

The actual mass transfer fluxes can be calculated fkom low di is ion fluxes by 

applying bootstrap correction and high flux correction which are given by. 

where [kg] represent the experhental mass transfer coefficient, [Bo] and [Ps] are the 

bootstrap matrices evaluated at ?=O and q==1 respectively, b] and [b] are the ideai mass 

transfer coefficients mairices represented by: 



4.3.4.5 Caiculation of Ideai Liquid Side Mass Transfer Coefficient 

The values of ideal Iiquid side rnass transfer coefficients &) were calculated from 

the experimenral Liquid side mass transfer coefficients (k; ) by knowing the bootstrap and 

high flux correction factors for the system. 

Methane absorbed in toluene consthtes a binary system and therefore the 

bootstrap and high flux correction matrices will have only one element. Since toluene did 

not appear in the gas phase the molar flux of toluene was zero (Stefan diffusion). For a 

binary mixture of methane and toluene where Nfii, 4 the bootstrap coefficient in the 

buk liquid (at r = r, ) can be obtained fiorn Equation (4.5 1) and is: 

where average values of mole fiactions were used, and were E = (x, + x,, ) 1 2 . 

The rate factor coefficient is obtained from Equation (4.58): 

where x k ,  is the equilibrium mole &action of methane. 

To calculate the high flux correction factor in the buik iiquid Equation (4.68) was used 

since the mass transfer in the liquid side was &om the interface to bulk liquid, and is given 

by : 



The values of the ideal mass &er coefficient 4 was obtained fkom the 

experimental mass transfer coefficient k; using Equation (4.69) which c m  be written as: 

Equation (4.74) is irnplicit in kL since 5 is also a h a i o n  of kt. Therefore, the successive 

substitution method was used to solve for kL. Figures 4.7, 4.8 and 4.9 show the 

dependence of the Ba 5 and kL values on liquid flow rates, respectively, for various 

pressures. The bootstrap coefficients gîven in Figure 4.7 and the correction factors given 

in Figure 4.8 were found to lie in the range fiom 1 to 1.2 and were nearly constant over 

the range of Liquid flow rates studied, however, the values increased with increase in 

pressure. 

Figure 4.7 Bootstrap correction factor for liquid phase 
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Figure 4.8 High flux correction factor for liquid phase m a s  m e r  
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Figure 4.9 Calculated ideal Liquid side mass transfer coefficients 
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Comparing Figure 4.6 with Figure 4.9, it can be observed that the ided mass 

transfer coefficients (kù were lower than the experimental mass transfer coefficients ( k; ) 

by approxhately 7% at 3.54 MPa, 14% at 6.99 MPa, 21% at 10.44 ma, 28% at 13.88 

MPa and 35% at 17.33 MPa. 



43.5 Generalized Correlation for Ideal Liquid Side Mass Transfer Coefficient 

In the previous sections the ideal liquid side mass trander coefficients were 

calculated fkom the experimental liquid side mass transfer coefficients by correcting for 

diffusion mechanism and for high rnass transfer rates. These ideal kL can be used by 

designers who has to apply the corrections for diision mechanism and high mass transfer 

rates in the liquid phase according to the situations in their system. To make use of the 

calculated ideal kL values a correlation was developed using a form of the equation 

proposed by Onda et al. (1968). The equation is: 

where A and B are constants which need to be calculated from the experimental data. 

Onda's fom of equation was considered because it considers ail the dimensionless groups 

influencing the Iiquid side mass transfer coefficient and is very well justined (Section 

4.1.1.1). 

The values of iiquid density, liquid viscosity and werted arw a, were calcuiated 

as explained in Section 4.3.3. The iiquid difisivities of components at inhite dilution 

were calculated using the correlation by Wong and Hayduk (1990) and were corrected 

using Vignes concentration correlation (Reid et al., 1987) which is given in Appendk C. 

Figure 4.10 shows the variation of correlation fiindon with the liquid Reynolds 

number. The constants A and B appearing in Equation (4.75) were found to be 0.0149 and 

0 -3 3 6,  respectively, resulting in the correlation: 

The equation correlated the experimental low flux mass transfer coefficients with 

an average deviation of tess than 4.5%. 



Figure 4.10 Correlation for ideal liquid side m a s  transfer coefficient 

4.3.6 Discussion of Liquid Side Mass Transfer Coefficient Results 

The atmospheric correlation for ideal Iiquid side mass transfer coefficients by Onda 

et al. (1968) (Equation 4.5) underpredicted the experimental values by about 50% in the 

range of Reynolds nurnber 1-10. This may be due to one or more of these rasons: the 

individual liquid side mass transfer coefficients may have a different fiuictional dependency 

at pressures remote nom the atmospheric conditions; the assumption that eEective 

interfacial area is equal to wetted area may not be valid; or the wetted area correlation 

developed at atmospheric conditions may not be applicable at high pressures. 

In the range of experimental Reynolds nurnben the liquid side mass transfer 

correlation developed here is more reliable than pubfished correlations for high pressure 

conditions if the designer calculates the effective inteficial area using Equation (4.24). 

Until the correlation is tested for higher Reynolds numbers the correlation shouid be used 

with caution for Reynolds numbers exceediig 10. 



4.4 Measuremeat of Gas Side Mass Trader Coefficient 

To accurately meanire the gas side mass transfer coefficient only, the liquid side 

resistance must be negligible. Obtaining negligible liquid side resistance with a system 

similar to sponge oil absorption was not possible. However, the correlation for iiquid side 

mass ûansfer coefncient was already developed, so that gas side m a s  transfer coefficients 

could be calculateci £tom the measured overall mass transfer coefficients. These were 

measured for the absorption of a mixture containùig 73% hydrogen and 27% methane in 

toluene at pressures nom 6.99 to 17.33 MPa (Peramanu and Pmden, 199%). The 

experimental results are given in Appendix B.2. The average material balance error for 

hydrogen flow rate was lus  than 0.26% and for methane l e s  than 0.71%. It was possible 

to maintain near atmosphenc conditions in the separator, therefore lïquid entering the 

absorber was assumed have no absorbed gases present. The equiiibriurn values required 

for the mass transfer coefficients calculations were obtained ffom the solubility 

experiments and are given in Figure 4.1 1. 

Figure 4.11 Solubility of binary gas containing 73% Hz and 27% Cl& in toluene at 295 K. 
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Figures 4.12 and 4.13 give the variation of hydrogen and methane compositions in 

the exit gas as a fiinction of liquid and gas flow rate respeaively. 

Figure 4.12 Variation of hydrogen and methane compositions in the exit gas with Liquid 

flow rate 
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Figure 4.13 Variation of hydrogen and methane compositions in the exit gas with gas 

flow rate 
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For a fixed pressure and gas flow rate (Figure 4-12), hydrogen pudy increased 

with an increase in the liquid flow rate because the methane absorption rate was higher 

than that for hydrogen. For a fixed pressure and Iiquid flow rate (Figure 4-13), hydrogen 

purity decreased with an increase in the feed gas flow rate, which was expected because of 

decrease in gas residence tirne. 

Figures 4.14 and 4.15 gÏve the hydrogen and methane compositions in the exiting 

iiquid as a function of Liquid flow rate, respectively. Figure 4.16 and 4.17 show the 

variation of hydrogen and methane compositions in the exit Liquid with gas flow rates, 

respeaively. Hydrogen and methane concentrations decreased with ïncrease in Liquid flow 

rate (Figures 4.14 and 4.15) because of decrease in liquid residence tirne, and the 

concentrations increased with increase in gas flow rate (Figures 4.16 and 4.17) because of 

increase in absorption rates. Pressure increased the hydrogen and methane concentrations 

because of higher absorption rates at higher pressures. 

Figure 4.14 Variation of hydrogen composition in the exit liquid with Liquid flow rate 
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Figure 4.15 Variation of methane composition in the exit liquid with Liquid fiow rate 
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Figure 4.16 Variation of hydrogen composition in the exit liquid with gas fiow rate 
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Figure 4.17 Variation of methane composition in the exit liquid with gas flow rate 
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4.4.1 Log Mean Concentration Daference Equation 

For all experiments, the liquid molar flow rate changed by less than 13% and gas 

molar flow rate changed by l e s  than 18%, so that using mean molar flow rates in log 

mean concentration driving force equation gave SufEciently accurate results. The solutions 

of simultaneous mass transfer dserential equations to account for change in the liquid and 

gas molar flow rates resulted in iiquid side mass transfer coefficients which were only 

1.6% larger and gas side mas transfer coefficients which m e  only 2.2% larger than 

those obtained using the log mean concentration dSerence equations. Based on these 

results, the overd volumetic Liquid side mass transfer coefficients ( K k a )  were 

calculated from (Peramanu and Pmden, 199%): 

( x i - x ,  ) 

and the overall volumetric gas side mass transfer coefficients (KL,a) were calculated 

using : 



where x and y represent the mole fiaction of component in liquid and gas respectively, x* 

and y* represent the equilibrium values of component in Liquid and gas respectively, cm 
and Tm ;epresent the mean liquid and gas molar rates per unit area, respectively, and EL 

and Et,, represent the mean molar density of liquid and gas, respectively. 

Figures 4.18 and 4.19 show the variation of KLa  for hydrogen and methane with 

Liquid and gas flow rates, respectively. The vdues increased with an increase in both gas 

and liquid flow rates, however, the eEect of flow rate was less pronounced at higher 

pressures. The values of K,,a for hydrogen were higher than those for methane because 

of higher disivities of hydrogen in toluene than methane in toluene. Figures 4.20 and 

4.21 show the variation of K,,a for hydrogen and methane with Liquid and gas flow 

rates, respectively. ï h e  values increased with an increase in flow rates and the egea 

seemed to decrease at higher pressures. The K,,a values for hydrogen were lower than 

those for methane. This cm be explained on the bais of a relation of overall gas side and 

overd liquid side mass transfer coefficients given by: 

where M is the equilibrium ratio (y/x) of the component. The K,,a values for hydrogen 

are higher than those for methane, however the K,,a for hydrogen were lower. This was 

expected as the equilibrium ratio (M) for hydrogen in toluene is much larger than that for 

methane in toluene. 



Figure 4.18 K,,a values for hydrogen and methane as a funaion of iiquid flow rate 
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Figure 4.19 K&a values for hydrogen and methane as a function of gas flow rate 
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Figure 4.20 K,,a values for hydrogen and methane as a bct ion  of liquid flow rate 
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Figure 4.2 1 K,,a values for hydrogen and methane as a fiinction of gas flow rate 
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4.4.2 Calcuiation of KL and Kiv ushg Onda's Correlation for Wetted Ana 

The d u e s  of Kk and K i v  were calculateci fiom K,,a and Ki,a values by 

assuming that the effective area (a) was equal to the wetted area (G) @en by Onda et 

a1.k (1967) correlation as explained in Section 4.3 -3. The calailated wetted areas given in 

Figure 4.22 increased with increase in liquid flow rate and pressure, and the efféct of liquid 

flow rate decreased siightly at higher pressures. 

Figure 4.22 Calculated wetted areas using Onda's correlation 
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Figure 4.23 K i L  values for hydrogen and methane as a funaion of iiquid flow rate 
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Figure 4.24 Kk values for hydrogen and methane as a fiuiction of gas flow rate 
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Figures 4.23 and 4.24 show the dependence o f  K, values for hydrogen and 

rnethane on the liquid and gas flow rates, respectively. Figures 4.25 and 4.26 show the 

variation in the KLV values of hydrogen and methane with liquid and gas flow rates, 

respectively . 

Figure 4.25 Kb, values for hydrogen and methane as a h c t i o n  of liquid flow rate 
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Figure 4.26 KLV values for hydrogen and methane as a fùnction of gas flow rate 
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4.4.3 Theoreticai Treatment for the Caiculated Kk Vaiues 

The ideai gas side mass transfer coefficients, kv, were obtained f?om the measured 

values of KiL  and k; . For a muiticomponent system the overall hquid side mass transfer 

coefficient is related to individual m a s  transfer coefficients through a matrix relation of 

order C-l which is given by (Taylor and Krishna, 1993): 

where FL] represents the square matrix of equilibrium ratios, [K,,] represents a square 

matrk of the experirnentd overall liquid side mass transfer coefficient, and [ k; ] and [ k;, ] 

are the square matrices of the individual liquid and gas side mass transfer coefficients 

under the experimentd conditions, respectively. 

To obtain the ideal gas side mass transfer coefficients (kv) Equation (4.80) can be 

expressed as: 



where [j3] and [El represent the bootstrap rnauix and correction fictor matrix of order C- 

Since the solution of Equation (4.81) was very cornplex for a system containing 

hydrogen, methane and toluene, it was necessary to assume negligible rnulticomponent 

interaction of hydrogen on the absorption of methane in toluene and treat the system as 

binary methane plus toluene. As a result, the matrix format of Equation (4.81) becomes an 

independent equation given by: 

This equation can be solved for ideal gas side mass transfer coefficient (k~) by knowing 

bootstrap and high flux correction factors associated with gas and Liquid phases. 

4.4.3.1 Liquid Side Correction Factors 

In this section the values of P&, and 9& are calculated. The liquid phase 

difhision was represented by Stefan diffusion since N~.~,=O: The liquid phase bootstrap 

coefficient, Ph, , was calculated fiorn Equation (4.5 1) which becomes: 

Note that the sum of the hydrogen and methane concentrations in toluene was taken as the 

concentration of methane in Equation (4.83) which is more rational since the directions of 

hydrogen and methane rnass transfer in toluene were the same. The calculated values of 

R~I. are given in Figure 4.27 at various pressures. 



Figure 4.27 Bootstrap correction factor for liquid phase 
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The correction factor for the liquid side mass transfer coefficient, zM,, was 

obtained fiom matrix Equation (4.68) to give an independent equation as: 

where Y&, is obtained from Equation (4.58) as 

Since the liquid side mass transfer coefficient is directly proportional to the square root of 

diffusion coefficient, the binary liquid mass transfer coefficient, kL(H2,a4), is expressed in 

tems of k L , , ~ . , ,  in Equation (4.85) and is indicated by k,,,4, . The values of ideal 

k~o,~  were calcdated using Equation (4.76). The calculateci values of B& are given in 

Figure 4.28. 



Figure 4.28 Kigh flux correction factor for liquid phase mass transfer 
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4.4.3.2 Gas Side Correction Factors 

In the gas phase, the hydrogen and methane diffusion was assumed to occur at a 

fxed molar flux ratio. Since the gas phase mass trader fluxes of hydrogen and methane 

should be equal to corresponding liquid phase mass transfer flues, the ratio of molar flux 

of methane to the total molar flux, Z,, , was calculated using: 

From Equation (4.52) the vapor phase bootstrap coefficient, , was obtained, and is 

given by: 
1 

nie values of are given in Figure 4.29 for various pressures. 



Figure 4.29 Bootstrap correction factor for gas phase 
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The correction factor matrix for the gas phase SM4 was obtained fiom the matrix 

Equation (4.67) and is given as an independent equation: 

where the rate factor Y&, was obtained from Equation (4.5 8) as: 

4.4.3.3 Calculation of Ideal Gas Side Mass Transfer Coefficient 

To solve Equation (4.82) for k vcai4, a successive substitution method was used 

since 3& is also a function of k . The resulted are given in Figure 4.30. 



Figure 4.30 High flux correction factor for gas phase rnass transfer 
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Figures 4.3 1 and 4.32 show the variation in the low flux individual gas side mass 

transfer coefficient (k,) whh liquid and gas flow rates, respectively, at various pressures. 

Although the curves in Figure 4.31 do not show similar trends, the curves for the 

pressures 10.44 and 13 -88 MPa indicate that kv was essentially independent of liquid flow 

rate. Figure 4.3 2 shows that kv increases with increase in gas flow rate. 

Figure 4.3 1 Variation of ideai gas side mass transfer coefficient with liquid flow rate 
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Figure 4.32 Variation of ideal gas side mass transfer coefficient with gas flow rate 
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4.4.4 Generalized Correla tion for Ideal Gas Side Mass Transfer Coefficient 

In the previous sections we cdculated the ideal gas side mass transfer coefficients 

frorn the expenmental overall liquid side mass transfer coefficients by correcting for 

diffusion mechanism and for higb mass transfer rates in both liquid and gas phases. These 

ideal kv cm be used by designers who has to apply the corrections for difision 

rnechanism and hi& mass transfer rates in the gas phase according to the situations in their 

system. To make use of the caiculated kv values a correlation was developed ushg a form 

of the equation proposed by Onda et al. (1968). The equation is: 

where A and B are constants detennined fiom the experimentai data. 

The gas densities were calculated using the Peng-Robinson equation of state, gas 

viscosity was caiculated using generalized correlation by Chung et al. (1988). The gas 

difisivities were calculated from Chapman-Enskog equation (Reid et al., 1987) with 

Sigmund's correction factor (Sigrnund, 1976) for high pressures. The property 

calculations are given in Appendix C. 



Figure 4.33 shows the variation in the correlation fùnction with the gas Reynolds 

number. The gas side mass d e r  coefficients were correlated by: 

The equation correlated the experirnentd low flux mass transfer coefficients with an 

average deviation Iess than 4.5%. 

Figure 4.33 Cordation for ideal gas side mass transfer coefficient 

Discussion of Gas Side Mass Transfer Coefficient Results 

The percentage of the total resistance offered by the gas phase decreased with 

increase in pressure. The average percentage gas phase resistance at 6.99 MPa was 18%, 

at 10.44 MPa it was 13%, at 13.88 MPa it was 11% and at 17.33 MPa it was 8%. The 

increase in E ,  values in Equation (4.82) overcorne the decrease in M,, values which 

therefore resulted a decrease in gas phase resistance with pressure. 

The atmospheric ided gas side mass transfer correlation by Onda et al. (1968) 

(Equation 4.8) predicted the vdues which were nearly equal to the experimentai values in 



the range of Reynolds number 1-20, although they had a slightly weaker dependency on 

the gas Reynolds number. 

Since the ideal gas side rnass trader coefficients were obtained at high pressure 

conditions the developed gas side mass transfer coefficient correlation is more reliaHe than 

published correlations for the pressures remote fiom atmospheric conditions and in the 

range of the experimental gas Reynolds number. Until the correlation is tested for bigher 

Reynolds numbers the correlation need to be used with caution for gas Reynolds numbers 

exceeding 20. 

4.5 Reeovery and Purity of Hydrogen 

The performance of the absorption process can be characterized by knowing the 

hydrogen purity and recovery for various conditions. Therefore, to make use of the 

available experimentai data, correlations were developed for hydrogen recovery and purity 

fi0111 the data of binary and temary gas absorption in toluene. 

4.5.1 Binary Gas Absorption in Toluene 

The data of 73% hydrogen and 27% methane in toluene absorption are given in 

AppendUr B.2. When the liquid flow rate was increased the hydrogen purity was increased 

but the recovery was decreased. When the gas flow rate was Urcreased the hydrogen purity 

was decreased but the recovery was increased. Therefore, purity and recoveries were 

plotted against the liquid to gas molar flow rate ratio Mm) to obtain cornbined effect of 

iiquid and gas flow rates. Figure 4.34 gives hydrogen puhies and recoveries for Serent  

( L J V m )  ratios with pressure and hydrogen relative volatility (RV) as parameters. When 

L J V m  increases the hydrogen purity of the exithg gas increases but the recovq 

decreases. At a constant L,JVm ratio, an uicrease in pressure increases the purity but 

decreases the recovery. However, the change in purity and recovery with pressure 

decreases at higher pressures. 



Figure 4.34 Purity and recovery of hydrogen for b h y  gas absorption 
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The % hydrogen purity was correlated by: 

% Hydrogen Purity = 66.30 pi; KJ 
and the % hydrogen recovery by: 

* ( )  O U  2 O - '  " 

% Hydrogen Re cov ery = 1 18.68 pH2 

where pH- is the inlet hydrogen partial pressure in MPa. 

The predictions fkom Equation (4.92) gave punties that deviated by less than 0.6% fiom 

the observed values and Equation (4.93) gave average deviations less than 0.7%. 

Correlations were also developed as a function of hydrogen relative volatility 

(a,, ). The hydrogen relative volatility for binary gas absorption was defined by: 



where M and M are the equili'brium ratios for hydrogen and methane absorption in 

toluene, respectively, obtained fiom the solubility experiments. The correlation for % 

hydrogen purity was aven by: 

% Hydrogen Purity = 126.96 a;'" Ky 
and that for % hydrogen recovery was given by: 

% Hydrogen Re cov ery = 4620 aXl7 LCJ 
M e n  compared to the observed values Equation (4.95) gave average absolute deviations 

less than 0.9% and Equation (4.96) gave deviations less than 1.1 %. 

4.5.2 Ternary Gas Absorption in Toluene 

The data for 73% hydrogen, 21% methane and 6% ethane absorption in toluene at 

6.99, 10.44 and 13.88 MPa are given in Appendix B.3. In the ternary gas absorption 

experiments, error in the matenal balance for hydrogen molar flow rate was less than 

0.2%, for rnethane it was less than 0.6% and for ethane it was less than 1 -63%. 

Figure 4.35 gives the hydrogen purity and recovery against the liquid to gas molar 

ratio w,) with pressure and hydrogen relative volatility (RV) as parameters. Similar 

to binary gas absorption resuits, hydrogen punty increased and recovery decreased wîth an 

increase in the LJVm ratio. At a constant LJVm, purity increases and recovery decreases 

with an increase in pressure, however, the change in purity and recovery with pressure 

decreases at higher pressures. 



Figure 4.35 Punty and recovery of hydrogen for teniary gas absorption 
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For the ternary gas absorption % hydrogen purity was correlated by: 

% Hydrogen Purity = 71.05 pO-M6 HZ (z' 
and the % hydrogen recovery was given by: 

% Hydrogen Re cov eiy = 107.3 2 pi:" K t J  
where pH- is inlet partial pressure of hydrogen in MPa. 

Equation (4.97) gave deviation from the experimental results Iess than 0.2% and Equation 

(4.98) gave an average deviation less than 0.3%. 

Hydrogen purity and recovery correlations were also developed as a function of 

hydrogen relative volatility (a,* ). The hydrogen relative volatility for temsuy gas 

absorption was expressed as: 



A - 
a,* - 

where 

ethane 

MHz , Ma4 and Me,* are the equilr'bnum ratios for hydrogen, methane and 

absorption in toluene, respectively, which were obtained fkom the solubility 

experiment S. 

The % hydrogen purity was correlated by: 

0.022 kHz - 0.060 

% Hydrogen Purity = 1 16.12 &z3 
and % hydrogen recovery is given by: 

% Hydrogen Re cov eiy = 64.99 2 ir' IY 
Equation (4.100) gave average deviation fkom the experirnental values less than 0.2% and 

Equation (4.10 1) gave deviation less than 0.3%. 

4.5.3 Discussion of Punty and Recovery Results 

In Figures 4.34 and 4.35, for M G m  ratios fiorn 0.6 to 4.2, hydrogen purities were 

in the range of 75-85% and hydrogen recoveries in the range of 85-97%. By cornparhg 

the purities and recoveries for binary gas given in Figure 4.34 with those for the ternary 

gas given in Figure 4.35 it can be observed that the hydrogen purity increased with the 

addition of ethane. The addition of ethane did not change hydrogen recoveries much at 

low pressures but increased the recoveries at high pressures. 

The purity and recovery correlations developed as a fùnction of hydrogen partial 

pressure are restricted for toluene, whereas, the correlations as a fùnction of hydrogen 

relative volatiIity may be used for other solvents. However, this was not validated since 

there was no mass transfer data obtained for liquids other than toluene. 



4.6 Summary 

Ideal liquid side and gas side m a s  transfer coefficients were caldated fiom the 

experimental mass trader coefficient vaiues by correcthg for the diffusion mechanism 

and for the high flux mass m e r  in the system. Ideal m a s  t rader  conditions imply 

equimolar counterdiaision with low mass transfer fluxes. 

The literanire correlation predicted the gas side mass transfer coefficients well 

when compared to the experimental values, whereas the liquid side mass trader 

coefficients obtained nom the Literature correlation were lower by 50%. 

Correlations for liquid side and gas side mass m e r  coefficients developed here 

are more reliable than the published correlations for hi& pressure conditions in the range 

of liquid Reynolds numbers 1 - 10 and gas Reynolds numbers 1-20. 

Punty and recovery results show that for a given solvent it was not possible to 

increase both hydrogen purity and recovery simuitaneously by changing the flow rate or 

pressure, indicating a trade off between recovery and purity. Addition of a heavier 

component, such as ethane, increased both hydrogen purity and recovery. This is a 

favorable result since hydrocracker off-gases contain s m d  arnounts of heavier 

hydrocarbons. 



Absorber Simulation 

5.1 Literature Review 

There are two types of models avdable for the simulation of separation processes: 

equilibnum and nonequiiibrium stage models. In equili'brium stage models, rnass and 

energy balance equations are written around each stage as a whole and the composition of 

the exit streams are assumed to approach equilibrium as given by the stage efficiency- In 

nonequilibrium stage models, separate conservation equations are written for each phase 

and are W e d  by a balance around the intefice since whatever material or energy 10s by 

one phase is gained by the other. 

Equilibrium stage models account for deviaîions from equilibrium through the use 

of empirical correlations that give stage efficiencies, however the empirical correlations for 

stage efficiencies do not account for muiticomponent interactions. Absorption processes 

srpically have components that cover a wide volatdity range, where the major resistance to 

transfer may be presented by both the liquid phase (for sparingly soluble components) and 

the vapor phase (for components with a higher solubilify). Murphree efficiencies cannot 

properly characterize the absorption process because of the wide range of volatiiities. 

Many absorption processes operate at very low efficiencies where stage eficiency 

(equilibrium) models provide poor predictions. Also, in absorption processes heat effects 

are often important. These heat effects can be due to heats of mking, reaction, 

vaporïzation and condensation, and the exchange of sensible heat between the gas and 

iiquid phases. These heats affect the overall recoveries because they alter the equilibrium 

temperature distribution over the column, which duence solubilities and physical 

properties. The nonequilibrium model can overcome ail these problems associated with the 

equilibrium model. 



Mass m e r  in multicomponent systems is more compiicated than in b i m y  

systems because of possible couphg between concentration gradients. Phenornena such 

as reverse dittision ( W s i o n  of a species against its own concentdon gradient) or 

osmotic diffusion (diffusion of a species with zero concentration gradient) are possible in 

multicomponent systems but not in binaries (Toor, 1957), and this is why individual point 

efficiencies in a distillation column are not constrained between O and 1 (Toor, 1964). A 

theory was proposed by Krishna and Standart (1979) to account for multicomponent 

interactions in mass transfer. Krisnamurthy and Taylor (1985a) developed a 

nonequilibrium model for separation processes incorporating the multicomponent 

interaction theory. Nonequilibrium models proposed by Waggoner and Loud (1977), 

Waggoner and Burkhart (1978) and BiIlingsley and Chirachavalla (1981) are based on 

numerous simplifications whereas the mode1 by Knshnamurthy and Taylor (1985a) is 

rigorous. 

The nonequilibrium model consists of a set of noniinear algebraic equations. These 

equations are referred to as MERQ equations where: M represents rnaterial balance 

equations; E represents energy balance equations; R represents rate equations and Q 

represents equilibrium equations. An efficient way to solve these equations is to use 

Newton's method. The derivatives of the equations result in a large spane Jacobian r n a h  

which can be solved by the Thomas algorithm for the solution of block tridiagonal 

matrices. There are other methods available such as the tearing method (Waggoner and 

Loud, 1977; Waggoner and Burkhart, 1978), where subsets of the complete set of 

equations are solved in sequence, or the collocation method (Billingsley and Chiachavalla, 

1981), where a set of trial fhctions is considered for the solution of boundary value 

differential equations. However, Newton's method has been found to be the moa effective 

solution method (Krishnarnurthy and Taylor, 1 985 a). Computational aspects of separahon 

process simulation were studied by Powers et al. (1988) who developed a procedure to 

reduce the computational time for solvhg nonequilibrium model equations. 



Krishnamurthy and Taylor (198%) compareci the predictions of their model with 

experimental data for the distillation of benzene-toluene, ethanol-water, and acetone- 

chlorofonn systems in a wetted waii column (data from Johnstone and Pigford, 1942)' the 

distillation of the temary benzene-ethylbenzene-toluene system in a wetted wall column 

(data from Dribika and Sandall, 1979), the distiliation of acetone-methanoi-water and 

methanol-isopropanol-water in a bubble-cap-tray colurnn (data fkom Vogelpohl, 1979), 

the distillation of acetone-methanol-ethanol in a bubble-cap-tray column (data nom Free 

and Hutchison, 1960) and the diedation of benzene-toluene-m-xylene in a bubble-cap- 

tray column (data fkom Nord, 1946). ïhey observed that the average deviations between 

the experimental and their predicted mole fkactions were less than 4%. It was observed 

that predictions for the wetted-wall column experiments were better than those for tray- 

columns, because the accuracy of the correlations used to calculate the mass transfer 

coefficients Li tray columns (imited the accuracy of their model predictions. Krisbnamurthy 

and Taylor (198%) cornpareci the performance of the nonequili'brium model and efficiency 

modifïed equilibriurn stage model for four representative distillation design problems. The 

study revealed large daerences between the predictions of the two models partly due to 

the interactions that exist between diierent components in a multicomponent mixture and 

partly due to the manner in which the liquid phase resistances and the equilibîium 

equations are handled by the two models. They found that the noneqdibrium models led 

to more conservative designs by predicting a greater nurnber of stages to obtain a specified 

separation. 

To assure convergence to the model solution, proper initial estimates of the 

variables in the equations is necessary. A simple initialkation procedure was used by 

(Krishnamurty and Taylor, 1985a) for distillation processes and this can also be used for 

absorption processes. Temperatures were estimated using ünear interpolation between 

estimated values for the end stages. Total flow rates were estimated by assumhg constant 

molar overfiow fkom stage to stage. The compositions of the phases were initialized using 

Wang and Henke's ideal solution equilibrium (K-value) method (Henley and Seader, 

1981). Initial interface mole fiactions were set to the bulk values and mass transfer rates 



were iniaaked by setting them qua1 to 10-~ lanoyh. The direction of mass transfer was 

determined from the K-values of the components, and is from vapor to liquid phase if the 

equilibrium ratio Ki< 1 and is from liquid to vapor if KP1. It has been found that this 

simple initialkation method works well for ideal systems with few wmponents, however 

for difkult cases a "nursing" technique was describeci by Krishaamurthy and Taylor 

(198%) to obtain convergence. 

The simulation of packed absorption columns using a nonequilibriurn mode1 was 

studied by Knshnarnurthy and Taylor (19854 1986) and Sivasubramanian et al. (1987). In 

their approach, a continuous contact devise was divided imo sections, in which each 

section was treated like a stage in a tray tower. Simulations of a laboratory scale packed 

column in which amrnonia was separated tiom air by its absorption in water (Krisnamurthy 

and Taylor, 1985d) showed that the modeling of a packed column as a staged contactor 

resulted in accurate predictions. However, there is a specification merence between the 

simulations of an absorber and the simulations of a distillation column. For the distillation 

simulations, the produa flow rat es (distillate and bottoms) are specified, however for the 

absorber simulations, the corresponding quantities for the absorber, narnely lean gas flow 

rate and rich oil flow rate are unknowns. 

Krisnamurthy and Taylor (1985d) simulated hydrocarbon gas absorption in a 

hydrocarbon oil in a packed column. The absorber was 1 rn in diameter packed with 5 cm 

metallic Pal1 Nigs up to a height of 7 m. The methane rich hydrocarbon gas mixture 

contained 14 components including carbon dioxide and Mtrogen. The oil was a mixture of 

10 heavier hydrocarbons, the major components being octane, nonane and decane. For the 

gases ethane and propane, whose mass transfer driving forces were appreciable, it was 

found that the average absolute deviations between experimental and predicted 

compositions in the produa streams were 1.1 mol% and 1.5 molo/o, respectively. The 

predicted temperatures were dso in a good agreement with the experimental results and 

the deviations were less than 1.2 % for Iean gas and 2.6% for rich oil. 
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Krishnamurty and Taylor (1986) used their nonequiliirium stage model to simulate 

three nonisothemal gas absorption processes: the separaiion of ammonia nom air using 

water, the purification of an acid gas Stream using cold methanol and the absorption of 

Iight hydrocarbons in a heavier hydrocarbon oil. The temperature profiles and the terminal 

Stream compositions predicted by the model compareci well with the experimental 

meanirements. There were large dinerences between the designs based on equilibrium 

model and those on the nonequilibriurn model for the hydrocarbon absorption process. 

In the present study, the nonequilibriurn model was used to simulate the 

performance of the laboratory sa le  absorber (packed bed height40 cm, inner 

diameter=1.58 cm) in the pressure range 6.99 to 17.33 MPa. The model incorporated 

corrections for diffusion mechanism, high flux rnass transfer and the thermodynamic 

nonideality of the phases. The transport properties were caldated using suitable 

correlations, whereas the thermodynamic properties and the derivatives were denved and 

calculated using the Peng-Robinson equation of state. For those derivatives for which no 

anaiytical expression was available, numerical denvatives were used. Two situations were 

simulated; the absorption of a binary gas containing 73% H2 and 27% C a  in toluene, and 

the absorption of a temary gas containhg 73% H2, 21% Ca and 6% C2& in toluene. 

5.2 Nonequilibrium Mode1 

The features of the nonequilibriurn model (Krishnamurthy and Taylor, 1985a; 

Taylor and Krishna, 1993) are: 

1) The mass and energy conservation equations are split into two parts, one for each 

phase. The equations for each phase are connected by mass and energy balances 

around the interface and by the assumption that the interface be at thermodynamic 

equilibrium. 

2) Sirnultaneous mass and energy t rader  across the interface is modeled by means of 

rate equations and M e r  coefficients. Resistances to mass and energy transfer are 

accounted for by using separate rate equations for each phase. 



3) The model is formulated in such a way as to rnake the descniing equatiom and the 

method of solvïng them independent of the methods used to caldate the transfer rates 

as weil as physical and thermodynamic properties of the system. 

A schematic illustration of a nonequitibnum stage or section of a packed column is 

provided in Figure 5.1. A packed column consists of a nurnber of stacked sections and the 

sections were numbered starting at the top. Vapor from the section below is brought into 

contact with liquid fiom the section above and allowed to exchange mass and energy 

across their cornmon interface as represented in Figure 5.1 by the wavy line. Sidestream 

drawoffs of vapor and Liquid can also be accounted for in the model (Krishnamurthy and 

Taylor, 198%; Taylor and Krishna, 1993) but were not needed in the present problern. 

Figure 5.1 Schematic diagram of a nonequilibrium section 

The total molar flow rates of vapor and Iiquid phases leaving the j" section are 

denoted by Vj and L, and the individual component molar flow rates by vij and Iij. W: and 

E: represent the mas and energy trander rates fkom the vapor phase to the interface, 



respectively, and Ni and B: represent the mas and energy trader rates fiom the 

interface to the liquid phase, respectively. Since the trader rates fiom vapor phase to the 

interface and the interface to the liquid phase shodd be equal for a converged solution, the 

rate of mass transfer of species i across the interface is represented by W ,  and the rate of 

energy transfer across the interface is represented by Ej . 

The MERQ (Material, Energy, Rate, eQuilibrium) equations for the j' section of a 

system wntaining C components are: 

Materid balances: 

Vapor phase molar flow rates: 

Ml; = v ,  - v,,,, +N; = O  i =1,2 ,.-.., C 

Liquid phase molar flow rates: 
- 
M: = 1 ,  - l,-j-l - Nk = O i = 1,2,....,C 

Lnterface rnolar material balance: 

MiI -pi; = O  i =  1-2 ,..-., C 

Energy balances: 

Vapor phase energy balance: 

Ê i  = V,H; - v , , H ~ ,  +ET = O 

Liquid phase energy balance: 

Ê; = L,H: - L,-,H;-, -E: = O 

Interface energy balance: 



Rate equations: 

Vapor phase mass transfer rate equation: 

q = F(, -q = 0 i = 1,2, ..., C -1  

Liquid phase mass transfer rate equation: 
- 
R: = W ,  -Ni = O i = 1,2, ..., C - 1 

Equiiibrium equatiow : 

The interface is a singular surface and it can be assumed that it offers no resistance 

to transport and equilibnum prevails at this location. The phase equilr'bnum equations at 

the interface are: 
IV I Q!, = +:xi -diJ Y ,  = O i = 1,2 ,..-., c (5.9) 

where 4; and 4; are the fugace coefficients of the i" component comespondig to 

interface vapor and liquid compositions, respectively. 

The variation of column pressure can also be accounted for. However it is a 

cornmon practice to assume that the pressure drop in the packed column is negligible and 

does not affect the separation (Taylor and Krishnq 1993). Since the pressure drop in the 

apparatus was negligible compared to the operatkg pressures the column was asnimed to 

be isobaric. 

5.2.1 Elimination of Equations, and Variables Representation 

There are a total of 6C+1 equations. Equation (5.3) can be eliminated by 

substituting Ni in Equation (5.1) and PI: in Equation (5.2) by the variable W, . This 

results into 5C+1 independent equations and 5C+1 variables. The independent variables 

for the j" section are: 

C vapor component flow rates (V ,, , v j,. . . . vCj ) 

C liquid component fiow rates (1 ,, , l , j,. . . -1  ,, ) 



3 temperatures (T: , T: and T: ) 

C mass trader rate variables (NIj, N, , . . . . , Ncj ) 

I C- 1 interface vapor component mole fiactions (y:, , y:j,. . . ., y,-,, ) 

1 C- l interface Liquid component mole fiactions (xi,, xi,, . . . . , x ,-,, ) 

The mole h a i o n s  of the C& component in vapor and liquid at the interface are not 

independent because mole fiactions for each vapor and liquid phase surn to unity. 

5.2.2 Transport Relations 

The above equations hold regardless of the models used to calculate the interface 

transport rates (H: ,Ni ,EY and 45:). Mass transfer is a rate process dependent on 

concentration gradients or more precisely, on chernical potential gradients. Typical 

composition and temperature profiles in the region of interface are given by Figure 5.2. 

Figure 5.2 Typicai composition and temperature profiles in the region of the interface 

Bulk 
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The mass transfer fluxes fkom the vapor phase to the interface depend on the 

ciifference between the buk vapor compositions, y;, and the vapor compositions at the 



intefice, y:. Similady, the mass transfer fluxes £fom the liquid phase to the interface 

depend on the tiquid composition at the interfâce, x i  and the bulk liquid composition, 

x: . The actual mass M e r  fluxes are infiuenced by many factors: temperature? physical 

properties of the fluids, system geometry and hydrodynamics, and mass trader fluxes 

themselves. By lumping the effects of most of these variables into mass transfer 

coefficients the mass transfer fluxes cari be written as: 

N,' =c:k: - y f h  N: =c:k) (xf -x:) 

Flux equations of this form are used in the models of Waggoner and Loud (1977), 

Waggoner and Burkhart (1978) and Bihglsley and Chirachiavalla (198 1). This form of 

flux equations does not consider multicomponent interactions and give diffusion flwces (Ji) 

instead of actual mass transfer flues (NJ. Multicomponent interactions include possible 

couplhg between the individual concentration gradients. The cWbsion fluxes can be 

converted to mass transfer fluxes by adding a tem representing the total bulk flux of the 

mixture (Section 4.3 -4.1 ). 

A ngorous treatment of mass transfer in multicornponent systems based on the 

Maxwell-Stefan equation is provided by Krishna and Standart (1979) and dealt in Section 

The local vapor mass transfer fluxes are given by: 

and the local Liquid mass transfer fluxes by: 

where km:, are multicomponent mass trader coefficients. Equations (5.1 1) and (5.12) 

are implicit nonlinear equations because the tenns, N: and N:, representing the mass 

transfer flux of the mixture as a whole for vapor phase and liquid phase, respectively, are 



the sum of the individual mass transfer fluxes for each phase. The vapor phase total moiar 

flux is given by: 

and the liquid phase total molar flux is given by: 

The muiticomponent mass transfer coefficients appearing in Equations (5.1 1) and (5.12) 

are calculated fiom: 

[kg] = [RI-' [,=] [a] (5.15) 

where m] is a matrk of inverted binary ideal mass transfer coefficients indicating the 

resistance for mass transfer, LE] is a matrix that corrects CR] for the infiuence of finite 

rates of mass transfer and [a] is the correction for the thermodynamic nonideality of the 

phases. The bootstrap correction, [BI, which corrects for the difision mechanisrn (Section 

4.3 -4.2) is not needed since the bulk flow terms are already accounted in Equations (5.1 1) 

and (5.12). 

The expression for IR] in the method of Krishna and Standart (1979) is given by: 

where z; represent the mole m i o n  of component i in the buik vapor phase Si) or liquid 

phase (x3, and kij represents the binaq ideal mass transfer coefficient for the i-j pair. 

The expression for [El in the method of Krishna and Standart (1 979) for the vapor phase 

is given by: 



[=VI = ['yV] 

[=p['yV1-[ II] 

and for the liquid phase: 

where rate factor matruc C\Y] is expressed in ternis of binary mass tramfer coefficients and 

m a s  t rader  fluxes as: 

The thermodynamic nonideality term [a] appears in Equation (5.15) because for a 

nonideal system the driving force (di) for mass transfer in MaxwePStefan relation 

(Equation 4.53) is most correctly represented by chernical potential gradients (Vp,) - 

Since, the sum of the C driving forces vanishes due to the Gibbs-Duhem restrictioc for 

nonideal systems the driving force is expressed in t e m  of mole fiaction gradients as: 

where 4i is the fugacity coefficient of species i in the mixture and aij is given by: 

where 6 ,  is the Kronecker delta hct ion  and 2; is the mole &action in vapor phase (yi) or 

liquid phase (xi). 

The symbol CD in Equation (5.22) is used to indicate that the differentiation with respect 

to mole fiaction zj is to be carried out while keeping the mole fiactions of all species 

constant except for the C" species. More specifically, the mole fiaction of the C" species 

must be eliminated using the fact that the 5 sum must be unity. A detailed derivation ushg 



Maxwell-Stefan relation for a nonideal system r e s d ~ g  the thermodynamic nonideaiity 

correction matrix [O] in Equation (5.15) is provided by Taylor and Krishna (1993). 

The local energy fi- E, is made up of a convective heat flux and a contnbunon 

due to mass transport across the interface. Therefore, the vapor phase energy flux is given 

and the liquid phase energy flux 

(5 -24) 

is given by: 

(5  -25) 

where hV and hL are the vapor and liquid phase heat transfer coefficients, respedvely, and 

-v H, and Er represent the partial molar enthalpies of component i in the vapor and Liquid 

phases, respectively . 

Calculation of the net mass and energy transfer rates due to interphase transport, 

N, and E ,  on j" section requires the integration of local flux relations over the interfacial 

area. By assurning that the interface is the same throughout the dispersion for a gven 

section and that the mass transfer coefficients are constant for each section, the integrated 

transport rates are obtained. Therefore, net mass transfer rate for iU1 component in the 

vapor phase is given by: 

1 -v v N: = ~ i â ,  = ~ ~ ( c < i c , â , ,  y,, y k J , ~ , ,  m = 1.2 ,..., C) 

and in the Liquid phase: 

i -L L N: = ~ i â ,  = ~ ~ ( c : k ~ ~ â , , x , ,  xk, ,M,, m = 1,2, ..., C) 

The net energy transfer rate in the vapor phase is given by: 

E; = ~ y â ,  E E ~ ( ~ I ~ ~ , , T : , ~ , F ( ~ ,  i =1,2,. . . ,~) 

and in the Liquid phase: 

E: = ~ k â ,  = E : ( ~ : ~ , , T ; , ~ , F I ; ,  i = 1,2,...,~) 



where the net intafbcial area (m2) in a given section is denoted as âj . The mole fiactions 

7:: and xi, and temperatUres, and represent the intepteci average bulk phase 

conditions. These values can be calculated fiorn entering and leavhg values by imposing 

certain profile on the buk mole fhctiow. For the case where the buIk values vary linearly 

between the entering and leaving values the average values are arithmetic averages, for the 

case where the bulk values Vary exponentially the average values are logarithmic averages, 

and for some cases the values leaving the section can be used. 

5.3 Final Equations and Variables 

By substituting the transport relations into the MERQ equations, the final set of 

relations can be writîen. These equations for the j' section becorne: 

Matenal balances: 

Vapor phase molar flow rates: 

M~; = vlJ - v,-,-~ + Wlj = O i = 1,27.. . . ,C 

Liquid phase molar flow rates: 

M: = l!, -1 ,,+, -NI, = O i = 172, ...., C 

Energy balances: 

Vapor phase energy balance: 

Liquid phase energy balance: 

Interface energy balance: 
n 



Rate equations: 

Vapor phase mass m e r  rate e q d o n :  

Liquid phase mass transfer rate equation: 

Equilibnum relation: 
IV 1 

Q: = +:xi -4, y ,  = O i = 1,2,.-..,C 

These 5C+1 equations for each section can be ordered into a vector (Fj) as: 

The 5C+1 independent variables for the j" section can be ordered into a vedor (Xj) 

The nonequilibrium mode1 equations for an entire column of n sections cm be expressed in 

a general fundonal form as 

(F) = (0) (5.40) 

where the transpose of (F) is given by 



5.4 Solution of the Modd Equations 

Newton's method was used to solve the entire set of nonlinear equations 

simdtaneously, where Equation (5.40) was repeatedly solved about a current guess &) 

of the veaor OC), using: 

where [Jk] is the Jacobian matrix at the kh iteration with elements 

and 

A(J& = W k + !  1 - (Xk 1 
where &+i) is the updated estimate of the independent variables. 

The method was assumed to have converged when the nim of the relative changes of the 

independent variables is less than a given value: 

where n is the number of sections and e is the number of independent variables (or 

equations) per section, and E is a tolerance. 

The Jacobian matrix was a block tridiagonal as given below. 

[A,] Pjl KJI 



where submatrices [A,], [Bj], and [Cj ]  are defined by 

Linear systems with a block tridiagonal coefficient matrix were solved using the 

weil-known Thomas algorithm (Henley and Seader, 1 98 1). 

5.5 Calculation of Function (F) and Jacobian [JI Elements 

To caldate the fùnction (F) values: the average vapor phase composition, y:, 

and liquid phase composition, xk, in Equations (5.35) and (5.36), were taken as an 

L arithmetic average of the entering ( y  ,y,+, , xi]-, ) and exiting ( y  l, x i  ) values; the average 

-v vapor temperature, T, , and average Liquid temperature, y, in Equations (5.33) and 

(5.34), were taken as the corresponding values at the exit of (T: and T: ) the section. 

To obtain the [A,], [Bj] and [Cj] matrices the function equations were 

diEerentiated with respect to the variables appearing in the j-1, j and j+lh sections, 

respectively. The matrices [Aj] and [Cj] were more sparse than the maeix [Bj] because the 

derivatives were taken with respect to the variables corresponding to neighboring sections. 

5.6 Calculation of Transport Properties 

For the simulation, the required transport properties were: density, specific heat, 

viscosi~, thermal conductivity and diffusivities in both the vapor and liquid phases, and 

liquid surface tension. The necessary equations and procedures to caldate these 

properties are provideci in Appendix C. Densities and spedc heats were calculated using 



the Peng-Robinson equation of state (1976). Viscosities and thermal conductivities were 

calculated using the generaiized multiparameter correlation by Chung et al. (1988). Ideal 

gas dfisivities were caidated using the Chapman-Emkog equation (Reid et al., 1987) 

and were correcteci for high pressure using Sigmund7s equation (Sigmund, 1976). The 

liquid phase diffusivities at infinite dilution were calculatecl using the Wong and Hayduk 

(1990) correlation and Vignes correlation (Reid et al., 1987) for concentration 

dependency. The liquid surGice tensions were caiculated using the Macleod-Sugden 

correlation (Reid et al., 1987). 

5.7 Caiculation of Mass Transfer and Heat Transfer Coefficients 

For the liquid side mass nansfer coefficient, the ideal correlation developed in 

Section 4.3 -5 was used, which is given by: 

with the wetted area (aa) cdculated using Onda's correlation (Onda et al., 1967): 

where L is the liquid mass rate per unit area. 

For the gas phase mass transfer coefficients, the ideal correlation developed in 

Section 4.4.4 was useci, which is given by: 

where V is the vapor mass rate per unit area 

Heat transfer coefficients in packed columns are difncult to estimate. Although 

there have been shidies carried out by various workers (McAdams et al., 1949; Yoshida 

and Tanaka, 195 1 ; Fair, 197 1; Nemunaitis and Eckert, 1975), generalized correlations for 

liquid side and gas side heat tfansfer coefficients were not successnil. Huang and Fair 
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(1989) carried out experiments with air-water and air-oil systems in a column with 

different shapes and sizes of packing- They verified the heat and mass transfer analogy and 

found that the redting heat M e r  coefficients were in close agreement with the 

experirnental results. Krishnarnurty and Taylor (1 985 d) made use of heat and mass transfer 

analogies to calculate heat transfer coefficients in the nonequili'brium mode1 simulation of a 

packed column absorber. They calculated vapor phase heat transfer coefficients with the 

Chilton-Colbum analogy and hquid phase heat transfer coefficients with the penetration- 

type andogy. 

In the present simulation the method of Knsbnarnurthy and Taylor (1985d) was 

foUowed to calculate the heat transfer coefficients. For the vapor phase, the Chilton- 

Colburn type anaiogy is given by: 

and for liquid phase, the penetration-type analogy is aven by: 

where k, is the average ideal mass transfer coefficient, Cp is the specific heat, Sc is the 

Schmidt number given by (p/pD) and Pr is the Prandtl nurnber (Cpp/K). 

5.8 Caiculation of Thermodynamic Properties and Derivatives 

The mode1 required the thermodynamic properties such as vapor and liquid bulk 

enthalpies and vapor and liquid component figacity coefficients which were calculated 

using the Peng-Robinson equation of state. Newton's method requires the evaluation of 

partial derivatives of the mode1 equations. Partial denvatives of enthalpies and fûgacity 

coefficients with respect to temperature and composition Vary considerably, and have the 

moa Influence on the rate of convergence. The partiai derivatives needed for both the 

vapor and liquid phases were: enthalpy derivative with respect to temperature (specific 

heat), enthalpy derivative with respect to moles (partial molar enthalpy), partial molar 



enthaipy denvative with respect to temperature, fbgacity coefficient derivative with 

respect to temperature, and the fixgacity coefncient derivative with respect to mole 

fkactions. Numerical derivatives are conmioniy used, however this method can lead to 

errors if the increments in the variables are not chosen properiy. This problem does not 

arise if analytical expressions for the partial derivatives are available. Michelsen (1981) 

described a technique to obtain partial derivative equations based on residual Helmholtz 

energy fùnction of an equation of state. General expressions for the derivatives of aaivity 

coefficients and fugacity coefficients were reported by Michelsen and Mollenip (1986). 

The procedure and equations to obtain the partial derivatives of thermodynamic properties 

were given by Mollerup and Michelsen (1992) who used the Soave-Redlich-Kwong 

equation of state. They have also presented identity tests to check the intemal consistency 

of calculated propehes and derivatives. 

Analytical expressions for partial derivatives were derived for the Peng-Robinson 

equation of aate by following Mollerup and Michelsen (1992) procedure. The details of 

the calculations and equations are given in Appendix D. A procedure to obtain partial 

molar enthalpy derivatives with respect to temperature was not reported, and therefore 

these derivatives were calculated using a numerical derivative method. The nonequilibrium 

model requires partial derivatives of fiigacity coefficients with respect to mole hctions. 

However, the Mollerup and Michelsen (1992) procedure resulted in mole derivatives. 

Conversion of mole derivatives to mole fraction derivatives is quite complex for a 

multicomponent system (Walas, 1984). This is because, for a system containhg C 

components all the moles are independent, whereas only C-1 mole hctions are 

independent. Therefore, to avoid this problem, mole fiaction derivatives were calqiated 

numerically . 

5.9 Computer Program 

The program was coded in Borland C* on a personal cornputer. Since the 

property estimation methods used în the prograrn were generalized for a multicomponent 

system, the program was able to model systems with components other than those tested. 



5.9.1 Input to the Program 

The program requires process variables and component properties as input. The 

dimensions of the colurnn to be sùnulated are also required. 

The dimensions and process variables required as an input to the program included: 

Absorber height (m) 0.1 rn 

Absorber diameter (m) 0.0158 m 

Absorber pressure @Pa) 6.99~ 103-17.33~ 10' 

Inlet vapor and tiquid temperatures (K) 295 h 

Inlet vapor and Liquid flow rates (IunoVs) (Appendix B) 

Iniet compositions of vapor and liquid (mol fi) (Appendix B) 

Nominal packing diameter (m) 0.004 m 

Cnticd surface tension of packing ( M m )  73 mN/m (Perry et al., 1984) 

Total specific surface area of packing (m2/m3) . 85 7 m2/m3 

It was necessary to include all the components in both the vapor and liquid phases 

at the iniet sections. Therefore, for the components which were not present in vapor or 

Liquid inlet streams, smali values of their mole &actions (IO") were assigned. 

The component properties required as an input to the program included: 

Criticai pressure &Pa) (Reid et al., 1987) 

Criticai t emperature (K) LC 

Cntical rnolar volume (m3/kmol) CL 

Critical compressibility CS 

Acentric factor C L  

Parachor value (for surface tension caldation) " 

Binary interaction parameters (Frorn the present work & Trebble, 1990) 

Ideal gas enthalpy and heat capacity coefficients (API Data Handbook) 



5-92  Initiabation of the Variables 

To solve Equation (5.42), initial esbmates of the variables are needed. Guidelines 

are given by Powers et al. (1 988) for mitid estimates of bulk phase component flow rates 

and temperatures, interface mole fhctiow and temperatures, and mass transfer rates. 

Initidy bulk phase cornponent fiow rates for ail the sections were set equd to the 

inlet component flow rates and bulk phase temperatures were set equal to the inlet 

temperatures. AU initial intefice mole &actions were estimated fkom the experimental 

solubility data. The interface temperatures were taken as the average value of the inlet 

vapor and liquid, while the mass transfer rates for al1 components were initialized by 

sethg them equal to lod kmolls. 

Figure 5.3 Computer program flow chart 



5.9.3 Program Flow Chut and Output 

The program flow chart given in Figure 5.3 shows the steps involved in the 

simulation. The required data were fint input and the variables initiaiized. Then, transport 

properties, thermodynamic property derivatives and multicomponent mass t rader  

coefficients were caldated. The fiuiction (F) and Jacobian [JI matrices were then 

generated and the system of equations solved using the Thomas algorithm. The old 

variables were updated with new values until the surn of the relative Merences between 

the old and new values (Equation 5.45) was less than 10'~. 

The program output consists of converged values of the variables for ail sections, 

such as: bulk component molar flow rates and temperatures, interface mole fractions and 

temperatures, and mass transfer rates. 

5.10 Simulation Results 

The absorption of a binary gas containing 73% hydrogen and 27% methane in 

toluene was sirnulated by dividing the laboratory packed column into 17 sections. 

However, the program had convergence problems. The calculated toluene mass transfer 

rates were two orders of magnitude greater than those of hydrogen and methane, yet in 

reality the toluene mass transfer rates should have been negligible. Modications to the 

initialization procedures did not solve the problem. Therefore, since toluene was not 

transferring to vapor phase the mass transfer rate of toluene (Mc,) was fked to zero and 

was removed nom the set of variables (Equation 5.39). Correspondingiy the interface 

equilibrium equation for toluene (Q&) was removed from the set of independent 

equations (Equation 5.37). As a result, the number of variables per section becarne 5C and 

the number of equations was 5C. Convergence was readily achieved with the new set of 

equations. To confïrm that 17 sections are suffiCient to simulate the absorber column, the 

runs were carrieci out with 15 sections and the results obtained were very similar. 

Therefore, for al1 the runs the absorber was divided into 17 sections. 



5.10.1 Binary Gas Absorption Results 

The absorption of 73% hydrogen and 27% rnethane h toluene, for which the 

experimental data is given in Appendix B.2, was sirnulated. For an d e t  gas flow rate of 

109.87 std Lh (4.65~10-' kmol/h) and an inlet liquid flow rate of 1.037 LA (9.77~10-' 

kmol/h) at 10.44 MPa, Figures 5.4, 5.5 and 5.6 give the predicted vapor phase mole 

fiaction, liquid phase mole fraction and temperature pronles in the absorber, respectively. 

The direction of mass t rader was always fiom vapor to liquid with methane rnass transfer 

rates higher than the hydrogen rates, which therefore resulted a monotonie increase in the 

hydrogen mole fiaction from the absorber botfom to the top. The column temperature 

given in Figure 5.6 tended to decrease, although by a negiigile value (0.3 K), because of 

the endothermic heat of miving of hydrogen with toluene. The liquid temperature dropped 

at a faster rate near the top of the column where the hydrogen absorption rates were 

maximum. The hydrogen mass transfer rates decreased and methane mass transfer rates 

increased while approaching the bottom section resulting an increase in temperature. 

Figure 5.4 Predicted vapor phase composition profiles for binary gas absorption at 

10.44 MPa (V, = 4.65~10-' kmoih; L, = 9.77~10" kmol/h) 



Figure 5.5 Predicted liquid phase composition profiles for buiary gas absorption at 

O 2 4 6 8 10 12 14 16 Y8 
Top Bottom 

Section number 

Figure 5.6 Predicted temperature profiles for binary gas absorption at 10.44 MPa 

Liquid 
------Interface 



A graphical comparison o f  the experirnental and predicted component distributions 

(here defineci as the ratio of component fiow rate in exit liquid to the component fiow rate 

in the exit gas), component mole fiactions Ui the exit gas and component mole fiactions in 

the exit liquid are given in Figures 5 -7, 5 -8 and 5.9, respectively. Sînce the concentration 

of hydrogen in the exit gas was an important value the comparison was made separately in 

Figure 5.10 with an expanded scale. 

Figure 5.7 Cornparison of experimental and predicted component distributions for binary 

gas absorption 



Figure 5.8 Cornparison of experimental and predicted exit gas compositions for binary gas 

absorption 

Figure 5.9 Cornparison of experimental and predicted exit liquid compositions for binary 

gas absorption 

0.10 

Experïmental composition in exit liquid (mol f r )  
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Figure 5.10 Cornparison of experirnental and predicted hydrogen compositions in the exit 

gas for binary gas absorption 

0.76 0.77 0.78 0.79 0.80 0.81 O B 2  0.m 0.84 

Experimental hydrogen in exit gas (mol @) 

The average percentage relative erron for the model predictions are given in Table 

5.1 which also indicates the number of iterations before the convergence. The results show 

that the model results were in good agreement with the experimental results and the 

predictions of hydrogen and methane mole fiactions in the exit gas were exceilent. 

Table 5.1 Percent relative errors in the model predictions for binary gas absorption 

Pressure b= Number of 
Iterations 

11 

13 

13 

12 

Hydrogen 
Methane 

Hydrogen 
Methane 

Hydrogen 
Methane 

Hydrogen 
Methane 

Product 
Distribution 

Exit Vapor 
Mole Fract. 

Exit Liquid 
Mole Fract, 



5.10.2 Ternary Gas Absorption Results 

The absorption of 73% hydrogen, 21% methane and 6% ethane in toluene, for 

which the experimentai data is given in Appendix 3.3, was simulated. Since the Peng- 

Robinson equation of state was used in the model, binary interaction parameters of ethane 

with other components were necessary for themodynamic properties and denvatives 

calculations. The binary interaction parameters for ethane-hydrogen and ethane-methane 

were taken fiom Trebble (1 9%) and were 0.0955 and -0.0002, respectively. The binary 

interaction parameter for ethane-toluene was calcdated with flash cdcuiations by 

comparing the caiculated solubilmes with the experllnental tematy gas solubilities given in 

Table 3. L 7. The optimum value for ethane-toluene binary interaction parameter was 

0.0377. 

For an idet gas flow rate of 227.54 std L/h ( 9 . 6 3 ~  10" kmoih) and an inlet liquid 

flow rate of 1.43 Lh (13.43~10'' kmol/h) at 10.44 MPa, Figures 5.11, 5.12 and 5.13 give 

the prediaed vapor phase mole firaction, liquid phase mole fiaction and temperature 

profiles in the absorber, respectively. The hydrogen composition increased monotonically 

while approaching the top because the combined methane and ethane mass transfer rates 

was always higher than hydrogen mass transfer rates. When compared to the absorption of 

binary gas where there was negligible decrease in temperature (0.3 K), the temperature 

was increased in the temary gas absorption by an average value of 10 K due to high 

absorption rates of methane and ethane. Since the hydrogen absorption rates were 

maximum at the top and ethane absorption rates were maximum at the bonom the 

temperatures increased exponentially while approaching the absorber bottom. Higher 

values of vapor temperatures compared to Liquid temperatures were mainly due to sensible 

kat contribution. It was observed that one order of magnitude increase in the vapor phase 

heat transfer coefficient decreased the maximum value of vapor temperature by more than 

8 K. 



Figure 5.1 1 Predicted vapor phase composition profiles for ternary gas absorption at 

O 2 4 6 8 1 O 12 14 16 18 

TOP Bottom 
Section number 

Figure 5.12 Predicted Iiquid phase composition profiles for temary gas absorption at 
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Figure 5.13 Predicted temperature profles for temary gas absorption at 10.44 MPa 

O 2 4 6 8 10 12 14 16 18 
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Figure 5.14 Cornparison of experimental and predicted component distributions for 

temary gas absorption 



Figure 5.1 5 Comparison of experimental and predicted exit gas compositions for ternary 

gas absorption 
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Figure 5.16 Comparison of experimental and predicted exit Liquid compositions for 

temary gas absorption 
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Graphical cornparisons of the experimental and predicted component distrï'butions, 

component mole fiactions in the exit gas and component mole fractions in the exit liquid 

are given in Figures 5.14, 5.1 5 and 5.1 6, respectively . Figure 5.1 7 gives the cornparison of 

the predicted and experimental results for the mole fiaction of hydrogen in the exit gas in 

an expanded scale. 

Figure 5.17 Comparison of experimental and predicted hydrogen compositions in the exit 

gas for ternary gas absorption 

0.79 0.80 0.81 0.82 

Experimental hydmgen in exit gas (mol fr) 

Average percentage relative errors in mode1 predictions compared to experimental 

results are given in Table 5.2 which also gives the number of iterations before 

convergence. The results show that the mode1 predictions were in good agreement with 

experimental results, with hydrogen and methane mole fractions predictions in the exit gas 

being excellent. Relatively high errors in ethane composition in the exit gas were attributed 

to experimental errors in meaniring very Iow concentrations of ethane. Errors in the 

component distribution for a temary gas absorption were higher compared to a binary gas 

absorption. This may be due to increase in temperature in the absorber in the simulation, 



absorption. This may be due to increase in temperature in the absorber in the simulation, 

affbhg the transport properties and themodynamic properiies and derivatives, whereas 

the experimental conditions were near i s o t h e d  due to heat losses to the environment. 

Table 5.2 Percent relative errors in the model predictions for te- gas absorption 

Pressure 
4 E . L  

6.99 

10.44 

13.88 

5-11 Summary 

- 

Number of 
Iterations 

Component 

Hydrogen 
Methane 
Ethane 

Hydrogen 
Methane 
Ethane 

Hydrogen 
Methane 
Ethane 

Product 
Distribution 

Exit Vapor 
Mole Fmct, 

Exit Liquid 
Mole Fract. 

Molar flow rates and compositions predicted by the model agree weli with 

experimental results for both binary gas and temary gas absorption in toluene. Considering 

the uncertainties involved in the prediction of transport and thermodynarnic properties the 

performance of nonequilibrium model was excellent. 

A better agreement between the predicted and experimental results also indicates 

that the procedures and assumptions made during the calculations of the ideal mass 

transfer coefficients nom the experimentd mass transfer coefficients in Chapter '4 are 

valid. 



CHAPTER 6 

Conclusions and Recommendations 

6.1 Conciusions 

The main objective of this study, to develop a data base and mode1 to facilitate the 

use of high pressure sponge oil absorption process for the purification of hydrogen, was 

fulfilled. General conclusions of this research project are as follows. 

For the removal of methane fiom high pressure hydrogen purge gases, 

countercurrent absorption with an optimum solvent was found to be economicaily 

attractive over mixer-separator, membrane and pressure swing adsorption processes. 

From solubility measurements it was identified that materials with structures 

similar to 2,2,4-trimethylpentane, n-octane, I-octene and methylcyclohexane are the best 

solvents for removal of methane h m  hydrogen. Solubility parameter correlations and 

equations of state predictions were developed for hydrogen and methane solubilities in a 

number of pure solvents and refinery oils, and predictions were found to be in good 

agreement with the experirnental data. It was observed that the presence of ethane in small 

amounts improved the selective separation of methane from hydrogen. It was also found 

that the addition of a solid parafEnic compound to an aromatic solvent normally increases 

the gas solubilities. 

Mass transfer coefficients were measured at high pressure conditions. Ideal mass 

transfer coefficients were calculated from these rneasured values by correcting for the 

difision mechanism and for the high mass transfer rates. Generalked correlations were 

developed for ideal mass transfer coefficients that can be used directly for equimolar 

counterdiffbsion and low flux or with the appropriate bootstrap and high flwc corrections 

for other systems. Hydrogen purity and recovery studies indicated that for a given solvent 

there is a trade off between purity and recovery. 



Rigorous simulations based on the nonequilibrium model were camed out and 

were successfuily evaluated with the experimental mass transfer data. The simulations 

provided the best results for the hydrogen composition in the exit gas of the absorber. 

6.2 Recommendations 

Aromatic-rich oils are often abundant in refheries and it would be desirable to use 

them as sponge oils. Therefore, it is important to discover methods of improving the 

methane solubility in those oils. Although the parafnnic wax additive did irnprove the 

aromatic solvent absorption capacity, it may be interesting to test a solid adsorbent in oil, 

such as fine activated carbon powder. 

It was observed that a small quantity of ethane in the gas increases the methane 

solubility significantly. It may be interesting to test the eEect of higher concentration of 

ethane and also ethane plus propane on the gas solubilities. Also, it would be interesting to 

identiQ the effect of presence of non hydrocarbon gases such as CO2, H2S and Nî on the 

selective absorption of methane over hydrogen. 

The solubility parameter correlations developed are applicable ody at 295 K. Fair 

estimates of the solubilities at other temperatures can be obtained using the theory of 

regular solutions (Prausnitz et al., 1986), and these could be verifïed experirnentaily. 

The mass transfer correlations should be evaluated with a larger diameter absorber 

using a higher number of packing pellets and higher gas and liquid flow rates. If the 

correlations are not valid for this larger scale, new correlations for ideal mass transfer 

coefficients could be developed using the given procedures. 

The nonequilibriurn model developed in this work can be used to sirnulate an 

absorber system where the liquid is a mixture of vaxious components. However, it is 

recornmended to fix the interface mass transfer rate of the heaviest component in the liquid 

to be zero for a rapid convergence. 
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APPENDK A 

Solubility Prediction Results 

A.1 Solubility Parameter Correlation Prediction of Pure Cas Solubilities in Pure 
Sotvents and Refinery Oüs 

C yclo hexane 

Ethylbenzene 

Methylcyclo hexane Benzene 

0.0198 O. 1432 
0.0278 0,2044 
0.0354 0.2557 
0.0428 0.2976 

Toluene 

Light Cycle Oil 



A.2 Peng-Robinson Equation of State Pndiction of Pure Gas Solubüities in Pure 
Soivents and Refmery Oiis 

Cyclo hexane 

Ethylbenzene 

Methylcyclo hexane Toiuene 

Light Cycle Oil 



A.3 SoaveRedlich-Kwong Equation of State Prediaion of Pure Gis Solubiüties in 
Pure Soivents and Refinery O b  
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Quinoline 
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Light Cycle Oil 



A.4 Solubitity Parameter Correiation Prediction of Binary Gas Solubilitis in Pure 
Solvents and Refuiery Oiis 
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A S  Peng-Robinson Equation of State Prediction of Binary G a s  Solubüities in Pure 
Solvents and Refmery Oiis 
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A.6 SoavtRedlich-Kwong Equation of State Prediction of Binary Gas Solubiiities in 
Pure Soivents and Refinery Oüs 
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APP ENDIX B 

Mass Transfer Experimental Data 

B.1. Pure Methane Absorption in Toluene 

Pressure = 3.54 MPa 

Absorber 
Met Gas 1 Outlet Gas 1 Inlet Liq 

Pressure = 6.99 MPa 

(std L/h) 
, 110.35 

Absorber 1 Se~arator 1 Absorber 

Separator 
Pressure 1 Outlet Gas 

Absorber 
CI& in Inlet 1 CH4 in Outlet 

(std Lh) 
100.62 

Pressure = 1 0.44 MPa 

- -  

CH4 in Outlet 
Liq (mol fi) 

O. 1591 
O. 1582 
O. 1568 
O. 1528 
O. 1532 
O. 1523 

1 
0.485 

C& in Inlet 
Liq(molfi) 
0.0043 
0.0047 
0.0048 
0.0052 
0.0054 
0.0057 

Met Gas 
(std Lh) , 
150.72 
150.99 
150.99 
15 1.29 
151.41 
151.70 

Inlet Gas 
(ad Lh) 
191.56 
191.26 
194.33 
1%. 10 
195.33 
195 .O3 
195.79 
198.55 

Absorber 

(MPa) 
O. 16 

Outlet Gas 
(std Uh) 
121.04 
116.81 
1 12.25 
107.87 
103.92 
101.27 

Outlet Gas 
(std L/h) 
132.48 
126.60 
123 .O0 
1 18.09 
113.04 
107.8 1 
101.04 
98.2 1 

(std Lm) 
9.74 

Met Liq 

0.722 
O. 83 9 
0.962 
1.114 
1.216 
1.303 

Met Liq 
1 

0.953 
1.059 
1.169 
1.279 
1.377 
1.482 
1.660 
1.740 

Liq (mol fi) 
0.004 

I 

Pressure 
(MPa) 

O. 17 
O. 19 
O. 19 
0.2 1 
0.2 1 
0.23 

1 

i Absorber 

Liq (mol fi) 
0.086 1 

Outiet Gas 
(stdL/h) 
29.69 
34.18 
38.74 
43 -42 
47.50 
50.44 

Separator 
C& in Inlet 
Liq (mol ff) 
O. 0064 
0.0066 
0.0067 i 

i 0.0069 
0.0071 
0.0072 
0.0076 
0.0078 

Pressure 
m a )  
0.26 
0.26 
0.27 
0.28 
0.28 
0.29 
0.30 
0.3 1 

CH4 in Outlet 
Liq (mol fi) 
0.22 18 
0.2 194 
0.2194 
0.2173 
0.2 162 
0.2137 
0.2090 
0.2 1 07 

Outlet Gas 
(std Wh) 
59.08 
64.67 
71-34 
77.00 
82.29 
87.22 
94.75 
100.33 



Pressure = 13.88 MPa 

Idet Gas 
(std Uh) 
242.56 
244.66 
243.69 
239.18 
242.49 
243 .O0 
243.58 
241.82 
242.54 
241.66 

Absorber 
Outlet Gas 
(ad Lh) 
163.00 
158.80 
151.92 
138.17 
137.39 
133.12 
126.56 
117.73 
111.68 
105.61 

Pressure 

s ! ! E L  
0.30 
0.32 
0.34 
0.3 5 
0.37 
0.38 
0.39 
0.4 1 
0.42 
0.43 

Outlet Gas 
(ad LAI) 
79.56 
85.86 
91.77 
101.01 
105.10 
109.88 
117.02 
124.10 
130-86 
136.05 

Ab! 
C a  in Inlet 
Liq (mol fr) 
0.0076 
0.0079 
0.0084 
0.0088 
0.009 1 
0.0095 
0.0096 
0.0102 
0,0105 
0.0108 

Pressure = 17.33 MPa 

Inlet Gas 
(ad Jm 
323.51 
322.06 
322.49 
325.50 
322.65 
324.2 1 
323.35 
324.64 

Absorber 
Outiet Gas 
(std Wh) 
203 .O0 
194.12 
183.12 
173.71 
166.95 
157.64 
148.79 
141.09 

rator 
Outlet Gas 
(std L/h) 
120.5 1 
127.94 
138.51 
151.79 
155.70 
166.57 
174.57 
183.55 

Iniet Liq 
(Wh) 
1.135 
1.316 
1.327 
1.472 
1.536 
1.664 
1.75 1 
1.845 

- - 

rrber 
CH4 in Outlet 
Liq (mol fi) 

O -280 1 
O -279 1 
0.2749 
0.2777 
0.2759 
0.2752 
0.27 15 
0.2702 
0.2684 
0.2655 

Sq 
Pressure 
(MPa) 
0.40 
0.4 1 
0.43 
O -46 
0.48 
0.50 
0.52 
0.54 

Ab i 
C)Z, in Met 
Liq (mol fr) 
0.0100 
0.0103 
0.0108 
0.01 15 
0.0120 
0.0126 
0.0129 
0.0234 

CH4 in Outlet 
Liq (mol fi) 
0.3278 
0.3259 
0.3243 
0.322 1 
0.3 187 
0.3 163 
0.3 156 
0.3 155 



B.2 Binary Gas Absorption in Tolaene 

Binary Gas Composition: 73% HI + 27% C& 

Pressure = 6.99 MPa 

Absorber Out Lia Absorbl 
In Gas 

m 
70.30 
70.3 0 
70.30 
70.30 
70.30 
70.30 
70.30 
70.30 

3 5 -05 
52.52 
70.30 
89.96 

Flows 
. - 

Flow 

6.28 
7.55 
8.79 
9.89 
10.95 
1 1.95 
12.75 
13.58 

7.07 
7.4 1 
7.55 
7.66 

In Liq 

0,507 
0.618 
0.734 
0.840 
0.955 
1.068 
1.173 
1.280 

0.61 8 
0.618 
0.618 
0.618 

Flow 

64.02 
62.75 
6 1-52 
60.41 
59.35 
58.35 
57.56 
56.72 

27.98 
45.12 
62.75 
82.29 

Pressure = 10.44 MPa 

1 Absorber Flows 1 Absorber Outlet 1 Se; irator Outlet 1 Absorber Out Lia 
Flow 

k L Q  
15.15 
17-64 
20.20 
22.20 
24.36 

In Gas 
(S 
109.87 
109.87 
109.87 
109.87 
109.87 

In Liq 

0.846 
1.037 
1.208 
1.376 
1.591 

Flow 
(s Lfh) 
94.72 
92.23 
89.67 
87.68 
85.52 



Pressure = 13.88 MPa 

Absorb 
InGas 
(S L/h) 
185.33 
185.33 
185.33 
185.33 
185.33 

147.39 
166.18 
185.33 
206.05 

r Fiows 
In Liq 

1.209 
1.378 
1.568 
1.724 
1.883 

1.209 
1.209 
1.209 
1.209 

Sel 
Flow 

27.62 
30.65 
33.3 1 
35.25 
37.4 1 

26.93 
27.34 
27.62 
27.78 

Absorber Out Lia 

Pressure = 17.33 MPa 

Absorber Flows Absorber Outlet arator Outlet Absorber Out Lia 
Flow 

302.94 
300.6 1 
298.37 
296.70 
294.79 
293.88 
292.56 
290.42 

257.53 
27 1.53 
298.37 
3 18-07 
338.3 1 



B 3  Ternary Gas Absorption in Toïuene 

Ternary Gas Composition: 73% Hz + 21% + 6% CJ& 

Pressure = 6.99 MPa 

rber 
In Liq 
.O 
0.755 
0.873 
0.986 
1.110 
1.21 1 
1.355 

0.986 
0.986 
0.986 
0.986 
0.986 
0.986 

1 

Flow 
&L!Q 
75.99 
74.82 
73 -49 
72-17 
71.13 
69.85 

56.04 
73 -49 
89.99 
107.49 
125 .O8 
142.93 

Pressure = 1 0.44 MPa 

bsorber 
H2 

(m.£) 
0.8078 
0.8 153 
0.8212 
0.8302 
O. 83 59 
0.8436 

O. 8400 
0.8212 
0.8 122 
O. 8023 
0.7964 
0.7877 

Absorber 4 

Flow 
(s 
197.99 
196.49 
194.73 
192.94 

150.16 
172.95 
194.73 
218.04 
240.66 

In-Gas 
(sW 
227.54 
227.54 
227.54 
227.54 

bsorber 
H2 

(m.f) 
0.7966 
0.7995 
0.8020 
O. 8044 

0.8145 
0.8076 
0.8020 
0.7959 
0.7904 

In Liq 
Wh) 
1.170 
1.280 
1.426 
1.646 

;as Outl 
CH4 

(m-f) 
O. 1784 
O. 1727 
O. 1688 
0.1619 
O. 1578 
O. 15 16 

O. 1545 
O. 1688 
O. 1757 
O. 1827 
O. 1864 
O. 1910 

ias Outl 
CH4 

(m.E) 
O. 1847 
O. 1823 
0.1804 
O. 1783 

O. 1702 
O. 1756 
O. 1804 
O. 1833 
O. 1877 

Separa 
Flow 

29.55 
3 1 .O6 
32.82 
34.60 

31.14 
32.03 
3 2,82 
33.24 
33.90 

Absorber Liauid Outlet 

Absorl 
Hz 

(m-f) 
0.025 1 
0.0250 
O. 0244 
0.0230 

0.0244 
O. 0242 
0 .O244 
O .O244 
O .O243 



Pressure = 13.88 MPa 

Absorber Absorber Gas Outlet Separa 
Flow Hz C E  Cz& Flow 

(sL/h) (m.E) (m.f) (mf) (S Lh) 
300.20 0.7965 O. 1838 0.0197 45,737 
298.29 0.7984 O. 1815 0.0210 47.653 
296.37 0.8015 0.1803 0.0182 49.569 

1 Absorber Liauid 



APPENDIX C 

Transport Properties Estimation 

Peng-Robinson Equation of State (1976): 

Standard Form: 

RT aa p=-- 
v-b v' + 2bv- b' 

Parameters: 

Polynornial Form: 

z 3 - ( ~ - B ) z ~  + ( A - 3 ~ '  - ~ B ) z - ( A B - B ' - B ~ ) = o  



Molar Densitv (kmollrn31 
- 1 - P P =  - -- P in kPa & R=8.314 kPa m3/kmol K 

v ZRT 

Residual Enthalw (kJ/kmol) 

Residual S~ecific Heat (kJ/kmol Q 

f'!EIZ d' (au) 

Fugacitv Coefficient 

Pure - lne=(z -1) - ln(z -B) - -  2JZ B 

B, A B 2 i  ) l n ( z + 2 4 1 4 ~ )  Mixture 1.4, =-(z- 1)-ln(.-BI+- [--- 
B 2 & ~  B A,=, y,*, z - 0.414 B 

Related Terrns: 
d(aa) 

where 
Wi = (0.37464 + 1.54226 - 026992 w f ) 



ViscositY (em/cm sl by Chung et al. (1988) Correiation 

where 

Dilute gas viscosity (Chapman-Enskog theory) q, = 26.69 x lod (MT) 
02R, 

T 
Dimensionless temperature Tm = - T is in Kelvin 

( E  k) 
P otential energy parameter Tc -- - 

12593 

A, = 6.32402 + 50.41 19 w 
Al = 0.0012102 - 0.001 1536 O 

A, = 528346 + 254209 w 
A, = 6.62263 + 38.0957 o 
A, = 19.7454 + 7.63034 o 
A, = -1.89992 - 125367 
A, = 242745 + 3.44945 o 
A, = 0.797 16 + 1.1 1764 o 
A, = -023816 + 0.067695 
A,, = 0.068629 t 0.34793 o 



Thermal Conductivitv (calkm s K) by Chung et ai. (1988) Codation 

where 

ïherrnal conductivity of dilute gas ho = 7.452 w - (MI 



Mïxirig Mes for Mumire Properties 

Binary Parameters 

2 MiMJ 
MtJ = (M, + M,) 



Liauid Diffusintv (cm2/s) by Wong and Haydok (1990) Cordation 

DafuJivities of component i in j where soivent j is infmitely diluted with i 

Vignes Correction for Concentration (Reid et ai., 1987) 
X~ x i  

D,, = (Di)= x pyi)G 

Gas Diffusivifv (cm2/s) 

Low Pressure Diffusivities by Chapman and Enskog (Reid et aï., 1987) 

where 

- a1 +G, 2 MiM, 
6, - 2 = (M, + M , )  

where TIJ = 
T 

(E 1 k)lJ 
with Steil and Thodos Parameters (Reid et al., 1987) @en by 

Dense Gas Diffusivities by Sigmund (1976) 

for cm < 3.0 a, = 0.99589 + 0.0960 16 p, - 022035 j5: + 0.032874 PL 

and for Fm >3 .O a, = 0.18839 exp(3.0 -Fm) 
C 

- C Y, c3 
with i=i where P ,  = 



Liauid Surface Tension (dvn/cm) by Maclrod-Sugden Cordation (Reid et aL, 
1987): 

where 

a, = surface tension of mixture, dyn/cm 
[Pi] = parachor of component i 
xi, Yi - = mole hct ion  of i in liquid and vapor phases 
p, = liquid mixture deTlSity7 mol/m3 - 
p, = vapor mixture density, mol/cm3 



APPENDIX D 

Thermodynarnic Properties and Derivatives Calculation 

From PR-EOS using Molierup and Michehen (1992) Procedure: 

Standard Form 

nRT pz-- 
D 

V-B v ' + ~ B v - B '  

where 

Residual Helmholtz Function 

Reduced Residual Helmholtz Function 

First Derivatives 



Second Derivatives 



Component Mole Derivatives: 

Derivatives of the Mixture Parameters: 
B, = b, 



Pressure Term and Derivatives: 

Thermodynamic Properties: 
Residual E n t h d ~ v  (k.J) 
Hr(T,P,n)= Ar(T,V7n)+TSr(T,V,n)+PV- nRT 
where Ar (T, V, n) = RTF 

Sr (T, V7 n) = -TRF, - RF 

Fu~acitv Coeffrcien t 
ln 4, = F,, - ln(z) 

Thermodynamic Property Derivatives: 
Enthalpv Derivative with Moles martial molar Enthalpv) (kJ/kmol) 

Enthalpv Derivative with Tem~erature (Specific Hat )  W/kmol K) 

Fugacitv Coefficient Derivative with Moles (l/kmol) 

1 PJ,, 1 (y) = +-- +- 
RT P, n 

Fugacitv Coefficient Derivative with Tem~erature (lm 
1 pnip* 1 +- 
RT P, T 
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