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ABSTRACT 

To date, no comprehensive kinetic model of a Claus reaction furnace 

exists. Despite this fact, many engineering calculations routinely employ 

empirical or semi-theoretical thermodynamic models based on achieving 

equilibrium to estimate the product distributions from the front end of sulfur 

recovery plants. Most, if not all, fail to predict the furnace products accurately or 

consistently, particularly in the presence of high levels of C 0 2 and hydrocarbon 

contamination. The failure of these models is fundamentally a result of 

neglecting kinetic considerations. 

The combustion of acid gas in a Claus reaction furnace under partial 

oxidizing conditions leads to a complex system of linked reactions whose extent 

is a function of composition, temperature and pressure. Hydrocarbon 

contamination serves to complicate this system due to the competitive nature of 

the oxidation reactions that occur involving H 2 S and hydrocarbon species. 

Although over one hundred reactions have been identified as occurring within a 

Claus reaction furnace, obtaining kinetic data and valid rate expressions for all 

these reactions is impractical and would ultimately result in a model that is 

cumbersome and difficult to implement. 

As an alternative to developing a model encompassing all reactions 

occurring in the reaction furnace, a reduced order kinetic model has been 

developed wherein a subset of key reactions is used to represent the system. 

The kinetic parameters of the model have been fitted to experimental data 

obtained from Alberta Sulphur Research that is representative of a typical Claus 

iv 



plant feed. The fitting of the experimental data was achieved using a heuristic 

search algorithm that utilizes stochastic search directions to yield a global 

solution. 

For the first time, a truly kinetic model of the Claus reaction furnace has 

been developed that correctly predicts the qualitative behavior of key 

components including C O , C O S , C S 2 and H 2 . Using the newly developed model, 

an excellent outcome has been achieved, resulting in an overall fit of the 

experimental data of less than 13% average absolute error. 
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CHAPTER ©ME 

INTRODUCTION 

1.1 Background 

In the wake of increasing public pressure to preserve a clean 

environment, stringent regulations have been set to curb the emission of 

gaseous pollutants to the environment. According to an Environmental 

Protection Service (EPS) Report, in 1993 there were 176 sour gas processing 

plants and two tar sands plants in Alberta alone, which contributed to more than 

90% of the total licensed SO2 emissions from the three western provinces of 

Canada. The primary source of S 0 2 emissions from these sour gas processing 

plants can generally be traced back to the modified Claus process, which is the 

most common method used to recover sulphur from sour gas streams. It is of 

critical importance then to reduce the emissions from these processing plants 

since they represent a major portion of the S 0 2 released into the environment. 

Since little is currently known about the complex mechanisms governing the 

operation of the front end units of the modified Claus process, a crucial step in 

reducing S 0 2 emissions and thereby enhancing overall sulphur recovery is 

developing a better understanding of the process chemistry and reaction kinetics 

taking place within the reaction furnace (RF) and waste heat boiler (WHB). 



2 

1.2 Sour Gas Formation 

In general, the hydrocarbon mixtures produced by the decay of organic 

material are predominantly formed in a non-oxidizing environment. Gas souring 

by thermochemical sulfate reduction occurs when the stratum in which the 

organic matter is laid down contains a significant amount of sulfate minerals. 

Although generally perceived as a very poor oxidant, over millions of years 

sulfate will convert methane, as well as other hydrocarbons, according to the 

following chemistry (Heydari, 1997): 

C H 4 + C a S 0 4 » H 2 S + C a ( O H ) 2 + C 0 2 (1.1) 

The carbon dioxide thus produced reacts with calcium hydroxide to produce the 

carbonate reservoir commonly associated with sour gas production. This 

reaction is governed by the following stoichiometry: 

Ca(OH) 2 + C 0 2 <=> C a C 0 3 + H 2 0 (1.2) 

Although the oxidation of hydrocarbons by sulfate is typically a kinetically limited 

process, when exposed to high temperature sulfate-rich reservoirs over long 

periods of time, sour gas containing primarily H2S is the result (Worden et al., 

1995). 

Even though much of the global supply of oil and gas matures in a non-

oxidizing environment, the widespread occurrence of sulfate minerals in certain 

regions of the world ensures that a significant portion of our hydrocarbon 

reserves are sour to some degree (Clark and Davis, 1999). Before it can be put 

to commercial use, the sour gas must first be processed to remove the acid gas 
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components. A byproduct of this processing is an acid gas stream containing 

primarily CO2 and H 2 S, but also small amounts of water, amine and hydrocarbon. 

In order to safely dispose of this waste stream, the acid gas is further processed 

to convert the H 2 S to elemental sulfur, most commonly through the use of the 

modified Claus process. 

1.3 Overview of the Claus Process 

Carl Freidrich Claus patented the original Claus process in 1883. In it, H 2 S was 

partially oxidized over a catalyst at relatively low temperatures between 200°C 

and 350°C to yield elemental sulphur and water: 

In equation 1.3, S x (x=1,2,...,8) represents stable sulphur allotropes present at 

process conditions. The process was modified in 1937 by IG Farbenindustrie 

AG by dividing the process into two parts; a free-flame total oxidation of one third 

of the H 2 S to S 0 2 , followed by the catalytic reduction of the S 0 2 by the remaining 

H 2 S at significantly lower temperatures ranging from 170°C to 370°C: 

H 2 S + | 0 2 - + S 0 2 + H 2 0 (1.4) 

Although many variations on the theme exist, in particular to process low H 2 S 

content streams, most modern configurations to treat acid gas are based on the 

modified Claus process. A schematic diagram of a two-stage modified Claus 

plant is presented in Figure 1.1. 

H 2 S + ! 0 2 ^ j S x + H 2 0 (1.3) 

2H 2 S + S 0 2 - * | S X + 2 H 2 0 (1.5) 
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1.4 Description of the Modified Claus Process 

In general, an acid gas stream at a pressure typically ranging from 130 to 

180 kPag is fed to the reaction furnace burner along with an appropriate quantity 

of air to oxidize feed contaminants and result in a 2 : 1 ratio of H 2 S : S 0 2 in the 

reactor effluent. The actual residence time of the hot gas in the furnace is 

usually between 0.6 to 1.5 seconds (Hyne and Goar, 1996), depending on the 

feed composition and the configuration of the process. The combustion of H 2 S 

in the reaction furnace (equation 1.4) is accompanied by numerous other 

reactions such as the thermal decomposition of H 2 S and the destruction of feed 

impurities including ammonia and hydrocarbon species. The hot gases from the 

reaction furnace are cooled in an attached waste heat boiler where key Claus 

reactions are quenched. 

Upon exit from the waste heat boiler, the gas is usually fed to a condenser 

where the elemental sulfur formed in the furnace is recovered in liquid form. So 

as to prevent the deposition of liquid sulphur on the catalyst surface, the 

remaining gas is reheated prior to each catalytic stage. In most cases, two or 

three catalytic stages are employed to achieve an overall sulfur recovery in the 

range of 95 to 98 percent. The majority of catalysts used in the Claus process 

are alumina-based and often contain special promoting agents to achieve longer 

service life and enhance the hydrolysis of the C O S and C S 2 formed by numerous 

side reactions in the front-end thermal units. If it does not meet local emissions 

specifications, the gas phase effluent leaving the last condenser is sent to a Tail 



Gas Clean-up Unit (TGCU) before disposal to the environment. Tail Gas Clean

up Units such as the Shell Claus Off-gas Treating (SCOT) process are very 

expensive and often cost as much as the entire Claus plant (Younger, 1992). 

This economic reality provides significant incentive to develop alternative means 

of reducing the sulfur emissions from the many Claus plants currently in service. 

1.5 Claus Reaction Furnace 

The sulphur recovery unit (SRU) thermal reactor, or reaction furnace, is 

essentially a burner followed by a low-pressure refractory-lined combustion 

chamber. Although the normal operating temperature of the furnace is typically 

much lower, the refractory brick itself must be capable of withstanding 

temperatures of 1350°C - 1650°C that can occur during start-up when firing with 

natural gas (Goar and Fenderson, 1999). The burner and reaction furnace are 

typically installed horizontally with the burner coaxially mounted at the front end 

of the reaction furnace. A simplified schematic diagram is shown in Figure 1.2. 

From a design perspective, the furnace is a critical component of the 

sulphur recovery unit. In addition to providing significant sulphur conversion, it is 

also the source of key compounds that ultimately dictate the operation and 

efficiency of the plant. Feed impurities and intermediate components must be 

destroyed in the reaction furnace to prevent a loss of recovery efficiency and 

eliminate the potential for other downstream problems addressed in the following 

section. So as to eliminate the undesired components, the reaction furnace 
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must provide adequate residence time for the reactions to approach completion, 

typically between 0.6 - 1.5 seconds (Hyne and Goar, 1996). The furnace is often 

equipped with choke rings, checker brick walls and other internal components 

that improve mixing and thereby reduce the mass transfer resistances that result 

in lower observed reaction rates. The specific features and residence time 

required for an individual reaction furnace are dependent on a variety of factors, 

foremost among these being operating temperature and expected feed 

impurities. 

In general, the average adiabatic flame temperature of the reaction 

furnace ranges from 950°C and 1350°C (Monnery et al., 1993), although the 

actual flame temperature is a function of the feed composition and inlet 

conditions. Combustible species such as hydrocarbons, H 2 S and N H 3 tend to 

increase the flame temperature, while non-combustibles and inerts such as H2O, 

CO2 and N 2 cause a decrease in temperature either by participating in 

endothermic reactions or by passively absorbing the sensible heat generated in 

exothermic reactions. 

Up to 65% sulphur recovery can be achieved at the front end of a "straight 

through" type process (Younger, 1992). The term "straight through" implies that 

the entire acid gas feed passes through the furnace, with no portion bypassing 

the furnace and entering the converter beds directly. A bypass is typically 

required when the H 2 S content of the acid gas feed stream drops below 30%, so 

as to prevent an unstable flame in the burner. Although the front end of a 
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modified Claus plant can account for a large portion of the total sulphur 

recovered, it is also the source of troublesome intermediates such as C O S , C S 2 , 

C O and NO. 

The production of C O S and C S 2 is of particular concern in that both are 

sulphur containing species that potentially represent unrecoverable sulphur 

losses from the exit of the plant. According to field studies performed by 

Western Research, as much as 8% of the inlet sulphur has been measured at 

the plant outlet as C S 2 and up to 4.5% as C O S (Paskall, 1981). In fact, as much 

as 10% of the total inlet sulphur can be tied up in these compounds, although the 

usual observed range is reported to lie between 0.5 to 2.0% (Sames et al., 

1987). If these components are not hydrolyzed in the first catalytic stage, they 

represent considerable sulphur losses at the back end of the plant. As described 

in later sections, the higher temperatures required to hydrolyze C O S and C S 2 

have a deleterious effect on the H 2 S conversion that can be achieved in the 

converters. 

Another potential operational difficultly that is frequently encountered is 

the incomplete combustion and pyrolysis of N H 3 in the reaction furnace, resulting 

in the carryover of NO and N H 3 into the converter beds. NO acts as a catalyst 

for the conversion of S 0 2 to SO3, which plays a critical role in catalyst sulphation. 

As indicated by Grancher (1978), catalyst sulphation is the leading cause of 

activity loss in the converter beds of a modified Claus plant. N H 3 forms 

ammonium salts at the reduced temperatures encountered downstream of the 
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furnace, fouling catalyst beds and plugging process piping and equipment, 

ultimately reducing plant performance and reliability. Not unlike NH3, 

hydrocarbons may also undergo incomplete oxidation or pyrolysis in the furnace, 

producing carsul or coke. These carbonaceous species are often deposited 

downstream of the furnace resulting in catalyst coking, further altering process 

hydraulics and eventually resulting in the costly regeneration or replacement of 

the catalyst. 

1.6 Environmental Considerations 

The reliability of the sulphur recovery facilities in today's petroleum 

refineries and gas processing plants is crucial to their economic success. 

National and provincial emission standards simply will not allow these facilities to 

operate for any significant period without the sulphur recovery units operating at 

or above the required recovery efficiency. Throughout the world, the production 

rates in oil refineries and gas processing plants are increasingly dictated by the 

capacity of the sulphur recovery facilities operated at these plants. It is not 

uncommon for outages in the sulphur recovery facilities to force curtailment or 

even cessation of production in refineries and gas plants because of the 

emission standards regulating these processing facilities (Hudson and Grigson, 

1998). As a result, it is of paramount importance to design and operate sulphur 

recovery facilities in a manner that maximizes efficiency and reliability. 
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Provincially, the Sulphur Recovery Guidelines for Sour Gas Plants in 

Alberta, issued by the Alberta Energy and Utility Board (AEUB) in August 1988, 

describes sulphur recovery guidelines for new sour gas plants, and is 

summarized graphically in Figure 1.3. The decision to not apply these guidelines 

retroactively was made having regard for the cost that would be imposed on the 

industry to upgrade the facilities relative to the perceived benefits and the 

expected remaining operating lives of the plants. However, a provision was 

made to impose the restrictions on existing plants if either the capacity of the 

current facilities were substantially increased or if new sour gas connections 

were made that significantly extended plant life. 

Although the main impetus driving the sulphur recovery industry is 

environmental protection, it is an economic certainty that everyone associated 

with the oil and gas industry will feel the impact of a tighter costing market. With 

the recovered sulphur product selling for less than 20% of its inflation adjusted 

value forty years ago (Hyne, 1999), costly add-on units for tail gas clean up, acid 

water treatment, ammonia destruction and other similar improvements that have 

been commonplace in the past will be much less attractive in the future. What is 

more likely to be in demand are cost effective improvements to the basic S R U 

science that is at the heart of the process. Key to achieving this goal is 

developing a better understanding of the fundamental processes underlying the 

operation of the Claus furnace. This unit has been targeted since process 

mistakes at the front of the plant can dramatically impact downstream 



operations, and typically require costly solutions. In fact, many of the tail gas 

treatment techniques that are now in use to overcome poor furnace operation 

may ultimately double the cost of the entire plant (Younger, 1992) while only 

achieving a small improvement in overall sulphur recovery. Clearly, it would be 

preferable to improve furnace operation so as to take the load off the tail gas 

units, or even eliminate them altogether in cases when an incremental 

improvement could effect such a change. 

1.7 Scope of research 

Much of the rationale behind the design of Claus sulfur plants, and in 

particular, the reaction furnace, has been based on a thermodynamic analysis of 

the system. Although a reasonable starting point, this approach has led to 

several misconceptions that have manifested themselves in poor plant design 

and, as a consequence, inefficient sulfur recovery (Clark, 1999). Using 

equilibrium calculations to predict furnace behavior ignores the inherent kinetic 

limitations encountered in the actual reaction furnace, while empirical 

correlations tend to oversimplify the complexity of the many reactions taking 

place. As such, both methods fail to predict furnace performance reliably. It is 

thus evident that the kinetic behavior of key components in the furnace be 

properly characterized to accurately predict furnace behavior. 

To date, there has been a dearth of kinetic models to represent the Claus 

furnace, primarily for two reasons: one, the complex chemistry involved makes it 
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difficult to assess which reactions are key to the process; and two, there is little 

in the way of published kinetics for those reactions that have been identified. 

Obtaining kinetic data and valid rate expressions for all potential reactions is 

difficult and impractical, and would result in a model that is cumbersome and 

difficult to implement. 

A more practicable alternative to this is to select a subset of reactions that 

adequately represent the system, and account for any deficiencies in model 

complexity by fitting the kinetic parameters to measured data. As a first step 

towards accomplishing this goal, Alberta Sulphur Research was requested to 

measure product distributions of typical acid gas feeds over a wide range of 

temperatures and residence times. The experimental matrix consisted of feed 

compositions varying from 30% H 2 S to 90% H 2 S, temperatures between 950°C 

and 1250°C and nominal residence time ranging between 0.5 and 2 seconds. 

The balance of the feed mixtures was comprised of C 0 2 , water and trace 

amounts of methane, with enough air to fully oxidize the hydrocarbon and result 

in a 2:1 ratio of H 2 S to S 0 2 based on equilibrium calculations. 

The second stage of this project, and the part that is the primary focus of 

this work, involves modeling the measured data using a reduced order kinetic 

model. The major objectives of this work are to identify which reactions are 

representative of the system, and to determine global kinetic parameters for 

those reactions. Once established, this kinetic model can be used to predict the 

performance of Claus thermal units enabling the development of more cost 
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effective improvements in design and operation, resulting in improved efficiency, 

recovery and reliability. 

1.8 Summary 

In view of the growing pressure to curb the emission of gaseous pollutants 

into the environment, the regulations governing the recovery of sulphur from 

Alberta's Claus plants have become increasingly strict. In order to address these 

concerns, various aspects relating to the operation and design of a Claus plant 

have been examined so as to elucidate a cost effective means of increasing 

recovery. The factors influencing the operation of the reaction furnace have 

been largely ignored in past efforts, however, due to a lack of sufficient kinetic 

data to deduce an applicable model of the reaction furnace. The focus of this 

work is thus to develop a kinetic model of the Claus reaction furnace to be used 

in the improved design and operation of sulphur recovery facilities. 
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CHAPTER TW© 

LITERATURE REVIEW 

2.1 Introduction 

North America produced 49% of the world's elemental sulphur in 1994 

(Canadian Sulphur Review, 1994), and in Alberta alone, nearly eight million 

tonnes of sulphur were produced in 1996 as a result of ongoing oil and gas 

operations (Oilweek, 1997). Although current sulphur recovery techniques are 

far more efficient than in the past, sulphur dioxide emissions still remain a 

contentious environmental issue. Given the predominance of the Claus process 

as a means of sulphur recovery, it is clear that a better understanding of the 

underlying chemistry would ultimately lead to an overall reduction in sulphur 

emissions. Specifically, accurate modeling of the reaction furnace, which 

accounts for over half of the sulphur recovered in a straight through process 

(Younger, 1987), has been targeted as a major area of improvement. 

Modeling efforts associated with the Claus reaction furnace can 

essentially be divided into two major categories; overall furnace studies and 

individual kinetic studies relating to specific reactions occurring within the front-

end units of a modified Claus plant. The overall furnace studies have primarily 

focused on the development of equilibrium (Kerr and Berlie, 1977; Dalla Lana 



and Truong, 1979) or empirically based models (Fischer, 1974; Sames and 

Paskall, 1985)to describe the complex chemistry associated with the furnace and 

waste heat boiler. Secondary studies have also included a thorough 

examination of heat transfer effects on the furnace and reboiler (Karan et al., 

1994; Nasato et al., 1994), as well as reviewing specialized operational modes 

such as oxygen-enrichment (Khudenko et al., 1993; Sames et al., 1990). 

Unfortunately, the majority of the kinetic studies pertaining to Claus reactions 

were not performed at process conditions and are therefore of limited value for 

the purposes of this work. Of the few published studies that were done at Claus 

process operating conditions, most are in considerable disagreement with each 

other, making a definitive conclusion about the nature of the reactions nearly 

impossible. 

2.2 Claus Process Studies 

Most recent studies pertaining to the modified Claus process have been 

concerned predominantly with optimizing the performance of the catalytic stages 

and examining the effects of process modifications such as oxygen enrichment. 

Both Grancher (1978) and Hyne and Goar (1996) have summarized the salient 

operational constraints imposed on sulphur recovery technology and in so doing 

have provided a concise guide to the current body of knowledge relating to the 

modified Claus process. In his work, Grancher discusses the impact of feed 

contaminants, process temperature and catalyst kinetics on the Claus process, 
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as well as examining the effects of catalyst deactivation and fouling. The role of 

the furnace in the formation and destruction of catalyst poisons is also 

emphasized in this work. The significant impact that these contaminants can 

have on the oxygen requirements of the process is also indicated. It was 

therefore concluded that the performance of the furnace plays a critical role in 

the overall efficiency of the downstream operations, and hence the efficacy of 

the process in general. 

In their work, Hyne and Goar intimate that a systematic examination of the 

Claus process is necessary to keep pace with the current trends in regulatory 

standards. To underscore this point, they suggeste that the reaction furnace has 

long been seen as a method for correcting operational mistakes upstream, 

resulting in limited scientific studies of the kinetic behavior of the furnace. 

However, given the central role the furnace plays in contaminant formation and 

destruction, this approach is no longer economically feasible. Further, they point 

out that the evolution of burner design requires a more sophisticated 

understanding of the fluid mechanics underlying the combustion process and 

add that a kinetic study of the combustion reactions would compliment this effort. 

In a broad sense, Paskall et al. (1992) concur with the general conclusions 

drawn by Grancher as well as those of Hyne and Goar, and further add that 

despite the pivotal role of the furnace in the modified Claus process, the design 

criteria for the furnace is poorly known owing to the complexity of the reactions 

and a lack of relevant kinetic data. 
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2.3 Reaction Furnace Studies 

In general, furnace temperatures lower than 900°C are considered 

undesirable as the burner flame becomes unstable, leading to decreased plant 

operability. Flame temperature is increased by the presence of combustibles, 

such as H 2 S, hydrocarbons and ammonia, whereas diluents such as water, C 0 2 

and nitrogen decrease the furnace temperature and destabilize the flame 

(Paskall and Sames, 1992). The mean temperature in a Claus furnace is 

therefore a strong function of inlet gas composition. In addition, furnace 

temperature is also sensitive to the ratio of the combustion air to the inlet gas, in 

part due to the thermal inertia of inert species, but also a consequence of the 

heat released by the exothermic combustion reactions. The problem of 

identifying the optimal flow rate of combustion air is therefore circular in nature, 

as the resultant deviation in furnace temperature impacts the ultimate product 

distribution and alters the corresponding air requirement. It is therefore critical 

that the kinetics of the reacting species be determined so that the coupled 

operational parameters can be studied independently. Currently, in the design 

of Claus plants, the flame temperature and thus air requirement is calculated 

using either equilibrium calculations or empirical correlations. 

2.3.1 Equilibrium Studies 

The literature on equilibrium studies pertaining to the Claus process is 

fairly extensive dating back to Gamson and Elkins in 1953. This study on the 
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equilibrium of an H 2 S - air system was one of the first detailed thermodynamic 

studies related to the Claus process. In solving the requisite mass balance 

equations, an iterative approach was adopted, however only the species S2, S 6 , 

S 8 , S 0 2 , H 2 S, H 2 0 and N 2 were considered in their calculations. 

Although equilibrium models have, in general, been shown to be 

inaccurate in predicting the concentrations of certain exiting species (Monnery et 

al., 1993), selected equilibrium studies have revealed reacting species previously 

not thought to be significant. Bennet and Meisen (1973) studied H 2 S - air 

equilibria at temperatures between 327°C and 1727°C and deduced that there 

were numerous species present that had been previously overlooked. It was 

also concluded that using less than the stoichiometric requirement of air 

maximized sulphur production from the furnace. Meisen and Bennet (1974) 

continued this work by calculating equilibrium distributions at similar 

temperatures based on feeds containing H 2 S, C 0 2 , H2O and air. As a result of 

the study, it was concluded that the presence of H 2 0 and/or C 0 2 reduced the 

yield of sulphur. 

Kerr and Berlie (1977) compared Claus plant data to equilibrium results 

and found that for most inlet compositions, the actual sulphur conversion was 

significantly lower than that obtained based on equilibrium calculations. Sames 

and Paskall (1985) also compared plant data with equilibrium calculations, and 

established that C O and H 2 levels were lower in practice than predicted by 
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equilibrium. Additionally, it was observed that C O S and CS2 levels in the furnace 

effluent were significantly higher than are predicted by equilibrium calculations. 

Dalla Lana and Truong (1979) suggested that equilibrium calculations 

involving sulfur allotropes should be based on experimentally obtained results for 

the H 2 S decomposition reaction. An important contribution of this work was the 

use of Gibbs free energy minimization for calculating multicomponent 

equilibrium, a technique that is in wide use today. Khudenko et al. (1993) 

employed commercially available software (STANJAN) to predict reaction 

equilibria for the Claus process under oxygen-enriched conditions. Subsequent 

studies employing free energy minimization calculations include Monnery et al. 

(1993) and Moore (1993). 

In their work, Monnery et al. (1993) give a concise summary of the 

underlying issues related to the design and operation of a Claus furnace. In this 

work, it was put forth that efficient operation of the furnace is not simply a matter 

of supplying sufficient oxygen and heat to destroy contaminants and provide the 

appropriate ratio of H 2 S to S 0 2 . Rather, one must also be mindful of specific 

side reactions that result in significant amounts of unrecoverable sulphur losses, 

such as those directly or indirectly related to C O S and C S 2 production, as well as 

those reactions associated with the formation of catalyst poisons or fouling 

agents. The primary objective of the studies by Monnery et al. (1993) and Moore 

(1993) was to draw attention to the fact that equilibrium calculations are 

inappropriate for predicting the product distributions from the reaction furnace. 
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To wit, not all the species in the furnace are at equilibrium, and in particular, CO, 

H 2 , C O S and C S 2 . As indicated in the following section, empirical methods of 

predicting outlet compositions such as the Fischer Nomograph and the Western 

Research correlations were also discussed by Monnery et al. (1993). 

2.3.2 Empirical Correlations 

In order to overcome the limitations associated with equilibrium 

calculations, empirical models were developed. In 1974, Fischer introduced 

nomographs to be used in calculating the volume percent of the primary species 

exiting the furnace. The nomographs were generated based on hypothetical 

formation reactions for H 2 , CO, C O S and C S 2 , assuming ideal enthalpies of 

formation and equilibrium constants. By setting the water content of the feed at 

a constant 5.6% (saturated at feed conditions), the nomographs are a function of 

H 2 S, C 0 2 and methane concentrations in the feed. 

Sames and Paskall (1985) developed empirical correlations to predict the 

exiting mole fractions of CO, H 2 , C O S , C S 2 and sulphur, based on the H 2 S 

content of the acid gas feed. The correlations were based on plant data from 

over 100 different sulphur trains with the inlet H 2 S varying from 8% to 98% by 

volume. Monnery et al. (1993) compared the results from Fischer with those of 

Sames and Paskall, and determined that while the latter generally provided a 

better fit, there was too much data scatter to make a quantitative assessment. 

This was presumed to be the result of attempting to correlate the complex 



chemistry of the reaction furnace with a single variable. It was concluded in this 

study that neither the empirical correlations outlined above, nor the equilibrium 

calculations described in the previous section adequately address the kinetic 

limitations of the reaction furnace. 

2.4 Kinetic Studies 

As indicated previously, the reaction furnace serves a manifold purpose; 

to provide the correct stoichiometric ratio of H 2 S to S 0 2 for downstream catalytic 

processing, to convert a large portion of the inlet H 2 S to elemental sulphur, and 

to eliminate feed contaminants that may ultimately lead to the fouling of the 

catalyst beds. Paskall (1979) gives a summary of the main reactions thought to 

occur within the Claus furnace. These molecular reactions are global in nature 

and are reasoned to be controlling under furnace conditions. The reactions 

proposed by Paskall are tabulated in Appendix A. It has been suggested (Hyne, 

1972) that the complexity of the furnace is much greater than these reactions 

imply, and very likely free radical intermediates are involved. Clark et al. (1997) 

discuss the mechanisms behind the formation of key sulphur containing species 

found within the furnace, and in a subsequent study (Clark et al., 2001) outline 

primary reaction pathways for the principal components in the furnace. A 

description of these is provided in Appendix B. 

While there have been numerous attempts to model the Claus process 

based on simplified kinetic expressions such as those provided above, the 



complexity of the chemistry and the number of reactions involved has precluded 

the accurate prediction of outlet compositions in this manner. The following is a 

brief description of some recent kinetic studies for specific reactions related to 

the Claus process. 

2.4.1 H 2S Cracking and Re-association Reactions 

Gaseous H 2 S exists in chemical equilibrium with elemental hydrogen and sulphur 

as dictated by the following equation: 

H 2 S ~ H 2 + ^ S X (2.1) 

At furnace operating conditions, this reaction is reversible with the predominant 

sulphur species being S 2 . 

While there have been numerous studies on the catalytic decomposition 

of H 2 S (Fukado et al., 1978; Chivers et al., 1980; Berk et al., 1991) the thermal 

decomposition of H 2 S under Claus furnace conditions had not been well studied 

until quite recently. In the early part of the century, several groups (Berthollet, 

1905; Preuneret al., 1907, 1909; Randall and Vichowsky, 1918) performed high 

temperature (750°C - 1425°C) studies on the thermal decomposition of H 2 S, in 

general concluding that the reaction is unfavorable. Darwent and Roberts (1953) 

suggested that above 600°C the reaction was second order with a forward 

activation energy of 209 kJ/mol and a reverse activation energy of 105 kJ/mol. 

Raymont (1974) performed a combined equilibrium and kinetic study of H 2 S 
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decomposition, and concluded that the reaction was first order and estimated a 

forward activation energy of 211 kJ/mol. 

More recently, Kaloidas and Papayannakos (1989) studied the reaction at 

temperatures between 600°C - 850°C and pressures ranging from 130 kPa -

300 kPa. The forward reaction was assumed to be first order based on the 

previous efforts of Raymont (1974), and an experimentally determined forward 

activation energy of was deduced to be 196 kJ/mol. The activation energy for 

the reverse reaction was regressed based on thermodynamic considerations and 

was stated as 105 kJ/mol. 

A year later, Dowling et al. (1990) examined the reaction in the reverse 

direction, measuring data based on the re-association reaction. The 

temperature range for the study varied between 602°C and 1290°C with 

pressures remaining approximately atmospheric. The reaction order for the re-

association reaction was determined experimentally to be unity with respect to 

both S 2 and H 2 , and assumed unity for the forward reaction. The activation 

energies for the forward and reverse reactions were published as 201 kJ/mol and 

109 kJ/mol respectively. In 1998, Clark and Dowling re-evaluated the 1990 data 

and proposed a new kinetic expression for the forward reaction that was 

thermodynamically consistent with the previously determined reverse reaction. 

Forward and reverse activation energies were stated to be 216 kJ/mol and 131 

kJ/mol respectively. 



Hawboldt et al. (2000) independently measured the kinetics of both the 

forward and reverse reactions at temperatures ranging from 850°C to 1150°C, 

and confirmed the form of the kinetic expression put forth by Clark and Dowling. 

The corresponding activation energies were slightly lower at 188 kJ/mol for the 

forward reaction, and 98 kJ/mol for the reverse. 

A relatively large body of literature currently exists focusing on the high 

temperature dissociation of H 2 S, most recently Woiki and Roth (1994), 

Olschewski (1994), and Shiina et al. (1996). Although there is considerable 

discrepancy between the kinetic parameters reported by Shiina et al. and those 

published by both Olshewski and Woiki and Roth, the reaction mechanism put 

forth is consistent among the researchers, and is in agreement with the kinetic 

expression developed based on the low temperature studies discussed 

previously. 

2.4.2 Second Claus Reaction 

The second part of the Claus reaction, which is represented by the equation: 

H 2 S + ^ S 0 2 ^ H 2 0 + f S 2 (2.2) 

has been less well studied in free flame conditions than has the oxidation and 

pyrolysis of H 2 S. This can be attributed largely to the fact that the reaction does 

not occur independently at furnace conditions, but in conjunction with the more 

frequently studied oxidation and pyrolysis reactions. Tesner et al. (1990) 

performed experiments measuring H 2 S concentrations at temperatures ranging 
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from 800°C to 1200°C, and concluded that the second Claus reaction was an 

elementary reversible reaction with a forward activation energy of 60 kJ/mol. In 

this study, Tesner et al. neglected the possibility of H 2 S cracking occurring 

simultaneously, an assumption that likely invalidates the reported parameters. 

Monnery et al. (2000) measured the kinetics of the second Claus reaction 

at temperatures ranging from 850°C to 1150°C and in regressing the kinetic 

parameters accounted for the partial conversion of H 2 S via dissociation. The 

results obtained by Monnery et al. deviated significantly from those presented by 

Tesner et al., particularly at lower temperatures, where ignoring the H 2 S 

dissociation reaction resulted in artificially high conversions of H 2 S. Using the 

same form of the kinetic equation as Tesner et al., Monnery et al. obtained a 

forward activation energy of 209 kJ/mol. 

2.4.3 Impact of COS and CS 2 in the Reaction Furnace 

From a modeling perspective, the formation of C O S and C S 2 in the Claus 

reaction furnace have presented a great challenge to many researchers since 

their outlet concentration is dictated not by equilibrium, but by kinetic 

considerations (Fischer, 1974; Grancher, 1978; Paskall, 1979; Chou et al., 

1991). Field studies have revealed that concentrations of C O S and CS2 at the 

exit of the reaction furnace / waste heat boiler typically lie between 100 ppm and 

2 mol% (Sames and Paskall, 1984). However, these seemingly small 

concentrations in the furnace product stream can represent nearly half the 
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sulphur emissions from a tail gas clean-up unit (Luinstra and D'Haene, 1989). It 

is possible to hydrolyze C O S and CS2 back into H2S in the Claus catalytic 

converters according to the following stoichiometry: 

C O S + H 2 0 ( c a t a l y s t ) C 0 2 + H 2 S (2.3) 

C S 2 + 2 H 2 0 < c a l a l y s t ) C 0 2 + 2H 2 S (2.4) 

Tong et al. (1992, 1993) have in fact reported intrinsic rate expressions for these 

two reactions over common Claus catalysts. According to the study, the 

hydrolysis reactions are relatively slow at converter conditions, and require 

significantly higher temperatures to achieve substantial conversion. However, in 

order to maximize the conversion of H 2 S to elemental sulphur via the main Claus 

reaction, the catalytic converters should be operated as near to the dewpoint of 

sulphur as possible. This is because the main Claus reaction is reversible and 

exothermic, hence equilibrium conversion increases with decreasing 

temperature. As a compromise between these conflicting objectives, the first 

converter is typically operated at a slightly elevated temperature so as to 

maximize overall plant recovery. Consequently, much of the C O S and C S 2 

formed at the front end of the Claus plant ends up at the incinerator, 

representing a significant source of unrecoverable sulphur loss. 



2.4.4 Kinetics of COS and C S 2 Formation and Decomposition 

There are numerous references in the literature that attribute the 

formation of C O S in the Claus furnace to the reaction between C 0 2 and H 2 S 

(Hyne and Goar, 1996; Chiari et al., 1997) shown below: 

C 0 2 + H 2 S *->COS + H 2 0 (2.5) 

Until recently, however, there has been little experimental evidence to 

substantiate this claim. Haas et al. (1973) measured the decomposition of COS 

at temperatures ranging from 600°C - 760°C and found that C O S decomposed 

via one of two primary pathways: 

C O S h C O + { S x (2.6) 

2 C O S ^ C 0 2 + C S 2 (2.7) 

Based on the data collected, a forward activation energy for equation 2.6 was 

estimated at 120 kJ/mol. No significant production of C 0 2 was observed above 

680°C, consequently it was concluded that the high temperature decomposition 

of C O S occurs mainly via equation 2.6. 

Karan et al. (1998) reported an experimental study wherein kinetics were 

measured for the formation of C O S via the reaction: 

C O + ^ S 2 ^ C O S (2.8) 

at temperatures ranging from 600°C - 1150°C. A second order rate expression 

was deduced, with a forward activation energy of 180 kJ/mol. It was also noted 

that there exists an optimal temperature at which net C O S formation passes 

through a maximum value as a consequence of the interplay between reaction 
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kinetics and thermodynamic equilibrium. This behavior is in agreement with 

Sames (1984) and Clark et al. (1998). 

Clark et al. (2001) reported an experimental study detailing the numerous 

mechanisms for C O and C O S formation occurring in the Claus furnace. 

Although no kinetics were provided, a thorough discussion of the possible 

reaction pathways was put forth, and several important observations were made. 

In particular, the re-association of C O and elemental sulphur as indicated in 

equation 2.8 is insufficient to account for the observed field trends, indicating that 

other mechanisms must be involved in C O S formation. Additionally, it was 

emphasized that S 0 2 is a very reactive species at furnace conditions, and is 

intimately linked to many reactions governing the formation and destruction of 

C O , C O S and C S 2 in the furnace. 

In one of the few kinetic studies on C S 2 formation, Hillis et al. (1950) 

measured the catalytic production of C S 2 via the reaction: 

C H 4 + 2 S 2

 c a t a l y s ' ) C S 2 + 2 H 2 S (2.9) 

Measurements were performed over a silica catalyst at near atmospheric 

pressures, and it was concluded that under 800°C, the reaction was second 

order with a catalyzed activation energy of approximately 162 kJ/mol. 

In more recent experimental work by Clark (Clark et al., 1995; 1998b), it 

was reported that the formation of C S 2 in the Claus furnace is the result of 

interactions between elemental sulphur and hydrocarbon species. A similar 
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conclusion was drawn by Karan et al. (1998) based on a constrained equilibrium 

study. 

2.4.5 H 2S Oxidation 

H 2 S oxidation is very rapid at furnace conditions, and has been studied 

quite extensively. The reaction stiochiometry is represented by the equation: 

H 2 S + f 0 2 - * H 2 0 + S 0 2 (2.10) 

Much of the early work related to H 2 S oxidation was dominated by flame studies. 

Levy and Merryman (Levy and Merryman, 1965; Merryman and Levy, 1967) 

reported several studies on hydrogen sulfide flames in an H 2 S - 0 2 - N 2 system. 

Later, Muller et al. (1978) conducted a sequence of experiments with fuel rich 

flames doped with low concentrations of H 2 S. They also reported a detailed 

kinetic analysis of the sulfur chemistry involved in such flames. Cambot et al. 

(1981) conducted experiments on hydrogen sulfide flames in air with the 

objective to develop a mechanism describing sulfur formation at the front end of 

the Claus process. Their experiments also involved a study on H 2 S diffusion 

flames. 

Karan et al. (1998c) conducted experiments at temperatures ranging from 

1000°C to 1200°C, and concluded that under these conditions, H 2 S oxidation 

was very rapid, with complete oxygen uptake being achieved in less than 115 u.s. 

The study also included a reaction model consisting of over 30 intermediate 

reactions. Hawboldt (2000) measured H 2 S oxidation rates using a flow reactor at 
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temperatures ranging from 850°C - 1050°C and suggested a kinetic expression 

of the following form: 

^ ] = k [ H 2 S ] [ 0 2 ] 1 5 (2.11) 
dt 

The activation energy for the reaction was estimated as 46 kJ/mol, representing 

the lower end of the range previously estimated by Frenkenlach (1981). 

In one of the earliest shock tube experiments, Bradley and Dobson (1967) 

studied the oxidation of hydrogen sulfide at high temperatures ranging from 

1350°C to 1700°C. Frenkenlach et al. (1981) conducted shock tube experiments 

with 4% to 22% H 2 S in air at temperatures ranging from 677°C to 927°C. As part 

of their study, they reported a very detailed reaction mechanism for the H-S-0 

system, comprised of 56 elementary reactions. Recently, Tsuchiya et al. (1997) 

reported a study in which the mechanism for H2S oxidation was investigated and 

presented a reaction scheme consisting of 35 intermediate reactions. Their 

studies indicated that at 1527°C, H 2 S is completely oxidized after approximately 

325 u.s, with the predominant molecular species being S 0 2 and H 2 0 . 

2.4.6 CH 4 Oxidation 

Methane oxidation has been the subject of much investigation over the 

years, and numerous mechanisms varying in length and complexity have been 

suggested in the literature. For example Cooke and Williams (1971), Smoot et 

al. (1976), Westbrook et al. (1982), Roth and Just (1984), Wamatz (1984), Puri 



et al. (1987), Kee et al. (1988) and Sloane (1989) among others have presented 

different reaction mechanisms to satisfy various relevant kinetic measurements. 

In general, combustion processes inherently involve rate limitations, 

making the prediction of product distribution and progress of combustion 

exceedingly difficult, as many plausible chain reactions proceed simultaneously. 

Experimental results reported in the open literature regarding uncatalyzed partial 

oxidation of methane have acknowledged that the conversion of methane is rate 

controlled and near equilibrium conditions cannot be reached below 1427°C 

(Eastman, 1956; Mungen and Kratzer, 1951). As a means of quantifying these 

kinetic limitations, Hanna and Karim (1986) proposed a 32 step mechanism to 

describe the oxidation of methane in lean methane-air mixtures, and later revised 

this scheme to include 108 intermediate reactions (Karim and Hanafi, 1991). 

Using numerical simulations based on their previous work, Karim and Hanafi 

(1992) suggested an overall rate equation for the depletion of methane based on 

the post induction concentration profiles of methane: 

^ ^ = k [ C H J [ 0 2 ] 1 5 (2.12) 
dt 

The gross activation energy of 251 kJ/mol determined by Hanafi and Karim was 

in good agreement with previous values reported by Williams et al. (1969) and 

Dryer and Glassman (1973). It is also important to note that the induction times 

predicted by the numerical simulations are between 80 jis and 100 pis, which is 
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consistent with experimentally measured values available in the literature 

(Lifshitz at al., 1971). 

2.4.7 H 2 S and CH 4 Co-oxidat ion 

Due to the critical importance of many combustion byproducts, the relative 

speed of the competing oxidation reactions in the Claus furnace has a profound 

effect on the design and operation of an entire sulphur plant. Until quite recently, 

the speed of the competing reactions has largely been inferred from plant data or 

thermodynamics. Goar (1994) claims that the combustion speed of 

hydrocarbons is much greater than that of N H 3 , which is in turn, greater than 

H2S. Johnson and Rempe (1997) concur with this assessment, and assert that 

N H 3 oxidation is up to ten times faster than H 2 S. 

Arutyonov et al. (1993) reported data on the co-oxidation of equilmolar 

amounts of methane and H 2 S in an oxygen deficient environment. The 

experiments were conducted under static conditions at residence times in excess 

of ten minutes. At temperatures between 627°C and 727°C, they determined 

that the H 2 S was completely converted. At lower temperatures, incomplete 

conversion of H 2 S was observed. Quantitative information on the conversion of 

methane was not provided in the study. 

Clark et al. (1998) examined the oxidation of methane and H 2 S 

separately, indicating that hydrogen sulfide oxidizes much faster than methane. 

Further, their experimental data on the co-oxidation of methane and H 2 S 
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mixtures at Claus furnace conditions indirectly supported their findings obtained 

from the oxidation of the individual gases. Specifically, the presence of C S 2 in 

the reactor effluent was used as indirect proof that methane did not combust 

preferentially and instead reacted with one of the sulfur containing species. 

2.4.8 Reaction of Methane and S 0 2 

Several early studies investigating both the homogeneous and 

heterogeneous reduction of S 0 2 by methane have been reported in the literature 

(Walker, 1946; Averbukh and Bakina, 1968). More recently, Arutyunov et al. 

(1992a, 1992b) examined the gas phase reaction between C H 4 and S 0 2 at 

temperatures ranging from 827°C to 1077°C. Residence times were varied up to 

80 minutes and maximum S 0 2 and C H 4 concentrations in the feed were 20% 

and 15% by volume respectively. It was concluded that the limiting step of the 

process was the pyrolysis of methane, which appeared to proceed independently 

of the other processes and at a rate consistent with the pyrolysis of pure 

methane. It was also determined that the ratio of methane to S 0 2 in the feed 

had a profound impact on the resultant product distribution. Specifically, for S 0 2 

to methane ratios less than unity, reaction products suggested an overall 

reaction dictated by the following stoichiometry: 

C H 4 + 2 S 0 2 - ^ C O + H 2 0 + H 2 S (2.13) 

Conversely, for S 0 2 to methane ratios greater than two, the predominant overall 

reaction is given by: 
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C H 4 + S 0 2 - > C 0 2 + 2 H 2 0 + S 2 (2.14) 

It was also noted that while CS2 is the primary product of the reaction between 

methane and S 0 2 , subsequent reactions resulted in product distributions 

consistent with the overall reactions described above. 

2.5 Summary 

This chapter provides a review of the literature relating to Claus furnace 

modeling, and in particular examines the development of equilibrium based 

models and empirical correlations. Despite the predominance of the Claus 

process in natural gas and refinery operations, relatively little is known about the 

complex chemistry occurring within the Claus reaction furnace. Overall modeling 

efforts associated with the reaction furnace have generally failed to predict the 

composition of key sulphur containing species as a result of neglecting kinetic 

limitations. Unfortunately, the majority of the kinetic studies pertaining to Claus 

reactions have not been performed at process conditions, and are therefore of 

limited value for the purposes of this work. Of the few of published studies that 

were done at Claus operating conditions, most are in considerable disagreement 

with each other, precluding a definitive conclusion regarding the intrinsic reaction 

rates. It is thus clear that in order to properly address the complexities of the 

Claus reaction furnace, a reliable kinetic model is needed. The purpose of this 

study is therefore to develop a predictive kinetic model that can be used in 

improving the design and operation of the modified Claus furnace. 
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CHAPTER YUMEE 

REACTOR MODEL DEVELOPMENT 

This chapter describes the general structure of the reactor model that forms the 

basis of this work, including an analysis of the basic assumptions applied in 

developing the reactor model. As well, a concise description of the experimental 

procedures followed by Alberta Sulphur Research in collecting the experimental 

data that was used in developing the kinetic model of the Claus reaction furnace 

is provided. 

3.1 Overall Modeling Approach 

As has been indicated in Chapter 1, it is impractical, if not impossible, to 

elucidate all the kinetics of the numerous reactions that occur within the Claus 

reaction furnace. The kinetic behavior for many of the key reactions in the 

furnace is as yet unknown, and experimental studies to measure the kinetics 

would take a prohibitively long time. Even assuming that the knowledge of the 

requisite kinetics existed, the sheer number of potential reactions would make 

the solution of the differential mass balance equations very complicated and 

result in a model that was cumbersome and difficult to use. 
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What is proposed, then, is to develop a reduced order model of the 

reactor that reflects the complexity of the chemical system but avoids the 

computational overhead of a more comprehensive model. In some respects, this 

is quite similar to the approach taken by Sundaram and Froment (1977a, 1977b, 

1978) in the modeling of the thermal cracking kinetics of simple paraffins. In the 

simplification of the kinetic model, however, it is key that the appropriate 

qualitative trends are preserved, in particular for such species as H 2 CO, C O S 

and C S 2 . 

There are three essential components to achieving this success. First, a 

comprehensive set of experimental data must be obtained that reflects the true 

kinetic behavior of all important reacting species within the Claus furnace. 

Second, a numerical model of the physical system that accurately reflects the 

hydrodynamic and thermal characteristics of the process is key. Finally, a 

means of discriminating between meaningful and trivial sets of reactions must be 

determined. This must also include a way of improving the estimates for the 

existing kinetic parameter estimates to better fit the measured data. The 

following sections in this chapter describe in detail the experimental methodology 

employed in collecting the required kinetic data, as well as an overview of the 

assumptions underlying the reactor model. The selection of reactions and 

optimization of kinetic parameters is addressed in subsequent chapters. 
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3.2 Experimental Procedure and Data Handling 

The experimental reactor system used in collecting all data analyzed in 

this work is comprised of an a-alumina tubular reactor {%" outside diameter x Vz 

inside diameter x 29" length) housed within an electrically heated single zone 

furnace (Lindberg 1500°C Model). This type of system is characterized by an 

initial temperature ramp-up at the inlet, followed by a hot zone, and finally a 

temperature ramp-down at the exit of the reactor. For the purpose of this study, 

the residence times were calculated as being the time spent by the gas solely 

within the hot zone of the furnace. A schematic diagram of the experimental 

apparatus is shown in Figure 3.1. Clark et al. (2001) give a succinct description 

of the furnace and all other components of the experimental apparatus used in 

the collection of data for the purposes of this study. 

Prior to the collection of kinetic data, the effects of including heats of 

reaction on the reactor temperature profile were measured as a function of set 

point temperature. This was performed by measuring the actual gas 

temperature under dynamic conditions for both a flowing inert argon stream as 

well as a reactive mixture (Mixture C in Table 3.2) at temperatures of 950°C, 

1100°C, and 1250°C. The results are provided in Figure 3.2, showing the 

temperature profiles across the initial temperature ramp-up at the inlet, to mid

way through the hot zone of the reactor. 

A comparison of the data for the argon and reactive feeds in Figure 3.2 

indicates that the only notable difference in the temperature profiles due to the 
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heat of reaction occurs within the pre-hot zone section. This suggests that the 

rapid combustion of the H 2 S occurs within the pre-hot zone section, resulting in a 

temperature profile across the hot zone that is largely unaffected by any 

consideration of heats of reaction. It should be noted that while the temperature 

profiles throughout the bulk of the hot zone are 15°C to 20°C higher than the 

nominal furnace temperature, this represents a deviation of less than 2% from 

the set point value. 

A total of 80 experiments in all were performed on four acid gas mixtures 

at four hot zone temperatures ranging from 950°C to1250°C and five nominal 

residence times ranging from 0.5 seconds to 2.0 seconds. The experimental 

protocol itself involved carrying out the runs on a mixture by mixture basis while 

varying the flow rate, and hence residence time, across the nominal 0.5 - 2.0 

second range at each temperature. 

The flow required for each residence time was determined at the single 

mid-point temperature of 1100°C and used at all other temperatures. This 

approach was adopted in order to minimize the effort required for feed setup and 

to provide increased accuracy in the feed composition for sets of runs performed 

at a given residence time. The actual calculated residence times as a function of 

temperature that arise from using this approach are given in Table 3.1. 
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Table 3.1: Calculated Hot Zone Residence Times 

Temperature (°C) Calculated Residence Time (seconds) 

950 0.56 0.84 1.12 1.68 2.25 

1050 0.52 0.78 1.04 1.56 2.08 

1100 .50 0.75 1.00 1.50 2.00 

1150 0.48 0.72 0.96 1.45 1.93 

1250 0.45 0.68 0.90 1.35 1.80 

The metering of the inlet flows of all the feed gases was accomplished 

using a front-end mass flow control system to achieve the desired nominal air-

free feed mixtures, as listed in Table 3.2. 

Table 3.2: Nominal Feed Compositions on an Air-free Basis 

H 2 S (%) C 0 2 (%) H 2 0 (%) C H 4 (%) 

Mixture A 30 64 5 1 

Mixture B 50 44 5 1 

Mixture C 70 24 5 1 

Mixture D 90 4 5 1 

The amount of air added to each mixture corresponded to sufficient 

oxygen for combustion of all of the C H 4 but only 26.8% of the H 2 S. This amount 

of air is based on the results of equilibrium calculations to achieve a 2 : 1 ratio of 

H 2 S : S 0 2 . Details of both the design and actual feed mixtures after the addition 

of air for all experiments can be found in the data tables in Appendix C. 

The individual feeds for each experiment were prepared by blending a 

pure H 2 S stream with a purchased 80/20 mixture of C 0 2 / C H 4 and pure C 0 2 as a 



further diluent as needed, along with the required amount of air. Water was 

introduced separately into the feed using a liquid syringe infusion pump and 

heated inlet section. 

Samples of the reactor effluent for chromatographic analysis were 

retrieved from the end of the hot zone via a capillary sampler with a 1.5 mm 

inside diameter. The extraction rate, and hence quench time of the gas was 

determined by the pumping speed which was maintained at a constant value of 

250 ml/min. This gave apparent quench times on the order of 20 - 25 

milliseconds for all of the experimental runs. The quench time was calculated as 

the time required for the gas to move through the capillary from the hot zone to 

the sampling point, which was cooled to a temperature of 200°C - 250°C. 

The actual G C samples were collected using a syringe sampling 

technique that involved drying the gases by passing them through a P 2 0 5 pre-

drier. Analysis of this dry sulphur-free product mixture was then performed 

simultaneously on two gas chromatographs using a dual loop injector. Analysis 

of N 2 , 0 2 , H 2 , C O and C H 4 was performed on a molecular sieve 5A column using 

argon as the carrier gas and the remaining gases ( C 0 2 , H 2 S, C O S , S 0 2 and 

C S 2 ) were analyzed on a Chromosorb 108 column using helium as a carrier. 

The G C measurements are considered to be precise within 0.01 mol%. 

Reduction of the G C data was performed by normalizing the amount of N 2 

in the product stream to that in the feed to give individual product yields in terms 

of moles/100 moles of reactant. The yields of H 2 0 and S 2 , which are removed 
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from the sample prior to analyzing the mixtures, were calculated on the basis of 

H, O and S mass balance equations. The results of these measurements are 

presented in the data tables in Appendix C 

3.3 Plug Flow Reactors 

Since their development by Dryer in 1972, plug flow reactors have been 

used extensively in determining high temperature reaction kinetics. In order to 

ensure plug flow in his studies, Dryer utilized high reactor velocities to ensure 

enough turbulent mixing to overcome diffusional limitations. Using the plug flow 

assumption, the kinetic models that were developed compared favorably with 

published data. In 1977, Westbrook et al. included the effects of axial species 

diffusion combined with kinetic effects, hydrodynamics, and convective and 

energy transport within the reactor. Based on these considerations, it was 

determined that the axial diffusion was negligible in comparison to the bulk fluid 

flow through the reactor, and therefore the plug flow assumption was valid. 

3.3.1 Plug Flow Idealization 

In the interest of reducing computational complexity, it is generally 

desirable that the flow in a reactor be approximated as plug flow. The advantage 

of this assumption is that the analysis of flow in the reactor becomes very simple 

and a one-dimensional reactor model can be employed. In straight tubes, the 

generally accepted criterion for the plug flow assumption to be valid is that the 
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actual Reynolds number be greater than 5000 (Janna, 1987). In order to achieve 

a Reynolds number of this magnitude, high fluid velocities are generally required. 

Since gas viscosity increases with temperature, the corresponding fluid velocity 

required to maintain turbulent flow makes it very difficult, if not impossible to 

realize true plug flow conditions in laboratory reactors. Many laboratory scale 

reactors therefore operate under laminar conditions as a consequence of this 

constraint. 

For the tubular reactor used to collect data for this study, the flow was 

found to be in the laminar region with a Reynolds number less than 2000. If plug 

flow is assumed in modeling the reactor, it is important to assess the effect of 

any inaccuracies arising from such an assumption for a reactor operating under 

laminar flow conditions. Several studies in the literature included the effect of 

axial dispersion to estimate the errors that might arise due to the assumption of 

plug flow when an axially dispersed flow existed under the laminar flow type 

condition (Cleland and Wilhelm, 1956; Wissler, 1969; Wan and Ziegler, 1970). 

Theoretically, for a reactor with axially dispersed flow, the conversion lies 

between that for plug flow and laminar flow. 

However, plug flow is not simply a function of axial diffusion. Kaufman 

(1961) indicated that issues related to viscous flow and diffusion are often 

ignored, for example radial concentration gradients. Cutler et al. (1988) 

presented a paper that outlined design criteria for the construction of a plug flow 

reactor operating in the laminar flow regime that overcame the limitations of 
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previously neglected issues. A series of criteria developed by previous 

researchers were used to ensure that these simplifications were valid. 

Subsequently, t-butyl alcohol experiments were performed and a first order 

irreversible kinetic expression was developed to verify the plug flow assumption. 

The calculated Arrhenius constant and activation energy agreed well with 

published data. It was also reported that the errors arising from the plug flow 

assumption for laminar flow conditions in a straight tube application were 22% 

and 6% for measured conversions of 70% and 10%, respectively, in determining 

the first order rate constant. Consequently, three requirements were put forth by 

Cutler et al. under which the reactor may be approximated to operate in plug 

flow: 

1. Negligible Axial Diffusion 

A number of criteria were reviewed that could be invoked to assume negligible 

axial diffusion. However, since most required the foreknowledge of the reaction 

kinetics for the system being studied, the condition proposed by Dang and 

Steinberg (1980) was initially adopted. Simply stated, it was intimated that if the 

Peclet number (Pe) was greater than 50, negligible axial diffusion could be 

assumed. For the apparatus used in this study, the minimum value of the Peclet 

number was 220, easily exceeding the bounds indicated. 

Physical reasoning alone, however, would suggest that the Peclet number 

alone might not be sufficient to assert the validity of the plug flow assumption. If 
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reaction rates are very high, the reaction may occur before the radial diffusion 

has an opportunity to smear the parabolic velocity profile associated with laminar 

flow. Subsequent to the determination of the kinetic parameters, the criterion 

described in equation 3.1 as proposed by Furue and Pacey (1980) was checked 

to verify the assumption of negligible axial diffusion. 

The inequality above held true for all reactions, thereby confirming the validity of 

assuming negligible axial diffusion. 

2. Negligible Poiseuille Flow 

Cutler et al. presented a series of criteria to establish negligible Poiseuille flow, 

but again, owing to a lack of kinetic data, the following criterion proposed by 

Cleland and Wilhelm (1956) was chosen: 

— <0.5 (3.2) 
a t d L 

For the conditions encountered in this study, the value for this parameter did not 

exceed 0.27, confirming the assertion of negligible Poiseuille flow. 

3. Constant Temperature 

The assumption of constant temperature can be substantiated by the following 

criterion (Furue and Pacey, 1980): 



R^u _ _, 
<3.7 (3.3) 

Again, for the conditions encountered in this study, the value of this parameter 

remained below 0.5, which is well below the stated limit of 3.7. Additionally, to 

ensure the isothermal nature of the apparatus, temperature profiles were 

measured using both an inert and reactive feed. Although there were minor 

differences between the two modes in the temperature ramp up, the hot zone 

was maintained at a nearly constant temperature that was independent of the 

feed. This observation adds credence to the above criterion as a means of 

ensuring isothermal operation. 

According to Cutler et al., the three criteria outlined above "define 

conditions under which axial diffusion can be neglected, and radial diffusion is 

sufficient to smear the parabolic velocity profile of fully developed laminar flow 

thereby producing a velocity profile which approaches true plug flow." 

Furthermore, based on this study, Cutler et al. determined that of the three 

sources of error; reaction mechanism model, experimental measurements and 

reactor model, experimental measurement error is more significant than the error 

associated with the reactor model. It was therefore concluded that reasonable 

kinetic parameters could be obtained by analyzing the tubular flow reactor used 

in the aforementioned experimental study based on plug flow idealization. 
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3.4 Reactor Design Equations 

In the reactor model used to analyze the kinetic data that was obtained, a 

set of differential mass balance equations were solved to determine the product 

distribution at the exit. In addition to the plug flow assumption discussed above, 

it was also assumed that the reactor operates at steady state, and that the gas 

flowing through the reactor behaves in an ideal fashion. The steady state 

assumption simplifies the differential equations by ignoring any transient 

behavior in the reactor. This is a reasonable assumption, verified by negligable 

changes in the thermal and compositional characterstics of the reactor effluent 

during experimentation. At the elevated temperatures and near atmospheric 

pressure maintained during the data collection period, the compressibility factor 

of the flowing gas is close to unity, confirming near ideal behavior. 

Figure 3.3 represents the elemental reactor volume used to derive the 

mass balance equations used in describing the plug flow reactor model. Within 

the elemental volume shown, it is assumed that there are no radial gradients in 

temperature or concentration. Over the elemental volume, a component balance 

on species 'j' yields the following equation: 

( F i ) z - ( F i ) 2 + A 2 + J r , d V = ^ (3.4) 

At steady state, the accumulation term is zero, and equation 3.4 can be reduced 

to: 

( F i ) 2 - ( F , ) 2 + ^ = H - A V (3.5) 
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As the size of the elemental volume approaches zero, equation 3.5 can be 

rewritten as the standard plug flow design equation for species 'j': 

dF. 
— - = r, (3.6) 
dV 1 

Unless otherwise detailed in the literature, reactions were assumed to be 

elementary, hence the associated kinetic expressions are described by the 

following equation: 

r j - k j p r (3-7) 

c 

Additionally, all rate constants used in the reactor model are assumed to adhere 

to an Arrhenius law temperature dependence, shown below: 

k = A exp R T (3.8) 

For reversible reactions, the forward and reverse rate constants are related by 

the following expression: 

Where applicable, the number of independent kinetic parameters was reduced 

by calculating either the forward or reverse rate constant using equation 3.9. 

Since laminar flow conditions existed for all experimental runs, the following 

laminar flow correlation can be used to predict pressure drop in the tubular 

reactor: 

^ = Z ^ . (3.10) 
dz D 2 
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Note that Chung's method was used to calculate mixture viscosity as described 

in Reid et al. (1986). No energy balance equation was incorporated into the 

reactor model, since Figure 3.2 clearly shows that the heats of reaction had little 

effect on the hot zone temperature. 

3.5 Summary 

Due to the kinetic limitations inherent in the operation of the Claus 

furnace, current methods for estimating the composition of the reactor effluent 

are inadequate. This chapter provides an outline of the general approach that 

will be used in this study to develop a reduced order kinetic model of the Claus 

furnace. The experimental methodology employed in collecting the required 

kinetic data is discussed, and an overview of the theory and assumptions 

underlying the reactor model is also presented. 
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Figure 3.1 - Schematic diagram of experimental apparatus 
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Figure 3.3 - Differential volume used in PFR design equation 
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CHAPTER ¥©U\R 

NUMERICAL METHODS 

This chapter contains a brief account of the theory underlying the numerical tools 

and techniques used in the subsequent two chapters to develop the kinetic 

model of the Claus reaction furnace. 

4.1 Calculation of Thermodynamic Equilibrium 

The second law of thermodynamics dictates that a closed system 

ultimately approaches an equilibrium state in which its properties are 

independent of time (Benson, 1960). While thermodynamic equilibrium is useful 

in ascertaining the ultimate state of a chemical system, it cannot predict the rate 

at which this final state can be achieved; this is governed by the concurrent of 

effects of kinetic considerations and transport phenomena. An equilibrium model 

was developed for use in this study on the basis of the theory presented below. 

The model provides a means of calculating equilibrium constants for individual 

reversible reactions, as well as predicting the equilibrium behavior of complex 

chemical systems. The latter was key in understanding the driving force behind 

the many kinetically limited reactions in the Claus furnace and played a critical 

role in the modeling of the flame region. 
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4.1.1 Gibbs Free Energy Minimization 

That the Gibbs free energy of a system is at a minimum for a fixed 

temperature and pressure has been widely accepted as a sufficient condition to 

calculate the distribution of the various species present within a mixture at 

equilibrium (Walas, 1985). The only parameters needed to calculate the 

equilibrium composition of a mixture via the free-energy minimization method are 

the free energies of formation for the chemical species expected to be present at 

equilibrium. Since the temperature, pressure and mole numbers of the extant 

species define the system, the challenge is to find the set of mole numbers that 

result in a minimum Gibbs free energy, subject to mass balance constraints. 

In this work, a computer program was written to calculate the composition of 

reacting mixtures at chemical equilibrium. The calculation method outlined in 

Walas (1985) was used as a basis for the algorithm, with further enhancements 

provided by Smith and Missen (1991). 

As indicated in the previous chapter, at the high temperatures and near 

atmospheric pressures encountered in the reaction furnace, reacting mixtures 

can be well approximated by an ideal gas. This simplifying assumption is used 

in the development of the subsequent equations. 

In an ideal gas system comprised of 'c' components and 'm' elements, the 

Gibbs free energy of the system is given by: 

nG c f fn.P 

n 
(4.1) 

i=i ^ v J) 
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Where 'g' represents the Gibbs energy function, 'G ' is the total molar Gibbs free 

energy, 'n' represents the number of moles, 'P ' is the total pressure, T is the 

temperature and 'FT is the universal gas constant. The individual elements are 

conserved in a chemical reaction, which introduces a closed-system constraint. 

The following set of equations must therefore be satisfied: 

c 

bj - X a u n i = 0 i = 1.2,3,...,m (4.2) 

i=i 

where 'bj' is the total number of element 'j' in the feed, and 'ay' is the 

stoichiometric coefficient of element 'j' in species ' i ' . This nomenclature is 

consistent with that used by both Walas (1985) and Smith and Missen (1991). 

By introducing Lagrange multipliers to incorporate the elemental balance 

constraints (Walas, 1985), the function to be minimized can be restated as: 

( c \ 
X 

i=i 

where X represents the Lagrangian multipliers. It should be noted here that the 

number of equality constraints used are'm*' as given by the expression: 

m* = rank(a) (4.4) 

since, for certain systems, the number of linearly independent constraint 

equations, 'm*', is less than the number of chemical elements, 'm'. For a more 

detailed discussion on this matter refer to Smith and Missen (1991). 

For all calculations used in this work, the free energy of formation data 

was obtained from the JANAF thermochemical tables (Chase et al., 1985). So 

f =g + 2 > , b j - J a ^ (4.3) 
v 1=1 



as to facilitate inclusion in a computer program, all data were fitted to a 

polynomial expression of the form: 

g|>=a,+b lT + c l T 2 + d 1 T 3 (4.5) 

The polynomial coefficients and statistical fit for each chemical species are 

presented in Table D.1 in Appendix D. 

In order to verify that the Gibb's minimization program used in this work is 

providing the correct solution, the results were compared with published data for 

several systems. The equilibrium constant for the main Claus reaction predicted 

by the model compared favorably with that provided in the G P S A handbook 

(1986), as the agreement was within 2 percent. Towler and Lynn (1993) 

presented the results of their calculation for the C-O-S-H system for an initial 

mixture of C 0 2 and H 2 S. A comparison between the prediction from their study 

and the prediction from the model developed for this work yielded differences 

less than 3 percent, again suggesting the that minimization algorithm used in this 

work is correct. The minor deviations that were observed are likely the 

consequence of different convergence criteria or a difference in the fitting of the 

free energy data. 

4.2 Function Minimization 

In order to calculate intrinsic kinetics from experimental data, a 

minimization routine must be employed to identify the optimal kinetic parameters 

for a given system. Typically an objective function based on the difference 
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between predicted and experimental values is used to ensure that increasingly 

better estimates are regressed until no further improvement in fit can be made. 

Direct search techniques, such as the directional set method proposed by 

Fletcher and Powell (1963), are commonly used to solve these simple problems. 

Unfortunately, when simultaneously regressing kinetic parameters for multiple 

reactions, the complex functional topology associated with multivariate 

optimization renders such simple search techniques ineffectual. A heuristic 

optimization routine, though inherently less efficient, is therefore necessary to 

determine a global minimum. 

Before examining the underlying strategy involved in a general global 

optimization scheme, however, it is instructive to first elucidate the mechanism 

by which local extrema are found. In one dimension it is possible to bracket a 

minimum such that the success of a subsequent isolation is guaranteed. 

Unfortunately, there is no analogous procedure in multidimensional space. For 

multidimensional minimization, the best that can be done is to provide the 

algorithm with an initial vector of independent variables as the first point to try. 

From there, the algorithm must find its way downhill through the unimaginable 

complexity of N-dimensional topography until it encounters a minimum. 

Although a wide variety of multidimensional optimization techniques exist, 

most are either conjugate gradient methods or directional set methods. As will 

become obvious in the following section, for global, as opposed to local 

optimization, it is generally more advantageous to consider an approach based 
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on the downhill simplex method proposed by Nelder and Mead (1965) rather 

than direct minimization methods. Unlike the aforementioned techniques, the 

downhill simplex method implements an entirely self-contained computational 

strategy that does not make explicit use of a one-dimensional minimization 

algorithm and requires only function evaluations, not derivatives. This is key, as 

the computational cost of calculating derivatives would increase factorially with 

the number of reactions included in the optimization. 

A simplex is a geometrical figure consisting, in N dimensions, of N + 1 

vertices and all their interconnecting line segments. Thus in two dimensions, a 

simplex is a triangle and in three dimensions, a tetrahedron. If any point of a 

nondegenerate simplex is taken as the origin, then the remaining N points define 

vector directions that span the N-dimensional vector space defining the simplex. 

Thus, unlike most optimization methods, the downhill simplex method must be 

started not just with a single point, but with N + 1 points, thereby defining an 

initial simplex. If one of these points is arbitrarily denoted as the initial starting 

point or origin, P0, then the remaining N points can be initialized in the following 

way: 

P, = P 0 + A J B , i = 1,2,...,N (4.6) 

In equation 4.6, the e-, 's are the N unit vectors, and A. is a constant that is 

representative of the system's characteristic length. The downhill simplex 

method then takes a series of steps, most moving the point of the simplex where 

the function is largest through the opposite face of the simplex to a lower point. 
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These steps are called reflections and are constructed to conserve the volume of 

the simplex, and hence maintain its nondegeneracy. Whenever possible, the 

algorithm expands the simplex in a given direction to take larger steps. In the 

event that a subsequent expansion does not yield a lower point, the method can 

contract the simplex in one direction or in all directions, pulling itself in around 

the lowest point. The potential outcomes of a given step are summarized in 

Figure 4.1. 

4.3 Simulated Annealing 

The method of simulated annealing (Kirkpatrick et al., 1983) is a 

technique that has attracted significant attention recently as being suitable for 

optimization problems of large scale, especially ones where the desired global 

extremum is hidden amongst numerous local extrema. The method has been 

used successfully in industry for designing complex integrated circuits. The 

arrangement of several hundred thousand circuit elements on a tiny silicon 

substrate is optimized so as to minimize interference among their connecting 

wires (Vecchi and Kirkpatrick, 1983). 

At the core of the simulated annealing algorithm is an analogy with 

thermodynamics, in particular with the way in which liquids freeze and crystallize, 

or metals cool and anneal. At high temperatures, the molecules of a liquid move 

freely with respect to one another. If the liquid is cooled slowly, thermal mobility 

is lost in a gradual manner. The molecules are often able to line themselves up 
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and form a pure crystal that is completely ordered over a distance many orders 

of magnitude greater than the size of an individual molecule in all directions. 

This crystal represents a state of minimum energy for the system. Conversely, if 

the liquid is cooled quickly or quenched, it does not attain this minimum energy 

state but rather ends up in a polycrystalline or amorphous form having a 

somewhat higher energy (Cardoso et al., 1994). 

The essence of the process is therefore slow cooling, allowing ample time 

for the redistribution of the molecules as they lose mobility. This is essential for 

ensuring that a low energy state will be achieved. Although the analogy is not 

perfect, there is a sense in which all direct minimization methods correspond to 

rapid cooling or quenching. In these algorithms, the overriding paradigm is to 

reduce the objective function as rapidly as possible. This commonly leads to a 

local, though not necessarily global, minimum. In a thermodynamic sense, 

energy minimization is achieved on a molecular level using a much different 

procedure. The Boltzmann probability distribution (<p); 

cp(E) ~ exp(-E/kT) (4.7) 

expresses the idea that a system in thermal equilibrium at a given temperature T 

has its energy distributed among all different energy states, E. Even at low 

temperature, there is a chance, albeit very small, of a component being in a high-

energy state. Therefore, there is a corresponding chance for the system to leave 

a local energy minimum in favor of finding a better, more global one. In other 

words, the system sometimes goes uphill as well as downhill. However, the 
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lower the temperature, the less likely is any significant uphill movement. In 1953, 

Metropolis et al. first incorporated these principles into numerical calculations. 

Offered a succession of options, a simulated thermodynamic system was 

assumed to change its configuration from energy E i to energy E 2 with a 

probability: 

p = exp[- (E 2 -E 1 ) /kT] (4.8) 

Notice that if E 2 is less than E i , the probability is greater than unity; in such 

cases the change is arbitrarily assigned a probability of one, indicating that the 

system will always take such an option. This general scheme, always taking a 

downhill step while sometimes taking an uphill step, has come to be known as 

the Metropolis algorithm. 

4.4 Continuous Minimization by Simulated Annealing 

Although first introduced for discrete systems, the basic principles of 

simulated annealing are also applicable to optimization problems with continuous 

N-dimensional domains. Since the simultaneous regression of multiple kinetic 

parameters requires finding the global minimum of some objective function f(x) in 

the presence of many local minima, simulated annealing is uniquely suited to 

solving this problem. Note that in the above notation, x is an N-dimensional 

vector containing the current estimates for the kinetic parameters. There are 

four basic elements required by the Metropolis procedure: 
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• An objective function f(x), which is the analog of energy and represents 

the property that is to be minimized. 

• A system state defined by the point x, which represents the possible 

system configurations that will ultimately dictate the value of the objective 

function. 

• A control parameter, T that is analogous to temperature, and has an 

annealing schedule by which it is gradually reduced. 

• A generator of random changes in the configuration, hence a procedure 

for taking a random step from x to x + Ax. These changes are the means 

by which a lower energy state is achieved. 

The last of these elements presents the greatest technical challenge. The 

literature to date (Vanderbilt and Louie, 1984; Bohachevsky et al., 1986; Corana 

et al., 1987) describes several different schemes for choosing Ax, none of which 

are particularly efficient. All of the proposed methods suffer from a similar 

malaise. Given a narrow topography, or a point relatively close to the global 

minimum, all methods invariably propose an uphill move. A much more efficient 

algorithm proposed by Press et al. (1992) is based on a modification of the 

downhill simplex method described in the previous section. The potential steps 

for the multivariate problem are the same as described in the previous section; 

namely reflections, expansions and contractions of the simplex. 

The implementation of the Metropolis procedure is thus slightly abstruse. 

A positive, logarithmically distributed random variable that is proportional to the 



temperature, T, is added to the stored function value associated with every 

vertex of the simplex, and a similar random variable is subtracted from the 

function value of every new point that is tried as a replacement point. Like the 

conventional Metropolis procedure, this method always accepts a true downhill 

step but sometimes accepts an uphill one. In the limit as T approaches zero, the 

algorithm reduces exactly to the downhill simplex method and converges to a 

local minimum. 

At a finite value of T, the simplex expands to a scale that approximates 

the size of the region that can be reached at this temperature, then executes a 

stochastic search within that region, sampling new, approximately random points 

as it does so. The efficiency with which a region is explored is independent of its 

surface topography. If the annealing temperature is reduced sufficiently slowly, it 

becomes highly probable that the simplex will shrink into the region containing 

the lowest relative minimum encountered. In most applications utilizing 

simulated annealing, there can be quite a lot of problem dependent subtlety in 

the phrase "sufficiently slowly". Success or failure of the optimization is quite 

often determined by the choice of annealing schedule. Although the initial 

annealing temperature varied significantly for different applications within this 

work, the general annealing schedule was to reduce the temperature by a factor 

of 0.8 after a predetermined number of iterations, usually 5000. These 

parameters are the result of trial and error and are reflective of the number of 

independent variables, as well as the relative scale of the initial estimates. 



4.5 Nonlinear Systems of Equations 

Although seemingly more difficult at first glance, the calculation of 

equilibrium compositions using a free energy minimization routine is, in general, 

less arduous than solving the problem of constrained equilibrium. Specifically, 

the mass balance constraints that constitute the system of equations describing 

multi-reaction equilibrium are sufficiently non-linear as to make their solution 

exceedingly difficult. In the following section, the Newton-Raphson method 

(Swokowski, 1983) for solving systems of non-linear equations is described. In 

the ensuing section, a more sophisticated implementation of the Newton-

Raphson method will be discussed, which improves on Newton-Raphson's poor 

global convergence. 

A typical problem gives N functional relations to be zeroed, involving 

variables x for i = 1, 2, N. In functional notation: 

If x denotes the entire vector of values, x, and F denotes the entire vector of 

functions, Fj, then in the vicinity of x, each of the functions can be rewritten using 

a second order Taylor series expansion: 

The matrix of partial derivatives appearing in equation 4.10 is the called the 

Jacobian matrix, J , where: 

Fi(x,,x2,...,xN) = 0 i = 1,2,...,N (4.9) 

Fi(x + 5x) = F,(x) + £ - i - 8 x | + E ( 5 x 2 ) (4.10) 
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3F, 
ax 

J , - ^ J - (4.11) 
] 

In matrix notation equation 4.10 is thus: 

F(x + 5x) = F(x) + J -5x + E(5x 2) (4.12) 

By neglecting terms of order 5x 2 and higher and setting the presumed solution, 

F(x+8x) equal to zero, one obtains a set of linear equations for the corrections 

that move each function closer to zero simultaneously: 

J 5x = - F (4.13) 

Equation 4.13 can be solved by LU decomposition (Cheney and Kincaid, 1985), 

and the corrections are then added to the solution vector: 

x n e w=x o l d +8x ( 4 - 1 4 ) 

This process is repeated until convergence of the solution vector is attained. In 

cases where the Jacobian matrix was difficult to compute analytically, the partial 

derivatives were determined by finite differencing. 

4.5.1 Newton's Method versus Minimization 

As described previously, there are efficient techniques for finding the 

minimum of a function of many variables. What distinguishes the relative 

simplicity of multidimensional optimization from the seemingly overwhelming task 

of multidimensional root finding? Is not the minimization of an N-dimensional 

function equivalent to finding a zero of an A/-dimensional gradient vector? 

Unfortunately the answer to this question is no. The components of a gradient 
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vector are not independent, arbitrary functions. Instead, they obey so-called 

integrability conditions that are highly restrictive (Press et al., 1992). 

Conceptually, one can always find a minimum by moving downhill on a 

single surface. However, there is no analogous procedure for finding a 

multidimensional root, where downhill must mean simultaneously downhill in N 

separate function spaces, thus allowing a multitude of trade-offs as to how much 

progress in one dimension is worth compared with progress in another. In this 

section an algorithm is presented that combines the rapid local convergence of 

Newton's method with a globally convergent strategy that will guarantee some 

progress towards the solution at each iteration. This algorithm is closely related 

to the quasi-Newton method of minimization described by Dennis and Schnabel 

(1983). 

Recall from the previous section that the Newton step for the set of 

equations F(x) = 0 is: 

Xnew=X o l d+5x (4-14) 

where 

Sx = - J 1 F (4.15) 

A reasonable strategy to decide whether to accept the Newton step is to require 

that the step decrease the function 

f = ||F||2=F-F (4.16) 

Every solution to F(x) = 0 minimizes the scalar function, /, however, there may be 

local minima of this function that are not solutions to the vector valued function, 
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F. Thus simply applying the multidimensional optimization algorithm described 

previously is inappropriate in this situation. To develop a more robust algorithm, 

note that the Newton step 4.15 is a descent direction for / : 

V / - 8 x = ( F J ) ( - J - 1 F ) = - F F < 0 (4.17) 

Thus the solution strategy is quite simple; at each iteration, a full Newton step is 

always attempted to ensure quadratic convergence once close enough to the 

solution. When farther from the minimum of f, however, taking the full Newton 

step does not necessarily decrease the function, as the initial point may be too 

far away from the solution for the quadratic approximation to be valid. At this 

point, all that is really known about the behavior of the function is that initially / 

decreases in the Newton direction. The goal is therefore to move to a new point, 

Xnew, along the direction of the Newton step, but not necessarily all the way. 

Thus, before accepting the new estimate of x, it is first verified that the 

proposed step reduces /. If not, the solution vector retraces its path along the 

Newton direction until an acceptable step is achieved. Because the Newton step 

is a descent direction for f, it is guaranteed that an acceptable step can ultimately 

be found by backtracking. Utilizing this method essentially minimizes /by taking 

Newton steps designed to bring F to zero. This is not equivalent to minimizing f 

directly by taking Newton steps designed to bring V / t o zero. While this 

approach can still occasionally fail by landing on a local minimum of f, this is 

quite rare in practice (Press et al., 1992) and can be rectified by reinitializing at a 

new starting point. 
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4.6 Iterative Improvement of a Solution 

It is an unavoidable consequence of numerical computation that obtaining 

greater precision for the solution of a linear set of equations than the precision of 

a computer's floating-point accuracy is very nearly impossible. Unfortunately, for 

large sets of linear equations, it is not always easy to obtain precision equal to, 

or even comparable to, the machine's limit. In direct methods of solution, round

off errors tend to accumulate and are magnified to the extent that a given matrix 

may approach singularity. It is of critical importance that this not occur during the 

optimization process, since it could negatively impact the solution trajectory, or 

worse yet, cause the cessation of calculation altogether. In all routines in which 

this could potentially occur, an intuitively simple procedure termed iterative 

improvement was employed to restore the full machine precision. Suppose that 

an unknown vector x is the exact solution of the linear set: 

A slightly inaccurate solution x + 5x, is known, where 5x is the unknown error. 

When multiplied by the matrix A, this erroneous solution gives a product that 

deviates slightly from the desired right-hand side b, namely: 

A x = b (4.18) 

A-(x + 5x) = b + 8b (4.19) 

Subtracting equation 4.18 from equation 4.19 gives: 

A 5x = 5b (4.20) 
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Equation 4.19 can be trivially solved for 5b, which can then be substituted into 

equation 4.20 to yield: 

A -8x = A ( x + 8 x ) - b (4.21) 

Since the entire right hand side of equation 4.21 is known, Sx can easily be 

calculated by matrix inversion and then subtracted from the original estimate to 

give the correct solution. Figure 4.2 gives a graphical representation of this 

procedure. 

4.7 Summary 

The calculation of kinetic parameters from experimental data for a single 

reaction is a straightforward task that in general does not require sophisticated 

numerical techniques. Simple direct optimization methods are sufficient to 

provide a meaningful result provided adequate initial estimates are used. For 

more complicated systems involving a large number of independent variables, 

these simple algorithms are no longer appropriate, as the complex surface 

topologies are rife with local extrema. This chapter presents numerical methods 

developed to address such systems, and discusses some of the relevant 

implementation details. As well, the concept of using Gibbs free energy 

minimization to establish the composition of complex mixtures at equilibrium is 

put forth. 
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and expansion 

Figure 4.1 - Possible outcomes for a step in the downhill simplex method. The 
simplex at the beginning of the step, here a tetrahedron, is shown, top. The simplex 
at the end of the step can be any one of (a) a reflection away from the high point, 
(b) a reflection and expansion away from the high point, (c) a contraction along one 
dimension from the high point, or (d) a contraction along all dimensions towards the 
low point. 
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Figure 4.2 - Iterative improvement of the solution to A x = b. The first guess x 
+ Sx is multiplied by A to produce b + 5b. The known vector b is subtracted, 
giving 5b. The linear set with this right-hand side is inverted giving 5x. This is 
then subtracted from the first guess giving an improved solution x. 
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CHAPTER ¥W/E 

MODELING OF THE ANOXIC REGION 

5.1 Introduction 

Current methods used to calculate the product composition, flow rate and 

temperature of the modified Claus furnace effluent are essentially limited to 

reaction equilibrium models and empirical correlations. As indicated previously, 

the study published by Monnery et al. (1993) extensively reviewed the literature 

on modeling of the Claus reaction furnace and compared equilibrium and 

empirical results to actual plant data for the following species: H 2 , C O , C O S and 

C S 2 . If was suggested in the study that the current methods used to predict the 

formation of selected compounds in the Claus furnace were inadequate due to 

kinetic limitations. 

Collecting the requisite kinetic data to properly account for these 

limitations in the reaction furnace poses somewhat of a dilemma, as it demands 

the foreknowledge of the key reactions involved. Additionally, given the 

sophistication of the experiments, the time required to collect the appropriate 

data would prove prohibitively long and would ultimately result in an 

unnecessarily complicated model. The approach used in this work looks at this 

problem from a slightly different perspective. Instead of measuring kinetics for 
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the individual reactions, experimental data have been collected over a broad 

range of conditions using feed compositions representative of those typically fed 

to a Claus furnace. The general idea is to use these data sets to regress global 

kinetic parameters that address the inherent kinetic limitations of the system, 

while still maintaining the simplicity of the model. Key to this approach is 

developing a means of discerning which reactions play a critical role in 

determining the final composition of the furnace effluent. Also of great 

importance is the quality of the experimental data, which will have a profound 

effect on the ultimate form of the model. 

Sundaram and Froment (1977a, 1977b, 1978) applied a similar method in 

modeling the thermal cracking kinetics of simple hydrocarbon mixtures. Based 

on the current literature on the subject, they proposed several reaction schemes 

to describe the thermal cracking behavior of specific compounds. When 

otherwise unavailable, kinetic parameters were estimated by nonlinear 

regression using Marquardt's algorithm (Press et al., 1992). A Runge-Kutta-Gill 

routine (Cheney and Kincaid, 1985) was then used to integrate the set of 

continuity equations for the reactor, thus providing a basis of comparison for the 

experimental data that had been collected. The multi-response nature of the 

problem was accounted for by minimizing the weighted sum of squares of the 

residual molar flow rates for each component exiting the reactor. Once the 

kinetic parameters had been regressed, a systematic approach was employed to 

identify candidate reaction schemes consisting solely of molecular reactions. 
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This methodology proved successful in developing a reduced order model 

describing the kinetic behavior of hydrocarbon cracking. It is intentioned that a 

similar technique be applied to developing a kinetic model of the Claus furnace. 

5.2 Model Structure 

It becomes immediately apparent when beginning the modeling process 

that there are two distinct mechanisms that underlie the chemistry of the reaction 

furnace. The free-flame region at the front end of the furnace is characterized by 

high temperatures and very rapid reactions proceeding via single atom or radical-

based chemistry. The anoxic region, on the other hand, is typified by non-

oxidative chemistry involving predominantly molecular species reacting at lower 

temperatures and slower rates. This implies that a two-tiered model is necessary 

to adequately capture the complex chemistry associated with the two distinct 

zones. The following two chapters are therefore devoted to the development of 

the mathematical models for the anoxic and flame regions respectively. 

Although it may seem somewhat contrary to consider the anoxic region of 

the reaction furnace in advance of the combustion zone, the motivation for this 

approach is well reasoned. While an unfortunate necessity from a modeling 

perspective, the concept of a spatially distinct flame and anoxic region is 

somewhat of a mathematical abstraction. The flame region is defined more by 

local temperature and compositional variations than by any combination of time 

and space; assigning a physical boundary between the two regions is thus 



somewhat arbitrary. One can avoid making this capricious judgment by 

delineating the anoxic chemistry first by analyzing kinetic data measured once 

the oxygen initially present has been entirely consumed. The flame region model 

can then be developed by regressing the appropriate parameters while 

concurrently simulating the established anoxic model. Due to the rapid nature of 

the oxidative chemistry, the anoxic model will have negligible impact upon the 

ultimate form of the flame region model. 

5.3 Numerical Methods and Optimization 

Direct optimization techniques such as those developed by Powell (Fletcher 

and Powell, 1963; Powell, 1965) and Nelder and Mead (1965) have been used 

for decades in solving simple optimization problems for which a local descent 

method is acceptable. The regressing of kinetic parameters from experimental 

data is one such application for which these types of algorithms are suited. The 

small number of variables combined with a relatively smooth descent trajectory 

allows for the quadratic convergence to the desired minimum provided 

appropriate initial estimates are given. For more complex problems involving a 

large number of variables, the surface topology of the function to be minimized 

becomes more convoluted, resulting in a myriad of local minima. Under such 

circumstances direct descent methods suffer severely from trapping in local 

extrema and are therefore inappropriate for identifying a meaningful solution. 

Heuristic techniques such as the Tabu search method (Glover et al., 1993), 
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(Back, 1996) and simulated annealing (Aarst and Korst, 1989) all employ 

stochastic search directions to escape the local extrema that typically confound 

direct minimization routines. Furthermore, these methods are often successful in 

solving complex optimization problems for which there is no known analytical 

solution, or for which the computational cost is prohibitively large. For this work, 

simulated annealing was selected due to its flexibility and superior convergence 

properties in solving problems involving chemical reaction kinetics (Terry and 

Messina, 1998). 

The development of the standard simulated annealing algorithm is 

generally attributed to Metropolis et al. (1953) and was conceived by analyzing 

the behavior of physical systems with a very large number of degrees of 

freedom. In this context, very large means so large as to preclude the 

exhaustive examination of the possible states of the system, and admitting only 

the possibility of statistical analysis. The mathematical model of the behavior of 

such an arrangement will thus contain a method of minimizing a certain function, 

namely, the total energy of the system. This approach has since been adapted 

to find the optimal configuration of a variety of systems wherein the global 

extremum exists amidst numerous local extrema. 

Simulated annealing has been applied to a great variety of combinatorial 

minimization problems, including heat exchanger and pressure relief header 

networks (Dolan et al., 1989, 1990), batch process scheduling (Das et al., 1990; 



Ku and Karimi, 1991; Patel et al., 1991) and imaging applications (Silverman and 

Addler, 1992; Groisman and Parker, 1993). More relevant to this current work, 

simulated annealing has also been applied to multimodal continuous spaces 

(Vanderbilt and Louie, 1984; Bohachevsky et al., 1986; Corana et al., 1987). Of 

particular interest is a study performed recently by Terry and Messina (1998) in 

which simulated annealing was one of several optimization techniques used to 

elucidate kinetic parameters from concentration-time data. In this work, 

concentration profiles were generated based on known reaction kinetics, then a 

limited number of points were sampled and used to regress the corresponding 

reaction mechanisms and rate constants. Several reaction types were 

investigated, including a parallel reaction and a consecutive reaction with a 

reversible step. It was concluded that heuristic search algorithms can be used 

effectively to determine unknown rate constants and reaction orders from a 

limited set of concentration-time data. Additionally, it was noted that simulated 

annealing was superior to simplex-based methods and genetic algorithms in 

accomplishing this task. 

5.4 Parameter Optimization 

The continuity equation for species 'j' in an isothermal plug flow rector was 

developed in Chapter 3, and can be expressed as: 
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In this equation, vy is the stoichiometric coefficient of component 'j' in reaction T. 

In the absence of literature to the contrary, it is assumed that the reactions 

included in the model are elementary and therefore the reaction order 

corresponds to the molecularity. It is also presumed that the associated rate 

coefficients obey the Arrhenius relationship within the temperature range 

covered. 

The first-order differential equations represented by equation 5.1 are 

typically non-linear and coupled, hence analytical solutions are not always 

possible. A fifth order Runge-Kutta routine using adaptive step size was thus 

adopted in this work to calculate the product composition from the anoxic region. 

The compositions were then passed to the optimization routine, and used in the 

formulation of the objective function given below: 

a 1=1 (X . - X )2 

OF = - X l P'' (5-2) 

It should be pointed out that H 2 0 and S 2 compositions determined using the 

reactor model were not used in the calculation of the objective function, since 

they were not measured directly during the collection of experimental data. As 

well, absolute errors less than 0.01 mol% did not contribute to the objective 

function to avoid skewing the model to fit less accurate low values. The objective 

function was minimized using simulated annealing as described earlier. A 

schematic of the data flow structure for the algorithm is given in Appendix F. 



Although globally convergent optimization techniques are generally 

insensitive to the initial estimates provided, a significant reduction in computation 

time can be realized by initializing the routine with reasonable values. This 

increased search efficiency is primarily the result of a lower effective annealing 

temperature resulting in a smaller search domain. Strategies do exist for the 

estimation of kinetic parameters (Anderson et al., 1997), but generally these 

methods are only applicable to single reactions and require the measurement of 

rate data. As a means of estimating the initial kinetic parameters for this work, a 

linear search technique was used to regress a rate constant assuming that the 

reaction under consideration was solely responsible for the production or 

consumption of the limiting reagent, based on the known stoichiometry. Rate 

constants were thus determined for average compositions at each temperature, 

and the corresponding activation energies and pre-exponential constants were 

determined by fitting the estimated rate constants to an Arrhenius relationship. 

While the parameters determined in this fashion are not necessarily reflective of 

the actual values, the estimates are typically of the appropriate order of 

magnitude, and hence the optimization results in a meaningful outcome. 

As indicated in the Chapter 4, there are two key metrics that control the 

effectiveness of an optimization run, the annealing temperature and the 

annealing schedule. In order to improve the chances of identifying global 

extrema, it is important to start with an annealing temperature that is suitably high 

and reduce this temperature sufficiently slowly. Although the selection of these 
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parameters is very much case dependent, general guidelines have been put forth 

that assist in elucidating effective starting values. The initialization of the 

annealing temperature was accomplished using a slight modification of the 

procedure described by Kirkpatrick et al. (1983). Basically, an arbitrary starting 

temperature is selected and 100*N moves of the simplex are attempted, where N 

represents the number of independent variables comprising the objective 

function. If the fraction of moves that are accepted is less than 0.85, the 

annealing temperature is doubled, and the process is repeated. When the 

fraction of accepted moves exceeds the threshold, the annealing temperature is 

sufficiently high to "melt" the system and the cooling process can begin. 

The annealing schedule used to control the cooling rate was relatively 

simple; the temperature parameter was decreased by a constant ratio once a 

fixed number of points had been calculated. In general, this amounted to 

decreasing the annealing temperature by a factor of 0.8 every 5000 iterations; 

however, the moving average of the sum of squares error was monitored to 

prevent too rapid a decrease in the objective function. 

Although requiring significant computing power, initial optimization runs 

utilized a large number of potential equations, usually in excess of 40. Reactions 

were then systematically moved in and out of the proposed reaction set and 

reactions that consistently did not contribute significantly to reducing the 

objective function were ultimately eliminated from the candidate reaction scheme. 

It is important to point out that as the number of equations decreased, some 
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subjectivity was used in cases where the 'optimal' solution did not provide a 

result with the correct qualitative behavior. Specifically, intermediate results were 

occasionally favored over the optimized solution in circumstances under which 

the objective function failed to capture the appropriate trends. This is essentially 

a form of non-equilibrium simulated annealing similar to that proposed by 

Cardoso et al. (1994). Interestingly, this did not impact the selection of reactions, 

but did influence the numerical value of the kinetic parameters. 

5.5 Results 

As a result of the optimization procedure described above, the following 

reactions were identified as contributing significantly to the ultimate product 

distribution leaving the reaction furnace: 

H 2 S <=> H 2 + -|-S 2 (5.3) 

H 2 S + j S 0 2 « H 2 0 + - fS 2 (5.4) 

C O + H 2 0 ^ > C 0 2 + H 2 (5.5) 

2CO + S 0 2 - > 2 C 0 2 + { S 2 (5.6) 

C S 2 + S 0 2 ^ C 0 2 + f S 2 (5.7) 

2COS + S 0 2 ^ 2 C 0 2 + | S 2 (5.8) 

C O S ^ C O + | S 2 (5.9) 

C O + H 2 S - » C O S + H 2 (5.10) 
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The corresponding kinetic parameters for these equations are 

summarized in Table 5.1. The units for the pre-exponential constants in Table 

5.1 are such that they are consistent with partial pressures measured in kPa and 

reaction rates measured in mol/m 3 s. 

Table 5.1 - Arrhenius parameters for the anoxic region of the Claus furnace 

Anoxic Region 
Reaction Ea» (kJ/mol) A f Ear(kJ/rnol) A r 

5.3 185 8.69e6 119 1.60e4 
5.4 233 1.54e7 213 1.78e5 
5.5 118 24.5 148 665 
5.6 116 0.169 - -
5.7 63.0 6.67 - -

5.8 56.1 6.78e-2 - -
5.9 103 1.32e3 - -
5.10 100 19.2 - -

Note that all reactions presented are assumed to be elementary, with the 

exception of equation 5.3, for which a non-elementary kinetic expression has 

already been developed (Clark et al., 1999; Hawboldt et al., 1999): 

_ r H 2 S = k f P ^ s P s f ~^r^H2^S2 (5-11) 

The activation energies predicted using the global optimization scheme compare 

well with published figures; in particular, Hawboldt et al. (1999) and Clark et al. 

(1999) report values of 98.0 kJ/mol and 131.3 kJ/mol respectively for the reverse 

portion of equation 5.3, which compares very favorably with the regressed value 

of 119 kJ/mol. For the forward portion of the same reaction, the calculated figure 
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of 185 kJ/mol is nearly identical to the value of 188.4 kJ/mol reported by 

Hawboldt et al., and close to the 216.6 kJ/mol reported by Clark et al. 

The forward and reverse rate constants for equations 5.3 and 5.4 plotted 

against temperature in Figure 5.1 compare closely with those published by 

Hawboldt et al. The corresponding equilibrium constants dictated by the forward 

and reverse rate constants agree well with independent calculations based on 

published thermochemical data (Chase et al., 1985), as shown in Figure 5.1. 

Differences between the published and predicted values are a consequence of 

the interaction between numerous reactions simultaneously approaching 

equilibrium. The inherent structure of a reduced order model makes it impossible 

to match individual kinetic parameters exactly. By selecting dominant reactions, 

the kinetic behavior of key components can be approximated by a single global 

reaction. 

5.1.1 Statistical Analysis 

Figure 5.2 is a plot of calculated versus measured values for all species 

present. The solid lines indicate one standard deviation from the mean relative 

error, and the dashed lines encompass 95% of all measured points assuming a 

normal distribution of error. The scatter of data at low concentrations suggests a 

measurement threshold that ultimately overwhelms the relative error. This 

makes it difficult to make a clear judgment in terms of selecting appropriate 

reactions involving species with low concentrations in the reactor effluent. 



Despite this, the overall fit of the model was very good, achieving just under 13% 

absolute average deviation. There were, however, some significant differences 

in the statistical variation of certain data sets. While there was little difference 

overall between the four mixtures, the low temperature data had consistently 

higher errors for almost all components. 

Figures 5.3 through 5.6 are parity plots for four key components, H 2 , CO, 

C O S and C S 2 . These components were selected for analysis as they are 

typically poorly predicted by equilibrium models. H 2 was well represented by the 

proposed kinetic model, with an average absolute error of under 7% and a 

standard deviation from the mean relative error of just over 8%. The parity plot 

for H 2 in Figure 5.3 shows no bias in the prediction of concentration data, and 

most points are tightly clustered about the mean. Figure 5.7 compares the 

experimental and predicted behavior of H 2 > demonstrating an excellent 

agreement between the two in terms of qualitative trends. 

Although the model provided a much poorer statistical fit of C O , with a 

slight bias towards under-prediction, it nonetheless forecast experimental trends 

very well, as shown in Figure 5.8. Much of the 16% average absolute deviation 

observed for C O was the result of the correspondingly high relative error at low 

concentrations detailed in Figure 5.4. 

Based on the average absolute deviation, C O S appears to be poorly fit by 

the model. This assessment is somewhat deceiving, however, since all points 

greater than two standard deviations away from the mean relative error are for 
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mol fractions less than 0.1%. Given the limitations in terms of measurement 

accuracy, it is not surprising that these large relative errors are observed. The 

model predicts qualitative behavior quite well, as demonstrated in Figure 5.9. 

The good fit at higher concentrations combined with the clear under-prediction at 

lower levels suggests that there may be some mechanism at play causing the 

formation of small amounts of C O S . Specifically, it is possible that despite a 

short quench time on the order of 25 ms, some re-association is occurring. In a 

relative sense, this has little impact on the error at high concentrations but 

causes a significant under-prediction at low values. 

The parity plot of C S 2 shown in Figure 5.6 indicates no bias, and a 

relatively tight clustering of points, given the accuracy with which low 

concentrations can be measured. A comparison of predicted and experimental 

data for C S 2 is provided Figure 5.10, and again demonstrates excellent 

agreement in terms of qualitative behavior. 

5.5.2 Model Comparison 

Sames and Paskall (1985) presented empirical correlations which predict 

the fractions of C O , H 2 , C O S , C S 2 and sulphur (as Si) in the effluent of the Claus 

furnace. These correlations are based on plant data from over 300 tests on 100 

different sulphur trains, including both straight through and split flow designs 

ranging in capacity from 14 to 1700 tons/day. The rationale behind the 

development of these correlations was based on the observation that equilibrium 



was not attained in the furnace and that the deviation from equilibrium increased 

as the H 2 S content in the acid gas decreased. The Western Research (Sames 

and Paskall, 1985) correlations are given below: 

R(CO) = 0 .002A 0 0 3 4 5 exp(4.53A) (5.11) 

R(CO) is the fraction of furnace inlet carbon that forms CO. 

R(H 2) = 0.056 ±0.024 (5.12) 

R(H 2) is the fraction of furnace inlet H 2 S that cracks to H 2 and S. 

R(COS) = 0.01tan(100A) 0 < A < 0 . 8 6 (5.13) 

R(COS) = 0.143A A > 0.86 (5.14) 

R(COS) is the fraction of furnace inlet carbon that forms C O S . 

R ( C S 2 ) = 2 .6A 0 9 7 1 exp(-9.65A) (5.15) 

R(CS 2 ) is the fraction of inlet hydrocarbon that forms C S 2 . 

R(S) = 1.58A1 0 9 9 exp(-0.73A) (5.16) 

R(S) is the fraction of furnace inlet H 2 S that forms elemental S. 

Note that in the above equations, 'A' is the mole fraction of H 2 S in the acid gas 

feed on a dry basis. 

Fischer (1974) presented nomographs for calculating the volume percent 

of the major compounds in the product gas from a Claus reaction furnace. The 

nomographs are a function of H 2 S, C 0 2 and C H 4 composition in the acid gas 
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feed, assuming an H20 content of 5.6% by volume. A formation reaction for 

each of H 2 , C O , C O S and C S 2 was assumed, then nomographs were generated 

based on ideal gas equilibrium constants and ideal enthalpies of formation. It 

was reported that the nomographs coincided well with experimental data, 

however no comparisons or references were given. 

Figures 5.11 through 5.15 compare the predicted product distributions 

calculated using the proposed kinetic model with those obtained using both the 

Western Research correlations and the Fischer nomographs. Since the 

correlations presented by Western Research represent average operating 

conditions, a residence time of 1.0 seconds was selected for the purposes of 

comparison. This represents an average value of residence time for the 

industrial units upon which the correlations were based, and also allows for 

adequate time for the anoxic chemistry to develop. In making the comparison, 

the temperature used in the model runs was increased from 950°C to 1250°C as 

the H 2 S content rose from 30% to 90% in order to reflect the increase in the 

adiabatic flame temperature that would be observed in the field. 

Given the limitations of each approach, the kinetic model was in 

reasonable agreement with both empirical methods, with particular similarities 

existing between the Western Research correlations and this work. A notable 

exception was the prediction of C S 2 , shown in figure 5.11, for which there was no 

real consensus. This is not a surprising result, since the concentration of C S 2 

has been found to be strongly dependent on residence time. The correlation 
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developed by Luinstra and d'Haene (1989) discussed in the next section 

incorporates a time dependent term and provides a much better comparison with 

the kinetic model. The kinetic model is also in strong agreement with work 

published by Grancher (1978) in which methane derived CS2 was shown to 

decrease monotonically to negligible levels as the H 2 S was increased to 70%. 

H 2 and S 2 both increased with increasing H 2 S content using all three 

methods, as shown in Figures 5.12 and 5.13 respectively. The prediction of S 2 in 

particular showed considerable agreement between the models, likely because it 

correlates very strongly with the H 2 S content, which was identical for all three 

calculations. As described previously, there are inherent differences in the 

underlying assumptions for each of the models that result in certain differences in 

the effective feed compositions. It is for this reason that a comparison of trends 

is more appropriate than contrasting the raw values. 

Using both the Western Research correlations and the kinetic model, C O S 

was found to pass through a maximum at 70% H 2 S. A similar conclusion was 

drawn by Grancher (1978) who observed that C O S passed through a maximum 

at a feed composition of 60% H 2 S. Although this trend was not observed using 

the Fischer charts, the inability of this method to match the trend predicted by the 

other models is likely a consequence of the simplifying assumptions used to 

develop the nomographs. Figure 5.15 plots C O concentration against H 2 S 

content in the feed and shows excellent agreement between the three methods. 
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A maximum is observed at 70% feed H 2 S, after which a significant drop in C O 

concentration is observed. 

Luinstra and d'Haene (1989) developed the following correlation to predict 

C S 2 formation based on operating data from eleven of Shell Canada's sulphur 

recovery units: 

ln(CS 2 ) = -0.426t -0 .25 ln(H 2S) +1.4 (5.17) 

C S 2 = C S 2 make in mol% (dry) at the inlet of the first converter. 

t = furnace residence time in seconds 

H 2 S = mol% H 2 S in acid gas feed (dry basis) 

Based on the Shell plant data, it was also observed that increasing the total 

organic carbon in the feed also increased the production of C S 2 . This parameter 

was not included in the correlation however, as it did not significantly improve the 

fit. Additionally, it was reported by other sources that the higher hydrocarbon 

content increased the furnace temperature, thereby reducing the aggregate 

amount of C S 2 produced. 

Figure 5.16 provides a rough comparison between the correlation 

developed by Luinstra and d'Haene (1989) and the C S 2 predicted by the anoxic 

region model. The trend is a much more salient comparison than the raw 

numbers, in that the organic carbon in the experimental feed varied from roughly 

0.6% for the 30% H 2 S mixture to 0.35% for the 90% H 2 S mixture, whereas the 

correlations were developed for feeds ranging from 0.6% to 4.2% organic carbon. 

As such, the magnitude of the numbers differs significantly, since C S 2 formation 
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is a strong function of hydrocarbon content in the feed. In general, though, both 

models predict a decrease in CS2 concentration with increasing residence time, 

and decreasing H 2 S content in the feed. 

Despite several references in the literature (Grancher, 1978; Sames, 

1984; Clark et al., 1998; Karan et al., 1998a) indicating that C O S concentration 

passes through a maximum value at some intermediate temperature for a given 

residence time, little direct evidence of this behavior was indicated by the 

experimental data. In the latter two references, however, the context of the 

observation was related to the reversible decomposition of COS to C O and 

elemental sulphur. As this reaction has been shown to be insufficient to account 

for the field trends reported for C O S (Clark et al., 2001) it is quite possible that 

other reactions played a more dominant role in dictating the kinetic behavior of 

the COS in this study. In the work presented by Grancher (1978) and Sames 

(1984), the temperature differences observed in field data were directly related to 

composition, and in particular H 2 S content. As was shown in Figure 5.14, the 

model is consistent with this observation and does predict a maximum in C O S 

concentration if the relationship between composition and temperature is 

accounted for. 

5.6 Summary 

In order to address the kinetic limitations within the Claus furnace, a 

reduced order kinetic model of the anoxic region has been developed. The 
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proposed model includes eight reactions and fits newly measured experimental 

data within 13%. Additionally, the qualitative trends predicted by the model are in 

good agreement with the experimental data, and are consistent with the 

significant trends reported in actual field data. It is thus concluded that the 

proposed methodology provides an effective means of capturing the complexity 

of Claus furnace chemistry with an easy to implement model. 
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Figure 5.1 - Comparison of equilibrium constants for H 2 S pyrolysis and 
second Claus reactions. 
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Figure 5.2 - Parity plot comparing experimental and calculated data 
points for all species in the anoxic region. The solid lines represent 
one standard deviation from the mean, whereas the dashed lines 
represent two standard deviations from the mean. 
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Figure 5.3 - Parity plot comparing experimental and calculated data points 
for H 2 in the anoxic region. The solid lines represent one standard deviation 
from the mean, whereas the dashed lines represent two standard deviations 
from the mean. 



Figure 5.4 - Parity plot comparing experimental and calculated data 
points for C O in the anoxic region. The solid lines represent one 
standard deviation from the mean, whereas the dashed lines represent 
two standard deviations from the mean. 
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Figure 5.5 - Parity plot comparing experimental and calculated data 
points for C O S in the anoxic region. The solid lines represent one 
standard deviation from the mean, whereas the dashed lines represent 
two standard deviations from the mean. 
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Figure 5.6 - Parity plot comparing experimental and calculated data 
points for CS2 in the anoxic region. The solid lines represent one 
standard deviation from the mean, whereas the dashed lines represent 
two standard deviations from the mean. 
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Figure 5.7 - Comparison of experimental data with predicted values of H 2 

concentration over a range of temperatures using mixture A as the feed. 
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Figure 5.8 - Comparison of experimental data with predicted values of C O 
concentration over a range of temperatures using mixture B as the feed. 
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Figure 5.9 - Comparison of experimental data with predicted values of C O S 
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Figure 5.10 - Comparison of experimental data with predicted values of C S 2 

concentration over a range of temperatures using mixture B as the feed. 
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Figure 5.11 - Comparison of different models to predict C S 2 composition as a 
function of H 2 S in acid gas feed. For the purpose of comparison, the 
temperature for the anoxic model was increased from 950°C to 1250°C as the 
H 2 S content of the feed increased from 30% to 90%. 
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Figure 5.12 - Comparison of different models to predict H 2 composition as a 
function of H 2 S in acid gas feed. For the purpose of comparison, the 
temperature for the anoxic model was increased from 950°C to 1250°C as 
the H 2 S content of the feed increased from 30% to 90%. 



105 

o -
O 

CO 

20 40 60 80 

Feed H 2 S (mol% dry) 

100 

I Anoxic Model A Western Research • Fischer Nomograph 

Figure 5.13 - Comparison of different models to predict S 2 composition as a 
function of H 2 S in acid gas feed. For the purpose of comparison, the 
temperature for the anoxic model was increased from 950°C to 1250°C as the 
H 2 S content of the feed increased from 30% to 90%. 



106 

2_ 
O 

CO 

O 
o 

20 40 60 80 

Feed H 2S (mol% dry) 

100 

I Anoxic Model A Western Research • Fischer Nomograph 

Figure 5.14 - Comparison of different models to predict C O S composition 
as a function of H 2 S in acid gas feed. For the purpose of comparison, the 
temperature for the anoxic model was increased from 950°C to 1250°C as 
the H 2 S content of the feed increased from 30% to 90%. 
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Figure 5.15 - Comparison of different models to predict C O composition 
as a function of H 2 S in acid gas feed. For the purpose of comparison, the 
temperature for the anoxic model was increased from 950°C to 1250°C as 
the H 2 S content of the feed increased from 30% to 90%. 
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the H 2 S content of the feed increased from 30% to 90%. 
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CHAPTER §m 

MODELING OF THE FLAME REGION 

6.1 Introduction 

Unlike most single step procedures used to predict the outflow from the 

thermal stage of the Claus process, the two-tiered approach employed in this 

study enables the separate examination of the two strikingly different 

mechanisms occurring within the Claus furnace. In the following chapter, the 

three methodologies used to model the flame region are described, and the 

limitations inherent in each approach are discussed. The anoxic region model 

developed in the previous chapter provides a standardized platform from which 

the potential models of the combustion zone can be assessed. 

6.2 Flame Region Modeling 

Prior to developing any of the modeling strategies, it was postulated that 

the anoxic and flame region models could be superimposed on one another due 

to the dramatically different time scales involved. In so doing, it was assumed 

that the oxidative chemistry was sufficiently fast that the anoxic region model 

could be run from time zero without considering the influence of the oxidative 

chemistry. Subsequent kinetic modeling using H 2 S oxidation kinetics (Hawboldt, 
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1999) and C H 4 oxidation kinetics (Karim and Hanafi, 1992) confirmed this 

assumption since all oxygen was consumed in less than half a millisecond. 

Consequently, the oxidative model can be regressed concurrently while the 

anoxic model is run without prior knowledge of the length of the oxidation region. 

Although there is a small amount of error inherently introduced by assuming that 

the combustion reactions proceed to equilibrium prior to the occurrence of any 

anoxic chemistry, this error is very small relative to the measurement uncertainty 

associated with the experimental data used to fit the model, and is thus of no 

practical consequence. 

The composition of each mixture at the exit of the flame region was 

estimated by extrapolating the experimental data back to time zero using the 

anoxic model. Successive substitution was used to update the product 

distribution from the flame region until the predicted and experimental data for 

the anoxic region converged. 

6.3 Constrained Equilibrium Model 

The first approach to modeling the flame region that was investigated was 

to assume that thermodynamic equilibrium prevails for a handful of combustion 

reactions that presumably are much more rapid than the ensuing anoxic 

chemistry. The selection of reactions for the flame region was made in 

consideration of those outlined by Paskall (1979) and are listed below: 

H 2 S + j 0 2 - * H 2 0 + { S 2 (6.1) 
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H 2 S + 0 2 - ^ H 2 + S 0 2 (6.2) 

H 2 S + f 0 2 ^ S 0 2 + H 2 0 (6.3) 

C H 4 + f 0 2 - ^ C O + 2 H 2 0 (6.4) 

C H 4 + 2 0 2 - ^ C 0 2 + 2 H 2 0 (6.5) 

The equilibrium constants for the reactions were determined using free energy 

minimization and were consistent with those calculated using the thermochemical 

tables published by Chase et al. (1985). The Newton-Raphson technique 

described in Chapter 4 was used to solve the non-linear system of equations 

arising from the simultaneous equilibrium of the five reactions. A logarithmic 

transform was applied to the system of equations so as to mitigate any numerical 

difficulties associated with such widely varying magnitudes. Although a 

meaningful solution to the system of equations was obtained, the model 

predicted the complete combustion of C H 4 , thus matching poorly with the 

experimental results, and contradicting evidence provided by other researchers 

(Karan et al., 1998c, Clark et al., 1998) that H 2 S is oxidized preferentially in the 

presence of C H 4 . 

6.4 Modified Equilibrium Model 

The second approach to modeling the flame region was to develop a 

modified free energy model that semi-empirically takes into account kinetic 

limitations by altering the thermodynamic favorability of certain reaction 

pathways. It was surmised that by altering the slope and offset of the published 
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Gibbs free energy functions for specific components, a reasonable match of the 

data could be achieved. To this end, the free energy functions of H 2 , C O and 

C S 2 were fitted, as these species are typically not in agreement with equilibrium 

prediction. 

The results obtained from this approach suggested that maintaining the 

general form of the Gibbs free energy functions was too restrictive, and did not 

result in a realistic fit of the data. Consequently, a purely empirical approach was 

adopted, wherein the exit compositions of H 2 , C O and C S 2 were correlated to 

temperature and compositional parameters shown below: 

F(H 2) = A e B T (6.6a) 

F(H 2) is the fraction of inlet H 2 S that forms H 2 . 

F(CO) = A e B T (6.6b) 

F(CO) is the fraction of inlet carbon that forms C O . 

F(CS 2 ) = A T B (6.6c) 

F(CS 2 ) is the fraction of inlet hydrocarbon not forming C S 2 . 

A = a 1 +a 2 (H 2 S) + a 3 ( H 2 S ) 2 +a 4 (H 2 S) 3 (6.7) 

B = b1 +b 2 (H 2S) + b 3 (H 2 S) 2 + b 4 (H 2 S) 3 (6.8) 

(H 2S) is the fraction of H 2 S in the feed on a dry basis. 

The regressed coefficients for each polynomial are presented in Table 6.1. 

The remaining species were estimated using free energy minimization. The fixed 

H 2 , C O and C S 2 compositions were accounted for by adjusting the mass balance 

constraints. 
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Table 6.1 - Polynomial coefficients for the modified equilibrium model 

Modified Equilibrium Model 
Coefficient H 2 CO C S 2 

a1 6.37e-2 3.98e-6 6.36 
a2 -4.86e-1 3.49e-6 -5.68e1 
a3 1.66 -1.31e-4 1.23e2 
a4 -2.26 2.55e-4 0.00 
b1 -6.09e-3 4.28 3.18e3 
b2 1.03e-1 -3.02 -2.22e3 
b3 -4.38e-1 7.11 e-1 4.36e2 
b4 6.21 e-1 -4.73e-2 1.63e1 

It is interesting to note that this approach is not without precedent; Wen et 

al. (1987) integrated the empirical prediction of H 2 , CO, C O S and C S 2 into a free 

energy minimization equilibrium calculation. Fischer's (1974) correlations were 

used to force the pseudo-equilibrium values of the specified components, while 

the distribution of the remaining compounds was determined by the free energy 

minimization. This was done in an attempt to account for the kinetic limitations in 

the furnace. It was reported by the authors that C O and C O S production 

predicted by the model was closer to field data published by Kerr (1976) than 

equilibrium calculations alone. Sulphur conversion in the furnace also matched 

field data (Kerr and Berlie, 1977) better than equilibrium alone. 

The proposed modified equilibrium approach gave a significantly better fit 

of the data over the prescribed temperature range and resulted in the correct 

qualitative behavior. When run concurrently with the anoxic region model, the 

absolute average error increased to 17% due to the inexact fit of the flame 

region. The general trends were preserved, however, confirming the validity of 



114 

the proposed model. While this approach yielded very good results within the 

prescribed temperature range, the nature of the correlations suggests that 

beyond this the resultant predictions may be questionable at best. As a side 

note, it is quite likely that given the appropriate field data, the formation of H 2 , C O 

and C S 2 in the flame region could be correlated to a single variable instead of the 

two proposed here. This is due to the observation that for most acid gas steams, 

the flame temperature is a strong function of the H 2 S content in the feed gas. 

6.5 Kinetic Model 

The third approach used to estimate the products from the flame region 

was to identify net molecular reactions that occur in the flame region, and fit 

kinetic parameters to those reactions based on the extrapolated flame region 

data. Because the eigenvalues of the differential equations for the combustion 

reactions differ by orders of magnitude, classical integration routines such as the 

Runge-Kutta method require extremely small step sizes to ensure the stability of 

the solution. The integration technique described in the previous chapter to 

calculate outlet composition for the anoxic region was thus inadequate to 

integrate the differential equations associated with the combustion reactions. 

The Burlich-Storr routine outlined by Press et al. (1992) was used for this 

purpose since it is capable of solving stiff sets of equations with a reasonable 

degree of accuracy. It is an implicit integration technique not unlike the Adams-

Moulton predictor-corrector method proposed by Gear (1971). 
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Initially, it was assumed that the consumption of oxygen could be 

attributed to the competition between C H 4 and H 2 S; hence equations 6.1 through 

6.5 were used to estimate the product distribution from the flame region. A 

kinetic expression for equation 6.3 has been proposed by Hawboldt et al. (1999), 

and an equation describing the net consumption rate of methane (equation 6.4 

and 6.5) has been put forth by Karim and Hanafi (1992). Note that the latter did 

not give an indication of the product distribution, merely the consumption rate of 

methane based on the temperature and composition of the mixture. The product 

distribution resulting from the oxidation of methane was thus correlated to the 

equilibrium ratio of C O to CO2, and the remaining reactions were fitted to kinetic 

parameters using the optimization routine. 

It was determined based on the results from the kinetic simulation that 

even at the lowest temperature (950°C), the oxygen was fully consumed in less 

than 500 u.s, as shown in Figure 6.1. This is in general agreement with recent 

simulation studies (Karim and Zhou, 1992; Karan et al., 1998c) on C H 4 and H 2 S 

oxidation. While this approach provided a good estimate as to the consumption 

rate of oxygen, the resulting product distribution suggested that all the C H 4 was 

oxidized in a very short time by the oxygen in the system. This result precludes 

the production of C S 2 in the furnace by the reaction of methane with various 

sulphur species as is generally accepted (Clark et al., 2001). This outcome is 

very possibly the result of the kinetic expression used to describe the 

consumption of methane. Specifically, the kinetic parameters indicated by Karim 
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and Hanafi (1992) were fitted to the post induction period of C H 4 and likely 

resulted in artificially high rates of C H 4 combustion relative to H 2 S, which is 

known to have a much shorter induction time. 

In light of this and recent experimental results on the oxidation rate of H 2 S 

(Clark et al., 1998; Karan et al., 1998), it appears unlikely that significant 

oxidation of methane by 0 2 occurs under Claus furnace conditions. This 

conclusion is borne out by indirect experimental evidence based on the co-

oxidation of methane and H 2 S performed by Clark et al. (1998). Consequently, a 

similar methodology to that used to develop the kinetic model of the anoxic 

region was initiated, wherein a large number of potential equations were 

identified, from which a subset of key reactions was elucidated. In regressing 

parameters to identify reactions for the inclusion in the kinetic model, it is not 

surprising that direct reaction between methane and oxygen was found to 

contribute negligibly to the consumption of methane. Based on the optimization 

results, it would appear that the primary pathway for methane removal is via 

reaction with sulphur containing species such as S 2 and H 2 S. The following 

reactions thus comprised the reduced order kinetic model for the flame region: 

H 2 S + | 0 2 -+H 2 0 + | S 2 (6.9) 

H 2 S + 0 2 ^ H 2 + S 0 2 (6.10) 

H 2 S + f 0 2 - ^ S 0 2 + H 2 0 (6-11) 

C H 4 + | 0 2 ^ C O + 2 H 2 0 (6.12) 
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C H 4 + 2 H 2 S « C S 2 + 4 H 2 (6.13) 

C 0 2 » C O + | 0 2 (6.14) 

C H 4 + 2 S 2 - ^ C S 2 + 2 H 2 S (6.15) 

The kinetic parameters for these equations are given in Table 6.2. The units for 

the pre-exponential constants in Table 6.2 are such that they are consistent with 

partial pressures measured in kPa and reaction rates measured in mol/m 3s. 

Note that the reverse reaction for equation 6.13 was calculated based on the 

corresponding equilibrium constant. 

Table 6.2 - Arrhenius parameters for the flame region of the Claus furnace 

Flame Region 
Reaction Ea (kJ/mol) A 

6.9 33.5 0.000514 
6.10 62.8 0.223 
6.11 230.3 0.0117 
6.12 58.9 0.00983 
6.13 146.5 0.121 
6.14 104.7 107.4 
6.15 152.1 0.239 

This model provided a reasonable fit of the extrapolated flame region data, and 

was successful in predicting the C S 2 formation as a result of the partial oxidation 

of methane. When run concurrently with the anoxic region model, the absolute 

average error increased substantially to 21%, but the general trends were 

preserved, confirming the structure of the proposed model. One significant 

shortcoming of this approach is the restriction that a single bulk temperature is 
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required for the flame region. Although this is generally not a serious problem in 

an experimental setting, it does limit the predictive nature of the model if applied 

to a field unit, since it is very difficult to maintain a constant temperature within 

the reactor. Additionally, since the Arrhenius relationship is generally valid over a 

limited temperature range, there is a possibility that the kinetic behavior observed 

at the lower temperatures used to fit the model may not extrapolate well to the 

high temperature typically associated with the flame region. 

6.6 Summary 

Three methods for estimating the product distribution from the flame 

region were presented. A kinetic model was developed based on matching 

endpoint data between the feed and anoxic region. Although no intermediate 

values were available to validate the proposed mechanism, a reasonable fit was 

obtained, yielding an average absolute error of 21%. Also successful in 

matching the experimental data was a modified equilibrium model wherein the 

outlet compositions of H2, C O and C O S were fixed based upon an empirical 

correlation, while the remaining compounds were determined using Gibb's free 

energy minimization. This model yielded the best fit, achieving an average 

absolute error of 17%. The third model investigated assumed the equilibrium of 

several key oxidation reactions and did not provide an acceptable fit of the 

experimental data. The failure of this model reflects the inability of equilibrium to 

accurately predict the product distribution resulting from combustion reactions. 
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Figure 6.1 - Product distribution of mixture C based on the kinetic model for the 
flame region at 950°C 
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CHAPTER SIVIM 

CONCLUSIONS AND RECOMMENDATIONS 

7.1 Conclusions 

A kinetic model of the Claus reaction furnace has been developed that 

addresses the non-equilibrium nature of the process. The model itself is 

comprised of two distinct parts characterized by the nature of the reactions 

involved. Specifically, seven reactions have been identified that represent the 

rapid combustion occurring at the front end of the Claus furnace, and a further 

eight reactions have been delineated to describe the slower anoxic chemistry 

associated with the cooler regions of the furnace. Thus, a system of fifteen 

reactions has been proposed to reflect the complexity of the chemical 

interactions occurring within the Claus furnace, and therefore adequately 

describe the resulting kinetic limitations. A semi-empirical model of the 

combustion zone was also proposed that fit H 2 , C O and C S 2 formation in the 

combustion zone to empirical correlations based on the temperature and H 2 S 

content of the feed gas. The distribution of the remaining components is dictated 

by equilibrium. 

Using the proposed kinetic model, an absolute average error of 13% was 

obtained for the measured species in the anoxic region. The combined kinetic-
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kinetic model yielded an absolute average error of 21% while providing a good 

qualitative fit. The combined equilibrium-kinetic model achieved a slightly better 

fit of the data, resulting in an absolute average deviation of 17%. Additionally, 

the trends predicted by both models are generally consistent with those observed 

in field studies, specifically with regards to H 2 , C O , C O S and C S 2 . 

7.2 Recommendations 

Although the proposed model provides a good fit of the experimental data 

collected, obtaining further data at residence times less than 0.5 seconds may 

prove useful in fine-tuning the regressed parameters for the oxidation reactions. 

This would also facilitate assessing the suitability of the selected oxidation 

reactions from a qualitative perspective, since end-point data was used to 

regress the kinetic parameters. Pursuant to this point, obtaining measurements 

from a free-flame oxidation zone might be useful in reassessing which of the 

proposed approaches is most applicable for the flame region. The high 

temperatures typically associated with a true flame region might mitigate the 

kinetic limitations encountered at lower temperatures and thus point conclusively 

to an equilibrium based model. Although not a possibility prior to this work, this 

alternative can now be investigated since reaction kinetics for the anoxic region 

have been identified. 

As well, the newly developed kinetic model can be used to analyze the 

performance of existing units. In particular, the present kinetic model can be 
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used to decouple kinetic effects from other phenomena, such as fluid flow and 

mass transfer. As a result, non-idealities such as temperature gradients, 

efficiency of mixing and other process variables can be analyzed independently. 

This could ultimately provide a predictive means of improving existing sulphur 

recovery operations and may identify shortcomings in current design practices. 

The model may also be used to assess what operational parameters are 

optimal for the furnace and waste heat boiler in a given configuration. In 

particular it can be determined whether a rapid quench might significantly reduce 

the formation of C O S and C S 2 in the WHB, thereby decreasing sulphur 

emissions. In order for this approach to be successful, it may be necessary to 

verify the efficacy of the kinetic model at the lower temperatures typically found in 

the WHB. This can be accomplished either by fitting some low temperature field 

data or by fitting new experimental data obtained by modifying the current 

experimental apparatus to give a much slower quench. 

Lastly, the current model can be expanded to include additional 

hydrocarbon species and incorporate N H 3 reactions already identified and 

characterized. This will yield a more extensive set of reactions, but should prove 

useful in predicting the performance of field units where hydrocarbon carryover 

can be quite significant, or ammonia destruction is required. 
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Main Reactions (Paskall, 1979) 

3H 2 S + f 0 2 -> S 0 2 + H 2 0 + 2H 2 S (A. 1) 

2H 2 S + S 0 2 ->f S 2 + 2 H 2 0 (A.2) 

3H 2 S + f 0 2 -*f S 2 + 3 H 2 0 (A.3) 

H 2 S + { 0 2 - ^ O + S, (A.4) 

S 1 + 0 2 - » S 0 2 (A.5) 

2S 1 -> S 2 (A.6) 

S 2 + 2 0 2 ^ 2 S 0 2 (A.7) 

C H 4 + 2 0 2 -» C 0 2 + 2H 2 0 (A.8) 

C 2 H 6 + \ 0 2 -4 2 C 0 2 + 3H 2 0 (A.9) 

C 6 H 6 ^ 6 C + 3H 2 (A. 10) 

C 7 H 8 - ^ 7 C + 4H 2 (A.11) 



C O and H 2 Side Reactions (Paskall, 1979) 

Forming 

C H 4 + f 0 2 ^ C O + 2 H 2 0 (A. 12) 

C H 4 + 0 2 ^ C O + H 2 0 + H 2 (A.13) 

C H 4 + 2H 2 0 -> C 0 2 + 4H 2 (A. 14) 

H 2 + C 0 2 ^ C O + H 2 0 (A.15) 

C 0 2 + H 2 S - * C O + H 2 0 + | S 2 (A.16) 

2 C 0 2 + H 2 S -> 2CO + H 2 + S 0 2 (A.17) 

H 2 S ^ H 2 + { S 2 (A.18) 

Consuming 

2CO + 0 2 ^ 2 C 0 2 (A.19) 

4CO + 2 S 0 2 -» 4 C 0 2 + S 2 (A.20) 

H 2 + ^ 0 2 - > H 2 0 (A.21) 

H 2 + | S 2 ^ H 2 S (A.22) 



C O S Side Reactions (Paskall, 1979) 

COS - Forming 

2 C H 4 + 3 S 0 2 ^ C O S + { S 2 + 4 H 2 0 (A.23) 

2 C 0 2 + 3S 1 -> 2COS + S 0 2 (A.24) 

C S 2 + C 0 2 - 4 2 C 0 S (A.25) 

2S.+2C02 ^ C O S + C O + S 0 2 (A.26) 

C O + S, -» C O S (A.27) 

C H 4 + S 0 2 -» C O S + H 2 0 + H 2 (A.28) 

C S 2 + H 2 0 - ^ C O S + H 2 S (A.29) 

COS - Consuming 

C O S + H 2 O ^ H 2 S + C 0 2 (A.30) 

2 C O S + S 0 2 -» f S 2 + 2 C 0 2 (A.31) 

C O S + C O + S 0 2 ^ C O S + H 2 (A.32) 

C O S + H 2 ^ C O + H 2 S (A.33) 

C O S + 1 0 2 -» C 0 2 + S 0 2 (A.34) 

C O S ^ C O + ^ S 2 (A.35) 



(9VV) 2 S + 0 0 3 <- ' 0 0 + S S 0 

v) 2s !+2oo «- 2os+'so 

(erv) ' H O + s oss«- O ' H S + sso 

(Sfr'V) S SH2 + s 0 0 <~ O S H S + 2 S 0 

6u!oinsuoo - z s o 

(IVV) SZ\-\P + "SOS <~ ZS9 + 8 H e 0 

(Ofr'V) S ' H G + *sos <- 3s f + 9 H Z O 

(6£ - V) ' O S + 3 S 0 «- l S S + 2 O 0 

(ee-v) szH2 + 3so «- l s*+ 'HO 

( Z S ' V )
 2Ht> + 2so <- S S H2 + "HO 

(9S 'V) ' S O ^ ' S S + O 

BUILUJOJ - 2 S 0 

suoipeey apis 2 S 0 



APPENDIX B 

CLAUS REACTION SCHEMES 



Pathway A 

C 0 2 + S 2 ^= C O S + S O 

S O + C O 2 V 
S 0 2 + C O 

Pathway B 

C 0 2 + S 2 ^= A C O + S 2 0 

S 2 0 + C 0 2 ^= A C O S + S O . 

Figure B.1 - Pathways tor the reaction of C 0 2 with S 2 (Clark et al., 2001) 

C S 2 + H 2 0 

C O + ^ S 2 

C O S 

A 

H 2 S 

A 
H 2 0 

V V 

V 

C 0 2 + H 2 

C 0 2 + H 2 S H 2 + - j - S 2 

Figure B.2 - Conversion of C S 2 by H 2 0 at Claus furnace conditions (Clark et 
al., 2001) 
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cs 2 + -fs 2 cos + ^-s2 + so 

C O S + S O C 0 2 + S 2 

C S 2 + S O C O S + S 2 

C O S + so 2 r - - ^ co 2 + ^-s2 + S O 

2 C O S - — ^ 2 C O + S 2 

Figure B.3 - Pathways for the reaction of C S 2 with S 0 2 (Clark et al., 2001) 

2 C O S 

A 

/ 

C O 

o 

o 
co 2 + cs 2 

Figure B.4 - Pathways for the decomposition of C O S (Clark et al., 2001) 
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Figure B.5 - Synopsis of C 0 2 / H 2 S Chemistry in the Claus furnace and waste 
heat boiler (Clark et al., 2001) 
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Table C.1 - Mixture A Raw Data 

Mixture A - 2.0 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

31.58 8.25 - - 38.65 18 - - - 0.6 2.91 -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 31.58 0.00 1.11 1.42 37.42 2.81 0.04 2.02 0.24 0.00 17.26 6.32 
1050 31.58 0.00 1.82 1.84 36.65 2.51 0.07 2.31 0.17 0.00 17.11 6.38 
1150 31.58 0.00 1.90 4.53 34.57 1.99 0.15 2.84 0.00 0.00 17.72 6.51 
1250 31.58 0.00 2.10 7.02 32.10 1.46 0.11 4.48 0.00 0.00 17.48 5.82 

Mixture A - 1.5 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

32.58 8.47 - - 37.51 17.91 - - - 0.61 2.91 -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 32.58 0.00 1.33 1.20 36.43 2.88 0.14 1.78 0.23 0.00 17.46 6.32 
1050 32.58 0.00 1.84 1.73 35.96 2.83 0.16 2.06 0.16 0.00 17.12 6.24 
1150 32.58 0.00 2.00 4.12 33.78 2.02 0.20 2.73 0.00 0.00 17.78 6.48 
1250 32.58 0.00 2.05 6.91 30.97 1.56 0.24 4.18 0.00 0.00 17.92 5.96 

Mixture A - 1.0 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

32.83 8.38 - - 38.06 18.16 - - - 0.61 2.96 -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 32.83 0.00 1.56 1.10 37.09 3.41 0.10 1.69 0.24 0.02 17.20 6.24 
1050 32.83 0.00 1.86 1.46 36.83 2.93 0.11 1.93 0.16 0.01 17.14 6.43 
1150 32.83 0.00 1.97 3.74 34.68 2.16 0.25 2.64 0.00 0.00 17.71 6.56 
1250 32.83 0.00 2.09 6.94 31.27 1.72 0.47 4.06 0.00 0.00 18.15 5.95 

Mixture A - 0.75 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

32.18 8.47 - - 37.46 18.31 - - - 0.61 2.96 -

Exit A/2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 32.18 0.00 1.68 0.82 36.64 3.55 0.01 1.62 0.35 0.02 17.32 6.19 
1050 32.18 0.00 1.85 1.15 36.47 2.91 0.01 1.85 0.27 0.01 17.34 6.48 
1150 32.18 0.00 2.04 3.07 34.72 2.50 0.16 2.45 0.10 0.00 17.60 6.50 
1250 32.18 0.00 2.24 6.67 31.04 1.84 0.36 3.61 0.00 0.00 18.46 6.25 

Mixture A - 0.5 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

31.88 8.39 - - 37.72 18.36 - - - 0.63 3.CO -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 31.88 0.00 2.17 0.42 37.30 3.83 0.02 1.57 0.45 0.04 16.79 6.02 
1050 31.88 0.00 2.28 0.83 37.00 3.15 0.04 1.81 0.37 0.01 16.95 6.31 
1150 31.88 0.00 2.48 2.25 35.77 2.88 0.12 2.11 0.20 0.00 17.18 6.43 
1250 31.88 0.00 2.54 5.48 32.59 1.98 0.30 2.60 0.00 0.00 18.59 6.74 
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Table C.2 - Mixture B Raw Data 

Mixture B - 2.0 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

40.43 10.75 - - 21.32 24.6 - - - 0.46 2.44 -

Exit A/2 0 2 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 40.43 0.00 1.62 0.60 20.87 5.47 0.09 1.52 0.11 0.00 20.95 8.67 
1050 40.43 0.00 2.16 1.08 20.40 4.53 0.14 1.99 0.14 0.00 20.92 8.90 
1150 40.43 0.00 2.49 2.54 18.96 3.75 0.20 2.40 0.08 0.00 21.38 9.13 
1250 40.43 0.00 4.29 4.90 16.51 3.81 0.38 4.59 0.00 0.00 19.49 8.10 

Mixture B - 1.5 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

40.97 10.68 - - 21.15 24.27 - - - 0.47 2.44 -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 40.97 0.00 1.97 0.37 20.90 5.54 0.05 1.96 0.21 0.00 20.02 8.14 
1050 40.97 0.00 2.18 0.85 20.40 4.67 0.10 2.04 0.25 0.00 20.53 8.53 
1150 40.97 0.00 2.61 2.38 18.96 3.75 0.17 2.54 0.11 0.00 20.93 8.88 
1250 40.97 0.00 3.39 5.38 15.80 3.39 0.43 3.81 0.00 0.00 20.97 8.54 

Mixture B - 1.0 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

41.92 10.93 - - 21.19 23.86 - - - 0.48 2.44 -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 41.92 0.00 2.17 0.30 20.95 5.49 0.03 2.32 0.32 0.00 19.69 7.68 
1050 41.92 0.00 2.23 0.53 20.72 4.70 0.07 2.09 0.33 0.00 20.39 8.19 
1150 41.92 0.00 2.70 2.26 19.12 3.86 0.16 2.52 0.15 0.00 20.84 8.61 
1250 41.92 0.00 3.15 5.13 16.13 3.37 0.43 3.84 0.00 0.00 20.97 8.32 

Mixture B - 0.75 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

41.22 10.62 - - 21.01 24.23 - - - 0.47 2.44 -
Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 41.22 0.00 2.60 0.22 20.88 5.72 0.01 2.38 0.34 0.00 19.12 7.71 
1050 41.22 0.00 2.41 0.39 20.68 4.70 0.05 2.10 0.36 0.00 20.10 8.35 
1150 41.22 0.00 2.81 1.78 19.34 4.11 0.15 2.58 0.22 0.00 20.31 8.57 
1250 41.22 0.00 2.96 4.88 16.17 3.42 0.43 3.74 0.00 0.00 20.91 8.54 

Mixture B - 0.5 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

41.52 10.8 0 0 21.04 23.73 0 0 0 0.47 2.44 0 
Exit A/2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 41.52 0.00 2.87 0.17 20.94 5.76 0.00 2.67 0.38 0.00 18.61 7.26 
1050 41.52 0.00 2.77 0.30 20.78 4.83 0.02 2.29 0.41 0.00 19.59 7.90 
1150 41.52 0.00 2.86 1.39 19.73 4.17 0.11 2.66 0.28 0.00 19.96 8.17 
1250 41.52 0.00 2.94 4.48 16.64 3.66 0.41 3.57 0.00 0.00 20.68 8.25 



Table C.3 - Mixture C Raw Data 

Mixture C - 2.0 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

46.51 11.94 - - 10.48 28.62 - - - 0.4 2.05 -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 46.51 0.00 1.55 0.82 9.91 8.43 0.10 1.63 0.05 0.00 22.19 9.23 
1050 46.51 0.00 2.17 1.30 9.41 7.12 0.17 1.99 0.00 0.00 22.40 9.75 
1150 46.51 0.00 3.08 1.75 8.98 6.36 0.15 2.60 0.00 0.00 21.93 9.83 
1250 46.51 0.00 4.16 2.77 7.87 5.50 0.24 3.47 0.00 0.00 21.51 9.83 

Mixture C - 1.5 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

47.07 12.37 - - 9.21 28.15 - - - 0.39 2.03 -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 47.07 0.00 1.49 0.57 8.94 6.31 0.05 1.62 0.05 0.00 23.32 10.10 
1050 47.07 0.00 1.99 0.91 8.56 5.60 0.14 1.94 0.00 0.00 23.26 10.30 
1150 47.07 0.00 3.11 1.46 7.98 5.24 0.16 2.28 0.00 0.00 22.83 10.30 
1250 47.07 0.00 3.76 2.32 7.09 4.68 0.19 2.96 0.00 0.00 22.55 10.30 

Mixture C - 1.0 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

47.4 12.46 - - 9.49 28.25 - - - 0.41 2.03 -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 47.40 0.00 1.50 0.51 9.31 6.08 0.03 1.83 0.06 0.00 23.32 10.10 
1050 47.40 0.00 2.11 0.87 8.95 5.36 0.08 2.02 0.00 0.00 23.33 10.40 
1150 47.40 0.00 3.02 1.36 8.40 4.89 0.14 2.28 0.00 0.00 23.14 10.50 
1250 47.40 0.00 3.97 2.28 7.41 4.64 0.21 3.13 0.00 0.00 22.43 10.20 

Mixture C - 0.75 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

47.27 12.45 - - 9.88 28.26 - - - 0.4 2.04 -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 47.27 0.00 1.63 0.37 9.84 6.23 0.02 2.09 0.06 0.00 22.85 9.92 
1050 47.27 0.00 2.34 0.72 9.45 5.50 0.03 2.23 0.05 0.00 22.90 10.20 
1150 47.27 0.00 3.08 1.28 8.92 4.98 0.08 2.45 0.00 0.00 22.83 10.40 
1250 47.27 0.00 4.18 2.25 7.86 4.61 0.17 3.28 0.00 0.00 22.15 10.20 

Mixture C - 0.5 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

46.61 12.39 0.00 0.00 9.70 28.91 0.00 0.00 0.00 0.40 2.05 0.00 
Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 46.61 0.00 2.35 0.19 9.85 5.53 0.00 2.23 0.08 0.00 22.90 10.52 
1050 46.61 0.00 2.71 0.51 9.51 4.84 0.00 2.15 0.08 0.00 23.32 11.00 
1150 46.61 0.00 2.87 0.78 9.26 5.49 0.00 2.37 0.06 0.00 22.83 10.48 
1250 46.61 0.00 2.95 1.83 8.26 6.54 0.00 3.38 0.00 0.00 21.61 9.56 
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Table C.4 - Mixture D Raw Data 

Mixture D - 2.0 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

51.26 12.89 - - 1.48 32.29 - - - 0.33 1.75 -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 51.26 0.00 1.74 0.07 1.74 8.89 0.00 1.97 0.00 0.00 23.54 10.70 
1050 51.26 0.00 2.92 0.19 1.59 8.34 0.04 1.87 0.00 0.00 23.40 11.00 
1150 51.26 0.00 3.81 0.30 1.45 7.83 0.06 2.26 0.00 0.00 22.88 11.10 
1250 51.26 0.00 6.50 0.64 1.15 6.75 0.02 2.53 0.00 0.00 21.97 11.50 

Mixture D - 1.5 s Res idence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

51.79 13.22 - - 1.37 31.51 - - - 0.35 1.76 -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 51.79 0.00 1.65 0.04 1.68 8.08 0.00 2.39 0.00 0.00 23.50 10.50 
1050 51.79 0.00 2.71 0.15 1.55 7.48 0.02 2.04 0.00 0.00 23.69 11.00 
1150 51.79 0.00 3.57 0.26 1.42 7.09 0.04 2.13 0.00 0.00 23.43 11.10 
1250 51.79 0.00 5.42 0.55 1.14 6.00 0.04 2.62 0.00 0.00 22.70 11.40 

Mixture D - 1.0 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

51.58 13.06 - - 1.32 31.94 - - - 0.33 1.77 -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 51.58 0.00 1.61 0.04 1.61 7.36 0.00 2.58 0.00 0.00 23.75 11.00 
1050 51.58 0.00 2.53 0.15 1.50 6.34 0.00 2.46 0.00 0.00 23.97 11.60 
1150 51.58 0.00 3.40 0.23 1.39 6.17 0.04 2.73 0.00 0.00 23.42 11.50 
1250 51.58 0.00 4.59 0.50 1.12 5.63 0.03 2.73 0.00 0.00 23.24 11.80 

Mixture D - 0.75 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

50.92 13.32 - - 1.43 32.22 - - - 0.34 1.76 -

Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 50.92 0.00 1.75 0.04 1.72 7.12 0.00 2.77 0.00 0.00 24.01 11.20 
1050 50.92 0.00 2.65 0.14 1.63 6.75 0.00 2.77 0.00 0.00 23.79 11.30 
1150 50.92 0.00 3.64 0.20 1.53 6.50 0.04 2.94 0.00 0.00 23.30 11.40 
1250 50.92 0.00 4.56 0.52 1.23 5.78 0.02 3.00 0.00 0.00 23.29 11.70 

Mixture D - 0.5 s Residence Time 
Feed N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 

51.86 13.22 0.00 0.00 1.42 31.39 0.00 0.00 0.00 0.34 1.78 0.00 
Exit N2 02 H2 CO C02 H2S COS S02 CS2 CH4 H20 S2 
950 51.86 0.00 1.96 0.04 1.70 7.06 0.00 2.93 0.00 0.00 23.31 10.70 
1050 51.86 0.00 2.61 0.12 1.64 6.19 0.00 2.91 0.00 0.00 23.45 11.10 
1150 51.86 0.00 3.54 0.15 1.59 6.08 0.02 3.02 0.00 0.00 22.95 11.10 
1250 51.86 0.00 4.50 0.47 1.29 5.56 0.01 3.16 0.00 0.00 22.74 11.30 
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Table D.1 - Gibbs Free Energy Polynomials 

Compound a b c d R 2 

S 0 2 -2.773E+02 -1.038E-01 1.195E-04 -2.612E-08 0.9989 
C 0 2 -3.936E+02 -3.490E-03 1.340E-06 -1.400E-10 0.9996 
H 2 0 -2.499E+02 5.712E-02 0.000E+00 0.000E+00 0.9991 

N 2 0.000E+00 0.000E+00 0.000E+00 0.000E+00 1.0000 
S 2 0.000E+00 0.000E+00 0.000E+00 0.000E+00 0.9995 

H 2 S -7.460E-01 -1.391 E-01 1.278E-04 -2.793E-08 0.9981 
CO -1.119E+02 -8.785E-02 0.000E+00 0.000E+00 0.9996 

COS -1.182E+02 -1.856E-01 1.770E-04 -2.545E-08 0.9994 
C S 2 -1.042E+01 -6.916E-03 0.0OOE+00 0.000E+00 0.9996 
H 2 0.000E+00 0.000E+00 0.000E+00 0.000E+00 1.0000 
o2 0.000E+00 0.000E+00 0.000E+00 0.000E+00 1.0000 

C H 4 -8.654E+01 1.074E-01 0.000E+00 0.000E+00 0.9997 
S 2.167E+02 -6.053E-02 0.000E+00 0.000E+00 0.9996 
s 6 

-2.638E+02 3.014E-01 0.000E+00 0.000E+00 0.9990 
s8 -3.811E+02 4.348E-01 0.000E+00 0.000E+00 0.9996 

AG = a + bT + cT 2 + dT 3 

G (kJ/mol) 

T(K) 
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The following molecular reactions define the anoxic region model: 

H 2 S <=> H 2 +^-S2 (E.1) 

H 2 S + ^ S 0 2 ^ H 2 0 + | S 2 (E.2) 

C O + H 2 0 < ^ C 0 2 + H 2 (E.3) 

2CO + S 0 2 ^ 2 C 0 2 + { S 2 (E.4) 

cs2 + so2 -^co2 + | S 2 (E.5) 

2COS + S 0 2 - > 2 C 0 2 + f S 2 (E.6) 

C O S - ^ C O + | S 2 (E.7) 

C O + H 2 S ^ C O S + H 2 (E.8) 

The corresponding kinetic parameters for these equations are summarized in 

Table E.1. The units for the pre-exponential constants in Table E.1 are such that 

they are consistent with partial pressures measured in kPa and reaction rates 

measured in mol/m 3 s. 

Table E.1 - Arrhenius parameters for the anoxic region of the Claus furnace 

Anoxic Region 
Reaction Ea, (kJ/mol) A, Ear(kJ/mol) A r 

E.1 185 8.69e6 119 1.60e4 
E.2 233 1.54e7 213 1.78e5 
E.3 118 24.5 148 665 
E.4 116 0.169 - -

E.5 63.0 6.67 - -

E.6 56.1 6.78e-2 - -

E.7 103 1.32e3 - -

E.8 100 19.2 - -
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Two models were proposed for the flame region of the Claus furnace. The 

following equations describe the correlations used to define the non-equilibrium 

components of the modified equilibrium model. The remaining compositions 

were determined using Gibbs free energy minimization. 

F(H 2) = A e B T 

F(H 2) is the fraction of inlet H 2 S that forms H 2 . 

F(CO) = A e B T 

F(CO) is the fraction of inlet carbon that forms CO. 

F(CS 2 ) = A T B 

F(CS 2 ) is the fraction of inlet hydrocarbon that forms C S 2 . 

A = a, +a 2 (H 2 S) + a 3 ( H 2 S ) 2 +a 4 (H 2 S) 3 

B = b 1 +b 2 (H 2 S) + b 3 ( H 2 S ) 2 + b 4 ( H 2 S ) 3 

(H 2S) is the mole fraction of H 2 S in the feed on a dry basis. 

The coefficients for each polynomial are presented in Table E.2 

Table E.2 - Polynomial coefficients for the modified equilibrium model 

Modified Equilibrium Model 

(E.9a) 

(E.9b) 

(E.9c) 

(E.10) 

(E.11) 

Coefficient H2 CO CS2 

a1 6.37e-2 3.98e-6 6.36 
a2 -4.86e-1 3.49e-6 -5.68e1 
a3 1.66 -1.31e-4 1.23e2 
a4 -2.26 2.55e-4 0.00 
b1 -6.09e-3 4.28 3.18e3 
b2 1.03e-1 -3.02 -2.22e3 
b3 -4.38e-1 7.11e-1 4.36e2 
b4 6.21e-1 -4.73e-2 1.63e1 
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The following reactions comprise the proposed kinetic model of the flame region. 

H 2 S + j 0 2 ->H 2 0 + ^ S 2 (E.12) 

H 2 S + 0 2 - > H 2 + S 0 2 (E.13) 

H 2 S + f 0 2 - ^ S 0 2 + H 2 0 (E.14) 

C H 4 + | 0 2 - ^ C O + 2 H 2 0 (E.15) 

CH 4 +2H 2 S«=>CS 2 +4H 2 (E.16) 

co2 ^co+^o,. (E.17) 

C H 4 +2S 2 - > C S 2 +2H 2 S (E.18) 

The kinetic parameters for these equations are given in Table E.3. The units for 

the pre-exponential constants in Table E.3 are such that they are consistent with 

partial pressures measured in kPa and reaction rates measured in mol/m 3s. 

Note that the reverse reaction for equation 6.13 was calculated based on the 

corresponding equilibrium constant. 

Table E.3 - Arrhenius parameters for the flame region of the Claus furnace 

Flame Region 
Reaction Ea (kJ/mol) A 

E.12 33.5 0.000514 
E.13 62.8 0.223 
E.14 230.3 0.0117 
E.15 58.9 0.00983 
E.16 146.5 0.121 
E.17 104.7 107.4 
E.18 152.1 0.239 
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The following equations are used in the development of the furnace model. The 

schematic in Figure F.1 refers to these equations and shows the data flow 

structure of the optimization algorithm. Figure F.2 depicts the data flow structure 

of the combined reaction furnace model. 

dF N 
! L l = - Y ( V i ) (F.1) 
dv tr 

r - k J l F f (F.2) 

k = A e x p R T (F.3) 

dP - 32uu 
dz D< 

(F.4) 

OF = l X i A w m J (F.5) 
n n X m ; 

The nomenclature indicated below is used in figures F.1 and F.2: 

P: Pressure 

T: Temperature 

tn. Residence time 

n: Number of data points 

XJ: Composition (mol fraction) 
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Read experimental data set 
(n, T, P, tR, x i). 

Calculate mixture viscosity 

Initialize estimates for reactor model 
parameters (A, Ea). 

Calculate simplex vertices that define 
initial seach domain. 

Solve equations F.1 and F.2 to 
calculate individual reaction rates 

based on inlet parameters. 

Solve the PFR design equations (F.3 
and F.4). 

Calculate the objective function 
(equation F.5) for each experimental 

data point. 

If not converged, return to "A" and 
eliminate the highest vertex of the 

simplex. Use the optimization 
algorithm to select new candidate. 

Optimum kinetic parameters 
determined. 

Figure F.1 - Flowchart showing data flow structure of optimization algorithm. 
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Read experimental data set 
(n, T, P, tR, x.). 

Calculate concentration of CO, H 2 and 
C S 2 leaving the flame region using 

empirical correlation. 

Calculate feed matrix for Gibb's free 
energy minimization excluding CO, H 2 

and CS„ 
'2-

Calculate mixture viscosity 

Minimize Gibb's free energy for 
mixture and store flame region output 

as feed to anoxic region. 

Solve equations F.1 and F.2 to 
calculate individual reaction rates 

based on inlet parameters. 

Solve the PFR design equations (F.3 
and F.4). 

Furnace effluent calculated. Print 
output to specified file. 

Figure F.2 - Flowchart showing data flow structure of reaction furnace model. 
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The following is a listing of the files contained on the attached disk. 

A. xls - plotted experimental and predicted data (T vs x at constant %H 2 S) 

B. xls - plotted experimental and predicted data (%H 2S vs x at constant T) 

C. xls - plotted experimental and predicted data (t r e s vs x at constant T) 

D. xls - plotted experimental and predicted data (t r es vs x at constant %H 2 S) 

<GIBBS> 

Burn.cpp - driver program for Gibbs minimization routine 

Coeff.dat - input file for Gibbs minimization routine (element abundance array) 

Comp.dat - input file for Gibbs minimization routine (feed composition) 

Gibbs Readme.txt - documentation on the operation of Gibbs minimization 

routine 

Gibbs.exe - executable program to run Gibbs minimization routine 

Lubksb.cpp - LU backsubstitution subroutine used in Gibbs minimization routine 

Ludcmp.cpp - LU decomposition subroutine used in Gibbs minimization routine 

Mu.dat - input file for Gibbs minimization routine (Gibbs free energy polynomials) 

Util.cpp - utility program for use in Gibbs minimization routine 

Util.h - utility header file for use in Gibbs minimization routine 

<RK5> 

Derivs.cpp 

Odeint.cpp 

- driver program for differential equations solved using RK5 routine 

- stepping program for RK5 routine 



RK5 Readme.txt - documentation on the operation of RK5 routine 

RK5.exe - executable program to run RK5 routine 

Rk5run.cpp - driver program for RK5 routine 

Rkck.cpp - single Cash-Karp step for RK5 routine 

Rkqs.cpp - adaptive step size control for RK5 routine 

Util.cpp - utility program for use in RK5 routine 

Util.h - utility header file for use in RK5 routine 




