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Abstract 

The Steam-Assisted Gravity Drainage (SAGD) process is the only proven commercially-

viable in situ bitumen recovery method for the Athabasca oil sands deposit. However, in 

spite of its success in recovering highly viscous bitumen, SAGD remains an expensive 

technique that requires large energy input in the form of steam for each barrel of 

produced oil. Many modifications to SAGD continue to evolve to achieve higher energy 

efficiency and environmental sustainability while maintaining economic viability. The 

application of Expanding Solvent SAGD (ES-SAGD) has the potential to significantly 

address the aforementioned issues. ES-SAGD is a variation of SAGD wherein solvent is 

co-injected with steam to mobilize bitumen through simultaneous heat and mass transfer. 

The inter-related effects of heat transfer, molecular diffusion and mechanical dispersion, 

in addition to reservoir properties and operational considerations, play an important role 

in identifying the appropriate solvent concentration and co-injection strategy. 

 

This study evaluates, using a partially-scaled two-dimensional physical model, the 

application of ES-SAGD based on actual Long Lake reservoir properties and operating 

conditions, using cracked naphtha and gas condensate at different concentrations. These 

solvents are multicomponent, readily available, relatively inexpensive and highly 

effective in enhancing SAGD performance. Eight high pressure experiments were 

conducted using a highly instrumented physical model to accurately measure pressure, 

temperature and fluid flow rates. Upon completion of each experiment, extensive 

produced fluid and porous media analyses were conducted to evaluate the performance of 

ES-SAGD relative to SAGD. The results from this study conclusively demonstrate that 
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co-injecting cracked naphtha and gas condensate with steam, under specific conditions, 

significantly increases oil production rates and reduces steam requirements. Solvent 

recovery was in the range of 72 to 99 percent and varied with solvent type, concentration 

and operating strategy. These promising results are expected to be instrumental in the 

design and implementation of an ES-SAGD field trial.  
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Chapter one: Introduction 

1.1 Overview 

Steam-Assisted Gravity Drainage (SAGD) is a commercially viable process that has been 

used successfully by many companies, including Nexen Inc., to exploit the significant 

deposits of oil sands that are not amenable to surface mining in the Athabasca region of 

northern Alberta. However, in spite of its promising results and success in recovering 

highly viscous oil, SAGD remains an expensive technique that requires large energy 

input in the form of steam for each barrel of produced oil. This entails consuming large 

quantities of water and natural gas, thereby resulting in considerable greenhouse gas 

(GHG) emissions and costly post-production water treatment procedures. There are 

ongoing efforts to make SAGD less energy-intensive and more environment-friendly by 

reducing steam consumption and GHG emissions, while maintaining a favourable level 

of oil production rates and total oil recovery. Such efforts include, but are not limited to, 

the use of solvents along with steam to reduce bitumen viscosity simultaneously through 

thermal diffusion and dilution, which can potentially make the implementation of Low 

Pressure SAGD (LP-SAGD) more feasible. The majority of the results from previous 

experimental and numerical research initiatives show that solvent addition has the 

potential to make SAGD more economic and sustainable. Furthermore, there is field 

evidence that solvent-assisted thermal recovery processes are both technically and 

commercially viable. 

 

The idea of using solvents instead of steam, or along with it, to recover highly viscous oil 

has been studied by many researchers for a long time. Butler and Mokrys (1991) 
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proposed a process called Vapour Extraction or, in short, VAPEX, which can be viewed 

as a solvent-based analogue of SAGD, to recover heavy oil. VAPEX is governed mainly 

by mass transfer and gravity drainage. Laboratory results indicate that VAPEX is 

promising for field applications; however, thus far, VAPEX has not been proven to be 

commercially feasible. The field application of VAPEX appears to have failed because 

the process depends mainly on molecular diffusion which is much slower than thermal 

diffusion. One possible approach to increase the rate of molecular diffusion is to augment 

it with heat. Numerous processes continue to evolve in quest to combine the advantages 

of thermal and solvent-based processes such as SAGD and VAPEX, respectively. Such 

processes that utilize both heat and mass transfer to mobilize cold bitumen have 

traditionally been referred to as Hybrid Thermal-Solvent Processes or Hybrid Steam-

Solvent Processes, if heat is to be supplied through steam injection. 

 

Combining the benefits of SAGD and VAPEX, or steam and solvents, is expected to 

increase oil production, while maintaining lower energy and water consumption. 

However, this combination should be carefully planned and executed as it includes the 

complexity of simultaneous heat and mass transfer. The inter-related effects of heat 

transfer, diffusion and dispersion, in addition to reservoir properties and operational 

considerations, play an important role in identifying the solvent composition, amount and 

co-injection strategy that can be used to enhance the overall performance of SAGD.  

 

The solvents that are used in Hybrid Steam-Solvent processes to lower the viscosity of 

bitumen through molecular diffusion and heat transfer tend to condense at the boundary 
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of the steam chamber and can therefore be referred to as “condensable” additives. On the 

other hand, gases such as carbon dioxide, nitrogen and methane, which can be present in 

a SAGD steam chamber, but do not condense into the liquid phase to any large degree at 

reservoir conditions are referred to as non-condensable additives or gases (NCG’s). 

While condensable additives appear to be effective in reducing bitumen viscosity, non-

condensable additives, on the other hand, are expected to be effective in reducing the heat 

loss encountered in SAGD particularly when dealing with steam thief zones and thin 

reservoirs as a result of partial pressure and three phase relative permeability effects. The 

idea of using varying solvent compositions with time, starting with heavier (or more 

condensable) and then lighter (or less condensable) solvents continues to gain more 

attention (Nasr et al., 2001; Gupta and Gittins, 2007; Gates and Gutek, 2008).  

 

1.2 Problem Statement and Research Methodology 

Enhancing SAGD performance through solvent addition is a promising technique that 

warrants more attention because it can potentially broaden the range of reservoirs that can 

be produced economically. ES-SAGD is more complex than conventional SAGD or 

VAPEX processes because oil mobilization results from the combined effects of heat and 

mass transfer. There are many speculations about the interaction of solvents with steam 

and bitumen that need to be investigated. Utilizing solvents to enhance the performance 

of SAGD entails a solid understanding of key parameters such as the most appropriate 

solvent type, concentration and operating strategy. Needless to say, these parameters can 

be influenced, to a great extent, by reservoir properties. 
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This study evaluates ES-SAGD experimentally, based on actual Long Lake reservoir 

properties and operating conditions, using cracked naphtha and gas condensate at 

different concentrations. These solvents are multicomponent, readily available and 

relatively inexpensive. The properties of these solvents also make them effective for 

reducing bitumen viscosity at Long Lake reservoir conditions during SAGD. A partially-

scaled two-dimensional physical model was built to conduct experiments involving 

variations with respect to solvent type, concentration and operating strategy. Eight high 

pressure experiments were conducted using a highly instrumented physical model to 

accurately measure pressure, temperature and fluid flow rates. Upon completion of each 

experiment, extensive produced fluid and porous media analyses were conducted to 

evaluate the performance of ES-SAGD relative to SAGD.  To the author’s knowledge, 

there is no published data on the use of multicomponent solvents in ES-SAGD. 

 

1.3 Thesis Structure 

This thesis is composed of five chapters encompassing the following topics: 

 Chapter Two presents a literature review on hybrid thermal-solvent processes 

 Chapter Three describes the experimental set-up that was used to conduct the SAGD 

and ES-SAGD experiments. Furthermore, it outlines the procedure that was adopted 

to produce and interpret the results.  

 Chapter Four describes the SAGD and ES-SAGD experiments that were conducted to 

investigate the potential benefits of solvent co-injection with steam and addresses the 

main objective, experimental procedure, results and conclusions in relation to each 

experiment. 
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 Chapter five presents the conclusions drawn from this study as well as 

recommendations for future work. 
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Chapter Two: SAGD-VAPEX Hybrid Processes 

Many hybrid thermal-solvent processes have evolved throughout the years to enhance oil 

recovery from the sandstone reservoirs of northern Alberta by combining the benefits of 

thermal and molecular diffusion. These processes are essentially variations of, or can be 

related to, SAGD (steam-based) and VAPEX (solvent-based). This chapter provides basic 

information on several hybrid thermal-solvent processes, including SAP and LASER 

which have proven to be commercially-viable and N-Solv which is solvent-based and not 

yet field tested.  

 

2.1 Expanding Solvent Steam Assisted Gravity Drainage (ES-SAGD) 

The ES-SAGD theory was initially envisioned by Tawfik Nasr and Ezra Isaacs, in 1999, 

while working at the Alberta Research Council (ARC) (Nasr and Isaacs, 2001). 

According to this theory, a hydrocarbon additive at low concentration is co-injected with 

steam in a gravity-dominated process such as SAGD. The hydrocarbon additive is 

selected in such a way that it would evaporate and condense at nearly the same conditions 

as the water phase. Selecting the hydrocarbon solvent in this manner causes the solvent to 

condense, with condensed steam, at the boundary of the steam chamber. The solvent in 

the ES-SAGD process is injected with steam in a vapour phase and should maintain this 

phase at the well-head conditions of the steam injection line. Condensed solvent around 

the interface of the steam chamber in the reservoir dilutes the oil and in conjunction with 

heat, reduces its viscosity.   
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In their patent documentation, Nasr and Isaacs (2001) pointed out that the steam additive, 

which is essentially the hydrocarbon solvent, should have at least one non-aqueous fluid 

phase. This non-aqueous fluid may be miscible or immiscible with the hydrocarbons 

being produced. While a miscible fluid would likely produce a solution with the 

hydrocarbons, an immiscible fluid could produce a two-phase mixture with the 

hydrocarbons and/or an emulsion or micro-emulsion with the hydrocarbons. Therefore, it 

is preferable to use a non-aqueous fluid that is miscible with the hydrocarbons being 

produced.  

 

The steam chamber in the SAGD process operates at a constant temperature that is equal 

to the temperature of saturated steam at the operating pressure because it is assumed that 

the amount of solution gas in the oil is nearly negligible. Extending outwards from the 

boundary of the steam chamber toward the cold bitumen, the temperature continues to 

decrease until it eventually reaches the native reservoir temperature before steam 

injection. In order for the ES-SAGD process to function properly, the solvent used must 

stay vaporized in the steam chamber before condensing at, or near, the boundary of the 

steam chamber. This scenario can be achieved by using a solvent that exhibits a vapour-

liquid phase behaviour that is similar to that of steam at the steam chamber operating 

conditions. Nasr and Isaacs (2001) stated that the ES-SAGD hydrocarbon solvent should 

be selected so that its evaporation temperature is within a maximum range of about ± 150 

o
C of the steam temperature at the operating pressure. This implies that the evaporation 

temperature of the additive can be up to about 150 
o
C above or below the steam 

temperature at the operating pressure. This ±150 
o
C temperature bandwidth is not suitable 
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for all SAGD operations because some of them operate at much lower operating 

pressures. For such SAGD operations, enhancing oil production entails having a much 

lower difference between the evaporation temperature of the solvent and the steam 

temperature at the corresponding operating pressure.  

 

 
Figure 1: The ES-SAGD concept (After Nasr et al., 2003) 

 

Nasr and Isaacs (2001) pointed out that suitable additives or solvents for ES-SAGD 

include C1 to C25 hydrocarbons and combinations thereof. This range encompasses, 

without limitation, hydrocarbons such as: methane, ethane, propane, butane, pentane, 

hexane, heptane, octane, nonane, decane, undecane, tridecane, tetradecane, diluent, 

kerosene, naptha and combinations thereof. What is meant by diluent in this context is a 

mixture of hydrocarbon solvents in the approximate range of C2 to C25. A diluent may be 

composed of a predominant amount of one or more solvents in this range and may not 

contain all of the solvents in this range.  
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It is well understood by those skilled in the art that the operating pressure is susceptible to 

fluctuation throughout the SAGD process. This pressure fluctuation results in a 

corresponding change in steam temperature which needs to be taken into account by 

ensuring that the evaporation temperature of the additive is within a desirable range with 

reference to the steam temperature. This may eventually entail using additives with 

varying compositions at different times during the SAGD process. Nasr and Isaacs (2001) 

pointed out that when the additive’s evaporation temperature is higher than the steam 

temperature, the additive condensation is expected to precede steam condensation. On the 

other hand, when the additive’s evaporation temperature is lower than the steam 

temperature, the additive condensation is expected to follow steam condensation. Using 

the same logic, when the evaporation temperature of the additive is about equal to the 

steam temperature, both steam and the additive are expected to condense simultaneously.  

 

The condensation of the additive reduces the viscosity and/or surface tension at the 

steam-hydrocarbon interface, thereby resulting in more oil mobility. As the steam front 

advances forward to further heat the reservoir, the condensed non-aqueous additive 

evaporates.  Nasr and Isaacs (2001) believe that this condensation-evaporation 

mechanism provides an additional driving force due to the expanded volume of the 

additive in consequence of the phase change. It is further believed by Nasr and Isaacs 

(2001) that the combination of reduced viscosity and the condensation-evaporation 

mechanism results in increased mobility of the hydrocarbons to the producing well. They 

also argued that the refluxing additive allows the advantages of their invention to be 
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realized with a small amount of solvent as opposed to other hydrocarbon production 

processes.  

 

In a relatively more recent experimental study, Nasr et al. (2003) carried out a solvent 

screening technique that involved comparing the vaporization temperatures of a wide 

range array of hydrocarbon solvents (C3 to C8 and diluent) to that of steam temperature. 

The diluent used was a gas condensate that had the majority of its hydrocarbon fractions 

in the range between C4 to C10. As illustrated in Figure 2, it was noticed that the 

vaporization temperature increases as the carbon number of the solvent increases. Hexane 

was found to have the closet vaporization temperature to the injected steam temperature 

(215 
o
C at a corresponding operating pressure of 2.1 MPa). Conversely, octane was found 

to have a vaporization temperature that exceeded the injected steam temperature at the 

same operating pressure of 2.1 MPa. 
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Figure 2: Comparison of solvent vaporization temperature with steam temperature 

(After Nasr et al., 2003) 

 

 

“Live” Burnt Lake oil with a dead oil viscosity of 32,500 mPa.s at 15
o
C was saturated 

with methane at 2.1 MPa and 20
o
C, resulting in a gas-to-oil ratio (GOR) of 7.2 m

3
/m

3
. 

This oil was then used by Nasr et al. (2003) to investigate the impact of co-injecting 

hydrocarbon additives that are non-condensable (such as methane and ethane) and 

condensable (including C3 to C8 and diluent) on SAGD performance. While it was 

noticed that co-injecting non-condensable components with steam did not result in any 

additional benefits, increased oil drainage rates were observed as a result of adding 

condensable hydrocarbon solvents. The oil drainage rates increased with the increase of 
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carbon number of the injected hydrocarbon and as the vaporization temperature of the 

hydrocarbon additive approached the injected steam temperature. The oil drainage rate 

peaked with hexane and started to decline with octane because hexane’s vaporization 

temperature is close to the injected steam temperature and octane’s vaporization 

temperature is higher than the injected steam temperature. The co-injection of the diluent 

(mainly C4-C10) resulted in a drainage rate comparable to that from hexane co-injection 

and much higher (three times higher) than that from steam-only injection. A comparison 

of the average oil drainage rates as a result of the co-injection of different hydrocarbon 

additives is presented in Figure 3. Furthermore, a comparison of the oil drainage rates 

versus the difference between the injected steam temperature and the hydrocarbon 

vaporization temperature is illustrated in Figure 4. 

 

 
Figure 3: Comparison of average oil drainage rates (After Nasr et al., 2003) 
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Figure 4: Oil drainage rates vs. temperature difference (After Nasr et al., 2003) 

 

2.2 Solvent Aided Process (SAP) 

Cenovus Energy (previously PanCanadian or Alberta Energy Company Ltd. and later 

EnCana) has pioneered the study and testing of butane addition to SAGD using what is 

referred to as Solvent Aided Process or, in short, SAP. In their discussion on SAP, Gupta 

et al. (2003) defined it as a process that aims at improving the performance of SAGD by 

adding a small amount of lighter hydrocarbon solvents (such as propane, butane, or 

pentane etc) to steam to achieve the combined benefit of dilution and heat transfer. They 

pointed out that the steam solvent mixture in SAP is injected with sufficient thermal 

energy content such that most of the solvent in the chamber remains in the vapour phase 

as it moves with steam to the condensation front. At the condensation front, the solvent 

accumulates in the vapour phase and subsequently condenses as the temperature drops. 
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The resulting liquid solvent dilutes the oil at the front, which has already been heated by 

the condensing steam, thus reducing viscosity further. This eventually speeds up the 

advance rate of the front. The idea of injecting the solvent in the vapour phase is also 

applied in VAPEX where it is recommended to inject the solvent near its dew point 

(Butler and Mokrys, 1991).  

 

In spite of the similarities between SAP and ES-SAGD, there are some fundamental 

differences. While in ES-SAGD the co-injection of the solvent takes place immediately 

after the circulation period, in SAP the addition of the solvent takes place after the expiry 

of a certain initial period in the SAGD life cycle (Gupta et al. 2002) to allow for the 

development of the chamber with steam to a desirable extent. This can potentially 

facilitate the dilution of the targeted oil. Furthermore, while in ES-SAGD the 

vaporization temperature of the solvent needs to be in close proximity with the steam 

temperature (Nasr and Isaacs 2001; 2003), in SAP much lighter solvents are used and 

matching of the condensation/evaporation characteristics of the solvent with steam is not 

required (Gupta et al. 2002).  

 

2.2.1 Advantages of SAP 

The advantages of SAP, as opposed to conventional SAGD, were discussed by Gupta et 

al. (2002) and they can be summarized as follows: 

Accelerated Production Rates: Due to the combined effects of dilution and heat 

transfer, SAP results in higher production rates compared to that achieved in 

conventional SAGD. Figure 5 illustrates a generic comparison of a numerically 
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obtained oil rate profile from a SAGD operation vs. another similarly obtained oil 

rate profile with the application of SAP in the same reservoir. It can be deduced 

from Figure 5 that the bulk of the oil that one would have produced in the later 

phase with conventional SAGD can be produced sooner with the application of 

SAP. This acceleration in oil production rates would lead to an acceleration in 

cash flow, thereby improving the economics of a given project.  

Cheaper Solvents: As opposed to ES-SAGD where it is important to use a solvent 

that has evaporation and condensation properties that are similar to that of steam, 

SAP uses much lighter hydrocarbons, particularly butane, along with steam. This 

is expected to make SAP more economic because light hydrocarbons are normally 

cheaper than heavier components.  

Limited Variation to SAGD Set-Up: The implementation of SAP in an 

operational SAGD application requires a small or incremental change. Taking this 

into consideration, Cenovus (then EnCana) ventured into their pilot 

implementation of SAP at one of the well pairs of the phase C expansion of 

Senlac Thermal Facility in mid-2001, and in late January, 2002, the SAP was 

started.  



16 

 

 
Figure 5: Expected difference between SAP and SAGD oil production (After Gupta 

et al., 2002) 

 

 Reduced Environmental Impact: For a given amount of oil, the steam-to-oil 

ratio from SAP is significantly lower than that from SAGD. This reduction in 

steam-to-oil ratio results in a corresponding reduction in heat and fuel 

consumption, thereby reducing the environmental impact of oil sands production. 

Down-hole Upgrading of the Heavy Oil: The lower molecular weight alkanes 

used in SAP may possibly precipitate some of the asphaltenes that tend to be 

dispersed in the in situ heavy oil. This can potentially result in improving the 

quality of the produced oil. 

 



17 

 

2.2.2 Bubble Trap Control 

The production in SAP should be controlled such that the vapours are not produced in an 

attempt to avoid short circuiting of the injected vapour before it contacts the oil in-place 

(Gupta et al. 2003). This can be achieved by withdrawing the material from the producer 

below its bubble point temperature. This “bubble trap control” operating strategy is 

analogous to the SAGD “steam trap control” strategy which involves withdrawing liquids 

from the producer at a certain degree of sub-cool compared to the saturation steam 

temperature to avoid producing live steam. A substantial amount of liquid solvent tends 

to be in contact with heavy oil in the case of bubble trap which could lead to asphaltene 

precipitation and possible clogging of the reservoir. To mitigate this problem, Gupta et al. 

(2003) suggested using a properly designed operating strategy such as steam trap and 

ensuring that most of the oil is recovered before encountering asphaltene related 

problems.  

 

2.2.3 Impact of Pore Size Distribution on Solvent Retention 

Gupta et al. (2003) investigated the impact of pore size distribution and capillary 

adsorption on solvent retention in porous media. They pointed out that, in a bulk medium, 

for a given temperature, when pressure is reduced below the saturation pressure, Psat, of a 

pure solvent component, the solvent will go into the vapour phase. However, if the 

solvent is present in a porous medium, if the pressure is reduced below Psat , there will 

still be a considerable amount of solvent in the liquid phase in the porous medium due to 

capillary adsorption and pore size distribution effects, thereby affecting solvent retention. 

Gupta et al. (2003) argued, based on estimated and laboratory-obtained desorption curves 
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(system pressure vs. liquid fractional saturation) that solvent retention can be very 

different for different porous media. A laboratory-obtained desorption curve for heptane 

at 190 
o
C in Pelican Grand Rapids (PGR) core was compared with another laboratory-

obtained desorption curve for the same substance and at the same temperature but from a 

core constructed from Senlac Sand. It was observed from the two aforesaid desorption 

curves that solvent retention can be significantly different for different porous media. For 

instance, at pressure of 500 kPa, the heptane retention in PGR and Senlac cores was 

estimated to be 0.33 and 0.13, respectively.  

 

Conventional reservoir simulation studies do not capture the impact of pore size 

distribution on phase equilibrium and solvent recovery because they are usually based on 

bulk thermodynamic properties of the involved components (Gupta et al., 2003).  As a 

result, whenever the pressure in a grid block drops below the dew point pressure (which 

is equivalent to Psat for pure substance), all of the solvent goes into the vapour phase and 

becomes easily recovered as gas. For this reason, solvent recovery predictions from such 

simulation studies tend to be rather optimistic. In order to better estimate solvent 

retention, Gupta et al. (2003) incorporated capillary adsorption in an in-house simulator 

to model the injection of butane in SAP using Senlac oil with the assumption that water 

preferentially wets the rock. The results from the case which incorporates capillary 

adsorption were compared with another case wherein capillary adsorption is not 

accounted for. The no capillary adsorption case allows water to completely evaporate, 

thus allowing water saturation (Sw) to be equal to 0. On the hand, for the case which 

incorporates capillary adsorption, Sw does not drop to 0; however, it goes below the 
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immobile water saturation (Swi). Typically, conventional three-phase relative permeability 

curves do not extend below Swi and this renders them inadequate when used to model 

thermal process where fluid movement takes place in consequence of evaporation and 

condensation, thus resulting in a situation where Sw<Swi. This shortcoming in 

conventional three-phase relative permeability data warrants more research. 

 

2.2.4 Timing of SAP Initiation 

Gupta and Gittins (2005) discussed the initiation time for SAP and justified why they had 

chosen to start solvent injection in both Senlac and Christina Lake pilots after the peak 

SAGD rates had been achieved or, in other words, after the steam chamber reached the 

top of the reservoir and progressed laterally. In their analysis, which was augmented with 

numerical modelling results, Gupta and Gittins (2005) pointed out that it is advantageous 

to start SAP after the chamber has already risen to the reservoir ceiling or the maximum 

possible height. According to them, although the dilution effects associated with SAP 

should accelerate the rate of drainage regardless of the SAP start time, with early solvent 

injection the chamber develops laterally more rapidly than vertically. This is because 

further reduced viscosity, due to solvent dilution effects, causes oil to drain even from 

shallower slopes. However, the vaporized solvent riding the steam saturated region forms 

an insulating layer and results in lower temperatures and increased viscosities at the top 

of the chamber, thereby causing a potential restriction to the vertical growth of the 

chamber. In light of this concept, Gupta and Gittins (2005) argue that, with early solvent 

injection, although the solvent increases steam chamber growth laterally, it fails to take 

advantage of the complete reservoir height. With steam only, the chamber rises to the top 
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of the reservoir at a faster rate. Once the chamber reaches the reservoir top, solvent 

injection can be used to reduce heat loss to the overburden due to the accumulation of 

vaporized solvent on top of the chamber. In addition to this reduction in heat loss, on 

account of solvent dilution effects, the oil drainage rates on the sides of the chamber are 

expected to increase. To overcome the negative impact of vaporized solvent 

accumulation on top of the steam chamber, and to enhance solvent dilution effects, Gupta 

and Gittins (2005) proposed using heavier and less volatile solvents initially before 

switching to lighter solvent afterwards. However, the viability of this approach is strongly 

predicated on the availability and cost of the preferred solvents and, more importantly, 

the ability to recover them. The expected increase in the chamber growth laterally while 

maintaining lesser heat loss to the overburden due to solvent injection has led Gupta and 

Gittins (2005) to argue that SAP offers an opportunity to use wider well spacing, which 

may reduce the number of well pairs required to drain a given reservoir, thereby leading 

to better project economics. For such a prediction to be adequate, it should be proven that 

unrecovered solvent can be compensated for by the reduction in the number of well pairs 

needed to exploit a given reservoir. 

 

2.2.5 Field Implementation of SAP – Senlac and Christina Lake 

In late January, 2002, and after about six years of research and development, Cenovus 

Energy piloted SAP at their Senlac Saskatchewan pilot in the C1 well pair of their Phase 

C SAGD expansion. Butane was co-injected in a well pair which was already in SAGD 

operation and it can be realized from production rates that, at the time of SAP initiation, 

the steam chamber had risen to the top of the reservoir already for a few months. SAP 
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was carried out while keeping steam injection rates relatively unchanged after the 

initiation of solvent injection (Gupta and Gittins, 2005).  

 

The results from Cenovus’s SAP field trial at the Senlac Thermal Facility are available in 

the literature (Gupta et al., 2002). As illustrated in Figure 6, the Senlac facility production 

increased from an average of 4300 bbl/d in January 2002, to an average of 5400 bbl/d in 

March, 2002. The production rate for the C1 (SAP) well pair is presented in Figure 7 

which shows an increase in production as result of SAP from an average of 1900 bbl/day 

to an average of 3000 bbl/day (over 50%) during the same two month period. The steam-

to-oil ratio (SOR) and energy intensity (EI) in the Senlac SAP well pair for the period 

from January to March, 2002, are presented in Figure 8. It can be observed from Figure 8 

that, as a result of SAP, SOR for the C1 well pair has come down from an average of 2.6 

to an average of 1.6. Similarly, EI (GJ/bbl) has come down from above one to around 0.7 

in March, 2002. The dotted lines in Figures 6, 7 and 8 represent the expected 

performance trends had there been no change to the SAGD process. It should also be 

noted that, in Figures 6, 7 and 8, the chart areas indicating the period before the SAP test 

have been lightly shaded. Following the period from January to March, 2002, the 

reservoir started losing pressure and performance started deteriorating slowly but 

remained better than the baseline’s performance. Shortly afterwards, owing to loss of 

reservoir containment, the solvent injection was discontinued and the test was terminated 

(Gupta and Gittins, 2005). It was pointed out that the API gravity from the C1 (SAP) well 

pair at Senlac showed an improvement of approximately one degree over a base of 12.7 

degree. This can be attributed to asphaltene precipitation which takes place due to the 
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contact of the heavy oil with light alkanes, thereby causing some in situ upgrading. 

Furthermore, Gupta and Gittins (2005) stated that over 70% of the injected solvent was 

recovered with the production of oil and water from the Senlac C1 (SAP) well pair. 

 

 

Figure 6: Facility production (bbl/day) before and after SAP (After Gupta et al., 

2002) 
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Figure 7: Production from the C1 (SAP) well pair before and after SAP (After 

Gupta et al., 2002) 

 

 

 

 

Figure 8: Fuel reduction based on the C1 (SAP) well pair (After Gupta et al., 2002) 
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Driven by the positive results of the Senlac SAP Pilot, Cenovus applied SAP at their 

Christina Lake Project in the Athabasca oil sands deposit. Gupta and Gittins (2005) 

discussed the details of the Christina Lake SAP Pilot along with preliminary performance 

results in light of their Senlac SAP pilot. While in Senlac, SAP was tested on a heavy oil 

reservoir, the Christina Lake SAP pilot project was applied to an Athabasca-type 

reservoir which produces around 8.5 API gravity oil using SAGD. At Senlac, the 

reservoir thickness ranges between 13 to 14m and the production period of the SAGD 

well pairs ranges from 2 to 3 years. The solvent injection period during the Senlac SAP 

pilot was short and, therefore, a solvent recovery and recycle scheme was not 

implemented. On the other hand, at Christina Lake the reservoir is thicker and the 

productive life of a SAGD well pair ranges between 3 to 5 years, thereby entailing a 

longer SAP test. As a result, a solvent recovery-recycle scheme was implemented in the 

Christina Lake SAP pilot and a schematic of it is presented in Figure 9.  

 

 
Figure 9: Schematic of the Christina Lake SAP pilot facility (After Gupta and 

Gittins, 2005) 
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As illustrated in Figure 9, the hot fluids from the SAGD producer containing butane, 

methane oil and water are transported into a butane recovery facility (BRF). In the BRF, 

the oil and water emulsion stream is separated from a gaseous mixture of methane, 

butane and steam and redirected before being directed back to the main treating facility 

(MTF). The remaining gaseous stream goes through few stages of cooling and 

compression and the separated liquid streams are ridded of methane by means of a butane 

separation tower (BST). The sour methane stream is redirected to the fuel system to 

generate steam and the recycled butane stream from the BRF is mixed with makeup 

butane. The use of makeup butane requires sufficient storage and pumping. The mixture 

of recycled and makeup butane streams is then co-injected with steam into the SAGD 

injection well.  

 

Four side-by-side SAGD well pairs, namely A1, A2, A3 and A4, were being operated 

prior to the implementation of the Christina Lake SAP pilot. The inter-well pair spacing 

and well length of the abovementioned well pairs are 100m and 700m, respectively, and 

their location is illustrated in Figure 10. A pre-SAP analysis of the abovementioned well 

pairs showed that A2 and A3 have their steam chambers very close to merger and failed 

to fully evaluate the performance of A4 since it had been steamed only for less than a 

year. As a result, the A1 well pair was chosen for the SAP pilot, which entailed (i) using 

a well pair that had already been on production through SAGD for about two years, and 

(ii) testing solvent effects in an otherwise underperforming SAGD well pair perhaps as a 

result of reservoir heterogeneities (Gupta and Gittins, 2005).  
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Figure 10: Christina Lake Phase 1 wells (After Gupta and Gittins, 2005) 
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The Christina Lake SAP pilot was started in Q3 2004 and was designed to run for over 3 

years. The results of this pilot were discussed by Gupta and Gittins (2005) based on a 

limited period of 7 months or so post the SAP initiation date. The oil production rates 

from the SAP test well pair at Christina Lake are presented in Figure 11. The prorated 

values for oil production rates in Figure 11 were obtained using measurements at a test 

skid through which all the operated wells were rotated. For the sake of comparison, these 

prorated values were plotted with another set of oil production values that were obtained 

using a vessel in the solvent recovery facility, referred to as V820, based on 

measurements at a dedicated facility through which only flow from A1 passes. From 

Figure 11, it can be noticed that both the prorated and V820 based production values 

continued to be reasonably close to each other until early November when the water cut 

meter on the test skid developed a snag and pro-rationing switched to alternate means of 

measurement. The average oil production rate for the period from March to July (pre-

SAP) was 167t/d. This was followed by decrease in oil production rate to about 100t/d 

immediately prior to the commencement of SAP. After SAP was introduced, the oil 

production rate increased from 100t/d in July/August to 300t/d in November/December 

and reached a level of 240t/d by mid-February, 2005, beyond which the results are 

unknown. This enhancement in production due to SAP, based on a limited period of 

approximately 7 months, exceeded what was initially estimated by means of numerical 

modelling. This gap between numerical modelling and field results could partially be 

attributed to how the solvent actually works in the presence of reservoir heterogeneities.  
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Figure 11: Production from the test well pair at the Christina Lake SAP pilot (After 

Gupta and Gittins, 2005) 

 

In addition to oil production rates, Gupta and Gittins (2005) also discussed the Christina 

Lake SAP pilot results pertaining to SOR and the quality of the produced oil before and 

after the implementation of SAP. Figure 12 shows the profile of SOR before and after 

SAP using two sets of data, one of which is based on test skid measurements and the 

other one is based on V820 measurements. It can be noticed from Figure 12 that there 

had been a scatter in the SOR values prior to the implementation of SAP with SOR 

hovering around 5 before solvent injection and with an average SOR value of 3.3 during 

the pre-SAP period (from March to July). After SAP, SOR dropped to less than one 

during November/December and reached a value of approximately 1.6 by the end of 
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February. The quality of the produced oil from the Christina Lake SAP pilot, in terms of 

API gravity, is presented in Figure 13 which shows a slight API gravity increase in the 

range of 0.7 to 1 degree after the implementation of SAP. 

 

 
Figure 12: Steam-to-oil ratio from the test well pair at the Christina Lake SAP pilot 

(After Gupta and Gittins, 2005) 
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Figure 13: Produced oil quality from the test well pair at the Christina Lake SAP 

pilot (After Gupta and Gittins, 2005) 

 

2.3 Liquid Addition to Steam for Enhanced Recovery (LASER) 

In 2001, Imperial Oil filed a patent for a process called Liquid Addition to Steam for 

Enhancing Recovery of Cyclic Steam Stimulation, which is normally referred to as 

LASER-CSS, or simply LASER (Leaute et al. 2005). This process involves the injection 

of hydrocarbon solvents in a Cyclic Steam Stimulation (CSS) mode of operation at some 

intermediate stage of reservoir depletion. Late-cycle CSS tends to be similar to SAGD 

because, in mature CSS operations (i.e. in late CSS cycles), gravity becomes increasingly 

the dominant recovery mechanism due to the substantial decrease in the contribution of 

the early CSS recovery mechanisms such as formation recompaction, solution gas drive 

and steam flashing (Leaute et al., 2005; Leaute, 2002; Gates and Chakrabarty, 2008).   
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Each CSS cycle involves three phases, namely: steam injection, soak and oil production. 

In the steam injection phase, a specified volume of steam is injected into the formation to 

heat otherwise cold and immobile bitumen at a temperature of approximately 300 
o
C and 

pressures in the range of 10-12 MPa, thereby reducing the viscosity of in situ bitumen 

from >100,000 cp to less than 10 cp (Leaute, 2002). Upon the completion of the steam 

injection phase, the soak phase commences, during which the well is shut-in to act as a 

pressure buffer between adjacent wells that are still steaming and those that have already 

been put on production (Leaute, 2002). The transfer of heat from the injected steam to the 

bitumen in-place stimulates the evolution of native gas, thus causing a strong solution gas 

drive mechanism, which eventually sets the stage for the oil production phase. In addition 

to solution gas drive, formation re-compaction, steam flashing and gravity drainage 

collectively impact the performance of the CSS process. As the number of the CSS cycles 

increases, the efficiency of the CSS process decreases. The reasons for this trend, 

according to Leaute et al. (2005), are three fold. First, native solution gas is typically 

produced faster than native viscous oil and this causes a relatively large decrease in 

solution gas drive effects with successive cycles. Second, the movement of steam into 

adjacent non-productive formations results in the dissipation of a larger fraction of the 

injected thermal energy. Third, as the CSS process becomes more mature, the targeted 

recoverable oil becomes increasingly depleted. As a result, later CSS cycles require 

higher steam injection pressures and larger steam volumes. After several cycles in the 

CSS process, the amount of fluids withdrawn from the formation tends to exceed that of 

injected fluids. This eventually results in the formation of a net voidage area which 

increases in size with successive cycles. This voidage area is referred to as a “steam 
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chamber” by Leaute et al. (2005) and it is expected to have relatively low oil saturation 

compared to its original oil saturation. The creation of this depleted saturation zone in a 

particular oil deposit (i.e. the steam chamber) marks the point wherein LASER can be 

introduced, thus initiating a transition from a CSS to a LASER-CSS operating mode.  

 

In LASER, a small fraction of a liquid hydrocarbon solvent (~6% by volume) is added to 

the steam at the wellhead and upon being vaporized, the solvent is then transported with 

steam into the reservoir until significant steam condensation occurs at interface of the 

previously steam stimulated formation and the colder undepleted areas . The hydrocarbon 

solvent should be chosen in such a way that it will not vaporize in appreciable amounts 

during subsequent production (Leaute et al. 2005); however, as the solvent vapour 

fractions increase, they can either condense first or dissolve in the adjacent bitumen 

(Leaute, 2002). A detailed description of the LASER process was provided by Leaute et 

al. (2005) in Canadian Patent No.2342955 where it was stated that LASER is specifically 

aimed at enhancing the application of CSS without modifying the configuration and/or 

functionality of existing wells in the field. To make LASER more economic and 

practical, Leaute et al. (2005) pointed out that the hydrocarbon solvent should preferably 

be an onsite diluent or natural gas condensate stream which contains a significant amount 

of low molecular weight paraffinic hydrocarbons containing mostly five to ten atoms of 

carbon. Using such a diluent stream which is readily available reduces the blending 

requirements required on the surface to meet regulation requirements for pipeline 

transportation and facilitates the dehydration step of produced emulsions. Leaute et al. 

(2005) stated that the co-injection of the solvent with steam should take place at less than 
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formation fracturing or parting pressure, when a relatively steady build-up of pressure 

develops throughout each injection cycle. They also pointed out that the quantity of the 

diluent injected into the steam should be preferably chosen as large as possible to 

maximize its effect; however, the quantity should be chosen to remain well within the 

maximum solubility of diluent expected at typical bottom hole thermodynamic conditions 

that are encountered during CSS production cycles. If this was not maintained, foaming 

of inflowing fluids from the reservoir into the well bore would take place and this could 

significantly impair the smoothness of downhole pumping operations. The injected 

solvent or diluent that is recovered should remain for the most part soluble within the 

produced bitumen phase at the bottomhole conditions of typical CSS operations. It was 

also pointed out by Leaute et al. (2005) that the optimum loading of hydrocarbons 

injected with steam should be chosen to maximize pressure drawdown and fluid removal 

of the reservoir using conventional CSS artificial lift equipment that are already available 

to avoid additional expenses.  

 

2.3.1 Field Implementation of LASER – Cold Lake 

Imperial Oil conducted laboratory studies using a 3D physical model apparatus in 

addition to field-scale simulations to confirm that significant improvement in bitumen 

recovery performance with CSS can be achieved by incorporating the LASER 

technology. The results from these experimental and numerical modelling exercises 

indicated that LASER, with 6% volume ratio of diluent in steam, results in an OSR uplift 

of 33% and a diluent recovery of 66% (Leaute, 2002). Encouraged by these results, in 

2002, a field trial was implemented by Imperial Oil in the Cold Lake area to quantify two 
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main factors, namely: bitumen production and diluent recovery as a result of using 

LASER in a CSS mode of operation. These two factors are the major economic 

determinants and evaluation criteria of any steam-solvent based oil recovery process 

(Nasr and Ayodele, 2006). The Imperial Oil LASER pilot involved the addition of a 

small 6% volume fraction of C5+ condensate (diluent) into eight wells during CSS Cycle 

7. The overall performance of the pilot was reported to be encouraging (Leaute and 

Carey, 2007), thus leading Imperial Oil to operate 189 wells with LASER on a 

commercial basis since 2007 (Edmunds et al., 2009). 

 

A detailed description of Imperial Oil’s LASER pilot, including design considerations 

and results, was provided by Leaute and Carey (2007). The CSS pad that was chosen for 

LASER piloting was the H22 pad which is located in the north-western area of Imperial 

Oil’s operations at the Cold Lake oil deposit of northern Alberta. Next to the H22 pad 

exists another pad called H21 with a comparable well layout and production history. This 

choice for LASER piloting was based on many factors such as: reservoir quality, 

perforation practices and well-integrity. However, the key deciding factor was the 

production performance consistency of both the H22 (LASER Pilot) and H21 (CSS 

Control) prior to the initiation of the LASER pilot.  Each of the H21 and H22 pads 

consists of 20 wells. Figures 14 and 15 illustrate that both the H22 and H21 pads can be 

considered to have performed identically under CSS prior to the implementation of 

LASER using eight wells at the H22 pad during Cycle 7. The 20 blue dots and the 20 red 

dots in Figure 15 represent the H21 and H22 wells, respectively. Figure 16 illustrates the 

basic layout of the LASER pilot test with eight red dots to represent the eight LASER 
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injection wells. These eight wells, in addition to the remaining 12 wells on the H22 and 

the three wells that offset the LASER injectors on adjacent pads (i.e. the black dots in 

Figure 16) were equipped with well-head fluid samplers to measure diluent 

concentrations in the produced liquids. However, the wells at the H21 pad were not 

equipped with manual samplers. 

 

 

Figure 14: CSS pad performance since beginning of 1997 (After Leaute and Carey, 

2007) 
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Figure 15: OSR variations of individual CSS wells (After Leaute and Carey, 2007) 

 

 

 

Figure 16: Field layout of LASER and CSS wells (After Leaute and Carey, 2007) 
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Leaute and Carey (2007) pointed out that a large fraction of the diluent produced was 

recovered from the well casings with steam condensate and other non-condensable gases 

such as methane and carbon dioxide. They also stated that new mass/density coriolis flow 

meters were installed in response to the likelihood of producing diluent from the pad 

venting facilities. The diluent concentrations in the produced bitumen emulsions were 

measured by means of gas chromatography, which was also considered to confirm 

whether in situ fractionation of the diluent has occurred. Other methods that are based on 

density and viscosity measurements were also considered by Imperial Oil to determine 

diluent concentrations in the produced bitumen from wellhead samples. However, these 

methods were not found to be sufficiently accurate during the pilot because, according to 

Leaute and Carey (2007), only 15% of the produced diluent was measured in the 

produced liquids.  

 

The injection strategy of steam and diluent during Imperial Oil’s LASER pilot was also 

discussed by Leaute and Carey (2007). It was reported that steam and diluent injection 

during the pilot proceeded smoothly between March and July 2002 at the H22 pad. There 

was a minor steam-scheduling misalignment between H22 and the adjacent H21 pad 

because of the early arrival of the steam bank in the area which resulted in carrying out 

Cycle 7 steam injection earlier at H21 than at the adjacent rows of H22. This 

misalignment displaced some bitumen from the H21 wells that border the H22 pad to the 

neighbouring H22 wells. To mitigate this issue, the border wells from both pads were 

factored out of the pilot-related analysis. According to Leaute and Carey (2007), the 

reservoir pressure at the H21 and H22 pads, at the start of the Cycle 7 production phase, 
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was measured to be 4MPa. Targeted steam volumes of 20,000 m
3
/well, with variations of 

1,000 m
3
, were achieved at both the pads. Furthermore, the targeted 6% volume ratio of 

diluent injection in steam was practically achieved with variations of less than 1,202 to 

1.217 m
3
 between the eight LASER wells. The Injection strategy was planned such that 

all CSS wells surrounding each LASER well were being steamed during diluent injection 

in order to further confine the injected diluent to its targeted well. Otherwise, the injected 

diluent would communicate more freely between adjacent rows of wells across the H22 

pad. The diluent density remained consistent throughout the pilot with an overall average 

of 726.5 kg/m
3
 and the total volume of injected diluent amounted to 9,660 m

3
 or 7,018 

metric tonnes. Leaute and Carey (2007) reported that the results from the first pilot cycle 

in terms of recovered diluent (80%) exceeded original expectations (66%); however, the 

LASER-related OSR increase of 33% was consistent with original expectations.  Figure 

17 illustrates the bitumen production increase that was achieved as a result of 

implementing LASER during cycle 7 using the official Cold Lake bitumen production 

database. In Figure 17, the blue dots correspond to the 19 base CSS wells excluding the 7 

black wells that were influenced by other operational events; the red dots correspond to 

the LASER injection wells; and the orange dots correspond to the CSS wells that 

produced substantial diluent. 
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Figure 17: Comparison of LASER and CSS pilot performance (After Leaute and 

Carey, 2007) 

 

2.4 Steam Alternating Solvent Process (SAS) 

In an attempt to combine the advantages of SAGD and VAPEX, while minimizing their 

negative effects, Zhao (2004) proposed an oil recovery process called Steam Alternating 

Solvent (SAS) which involves injecting steam and solvent alternatively using a typical 

SAGD well configuration. The start-up of the SAS process is identical to SAGD; 

however, after a certain point in time solvent injection starts as a replacement for steam 

injection.  Zhao (2004) described SAS as process that involves the following steps: 

 Injecting pure steam as in the SAGD process to start-up the operation; 
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 Stopping steam injection and starting solvent injection when heat loss to 

the overburden becomes significant as the steam chamber grows to the top 

of the pay zone; 

 Stopping solvent injection and starting steam injection when the chamber 

temperature is reduced; 

 Repeating the steam injection and solvent injection cycle until it is not 

economic to continue; 

 Recovering the solvent still in place through a blow-down phase at the end 

of the operation.  

 

Due to solvent injection and reduced steam injection, the operating temperature in the 

SAS process is expected to be lower than that in the SAGD process, thereby leading to 

higher oil viscosity values. However, Zhao (2004) argues that this effect of low 

temperature on oil viscosity is partially compensated for in consequence of the 

dissolution of the injected solvent in oil.  The preferred solvent for the SAS process, 

according to Zhao (2004), should have a dew point temperature somewhere between 

initial reservoir temperature and steam temperature under the corresponding operating 

pressure. Edmunds et al. (2009) discussed the theory of the SAS process and pointed out 

that injecting propane after a period of steam injection is advantageous because it 

facilitates the drainage of the steam exposed oil until there is not enough heat to sustain 

oil drainage with a propane front, thereby requiring steam injection to be resumed as a 

substitute for solvent injection. 
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Zhao (2004) conducted field scale simulations to assess the performance of the SAS 

process in comparison with SAGD based on typical Cold Lake reservoir conditions and 

using the CMG STARS reservoir simulator. The solvent used in the SAS process 

simulations was propane and the CMG WinProp software was used to generate the K-

values for the propane-oil phase equilibrium. Both the SAS and SAGD processes were 

compared using the same reservoir model. The total operation time and the steam and 

solvent injection controls for both the SAS and SAGD process were similar throughout 

the simulation runs.  In the SAS process case, the operation during the first 2 years was 

identical to the SAGD mode of operation; however, starting from year 2, the injection 

pattern changed to 2 months of steam injection, followed by 4 months of solvent 

injection. This pattern of consecutive steam and solvent injection was repeated until the 

end of year 8 as shown in Figure 18. 

 

 
Figure 18: SAS process injection pattern (After Zhao, 2004) 
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The results of the simulation runs conducted by Zhao (2004) showed that the oil 

production rate of the SAS process could be as high as or higher than that of SAGD. 

Zhao (2004) pointed out that this high oil recovery rate occurs because the normally 

higher oil viscosity along the chamber boundary in the SAS process was largely 

compensated for by higher relative oil phase permeability resulting from higher oil phase 

saturation. On the other hand, for the SAGD case, Zhao (2004) stated that lower oil 

viscosity was balanced by lower oil phase relative permeability due to high water 

saturation at the chamber front. Another advantage that is sought after through the SAS 

process is to enhance solvent-oil mixing by facilitating the interaction of steam and 

solvent vapor inside the chamber. This is expected to increase the interfacial area 

between solvent and oil and enhance heat and mass transfer at the chamber boundary. 

Zhao (2004) concluded, based on his numerical studies, that the SAS process results in a 

52% decrease in SOR and the energy input per unit of oil recovered using the SAS 

process is 18% less than that using SAGD. However, for this conceivable advantage of 

the SAS process to be more realistic, solvent retention needs to be taken into 

consideration.  

 

In a more recent study, Zhao et al. (2005) conducted experimental runs using a 2D high-

pressure/high-temperature physical model to compare the performance of the SAGD and 

SAS processes. Burnt Lake oil was used to conduct these experiments and the solvent 

used in the SAS process was a mixture of propane and methane. Based on their physical 

modelling studies, Zhao et al. (2005) stated that the temperature was lower than the dew 

point of the propane-methane mixture at the corresponding operating pressure. They 
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speculated that part of the propane condensed, thus creating a localized liquid propane 

and oil contact. This localized liquid-liquid mixing, according to Zhao et al., (2005), 

enhanced mass transfer between the phases and resulted in higher production rates. 

However, the presence of liquid propane also resulted in asphaltene precipitation, which 

caused sand consolidation at the top corners of the model. It was reported that post-run 

sand pack analysis showed that the asphaltene content in the residual oil was more than 

doubled in the regions where temperature was low during the SAS process.  

 

The results from the experimental runs revealed that over 96% of the injected solvent was 

recovered at the end of the blowdown phase during which the injection well was shut-in 

and the production well pressure was gradually reduced from 2,200 kPa to 150 kPa. Zhao 

et al. (2005) reported that the gas retention increased during gas injection and decreased 

during steam injection. As illustrated in Figures 19 and 20, based on the experimental 

results, the average oil production rate from the SAS process is lower than that from 

SAGD. Due to solvent injection, the energy efficiency of the SAS process, with reference 

to that of SAGD, cannot be measured in terms of SOR. Realizing this, Zhao et al. (2005) 

resorted to another technique which estimates energy efficiency for the SAS and SAGD 

processes based on the energy input per unit oil produced. Both latent heat and specific 

energy were considered for the calculation of energy input for steam injection. On the 

other hand, for gas injection, the specific energy and the burning value of the leftover 

solvents were considered. Figure 21 illustrates the energy inputs per unit oil produced 

from the SAS and SAGD processes. The energy consumption estimations for the SAGD 

and SAS process were reported to be 9.9 kJ/g and 5.46 kJ/g, respectively. In light of these 
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results, Zhao et al. (2005) concluded that, for the same amount oil produced, compared to 

the SAGD process, the SAS process results in a 47% reduction in energy input. It should 

be noted that it may not be appropriate to extrapolate these experimental results to field 

scale because the widely used Pujol-Boberg scaling method is only valid for steam 

processes and may not be suitable for scaling processes that involve solvents (Kimber, 

1989). Some solvent process parameters such as dispersion, capillary force, and PVT 

relationships cannot be appropriately scaled through the Pujol-Boberg scaling method 

(Zhao et al., 2005). 

 

 
Figure 19: Cumulative oil productions from the SAGD and SAS processes (After 

Zhao et al., 2005) 
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Figure 20: Comparison of oil production rates from the SAGD and SAS processes 

(After Zhao et al., 2005) 

 

 
Figure 21: Comparison of energy cost per unit produced oil form the SAGD and 

SAS processes (After Zhao et al., 2005) 
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Numerical history matching studies were conducted after completing the experimental 

runs for both the SAGD and SAS processes using the CMG STARS reservoir simulator. 

These numerical modelling studies did not account for capillary pressure and asphaltene 

precipitations effects. In addition, since the physical model had high permeability of 115 

Darcy, close to straight line relative permeability curves were used in the numerical 

model. Although the physical model was insulated inside a pressure vessel, there were 

still some surface heat losses particularly through the large front and back walls. To 

capture heat loss in the numerical model, a heat transfer coefficient was assigned to each 

grid block in accordance with its exposed area. The CMG WinProp package was used to 

calculate the solubility of propane in oil and the viscosity of the oil-solvent mixture was 

estimated suing an empirical equation by Middonye et al. (1997). The injection rates 

were used as an input to history-match the experimental results numerically. Figures 22 

and 23 present a comparison between the simulated and experimentally measured 

cumulative oil and gas production values. The good match that is apparent in this 

comparison indicates that the numerical model captured, to some extent, the overall 

behaviour of the SAS process. The simulation results showed that the injected solvent 

was concentrated at the vapour chamber boundary during the SAS process. 
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Figure 22: Comparison of cumulative oil production from simulation and lab test 

for the SAS process (After Zhao et al., 2005) 

 

 
Figure 23: Comparison of cumulative gas production from simulation and lab test 

for the SAS process (After Zhao et al, 2005) 
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2.5 N-Solv 

In 1998, John Nenniger filed a patent for a thermal solvent oil recovery process called N-

Solv which does not use steam to reduce the viscosity of the heavy oil in-place 

(Nenniger, 2007). This patent was preceded by another patent, by John Nenniger as well, 

wherein he proposed the idea of replacing steam with cold solvent (Nenniger, 1979). The 

solvent chamber growth during the cold extraction process that was proposed by 

Nenniger (1979) is slow, and this eventually results in low oil production rates, thus 

making such a process undesirable in spite of any expected environment-related 

advantages. To overcome this chamber growth rate drawback, Nenniger (2007) proposed 

N-Solv as a process that would accelerate the growth of the solvent chamber, thereby 

increasing production rates to a level beyond what could be achieved through other 

steam-based oil recovery methods such as SAGD. The N-Solv process is aimed at 

accelerating the formation of a solvent-assisted gravity drainage process by injecting 

significant volumes of sufficiently heated gaseous and liquid solvents into the reservoir of 

interest using downhole heater technology. According to Nenniger (2007), the procedure 

of N-Solv involves: 

 placing a downhole heater in the formation adjacent to the oil producing 

zone to heat the “heat transfer fluid” which is preferred to be a solvent; 

 energizing the downhole heater and passing the heat transfer fluid through 

it; 

 injecting the heated heat transfer fluid into the oil bearing formation to 

reduce the effective viscosity of the oil in-place; and 
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 recovering the mobilized oil to form an oil extraction chamber in the oil 

bearing formation. 

 

More details regarding N-Solv were provided by Nenniger (2007) including the preferred 

apparatus and solvents, in addition to some potential variations that could be 

incorporated. He stated that the preferred apparatus to implement N-Solv is a coiled 

tubing conveyed downhole heater which can be used to place the desired heat without the 

usual wellbore heat losses that occur with surface injection of hot fluids. He also pointed 

out that the heater may be in the form of an electrically powered resistance heater of the 

flow through type with a preferable power output of more than 10kw.  Nenniger (2007) 

also pointed out that, in the preferred N-Solv procedure, the heater is lowered into the 

well and placed on a pump seating nipple or packer. The cold fluid (preferably solvent) is 

then pumped into tubing coiled tubing annulus. As it passes through the heater, the cold 

fluid is heated, and the resulting hot fluid is then squeezed into the formation. Nenniger 

(2007) argues that since the heat in N-Solv is added downhole close to the target 

formation, it is therefore feasible to heat fluids with comparatively low heat capacities 

(such as hydrocarbon gases and liquids) and provide efficient delivery of heat into the 

formation with minimal heat losses the heat transfer fluid (preferably solvent) is pumped 

downhole at ambient temperature. Nenniger (2007) pointed out that the pressure in the 

heater has to be regulated to permit low heat capacity solvents to be heated. He also 

stated that a high fluid pressure should be maintained. This is useful to deal with multi-

phase fluids (i.e. combined gas and liquid phases at downhole operating conditions), 

because high pressure helps to minimize the difference in volumetric heat capacities 
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between the gas and liquid phases, thus preventing the formation of hot spots in the 

heater that may lead to heater burnout.  

 

Nenniger (2007) pointed out that the preferred heat transfer fluid for the N-Solv process 

is a solvent for the heavy oil which can be either a gas or liquid or a mixture thereof at 

ambient conditions. He expected better results to be achieved if the solvent is slightly 

below its bubble point pressure at reservoir conditions, so that it is present as a gas in the 

solvent chamber but has appreciable solubility in the crude oil. Nenniger (2007) also 

added that the solvent can be either a mixture of compounds (i.e. methane, ethane, 

butane, propane, pentane, hexane, in addition to other hydrocarbons and carbon dioxide), 

or a relatively pure component. Since any solvent co-produced with oil can be extracted 

and recycled back into the reservoir, Nenniger (2007) expected the solvent to typically be 

a blend of compounds. Although Nenniger (2007) stated that the most preferred solvents 

for N-Solv are the so called light hydrocarbons with a carbon number ranging from one 

to four, more emphasis was particularly given to propane as a preferred heat transfer fluid 

(Nenniger, 2007; Edmunds et al., 2009). The use of other fluids that have a higher heat 

capacity such as water, in the N-Solv process, was suggested by Nenniger (2007). This 

suggestion was mentioned with reference to some formation conditions where it may be 

more efficient to deliver a greater amount of heat than what could otherwise be achieved 

through the use of a solvent. However, Nenniger (2007) argued that the use of solvents is 

generally preferred due to the relative permeability effects and other negative effects that 

result from introducing water to an oil producing formation. To support this argument, 

Nenniger (2007) stated that in some reservoirs, introducing water to an oil bearing 
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formation may result in lower production once the short term effect of the heat added 

dissipates. Once the chamber is formed, Nenniger (2007) argues that there would be a 

larger interfacial area for mixing of the solvent into the oil, thus allowing subsequent 

recovery to occur with cold solvent, at a low cost and with a smaller environmental 

footprint, or possibly with periodic heat stimulations to propel extra production.  

 

The results expected by Nenniger (2007) regarding the performance of N-Solv are 

believed to be rather optimistic and may not be achievable in practice. Using a solvent 

with a low heat capacity as a heat carrying agent to raise and maintain temperature would 

require enormous amounts of solvent. This massive solvent requirement may be hard to 

meet due to capital considerations.  Furthermore, the use of such solvent amounts is 

likely to result in higher solvent loss per unit volume of produced oil. The ongoing 

condensation of solvent vapour to release heat to the otherwise cold oil until the final 

blowdown is likely to cause the liquid solvent saturations to remain high within the 

depleted zone. Furthermore, mass transfer is believed to be much slower than heat 

transfer, and this makes it difficult to accept that N-Solv, which is predominantly a mass 

transfer process, would result in production rates that are as high, or even higher than 

what could be achieved using SAGD. The steam used in the SAGD process has a much 

higher heat capacity than any of the proposed heat transfer fluids in the N-Solv theory. 

Hence, SAGD is expected to me more efficient in mobilizing oil than N-Solv. More to 

the point, the use of a solvent with a low heat capacity compared to steam is likely to 

make the spread of heat across the wellbore length less uniform, thus reducing well 

conformance. Edmunds et al. (2009) pointed out that using N-Solv with added steam and 
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having a steam front behind the solvent condensation front would maintain temperatures 

in the depleted zone high enough to prevent liquid solvent accumulation. This, according 

to them, would lower the solvent oil ratio because solvent condensation will not be 

required to heat the reservoir. Another concern in N-Solv is the potential interference 

between methane and the heat transfer fluid (i.e. propane) which is expected to lessen the 

contact between the propane and the targeted oil.  
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Chapter Three:  Experimental Model Description and Post-Run Analysis 

A partially scaled two-dimensional physical model was fabricated to investigate the ES-

SAGD process experimentally based on typical Long Lake reservoir properties and 

operating conditions. The scaling criteria for the design of the sand-pack model used in 

this study are discussed in section 3.4. Multicomponent aromatic and paraffinic solvents 

were co-injected with steam at different concentrations ranging from 5-15% by volume. 

This chapter describes the experimental set-up that was used to conduct the SAGD and 

ES-SAGD experiments. Furthermore, it outlines the procedure that was adopted to 

produce and interpret the results.  

 

3.1 Experimental Model Description  

A two-dimensional partially-scaled physical model was fabricated using type 316 

stainless steel with the following dimensions: 

 Width: 71 cm 

 Height: 22.5 cm 

 Depth: 15 cm 

 

 
Figure 24: Sand-pack model 
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The temperature propagation profiles inside the sand-pack model were monitored using 

240 thermocouples. These thermocouples were implanted during the preparation of the 

sand-pack model prior to the addition of sand, water and oil. The thermocouples were 

arranged in three planes perpendicular to the horizontal wells with each plane containing 

20 four-point thermocouples at four different layers. Figures 25 and 26 illustrate how the 

thermocouples were placed within the physical model. The thermocouples were situated 

at the intersections of the horizontal and vertical lines and the red arrows represent the 

distance between the thermocouples. After the installation of the thermocouples, the 

sand-pack model was filled with Ottawa sand, which was then saturated using de-ionized 

water and Long Lake oil until initial water and oil saturations were achieved. Thereafter, 

the sand-pack model was installed in a confining pressure jacket, as shown in Figure 27, 

which can handle pressures as high as 550 psi. 

 

 
Figure 25: Side view of thermocouple planes (dimensions are in centimetres) 
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Figure 26: Thermocouple locations on the plane perpendicular to the horizontal 

wells (dimensions are in centimetres) 

 

 
Figure 27: Confining pressure jacket 

As illustrated in Figure 28, a horizontal production well was placed at the middle of the 

model and close to the bottom as an outlet for the produced fluids. Two different 

injection ports were incorporated in the design at heights of 7.5 and 12.5 centimetres 

from the bottom. The distance between the production well and these ports is 4.5 and 9.5 
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centimetres, respectively. To have uniform steam outflow into the sand-pack model, a 

special design was used wherein the size in the slots of the injection well increases 

towards the toe as shown in Figure 29. However, for the production well, the same slot 

size was used throughout the well length. Mesh screens were used on the injection and 

production wells to mitigate the accumulation of fines and clays, which can potentially 

plug up the slots and restrict well productivity and injectivity. 

 

 
Figure 28: Locations of the injection and production wells in the model 

 

 

 
Figure 29: Slot size variation in the SAGD injection well 
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The temperatures of the fluids inside the injection and production wells were recorded 

using the thermocouples that were installed inside the wells. For both the production and 

injection wells, three thermocouples were implanted at the heel, middle and toe areas, 

respectively. These thermocouples provided direct measurements of the temperature of 

the injected and produced fluids.  An automated data acquisition system was used to 

record temperature, pressure and injection rates. As shown in Figure 30, two constant-

flow ISCO pumps were used to inject de-ionized water and the ES-SAGD solvent into 

the sand-pack model at the desired injection rates. For the ES-SAGD experiments, the 

solvent was added to the de-ionized water stream before passing through the pre-heater 

and the steam generator. 

 

 
Figure 30: Constant-flow ISCO pumps 
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A pre-heater and a steam generator were placed in series during the experiments as 

illustrated in Figure 31 to ensure that 100% steam quality is injected into the sand-pack 

model. They were both buried prior to the commencement of the experiments in a Perlite 

insulation filled box which was attached to the sand-pack model to enhance thermal 

efficiency.  The pre-heater is a 3/8-inch 316 type stainless steel coiled tube (1.5 m long) 

with a 1/8-inch diameter internal heater (1.5 kW) to heat up the water to partially-

saturated steam conditions. A thermocouple was placed at the outlet of the pre-heater to 

record the temperature of the partially-saturated steam before it flows into the steam 

generator to ensure that steam in the injection well is at superheated conditions.  The 

outlet temperature of the steam generator was recorded using a thermocouple at the heel 

of the injection well. 

 

 
Figure 31: Pre-heater and steam generator 
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The produced fluids from the production well were collected periodically using two 

visual separators as shown in Figure 32. One separator was used to collect the produced 

fluids while keeping the other separator connected to the production line. The produced 

gases in the visual separators flowed through intermediate condensate traps and were 

collected using two gasometers, as shown in Figure 33, which are located down-stream of 

the separators. An Agilent (7890A) gas chromatography system was utilized to analyse 

the composition of the produced gases every 30 minutes throughout the life of the ES-

SAGD experiments as shown in Figure 34. 

 

 
Figure 32: Visual separators 
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Figure 33: Gasometers to measure the volume of produced gases 
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Figure 34: Gas chromatography system 

 

The experimental runs were conducted by placing the stainless steel physical model in a 

confining pressure jacket. To reduce heat loss from the physical model, the annulus 

between the confining vessel and the physical model was filled with insulating ceramic 

wool. Furthermore, the top and bottom sides of the model were internally insulated with 

¼ inch PTFE sheet. 

 

3.2 Experimental Set-Up Components 

The major components in the experimental set-up that was used to investigate ES-SAGD 

versus SAGD include a confining pressure jacket, sand-pack model (described above) 
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with injection and production wells, constant-flow ISCO pumps to pump de-ionized 

water and solvent,  nitrogen supply,  helium/argon supply,  control/monitoring panel 

(Figure 35), water transfer bottle to pressurize the sand-pack model, visual separators, 

condensate traps,  back pressure regulators, pressure transducers, two gasometers and a 

gas chromatography system. Figures 24 to 35 show some of these components. 

 

 
Figure 35: Front view of the control panel 
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3.3 Bitumen Properties 

Between 7-8L of Long Lake oil was used in each SAGD and ES-SAGD experiment to 

saturate the sand-pack porous medium which was initially saturated with water. Three 

options were investigated to obtain a representative oil sample. These options are 

discussed below: 

1. Option 1 – Core Extracted Oil: Assuming a porosity of 30% and an oil 

saturation of 80%, it was estimated that around 3 feet of core would be 

required to extract 1L of oil, which implies that 24 feet of core would be 

required for every SAGD or ES-SAGD experiment. This core requirement 

is somewhat prohibitive and unless preserved-state frozen core is used, 

low temperature oxidation (LTO) during core storage is likely to be a 

problem, which can potentially degrade the oil and make it more viscous. 

Furthermore, extracting the oil from a core sample is costly and time 

consuming. 

2. Option 2 – Test Separator Oil: The collection of emulsion samples from 

the test separator in the field at high temperatures in the range of 165
o
C is 

challenging. Nevertheless, even if this can be done, such emulsion 

samples tend to contain large amounts of water. Delivering large volumes 

of emulsion from the field to the lab and extracting water-free bitumen 

from them was found to be difficult and costly.  

3. Option 3 – Inlet Separator Oil: Oil mixed with diluents can be collected 

from the inlet separator in the field with a fair amount of ease. The 

diluents can be boiled off using rotary evaporators to obtain oil samples 
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that have same viscosity as the original Long Lake oil. It can be argued 

that some diluents will not boil off; however, it is believed that this will be 

compensated for by the evaporation of the light ends from the oil. While 

the remaining diluents are expected to make the oil less viscous, the 

evaporation of the light ends from the oil is expected to make the oil more 

viscous.  

 

In light of the information above, Option 3 was selected because it is more economic and 

does not involve collecting and handling large volumes of emulsion. Three rotary 

evaporators were used to boil off the diluents in the oil as shown in Figure 36 until 

original Long Lake oil viscosity was achieved. Extracted oil viscosity and original oil 

viscosity are plotted versus temperature in Figure 37. 

 

 
Figure 36: Oil extraction using rotary evaporators 
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Figure 37: Original Long Lake oil viscosity and extracted oil viscosity versus 

temperature 

 

The density of the extracted Long Lake oil that was used to saturate the sand-pack model 

was measured using an Anton Paar (DMA 5000) densitometer to ensure that it is consistent 

with the density of original Long Lake oil.  Measuring the density of highly viscous bitumen 

at relatively low temperatures in the range of 15-60
o
C is somewhat challenging. At such 

temperatures, bitumen does not flow easily into and out of the densitometer. To mitigate this 

issue, bitumen samples were carefully mixed with fixed amounts of toluene and the 

bitumen-toluene mixtures were then homogenized using an ultrasonic bath. Thereafter, at a 

specific temperature, the density of bitumen was calculated from the measured density of 

the bitumen-toluene mixture using the equation below:  
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                                    ρm = xt ρt + xb ρb                                             (3-1) 

where ρm is the density of the bitumen-toluene mixture; xt  is the mass fraction of 

toluene; ρt is the density of toluene;  xb is the mass fraction of bitumen; and ρb  is the 

density of bitumen. Equation 4-1 assumes that the bitumen-toluene mixture is an ideal 

solution. To verify this assumption, the experimentally measured density of the bitumen-

toluene mixture was plotted versus toluene concentration in bitumen as shown in Figure 

38. 

 

 
Figure 38: Bitumen-toluene density versus toluene concentration at a temperature 

of 20 
o
C 
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It is evident from Figure 38 that the relationship between the density of the bitumen-

toluene mixture and toluene concentration in bitumen is linear. This suggests that the 

bitumen-toluene mixture is ideal because non-ideal mixtures tend to show considerable 

deviation from linearity in their physical behaviour in relation to concentration, 

hypothetically due to the variation in the molecular interaction between the components 

of the liquid mixture. Figure 38 suggests that the density of toluene-free bitumen at a 

temperature of 20
o
C is equal to the 1.0197 kg/m

3
. This value is consistent with the 

original Long Lake oil density reported by other commercial labs. 

 

3.4 Model Scaling 

The SAGD scaling procedure which was proposed by Butler et al. (1981) was used to 

design the sand-pack model based on the following assumptions from Oskouei et al. 

(2011):  

 The operating pressure of the experiment is equal to the reservoir pressure.  

 Thermal diffusivity of the matrix in the sand-pack model is equal to that of 

the reservoir. 

 The viscosity of the oil used to saturate the sand-pack model is equal to 

that of the reservoir. 

 ϕ.∆So is the same in the sand-pack model and the reservoir. 

 Transmissibility (k.H) of the model is equal to that of the reservoir.  

 

Ensuring that (k.H)model is equal to (k.H)field entails using high permeability coarse sand in 

order to align the scaling equation with the dimensions of the sand-pack model. For this 
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reason, Ottawa sand (ASTM mesh 12/20) with a permeability of 555 Darcies was used to 

fill the sand-pack model for all the SAGD and ES-SAGD experiments to ensure that 

(k.H)model is equal to (k.H)field for a reservoir with a height of 25m and a permeability of 5 

Darcies.  

 

3.5 Model Preparation 

The sand-pack model was filled with high permeability sand while it was being vibrated 

to enhance sand homogeneity. Around 3kg of sand was added every hour until it was 

impossible to add more sand into the sand-pack model. It normally took around 43.5 kg 

of sand to fill the sand-pack model over a period of 15 hours.  The model was then 

evacuated overnight for a period of around 12 hours to remove air from the sand matrix. 

De-ionised water was then added to make the sand matrix water-wet. The bulk volume of 

the sand matrix was determined by filling the sand-pack model with de-ionized water 

before sand addition and was found to be around 24,080 cm
3
. The pore volume of the 

sand matrix was calculated using the amount of water which was added to saturate it. 

Water density was assumed to be equal to 1g/cm
3
 for the pore and bulk volume 

calculations. The total porosity of the sand matrix was then calculated by dividing pore 

volume by bulk volume. After water addition, the model was flooded with oil until 

residual water saturation was reached. Due to the high viscosity of the oil used, oil 

flooding was undertaken by placing the sand-pack model and the transfer vessel inside an 

oven at a temperature 60
o
C. Since the density of the oil used was higher than that of 

water, oil flooding was done in vertically upward direction to improve sweep efficiency. 

Oil flooding was normally done over a period of 48 hours. Finally, the produced water 
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was weighed and the corresponding volume was considered to be equal to the volume of 

oil in the model. The properties of the sand-pack matrix for all the experiments are 

presented in Table 1. The densities of oil and water were used to calculate their volumes. 

The ratio of the volume of oil to the pore volume was considered to be equal to oil 

saturation. Similarly, the ratio of the volume of water to the pore volume was considered 

to be equal to water saturation. All SAGD and ES-SAGD experiments in this study were 

carried out using dead oil with no initial gas saturation.   

 

Table 1: Properties of the Sand-Pack Matrix 

Test       

# 

Mass of Sand in 

the Model (g) 

Pore 

Volume (g) 

Mass of Oil in 

the Model (g) 

Initial Saturation (%) Porosity 

(%) Water Oil 

1 43570 7866 7287.59 9.161 90.839 32.7 

2 43752 7835 7262.5 9.116 90.884 32.5 

3 43388.2 7937.4 7414.47 8.411 91.589 33.0 

4 43669 7802.9 7275.46 8.579 91.421 32.4 

5 43377 7870.8 7155.82 10.858 89.142 32.7 

6 43316.2 7876.5 7290.76 9.243 90.757 32.7 

7 43260.7 7936.7 7378.77 8.844 91.156 33.0 

8 43347.3 7931.1 7453.63 7.854 92.146 32.9 

 

3.6 Pressurization of the Sand-Pack Model  

The oil saturated sand-pack model was placed inside the confining pressure jacket. 

Thereafter, the thermocouples in the model were connected to the automated data 

acquisition system and the annulus was filled with ceramic wool. Pressurization of the 

model was carried out by injecting nitrogen into the annulus, which also pushed de-

ionized water from the water transfer bottle into the sand-pack model. This ensured 
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pressure equilibrium between the inside and outside of the sand-pack model without 

incurring the risk of nitrogen encroachment into it. Given that the sand-pack model was 

originally saturated with incompressible fluids, the amount of water that was transferred 

into it from the water transfer bottle throughout the pressurization period was negligible. 

Maintaining pressure equilibrium between the inside and outside of the sand-pack model 

was pursued attentively to prevent the sand-pack model from being damaged. The 

nitrogen from the annulus pushed the water in the transfer bottle into the sand-pack 

model and the injection of nitrogen into the annulus continued until the desired operating 

pressure was achieved. Thereafter, the transfer vessel was isolated from the sand-pack 

model and an overburden pressure of 10-20 psi was applied. Finally, either Argon or 

helium was used to pressurize the bias bottles of the back pressure regulators (BPR’s), 

which in turn led to the pressurization of the downstream production string, separators 

and condensate traps until the desired operating was achieved. It should be noted that, 

throughout the experiment, the pressure in the annulus had to be maintained such that it 

was slightly higher than the steam/solvent injection pressure.  

 

3.7 Depressurization of the Sand-Pack Model 

The SAGD and ES-SAGD experiments were terminated by following the procedure 

outlined below in order to prevent the model from being damaged: 

 Electrical power for the both the pre-heater and steam generator was 

switched off while continuing to flow water through them to cool them 

down. 
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 Water flow rate was reduced gradually and was finally stopped when both 

the pre-heather and steam generator reached a safe temperature of around 

100
o
C or below. 

 While the sand-pack model was being cooled down, the domes of the 

back-pressure regulators were connected to the annulus through the 

control panel in order to prevent any damage to the sand-pack model 

during the cooling period. 

 After cooling the sand-pack model, annulus gas (nitrogen) was discharged 

via the purge valve while the bias bottles of the back pressure regulators 

were connected to the annulus. This allowed the pressure in the 

downstream production string, separators and condensate traps to be 

reduced automatically to the same level as the pressure in the annulus 

while the annulus was being depressurized.   

 Finally, the ceramic wool in the annulus was removed, and the 

depressurized sand-pack model was disconnected from the injection and 

production lines. 

 

3.8 Sampling of Produced Fluids 

The sampling techniques that were adopted for produced fluids throughout the SAGD 

and ES-SAGD experiments are described in the following sections. 
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3.8.1 Liquid Sampling for the SAGD Experiments 

For the SAGD experiments, the draining liquids including oil and steam condensate were 

collected in a pressurized visual separator before being withdrawn into glass containers. 

Liquid samples were periodically withdrawn from the visual separator throughout the life 

of the experiment. The pressure in the visual separator was regulated by means of a back 

pressure regulator, which was located in the downstream part of the experimental set-up 

in the gas discharge line. Make-up gas (nitrogen) was injected from a nitrogen supply 

bottle into the visual separator to prevent pressure reduction in the sand-pack model 

during the collection of the samples. Excess make-up nitrogen was vented out through the 

back pressure regulator to maintain the pressure inside the separator and thereby in the 

production well within the sand-pack model.  

 

3.8.2 Liquid Sampling for the ES-SAGD Experiments 

For the ES-SAGD experiments, two visual separators were used concurrently in order to 

collect the samples without causing any disruption as a result of the production of fluids 

from the sand-pack model. One separator was used to withdraw the produced fluid 

samples in glass bottles while keeping the other separator connected to the production 

line. As the produced fluids passed through the visual separators, the liquid part was 

trapped there. The produced gases continued to flow and were cooled further downstream 

as they passed through coiled tubes that were submerged in iced-water. Secondary traps 

were used to collect the condensed gases from the ES-SAGD process, if any, and the gas 

that did not condense was transferred to the gasometer system. The liquids collected in 
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the visual separators and condensate traps were withdrawn into glass containers 

periodically throughout the life of the experiment. 

 

3.8.3 Gas Sampling for the ES-SAGD Experiments 

As discussed above, the gases produced throughout the ES-SAGD experiment passed 

through coiled tubes that were submerged in iced-water to cool down and leave the 

condensed liquids behind. The remaining gases were then allowed to pass through the 

back pressure regulators, beyond which the gases expanded at atmospheric pressure. The 

volume of the expanded gases was then measured using two gasometers. A small sample 

of the expanded gases was sent every 30 minutes to the gas chromatograph system for 

quantitative gas analysis. 

 

3.9 Produced Liquid Samples Analysis 

3.9.1 Quantification of Water Content in the Produced Liquid Samples 

The produced liquid samples from the SAGD and ES-SAGD experiments included water 

and bitumen. However, the ES-SAGD experiments resulted in the production of diluted 

bitumen with varying amounts of solvent. Free water from the produced emulsion 

samples was removed and weighed before being disposed. The remaining oil-rich 

emulsion was then homogenized (using a high speed homogenizer) and around 50 grams 

of it was used to measure water content using Dean Stark Distillation as illustrated in 

Figure 39. Each emulsion sample was mixed with excess toluene before being transferred 

to a boiling flask which had boiling chips at the bottom to prevent sample bumping. The 

condensed water was collected in the trap, which was a graduated burette, while excess 
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condensed hydrocarbons flowed back into the flask. The overflow of water was avoided 

by withdrawing it into a sealed container though the tap underneath the burette. The 

extraction of water from the emulsion sample was terminated when the top of the boiling 

flask seemed perfectly transparent and no additional water droplets were formed.  The 

measured amount of water was then used to determine the amount of oil in the sample. 

 

 

 
Figure 39: Dean Stark Distillation 
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3.9.2 Dehydration of Produced Bitumen 

For the purpose of this study, water analysis was not considered and the impact of solvent 

co-injection on SAGD performance was investigated mainly based on bitumen analysis. 

The dehydration of bitumen by means of simple centrifugation, addition of chemical de-

emulsifiers and distillation is challenging and can potentially result in compositional 

changes and chemical alterations, thereby affecting the integrity of post-run fluid analysis 

which includes density, viscosity, asphaltene content and solvent recovery measurements. 

The produced bitumen samples from all the SAGD and ES-SAGD experiments in this 

study were dehydrated cautiously using anhydrous salt. The emulsion samples were 

mixed with magnesium sulphate (MgSO4) before being placed in a centrifugation cell. As 

a result, the emulsion broke and water molecules were adsorbed by MgSO4, thus forming 

a crystalline structure. The bitumen left behind was found to be water free. 

 

The dehydration process was initiated by withdrawing free water from the produced 

emulsion samples. Thereafter, water content in the remaining homogenized emulsion 

samples was measured as described in section 3.9.1. The corresponding number of moles 

of water was then calculated. Given that each mole of anhydrous MgSO4 attracts 7 moles 

of water, the weight of MgSO4 that was required to dehydrate the emulsion was 

calculated. To ensure complete emulsion dehydration, 1.5 times the calculated amount of 

anhydrous MgSO4 was used.  Around 100 grams of the emulsion was weighed and mixed 

with the proportional amount of anhydrous MgSO4 in a stainless steel centrifuge cell 

before being transferred into the centrifugation unit.  The emulsion-salt mixture was 

centrifuged for 2.5 hours at 7500 rpm and 50
o
C. The Karl Fischer coulometric titration 
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method was then used to ensure that the amount of water in the dehydrated bitumen 

sample was below 1% by weight. In this method, iodine is produced by electrolysis of the 

Karl Fischer reagent, and water content is then determined by measuring the amount of 

electricity required to produce iodine based on the quantitative reaction of the produced 

iodine with water in the emulsion sample. The dehydrated bitumen samples were then 

used to conduct density, viscosity and asphaltene content measurements. The viscosity 

and density of the dehydrated produced bitumen samples were measured using a Thermo 

Haake (VT 550) rheometer and an Anton Paar (DMA 5000) densitometer, respectively. 

 

3.9.3 Viscosity, Density and Asphaltene Content of Produced Bitumen 

The density, viscosity and asphaltene content of the dehydrated produced bitumen 

samples were measured to investigate the impact of solvent injection with steam on 

bitumen properties.  Viscosity was measured at three temperatures and density was 

measured at one temperature. Furthermore, asphaltene content analysis was carried out 

by placing a beaker and a filter paper in an oven for 1 hour and a desiccator for 2 hours to 

minimize moisture effects. A dehydrated bitumen sample of around 5 grams was then 

placed inside the beaker and mixed with approximately 200 ml of pentane using a stirring 

rod. This mixture was left for 2 hours to induce the precipitation of asphaltenes due to the 

dissolution of maltenes in pentane. Asphaltenes, which are not soluble in pentane, were 

separated by filtering the maltenes containing pentane through the moisture-free filter 

paper into another beaker. Pentane was used to remove the remaining traces of maltenes 

on the filter paper and the weight of the accumulated asphaltenes above filter paper was 

then recorded after allowing the pentane to evaporate. 
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3.9.4 Solvent Recovery 

The amount of solvent recovered in the liquid phase with bitumen was measured using 

Simulated Distillation (SimDis) which is a gas chromatography technique that separates 

hydrocarbon components based on their boiling points. The volume of the solvent 

produced in the vapour phase was measured periodically using two gasometers. Gas 

chromatography was utilized to analyse the composition of the produced gas every 30 

minutes throughout the life of the ES-SAGD experiments. The data from the gasometers 

and the gas chromatography system were used to determine the amount of solvent 

produced in the vapour phase. Total solvent recovery was then determined by adding the 

amount of solvent produced in the liquid phase to that produced in the vapour phase. 

 

3.9.5 Porous Media Analysis 

After depressurizing the model, the sand matrix was divided into three horizontal and five 

vertical segments, thus resulting in 15 distinct samples.  Oil was extracted from each 

sample in order to measure asphaltene content, water saturation and residual oil 

saturation within the entire sand matrix. Each sand matrix sample was weighed and 

separated into bitumen, water and sand by refluxing toluene using a Soxhlet extraction 

apparatus as illustrated in Figure 40. 

 

The sand matrix samples were loaded into a thimble made from thick filter paper and put 

inside the main chamber of the Soxhlet extractor. The Soxhlet extractor was then placed 

onto a flask containing anti-bumping granules at the bottom along with toluene which 

was used as the extraction solvent. The toluene vapour moved up into the Soxhlet 
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chamber housing the thimble and further up into the condenser after which it cooled and 

dripped down into the Soxhlet chamber. Co-distilled water and condensed toluene were 

continuously separated in a trap designed to recycle toluene through the extraction 

thimble, thereby dissolving the bitumen in the sand matrix sample, while retaining co-

distilled water in the trap. Bitumen in the thimble dissolved in warm toluene as time 

passed by and started dripping into the distillation flask. This process continued until 

bitumen-free toluene started dripping from the thimble into the distillation flask. Finally, 

a material balance approach was used to determine the physically-separated amounts of 

water, bitumen and sand. The weight of oil was determined from measured weights of the 

original sample, cleaned dry sand and collected water.  

 

 
Figure 40: Soxhlet extraction apparatus 
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Chapter Four: Experimental Results and Discussion 

This chapter describes the SAGD and ES-SAGD experiments that were conducted using 

a two-dimensional partially scaled physical model to investigate the potential benefits of 

solvent co-injection with steam. The main objective of each test, experimental procedure, 

results and conclusions are discussed in the following sections. 

 

4.1 Experiments 1 and 2 – Baseline SAGD Experiments 

Experiments 1 and 2 were conducted to ascertain the operability of the experimental set-

up discussed in Chapter 3. Only steam was injected using the SAGD injection well 

during these experiments to establish a SAGD baseline that can be compared with the 

subsequent ES-SAGD experiments. However, Experiment 1 accidently featured a small 

leak of nitrogen from the annulus into the sand-pack model that developed 100 minutes 

after the experiment was started. This leakage was caused by an inadequately tightened 

Swagelok fitting on the east side of the sand-pack model as shown in Figure 26. The 

impact of nitrogen inflow into the sand matrix was somewhat contained by keeping the 

steam injection pressure at the same level as the annulus pressure. Nitrogen leakage was 

not encountered during Experiment 2 which proceeded as planned with only steam being 

injected into the sand-pack model throughout the test.  The porosity, permeability, initial 

oil saturation and initial water saturation of the sand matrix for the two experiments were 

about 33%, 555 D, 91% and 9%, respectively. 
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4.1.1 Experimental Procedure 

For both of the experiments, steam injection was initiated at a rate of 0.2 cm
3
/min using 

the SAGD injection well due to the limited injectivity of steam into the sand-pack model. 

As the SAGD process progressed over time, steam injectivity improved, thereby reducing 

the pressure difference between the SAGD injection and production wells and allowing 

the sand-pack model to handle higher steam injection rates. The injected steam mobilized 

the bitumen in the inter-well region and the mobilized bitumen was produced through the 

production well along with steam condensate. Steam injection was increased gradually to 

compensate for heat loss to the annulus and to support the growth of the steam chamber. 

The settings of the pre-heater and the steam generator were adjusted accordingly 

throughout the experiments to ensure that steam was being injected into the sand-pack at 

superheated conditions.   

 

The pressure in the back pressure regulators for the two SAGD experiments was fixed at 

2100 kPa (absolute) and the steam injection rate was maintained such that the pressure 

difference between the injection and production wells remained at a reasonable level as 

shown in Figures 41 and 42.  It should be noted that the recorded pressure drop includes 

the pressure drop in the injection and production lines. The injection and production well 

pressures were recorded using pressure transducers. The pressure of the injection well 

was recorded using a pressure transducer located at the inlet of the pre-heater. On the 

other hand, the pressure of the production well was recorded using a pressure transducer 

located at the outlet of the condensate traps. There is a difference in pressure at the inlet 

of the pre-heater and the heel of the injection well due to the pressure drop that takes 
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place as the injected fluid passes through the pre-heater and steam generator. The 

injection well pressure can be recorded more accurately by relocating the pressure 

transducer from the inlet of the pre-heater to the heel of the injection well. Therefore, the 

pressure difference between the injection and production wells in Figures 41 and 42 

could be somewhat exaggerated because of the location of the injection well pressure 

transducer.  

 

The steam injection pressure was maintained at around 2100 kPaa for Experiments 1 and 

2. As shown in Figure 43, the annulus pressure for Experiment 1 was at balance with the 

steam injection pressure due to the leakage of nitrogen from the annulus into the sand-

pack model. The difference between the annulus and steam injection pressures was 

bigger during Experiment 2 as shown in Figure 44 and, to avoid any damage to the sand-

pack model, it was maintained below 40 psi (276 kPa). 
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Figure 41: Steam injection rate (CWE) and corresponding pressure difference 

between the SAGD injection and production wells for Experiment 1 

 

 

 
Figure 42: Steam injection rate (CWE) and corresponding pressure difference 

between the SAGD injection and production wells for Experiment 2 
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Figure 43: Annulus pressure and steam injection pressure for Experiment 1 

 

 

 

 

 

 

 
Figure 44: Annulus pressure and steam injection pressure for Experiment 2 
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As shown in Figures 45 and 46, for Experiments 1 and 2, steam at saturated conditions 

moved from the pre-heater into the steam generator to be further heated before being 

delivered to the heel of the injection well at superheated conditions. During the early 

times of the two SAGD experiments, steam injected into the sand-pack model was not at 

superheated conditions because steam injection rates were still rather low. As a result, the 

small volumes of injected steam cooled down as they moved towards the heel of the 

injection well. In spite of the variations in the steam injection pressures for Experiments 1 

and 2, the temperature of steam was sufficiently high to maintain superheated conditions 

beyond the SAGD start-up phase. This ensured that the steam injected into the sand-pack 

model had a100% quality.  

 

 

 
Figure 45: Temperature profiles at the outlet of the pre-heater and the heel of the 

injection well 

Saturated steam temperature at 2100 kPa 
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Figure 46: Temperature profiles at the outlet of the pre-heater and the heel of the 

injection well 

 

The variation of temperature along the length of the SAGD well pair was monitored 

throughout the life of the two experiments. This was done by means of three 

thermocouples mounted on the heel, mid-region and toe of each well. Figures 47 and 48 

present the temperature profiles for the injection and production wells during 

Experiments 1 and 2, respectively. The injection toe thermocouple for Experiment 1 

failed after 888 minutes beyond which it started generating incorrect temperature data. As 

expected, for the two experiments, the temperature along the injection well was always 

higher than that along the production well. The lower temperature along the production 

well can be attributed to the mixing of steam condensate, which has a temperature close 

to that of saturated steam, with the fluids draining to the production well from the sand 

matrix at lower temperatures.  

Saturated steam temperature at 2100 kPa 
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For both the injection and production wells, the heel and mid-region temperatures were 

close compared to the toe temperature which was lower. The highest temperature reached 

along the length of the production well was around 200
o
C for Experiment 1 and 160

o
C 

for Experiment 2. At a pressure of 2100 kPaa, this would suggest that no live steam was 

being produced throughout the life of the experiments.  Furthermore, it can be inferred 

from these plots that the production well in Experiment 1 was being somewhat pulled 

harder, thereby resulting in lower subcool levels, compared to Experiment 2. This can 

potentially accelerate oil drainage rates. Table 2 shows the isobaric properties of water at 

a pressure of 2.1 MPa. 

 

 

 
Figure 47: Temperature profiles along the SAGD well pair for Experiment 1 
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Figure 48: Temperature profiles along the SAGD well pair for Experiment 2 

 

 

Table 2: Isobaric Properties for Water at a Pressure of 2.1 MPa (NIST, 2012) 

Temperature (
o
C) Density (kg/m

3
) Viscosity (cP) Phase 

200 865.07 0.13445 liquid 

205 859.05 0.13097 liquid 

210 852.88 0.12765 liquid 

214.86 846.72 0.12457 liquid 

214.86 10.533 0.016231 vapor 

215 10.528 0.016237 vapor 

250 9.4616 0.017838 vapor 

 

 

4.1.2  Results  

The produced fluids and porous media from Experiments 1 and 2 were analysed 

extensively to evaluate SAGD performance. The oil drainage profiles for Experiments 1 

and 2 are presented in Figure 49. For Experiments 1 and 2, the rate of oil drainage 
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increased initially due to the rise of the steam chamber during what is normally referred 

to as the ramp-up phase of the SAGD process. Thereafter, the rate of oil drainage hovered 

around 2-4.5 g/min for a while and started declining slowly before increasing 

dramatically towards the end of Experiments 1 and 2.  The fluctuations in the rate of oil 

drainage throughout the SAGD experiments were due to operating disturbance in relation 

to steam injection rates as shown in Figures 50 and 51. Steam injection rates for 

Experiments 1 and 2 were increased significantly near the end of the Experiments 1 and 2 

to compensate for heat loss to the annulus and to support the growing steam chamber. 

This increase in steam injection rates was carried on without encountering a significant 

difference in pressure between the injection and production well, as shown in Figures 52 

and 53, which implied that the sand-pack model was able to handle increased amounts of 

steam. The injected steam pushed the already mobile oil within the sand-pack model 

toward the production well and mobilized additional oil by means of heat transfer, 

thereby increasing oil drainage rates significantly.   

 

The fluctuation in the rate of oil drainage can also be attributed to fluid sampling from the 

visual separator throughout the experiment which resulted in pressure-drops in the 

production well as shown in Figures 61 and 62. These pressure drops were compensated 

for immediately after sampling was over using make-up gas. Although pressure-drops 

took place over limited time intervals in the range of one minute, they resulted in higher 

oil drainage rates due to the production of accumulated liquid over the production well 

and possibly due to the flashing of the steam and solvent condensate within the porous 
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medium which provided an additional driving force to push the mobilized bitumen 

towards the production well. 

 

 
Figure 49: Oil drainage rate for Experiments 1 and 2 



90 

 

Figure 50: Oil drainage and steam injection rates for Experiment 1 

 

 

 
Figure 51: Oil drainage and steam injection rates for Experiment 2 
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Figure 52: Oil drainage rate and pressure difference between the injection and 

production wells for Experiment 1 

 

 
Figure 53: Oil drainage rate and pressure difference between the injection and 

production wells for Experiment 2 
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Figure 54: Oil drainage rate and production well pressure for Experiment 1  

 

 
Figure 55: Oil drainage rate and production well pressure for Experiment 2 
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The temperature profiles for Experiments 1 and 2 were analysed as a function of time as 

shown in Figure 56. Furthermore, to account for variations in steam injection rates, the 

temperature profiles for Experiments 1 and 2 were analysed as a function of cumulative 

injected steam as shown in Figure 57. The trend of steam chamber growth in Figures 56 

and 57 is very similar. The effective temperature of the steam chamber in Experiment 1 

was lower than that of Experiment 2, possibly due to the leakage of limited amounts of 

nitrogen from the annulus into the sand-pack model, which may have reduced the partial 

pressure of steam. Furthermore, it can be noticed from Figures 56 and 57 that the steam 

chamber of Experiment 1 was less symmetrical than that of Experiment 2, perhaps as a 

result of the leakage of nitrogen at the east-side of the sand-pack model, which could 

have prompted the movement of steam toward the west-side. The asymmetrical shape of 

the steam chamber in Experiment 1 can also be attributed to some variations in the 

porous medium in spite of all the attempts that were undertaken to make it homogenous 

during the packing of the sand-pack matrix.  

 

The energy efficiency of the SAGD process deteriorated toward the end of the SAGD 

process during Experiments 1 and 2. The contact area between the steam chamber and the 

annulus increased as the steam injection continued over time, thereby causing more heat 

loss as shown in terms of cumulative steam oil ratio in Figures 58 and 59 which confirm 

that Experiment 1 was relatively more energy efficient than Experiment 2. Heat loss to 

the annulus in the physical model used is similar to heat loss to the reservoir overburden 

in the field.  
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Figure 56: Temperature profiles for Experiments 1 and 2 using 80 thermocouples in 

the middle plane of the sand-pack model as a function of time 
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Figure 57: Temperature profiles for Experiments 1 and 2 using 80 thermocouples in 

the middle plane of the sand-pack model as a cumulative injected steam 
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Figure 58: Cumulative steam oil ratio for Experiments 1 and 2 versus time 

 

 

 
Figure 59: Cumulative steam oil ratio for Experiments 1 and 2 versus cumulative 

injected steam 
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The instantaneous steam oil ratio (iSOR) for Experiments 1 and 2 increased progressively 

towards the end of the SAGD process as shown in Figures 60 and 61. As expected, these 

figures indicate that instantaneous steam oil ratio is inversely proportional to the rate of 

oil drainage. Furthermore, in spite of the variation in the steam injection rates, cumulative 

injected steam for Experiments 1 and 2 was found to be similar as shown in Figure 62. 

Nevertheless, as shown in Figure 63, plotting cumulative produced oil versus cumulative 

injected steam suggests that, using the same amount of steam, Experiment 1 was more 

effective at mobilizing oil. This can possibly be due to the invasion of some nitrogen into 

the sand-pack model during Experiment 1 after 100 minutes of the run time elapsed. The 

presence of a small amount of nitrogen might have assisted in reducing the effective 

temperature within the sand-pack model by reason of partial pressure effects, thereby 

enhancing the thermal efficiency of the process. Furthermore, nitrogen might have 

assisted in the mobilization of the steam-exposed bitumen towards the SAGD production 

well. However, the performance of Experiments 1 and 2 in terms of cumulative oil 

produced and cumulative injected steam became similar as time passed by possibly due 

to the reduction in the nitrogen-related effects because the steam injection pressure was 

maintained as the same level as the annulus pressure. 

 

The original mass of oil in the sand-pack matrix for Experiments 1 and 2 was 7287.59g 

and 7262.5, respectively. Figure 64 shows how the oil recovery factor for the two SAGD 

experiments varied with time. From this figure, it can be noticed that the oil recovery 

factor for Experiment 1 was slightly higher than that of Experiment 2.  
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Figure 60: Oil drainage rate and instantaneous steam oil ratio for Experiment 1 

 

 

 
Figure 61: Oil drainage rate and instantaneous steam oil ratio for Experiment 2 
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Figure 62: Cumulative injected steam versus time for Experiments 1 and 2 

 

 
Figure 63: Cumulative produced oil versus cumulative injected steam for 

Experiments 1 and 2 
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Figure 64:  Oil recovery factor versus time for Experiments 1 and 2 

After depressurizing the sand-pack model, the depleted sand-matrix was divided into 

three horizontal and five vertical segments, thus resulting in 15 distinct samples as shown 

in Figure 65. As described in Chapter 3, oil was extracted from each sand-matrix sample 

in order to measure asphaltene content, water saturation and residual oil saturation.  

 

For Experiment 1, the initial oil and water saturations were 90.8% and 9.2%, 

respectively. The residual oil and water saturations for the depleted sand-pack matrix 

from Experiment 1 are presented in Table 3. Furthermore, contour maps for the residual 

oil and water saturations were generated as shown in Figures 66 and 67. Figure 66 shows 

that residual oil saturation for Experiment 1 was lower within the east side of the model 

(as shown in Figure 26) due to its proximity to the source of nitrogen leakage into the 

sand-pack model. The nitrogen from the annulus pushed mobile bitumen from the east 
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side of the sand-pack model to the SAGD production well and reduced residual oil 

saturation.   

 

 
Figure 65: Sand-matrix sample locations 

 

 

Table 3: Residual oil and water saturation for Experiment 1 

Sand-Matrix 

Sample # 

Oil Concentration 

(g/100g of sand)  

Water Concentration 

(g/100g of sand) 

Residual Oil  

Saturation (%) 

Residual Water 

Saturation (%) 

1-1 10.82 0.51 58.78 2.81 

1-2 11.41 1.33 61.99 7.38 

1-3 1.91 0.85 10.40 4.71 

1-4 2.29 0.74 12.42 4.12 

1-5 2.60 0.89 14.11 4.94 

2-1 13.53 0.38 73.46 2.10 

2-2 7.84 1.05 42.57 5.83 

2-3 2.03 0.28 11.01 1.59 

2-4 3.40 1.43 18.49 7.90 

2-5 2.94 1.41 15.98 7.79 

3-1 14.14 0.79 76.79 4.39 

3-2 10.88 0.76 59.07 4.19 

3-3 12.89 1.32 69.99 7.29 

3-4 16.07 1.22 87.28 6.74 

3-5 14.99 1.34 81.41 7.41 
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Figure 66: Residual oil saturation within the depleted sand-matrix for Experiment 1 

 

 

 
Figure 67: Water saturation within the depleted sand-matrix for Experiment 1 
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For Experiment 2, the initial oil and water saturations were 90.9% and 9.1%, 

respectively. The residual oil and water saturations for the depleted sand-pack matrix 

from Experiment 2 are presented in Table 4. Furthermore, contour maps for the residual 

oil and water saturations were generated as shown in Figures 68 and 69. 

 

 

Table 4: Residual oil and water saturation for Experiment 2 

Sand-Matrix 

Sample # 

Oil Concentration 

(g/100g of sand)  

Water Concentration 

(g/100g of sand) 

Residual Oil  

Saturation (%) 

Residual Water 

Saturation (%) 

1-1 4.71 1.31 25.79 7.34 

1-2 2.42 1.52 13.23 8.47 

1-3 1.19 1.22 6.49 6.81 

1-4 1.59 1.71 8.71 9.57 

1-5 3.42 1.38 18.73 7.71 

2-1 15.55 0.50 85.14 2.77 

2-2 7.29 1.87 39.90 10.46 

2-3 2.63 1.04 14.41 5.82 

2-4 6.22 1.52 34.07 8.47 

2-5 11.39 1.38 62.38 7.70 

3-1 15.99 0.68 87.54 3.82 

3-2 14.63 1.32 80.09 7.37 

3-3 9.53 2.49 52.17 13.93 

3-4 13.45 1.43 73.62 7.99 

3-5 16.09 1.48 88.08 8.25 
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Figure 68: Residual oil saturation within the depleted sand matrix for Experiment 2 

 

 

 

 
Figure 69: Water Saturation within the depleted sand-matrix for Experiment 2 
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Laboratory analysis of the depleted sand matrix for Experiments 1 and 2 showed that 

residual oil saturation varies from one region to another depending on the extent of the 

steam chamber growth. Residual oil saturation was found to be low in the regions that 

were swept by the steam chamber and much higher in the lower corners of the sand 

matrix. The lowest values for residual oil saturation for Experiments 1 and 2 were found 

in upper middle region of the sand matrix (i.e. region 1-3) and the highest values were 

found in the lower right corner (i.e. region 1-5). For Experiment 1, the lowest and highest 

values for residual oil saturation were 10.4% and 87.28%, respectively. As for 

Experiment 2, the lowest and highest values for residual oil saturation were 6.49% and 

88.08%, respectively. For Experiment 1, the lowest and highest values for water 

saturation within the depleted sand matrix were 1.59% and 7.9%, respectively. On the 

other hand, for Experiment 2, the lowest and highest values for water saturation within 

the depleted sand matrix were 2.77% and 13.93%, respectively. The amount of water that 

was injected from the water transfer bottle to pressurize the sand-pack model during 

Experiments 1 and 2 was around 290g. The amount of produced water during the 

blowdown phase after the depressurization of the sand-pack model was over was 350g 

and 345g for Experiments 1 and 2, respectively. Both Experiments 1 and 2 were operated 

consistently with minimal fluid losses. As shown in Figures 70 and 71, cumulative 

injected steam and cumulative produced water were at balance throughout life of 

Experiments 1 and 2. The minor difference between the cumulative injected steam and 

cumulative produced water can be attributed to the amount of water retained within the 

sand matrix as well as the amount of water that was injected to pressurize the sand-pack 

model.  
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Figure 70: Cumulative injected steam and cumulative produced water for 

Experiment 1 

 

 

 

 

 
Figure 71: Cumulative injected steam and cumulative Produced water for 

Experiment 2 
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The amount of asphaltene (toluene soluble and pentane insoluble) in the oil from the 

depleted sand matrix from Experiments 1 and 2 was measured experimentally using the 

procedure described in Chapter 3 and the results are presented in Tables 5 and 6.  

Furthermore, contour maps for asphaltene content within the depleted sand matrix for 

Experiments 1 and 2 were generated as shown in Figures 72 and 73. Asphaltene content 

in the original oil that was used to saturate the sand-pack model for Experiments 1 and 2 

was around 23.4% and 23.1%, respectively.  

 

 It was noticed that the upper middle regions of the sand matrix (i.e. regions 1-3 and 2-3) 

tend to contain higher fractions of asphaltene compared to the other regions. This can 

possibly be due to the relatively higher temperatures in these regions during the SAGD 

process, which could have resulted in the evaporation of light ends from the residual oil. 

The maximum fraction of asphaltene within the depleted sand matrix for Experiments 1 

and 2 was 29.44% and 24.21%, respectively. The precipitation of asphaltene upgrades the 

produced oil but makes the sand matrix more susceptible to asphaltene deposition. The 

deposition of the precipitated asphaltene by means of adsorption on the pore surfaces 

within the sand matrix can potentially plug the pore throats and reduce effective 

permeability which, in extreme cases, can lead to formation damage. Reduced effective 

permeability in the vicinity of the SAGD production well can be disadvantageous 

because it reduces the productivity index and restricts the drainage of the mobilized 

bitumen and the condensed steam.  
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Table 5: Asphaltene content within the depleted sand-matrix oil from Experiment 1 

Sand-Matrix Sample # Asphaltene Fraction (%) 

1-1 21.9 

1-2 21.7 

1-3 24.4 

1-4 20.6 

1-5 21.5 

2-1 22.1 

2-2 22.2 

2-3 29.4 

2-4 21.3 

2-5 22.0 

3-1 23.2 

3-2 23.3 

3-3 22.2 

3-4 23.4 

3-5 22.5 

Original Bitumen 23.4 

 

 

Table 6: Asphaltene content within the depleted sand matrix oil from Experiment 2 

Sand-Matrix Sample # Asphaltene Fraction (%) 

1-1 22.2 

1-2 20.7 

1-3 24.2 

1-4 20.3 

1-5 22.8 

2-1 23.0 

2-2 22.7 

2-3 24.0 

2-4 21.8 

2-5 21.6 

3-1 23.9 

3-2 20.8 

3-3 23.3 

3-4 23.7 

3-5 21.8 

Original Bitumen 23.1 
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Figure 72: Asphaltene content within the depleted sand matrix for Experiment 1 

 

 

 
Figure 73: Asphaltene content within the depleted sand matrix for Experiment 2 
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The density and viscosity of the dehydrated produced oil from Experiments 1 and 2 were 

measured and the results are presented in Figures 74 and 75. For Experiment 1, at a 

temperature of 20
o
C, the density increased from an original value of 1.0189 g/cm

3
 to a 

maximum value of 1.0341 g/cm
3
 and remained around 1.03 g/cm

3 
during the remainder 

of the experiment. The higher than original oil density probably resulted from the loss of 

light ends in the high temperature separator and during the withdrawal of the produced 

fluids into the glass bottles. A similar trend was noticed using the density of the 

dehydrated produced oil from Experiment 2, at a temperature of 20
o
C, wherein the 

density increased from an original value of 1.0245 g/cm3 to a maximum value of 1.0296 

g/cm
3
 and continued to increase and decrease cyclically until it reached a value of 1.0296 

g/cm
3
 again towards the end of the experiment. The viscosity of the dehydrated produced 

oil from Experiments 1 and 2 was measured at 50
o
C. As shown in Figures 74 and 75, the 

viscosity profiles of the produced oil from Experiments 1 and 2 featured a higher degree 

of fluctuation with time relative to density. It is worth mentioning that, for Experiment 1, 

variation in density and viscosity was more pronounced in comparison with Experiment 2 

particularly at early times. The nitrogen that leaked from the annulus into the sand-pack 

model during Experiment 1 stripped some of the light ends in the bitumen in the high 

temperature separator, thereby increasing bitumen density and viscosity.   

 

The amount of asphaltene (toluene soluble and pentane insoluble) in the original oil that 

was used to saturate the sand-pack model for Experiments 1 and 2 was around 23.4% and 

23.1%, respectively. Asphaltene content in the dehydrated produced oil was measured 

experimentally using the procedure described in Chapter 3. The maximum difference in 
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asphaltene fraction between produced and original oil for Experiments 1 and 2 was 0.4% 

and 0.9%, respectively. The trend of asphaltene variation with time was similar for 

Experiments 1 and 2. Asphaltene content continued to increase with time until it reached 

a maximum value of 24.6% and 24.0% for Experiments 1 and 2, respectively. Thereafter, 

as shown in Figures 76 and 77, asphaltene content in the dehydrated produced oil 

samples started to decrease.  For Experiment 1, the relatively significant increase in 

asphaltene content to 24.6% can be attributed to the stripping of the light ends from the 

produced bitumen as a result of nitrogen leakage into the sand-pack model, which was 

produced with the oil and vented from the separator. The variation in asphaltene fraction 

in produced oil throughout Experiments1 and 2 is presented in Tables 7 and 8.  

 

 
Figure 74: Density of viscosity of produced oil from Experiment 1 
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Figure 75: Density of viscosity of produced oil from Experiment 2 

 

 

 
Figure 76: Asphaltene content in the dehydrated produced oil from Experiment 1 
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Figure 77: Asphaltene content in the dehydrated produced oil from Experiment 2 

 

 

Table 7: Asphaltene Content in produced oil for Experiment 1 

Time (min)  Asphaltenes Fraction (%) 

0 23.4 

235.1 24.6 

585.5 23.9 

959.1 23.8 

996.4 23.8 

 

 

Table 8: Asphaltene Content in produced oil for Experiment 2 

Time (min)  Asphaltenes Fraction (%) 

0 23.1 

360.5 23.1 

744.6 24.0 

844.9 23.2 

927.3 23.1 
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4.2 Experiments 3, 4 and 5 – ES-SAGD Using Cracked Naphtha  

Experiments 3, 4 and 5 were conducted to investigate the impact of co-injecting different 

amounts of cracked naphtha with steam to enhance SAGD performance. Cracked naphtha 

is a multicomponent solvent that is readily available as a by-product of the Nexen Long 

Lake upgrader. Nexen currently uses cracked naphtha to blend produced bitumen to make 

it appropriate for pipeline transportation. The composition of the gas condensate used in 

this study is presented in Table 27. The sand-pack model for three cracked Naphtha ES-

SAGD experiments was filled with high permeability Ottawa sand, de-ionized water and 

Long Lake oil. The porosity, permeability, initial oil saturation and initial water 

saturation of the sand matrix for Experiments 3, 4 and 5 and the baseline SAGD 

experiments were reasonably consistent as shown in Table 1.  Both water and cracked 

naphtha were pumped at the desired flow rates using two constant-flow ISCO pumps. 

Thereafter, water and cracked naphtha were mixed before passing through the pre-heater 

and steam generator toward the heel of the SAGD injection well.  

 

4.2.1 Experimental Procedure 

All the cracked naphtha ES-SAGD experiments were initiated by co-injecting steam and 

solvent into the sand-pack model at a rate of 0.2 cm
3
/min using the SAGD injection well. 

Low injection rates were used initially due to limited fluid injectivity into the sand-pack 

model at the early stages of the experiments. As time passed, fluid injectivity improved 

and the sand-pack model was able to handle higher fluid injection rates without showing 

significant pressure differences between the injection and production wells. Steam and 

solvent injection was increased gradually to compensate for heat loss to the annulus and 
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to continue supporting the growth of the vapour chamber. The power settings of the pre-

heater and steam generator were adjusted accordingly throughout all the experiments to 

ensure that steam was being injected into the sand-pack model at superheated conditions. 

The injection of solvent with steam enhanced the mobilization of bitumen in the inter-

well region, thereby accelerating the injection of steam and solvent into the sand-pack 

model. 

 

Cracked naphtha concentration in the injected steam-solvent mixture was 10, 15 and 5 

vol% for Experiments 3, 4 and 5, respectively. The steam and solvent injection rates 

throughout Experiments 3, 4 and 5 are presented in Figures 78, 79 and 80, respectively. 

The pressure in the back pressure regulators for the three cracked naphtha ES-SAGD 

experiments was fixed at 2100 kPa and the steam and solvent injection rates were 

maintained such that the pressure difference between the injection and production wells 

remains at a reasonable level throughout the life of the experiments. The pressure 

difference between the injection and production wells for Experiments 3, 4 and 5 are 

presented in Figures 81, 82 and 83, respectively. It can be noticed from Figure 82 that for 

Experiment 4, the pressure difference between the injection and production wells was 

high. The high temperature in the steam generator during Experiment 4 resulted in some 

cracking of the naphtha which led to the formation of coke residue within the steam 

generator. As a result, the flow of steam and cracked naphtha through the steam generator 

was somewhat restricted and, to overcome this problem, the injection pressure had to be 

increased.   It should be kept in mind that the measured pressure difference includes the 

pressure drop in the steam generator. 
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The pressure of the production well for all the cracked naphtha ES-SAGD experiments 

was recorded using a pressure transducer located at the outlet of the condensate traps. For 

Experiments 3 and 4, the pressure of the injection well was recorded using a pressure 

transducer located at the inlet of the pre-heater. There is a difference in pressure at the 

inlet of the pre-heater and the heel of the injection well due to the pressure drop that takes 

place as the injected fluid passes through the pre-heater and steam generator. To address 

this issue, for Experiment 5 and all the subsequent experiments, the pressure of the 

injection well was recorded using a pressure transducer at the outlet of the steam 

generator wherein steam was at superheated conditions. 

 

The steam-solvent injection pressure was maintained at around 2100 kPa throughout 

Experiments 3 and 5. However, due to the abovementioned problem in relation to the 

formation of coke residue within the steam generator, the steam-solvent injection 

pressure for Experiment 4 was higher compared to Experiments 3 and 5. The injection 

pressure in Experiment 4 remained below or close to the annulus pressure until around 

540 minutes of the experiment time elapsed, beyond which injection pressure remained 

above the annulus pressure. For Experiments 3 and 5, the annulus pressure was 

maintained above the steam-solvent injection pressure and the difference between the two 

pressures was not allowed to exceed 40 psi (276 kPa) to avoid any damage to the sand-

pack model. The steam-solvent injection pressures and the corresponding annulus 

pressures for Experiments 3, 4 and 5 are shown in Figures 84, 85 and 86, respectively.  

 

 



117 

 

 
Figure 78: Steam and solvent injection rates for Experiment 3 

 

 

 

 
Figure 79: Steam and solvent injection rates for Experiment 4 
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Figure 80: Steam and solvent injection rates for Experiment 5 

 

 

 
Figure 81: Pressure difference between the SAGD injection and production wells for 

Experiment 3 
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Figure 82: Pressure difference between the SAGD injection and production wells for 

Experiment 4 

 

 

 
Figure 83: Pressure difference between the SAGD injection and production wells for 

Experiment 5 
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Figure 84: Annulus and steam injection pressures for Experiment 3 

 

 

 
Figure 85: Annulus and steam injection pressures for Experiment 4 
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Figure 86: Annulus and steam injection pressures for Experiment 5 

 

As shown in Figures 87, 88 and 89, for all the cracked naphtha ES-SAGD experiments, 

the injectant was heated in the pre-heater to saturated steam temperature before passing 

through the steam generator to be further heated to superheated steam conditions. For 

Experiment 5, the thermocouple at the outlet of the pre-heater was lost after 310 minutes 

of elapsed time.  During the early times of the three cracked naphtha ES-SAGD 

experiments, steam and solvent were not injected into the sand-pack model at saturated 

steam conditions because they were injected at low rates. Consequently, the small 

volumes of the injected steam and solvent cooled down as they moved towards the heel 

of the injection well. In spite of the variations in the steam injection pressures during 

Experiments 3, 4 and 5, the temperature of the injectant was sufficiently high to maintain 
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superheated steam conditions beyond the start-up phase of the process, thereby ensuring 

the steam injected into the sand-pack model had a 100% quality.  

 

Temperature variation along the length of the SAGD production and injection wells was 

monitored throughout the life of the three cracked naphtha ES-SAGD experiments using 

three thermocouples mounted on the heel, mid-region and toe of each well. The 

temperature profiles for the injection and production wells throughout Experiments 3, 4 

and 5 are presented in Figures 90, 91 and 92, respectively. As shown in Figure 90, the 

mid-region thermocouple of the production well was lost during Experiment 3. For all the 

experiments the temperature along the injection well was always higher than that of the 

production well due to the drainage of fluids at lower temperatures towards the 

production well. The heel and mid-region temperatures for both the injection and 

production wells were close compared to the toe temperature which was constantly 

lower. The temperature along the production well was relatively higher during 

Experiment 5 due to the relocation of the pressure logging point for the injection well 

which allowed the steam-solvent injection rates to be increased to higher levels relative to 

the previous experiments.  
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Figure 87: Temperature profiles at the outlet of the pre-heater and the heel of the 

injection well for Experiment 3 

 

 

 
Figure 88: Temperature profiles at the outlet of the pre-heater and the heel of the 

injection well for Experiment 4 

Saturated steam temperature at 2100 kPa 

Saturated steam temperature at 2100 kPa 
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Figure 89: Temperature profiles at the outlet of the pre-heater and the heel of the 

injection well for Experiment 5 

 

 

 
Figure 90: Temperature profiles along the SAGD well pair for Experiment 3 

Saturated steam temperature at 2100 kPa 
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Figure 91: Temperature profiles along the SAGD well pair for Experiment 4 

 

 
Figure 92: Temperature profiles along the SAGD well pair for Experiment 5 
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4.2.2  Results  

The produced fluids and porous media from Experiments 3, 4 and 5 were analysed 

extensively to evaluate the impact of injecting different amounts of cracked naphtha on 

SAGD performance. Experiment 2 was used as a baseline for SAGD because, as 

discussed earlier, Experiment 1 featured a leakage of nitrogen from the annulus to the 

sand-pack model. The solvent-free oil drainage rates for Experiments 2, 3, 4 and 5 are 

presented in Figure 93.  

 

 
Figure 93: Oil drainage rates for the baseline SAGD and cracked naphtha ES-

SAGD experiments 
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The fluctuations in the oil drainage rates in Figure 93 were due to operating disturbances 

in relation to steam-solvent injection rates and fluid sampling from the visual separators 

during the experiments which results in pressure drops in the production well as shown in 

Figures 94 through to 96. The steam-solvent injection rates were increased progressively 

with time to compensate for heat loss to the annulus and to support the growth of the 

steam chamber.  The pressure drops due to fluid sampling were compensated for 

immediately after sampling was over using make-up gas. Although pressure-drops took 

place over limited time intervals in the range of one minute, they resulted in higher oil 

drainage rates due to the production of accumulated liquid over the production well and 

possibly due to the flashing of the steam and solvent condensate within the porous 

medium which provided an additional driving force to push the mobilized bitumen 

towards the production well. 

 

 
Figure 94: Oil drainage rate and production well pressure for Experiment 3 
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Figure 95: Oil drainage rate and production well pressure for Experiment 4 

 

 

 
Figure 96: Oil drainage rate and production well pressure for Experiment 5 
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The cumulative injected steam per unit time for the cracked naphtha ES-SAGD 

experiments was not the same as shown in Figure 97. In terms of the cumulative amount 

of the injected steam per unit time, Experiment 5 ranked first, followed by Experiments 

2, 4 and 3, respectively.  Experiment 5 was operated more aggressively by increasing the 

injectant flow rates at a faster pace relative to the other experiments. The trend of 

cumulative injected steam as a function of time was very much similar for Experiments 3 

and 4. Figure 98 shows the cumulative injected solvent for Experiments 3, 4 and 5. In 

terms of the cumulative amount of the injected solvent per unit time, Experiment 4 

ranked first, followed by Experiments 3 and 5, respectively. To normalize the variation in 

steam and steam-solvent injection rates for the SAGD and ES-SAGD experiments, 

cumulative solvent-free produced oil was plotted versus cumulative injected steam as 

shown in Figure 99 which clearly shows that the co-injection of cracked naphtha with 

steam allows more oil to be drained using lower amounts of steam. The trend of 

cumulative produced oil versus cumulative injected steam for Experiments 3 and 4 was 

somewhat similar; however, it seems that Experiment 3 with 10 vol% of cracked naphtha 

outperformed all other experiments (i.e. Experiments 2, 4 and 5). 

 

In conventional SAGD, during the start-up phase, the injection and production wells are 

heated by steam circulation to reduce the viscosity of the bitumen between them until 

inter-well communication is established.  It can be noticed from Figure 93 that co-

injecting cracked naphtha at the early stages of the SAGD process can potentially 

accelerate the start-up phase even when only 5 vol% of cracked naphtha is used. The 

SAGD wells are normally switched from a circulation mode of operation to a SAGD 
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mode of operation when the viscosity in the inter-well region is between 600-1200 cp and 

this can be achieved sooner by co-injecting cracked naphtha with steam due to the 

synergy of heat and mass transfer processes.  

 

Figure 99 shows that the impact of solvent addition is more pronounced in the beginning 

of the drainage process. In fact, the slopes of cumulative produced oil versus cumulative 

injected steam are nearly the same after 4000 ml of steam injection. Therefore, it is 

apparent that solvent co-injection has to be initiated early in the process. In addition to 

faster SAGD start-up, co-injecting cracked naphtha at earlier times can be beneficial due 

to the following reasons: 

 

 The angle of the SAGD drainage slope becomes flatter as time passes by 

due to the lateral growth of the steam chamber. The formation of a slower 

moving bitumen-solvent layer on the interface of the steam chamber 

impedes the interaction between the injected solvent and the bitumen. This 

can potentially lead to the short-circuiting of the injected solvent into the 

producer, thereby reducing oil drainage rate and the surface area available 

for solvent-bitumen interaction. 

 

 Starting solvent co-injection earlier extends the solvent-bitumen contact 

time and this consequently increases the solvent penetration depth into the 

bitumen. 
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 As the steam chamber matures, the oil becomes mobile enough by heating, 

and this reduces the relative usefulness of solvent co-injection to further 

increase oil mobility.  

 

 Early solvent injection allows more time for the solvent to reduce 

interfacial tension and residual oil saturation in the area swept by the 

steam chamber. 

 

 
Figure 97: Cumulative injected steam versus time for the baseline SAGD and the 

cracked naphtha ES-SAGD experiments 
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Figure 98: Cumulative injected solvent versus time for the baseline SAGD and the 

cracked naphtha ES-SAGD experiments 

 

 
Figure 99: Cumulative produced oil versus cumulative injected steam for the 

baseline SAGD and cracked naphtha ES-SAGD experiments 
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The temperature profiles for all the cracked naphtha ES-SAGD experiments were 

analysed based on cumulative produced oil to account for variations in the injectant flow 

rates as shown in Figures 100 through to 107. These temperature profiles suggest that the 

same amount of oil can be produced using ES-SAGD with cracked naphtha while having 

a much smaller high temperature zone with the sand matrix due to the synergy of heat 

and mass transfer processes. The steam chamber in the SAGD case reached the top of the 

sand-pack matrix at a much faster rate compared to the cracked naphtha ES-SAGD cases 

and started losing heat to the annulus. The contact area between the steam chamber and 

the top of the bitumen pay within the sand-pack model was bigger in the SAGD case 

compared to all the cracked naphtha ES-SAGD cases. This resulted in more heat loss, 

thereby making SAGD less energy efficient. The effective temperature within the steam 

chamber was lower during the cracked naphtha ES-SAGD experiments than the baseline 

SAGD experiment, even when only 5 vol% of cracked naphtha was co-injected,  thereby 

reducing the heat loss to the annulus. The amount of steam required to produce the same 

amount of oil was much lower in all the cracked naphtha ES-SAGD cases compared to 

the baseline SAGD case, even when only 5 vol% of cracked naphtha was used. The 

performance of Experiments 3 and 4 was similar. Experiment 4 outperformed Experiment 

3 initially since it consumed lower amounts of steam to produce the same amount of oil. 

However, as the amount of produced oil increased beyond 2000g, Experiment 3 became 

more energy efficient and outperformed Experiment 4.  
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Figure 100: Temperature profiles of conventional SAGD and cracked naphtha ES-

SAGD at cumulative produced oil of 500 g 

 

 
Figure 101: Temperature profiles of conventional SAGD and cracked naphtha ES-

SAGD at cumulative produced oil of 1000 g 
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Figure 102: Temperature profiles of conventional SAGD and cracked naphtha ES-

SAGD at cumulative produced oil of 1500 g 

 

 
Figure 103: Temperature profiles of conventional SAGD and cracked naphtha ES-

SAGD at cumulative produced oil of 2000 g 
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Figure 104: Temperature profiles of conventional SAGD and cracked naphtha ES-

SAGD at cumulative produced oil of 2500 g 

 

 

 
Figure 105: Temperature profiles of conventional SAGD and cracked naphtha ES-

SAGD at cumulative produced oil of 3000 g 
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Figure 106: Temperature profiles of conventional SAGD and cracked naphtha ES-

SAGD at cumulative produced oil of 3200 g 

 

 

 
Figure 107: Temperature profiles of conventional SAGD and cracked naphtha ES-

SAGD at cumulative produced oil of 3400 g 
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The results shown in Figures 100 through to 107 suggest that co-injecting cracked 

naphtha can extend the economic window for SAGD, by allowing oil drainage to 

continue at lower steam oil ratios, particularly in the presence steam thief zones such as 

top water underneath the reservoir overburden. The energy efficiency of the baseline 

SAGD and cracked naphtha ES-SAGD cases deteriorated with time as the contact area 

between the steam chamber and the annulus continued to increase, thereby causing more 

heat loss. Heat loss to the annulus in the physical model is similar to heat loss to the 

reservoir overburden in the field. Figures 108 and 109 show the cumulative steam oil 

ratio (cSOR) for all the cracked naphtha ES-SAGD experiments relative to the baseline 

SAGD experiment as a function of time and cumulative injected steam to normalize the 

operational variations in the injection rates. According to these figures, the cSOR values 

for Experiments 3 and 4 were similar and lower than those for Experiments 2 and 5. Even 

with only 5 vol% of cracked naphtha, ES-SAGD had a lower cSOR than SAGD. As 

expected, the instantaneous steam oil ratio (iSOR) for Experiments 3, 4 and 5 increased 

as time passed by as shown in Figure 110. The original mass of oil in the sand-pack 

matrix for Experiments 3, 4 and 5 was 7937.4, 7802.9 and 7870.8, respectively. Figure 

111 shows the variation in the oil recovery for the baseline SAGD and cracked naphtha 

ES-SAGD experiments with respect to time and clearly shows that cracked naphtha co-

injection accelerates oil recovery. The oil recovered throughout Experiments 3, 4 and 5 in 

Figure 111 is solvent-free. Total oil recovery for Experiments 3, 4, 5 ranged between 48 

to 55%; however, the duration of the experiments varied. Oil recovery during Experiment 

5 increased at a faster rate mainly because cumulative injected steam was higher in 

comparison with the other experiments. 
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Figure 108: Cumulative steam oil ratio versus cumulative injected steam for the 

baseline SAGD and cracked naphtha ES-SAGD experiments  

 

 

 

 
Figure 109: Cumulative steam oil ratio versus time for the baseline SAGD and 

cracked naphtha ES-SAGD experiments 
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Figure 110: Instantaneous steam oil ratio versus time for the baseline SAGD and 

cracked naphtha ES-SAGD experiments 

 

 
Figure 111: Oil recovery versus time for the baseline SAGD and cracked naphtha 

ES-SAGD experiments 
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As discussed in Chapter 3, the solvent produced in the liquid phase was analysed by 

means of Simulated Distillation and the solvent produced in the vapour phase was 

analysed using data from the gasometer and gas chromatography system.  It was found 

that solvent recovery in the vapour phase increases during the blowdown period of the 

experiments wherein pressure reduction causes the solvent to flash.  The increase in 

solvent recovery during blowdown in Experiments 3, 4 and 5 was 5.22%, 8.4% and 

3.23%%, respectively. Total solvent recovery for Experiments 3, 4 and 5 was 89.73%, 

87.68% and 72.14%, respectively. Of the total amount of recovered cracked naphtha, the 

fraction that was produced in the liquid phase with bitumen for Experiments 3, 4 and 5 

was 79.17%, 71.05% and 80.57%, respectively. The fraction of recovered solvent that 

was collected using the gasometers for Experiments 3, 4 and 5 was 20.83%, 28.95% and 

19.43%, respectively. Limited amounts if any of solvent were produced from the 

condensate traps during Experiments 3, 4 and 5 and they were mixed with the produced 

bitumen without being weighed separately. Figure 112 shows the variation in solvent 

recovery factor for the cracked naphtha ES-SAGD experiments with respect to time. It 

should be noted that the duration for these experiments was not the same. The material 

balance underlying solvent recovery estimation for Experiments 3, 4 and 5 is presented in 

Tables 29, 30 and 31, respectively.  
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Figure 112: Solvent recovery versus time for all cracked naphtha ES-SAGD 

experiments 

 

After depressurising the sand-pack model, the depleted sand matrix was divided into 

three horizontal and five vertical segments, thus resulting in 15 distinct samples as shown 

in Figure 65. As described in Chapter 3, oil was extracted from each sample in order to 

measure asphaltene content, water saturation and residual oil saturation. The initial oil 

and water saturations for the Experiments 2, 3, 4 and 5 were reasonably consistent as 

shown in Table 1. The residual oil and water saturations within the depleted sand-pack 

matrix from Experiments 3, 4 and 5 based on the locations in Figure 65 are presented in 

Tables 9, 10 and 11, respectively. Furthermore, contour maps for the residual oil and 

water saturations were generated for Experiments 3, 4 and 5 as shown in Figures 113 

through to 118.  
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Table 9: Residual Oil and Water Saturation for Experiment 3 

Sand-Matrix 

Sample # 

Oil Concentration 

(g/100g of sand)  

Water Concentration 

(g/100g of sand) 

Residual Oil  

Saturation (%) 

Residual Water 

Saturation (%) 

1-1 4.23 0.52 22.69 2.84 

1-2 1.48 1.24 7.95 6.78 

1-3 1.45 1.06 7.76 5.77 

1-4 2.48 1.26 13.31 6.87 

1-5 5.45 0.92 29.19 5.02 

2-1 14.23 0.41 76.29 2.25 

2-2 2.51 2.30 13.44 12.59 

2-3 1.84 1.86 9.88 10.16 

2-4 4.79 1.77 25.69 9.65 

2-5 13.55 0.78 72.62 4.25 

3-1 16.42 0.61 87.77 3.33 

3-2 15.82 1.16 84.82 6.34 

3-3 11.14 1.31 59.70 7.14 

3-4 16.60 1.26 88.96 6.86 

3-5 17.25 1.08 92.81 5.91 

 

 

 

Table 10: Residual Oil and Water Saturation for Experiment 4 

Sand-Matrix 

Sample # 

Oil Concentration 

(g/100g of sand)  

Water Concentration 

(g/100g of sand) 

Residual Oil  

Saturation (%) 

Residual Water 

Saturation (%) 

1-1 8.99 0.66 49.36 3.69 

1-2 1.92 2.48 10.53 13.90 

1-3 0.81 1.57 4.45 8.77 

1-4 1.43 2.26 7.86 12.66 

1-5 5.46 1.86 29.94 10.40 

2-1 14.28 0.37 78.35 2.05 

2-2 10.35 1.13 56.81 6.31 

2-3 2.36 1.39 12.93 7.76 

2-4 6.37 2.01 34.96 11.25 

2-5 12.90 0.91 70.79 5.10 

3-1 14.99 0.71 82.27 3.97 

3-2 14.88 0.93 81.68 5.19 

3-3 8.85 2.00 48.54 11.17 

3-4 13.25 0.95 72.72 5.29 

3-5 14.96 1.25 82.07 7.01 
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Table 11: Residual Oil and Water Saturation for Experiment 5 

Sand-Matrix 

Sample # 

Oil Concentration 

(g/100g of sand)  

Water Concentration 

(g/100g of sand) 

Residual Oil  

Saturation (%) 

Residual Water 

Saturation (%) 

1-1 10.86 0.54 58.68 3.00 

1-2 2.94 1.23 15.90 6.76 

1-3 0.88 2.03 4.77 11.18 

1-4 0.88 1.67 4.75 9.20 

1-5 6.29 2.57 34.00 14.15 

2-1 15.68 0.46 84.71 2.53 

2-2 10.43 1.11 56.35 6.14 

2-3 2.52 2.21 13.63 12.16 

2-4 1.98 2.31 10.70 12.75 

2-5 14.91 2.84 80.59 15.65 

3-1 16.38 0.31 88.52 1.73 

3-2 10.76 1.34 58.12 7.37 

3-3 8.63 1.98 46.66 10.92 

3-4 14.36 1.85 77.59 10.22 

3-5 16.62 2.56 89.80 14.12 

 

 

 
Figure 113: Residual oil saturation within the depleted sand-matrix for Experiment 

3 
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Figure 114: Water saturation within the depleted sand matrix for Experiment 3 

 

 

 
Figure 115: Residual oil saturation within the depleted sand matrix for Experiment 

4 
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Figure 116: Water saturation within the depleted sand matrix for Experiment 4 

 

 

 
Figure 117: Residual oil saturation within the depleted sand matrix for Experiment 

5 
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Figure 118: Water saturation within the depleted sand matrix for Experiment 5 

 

Given that Experiments 3, 4 and 5 were terminated at different times, it is impossible to 

correlate the concentration of the co-injected solvent with residual oil and water 

saturations within the depleted sand-pack model. Laboratory analysis of the depleted sand 

matrix for Experiments 3, 4 and 5 showed that residual oil saturation varies from one 

region to another depending on the extent of the steam chamber growth. Residual oil 

saturation was found to be lower in the regions that were swept by the steam chamber and 

much higher at the lower corners of the sand matrix. The original values for water and oil 

saturations for Experiments 3, 4 and 5 can be found in Table 1. The lowest value for 

residual oil saturation for Experiments 3, 4 and 5 was 7.76%, 4.45% and 4.75%, 

respectively. The highest value for residual oil saturation for Experiments 3, 4 and 5 was 

92.81%, 82.27% and 89.8%, respectively. Residual oil saturation in region 3-5 within the 
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depleted sand matrix from Experiments 3 and 5 was slightly higher than average original 

oil saturation possibly because the original sand matrix was not perfectly homogenous. 

The lowest value for water saturation for Experiments 3, 4 and 5 was 2.25%, 2.05% and 

1.73%, respectively.  Furthermore, the highest value for water saturation for Experiments 

3, 4 and 5 was 12.59%, 13.9% and 15.65%, respectively.  

 

The amount of produced water during the blowdown phase involving the 

depressurization of the sand-pack model in Experiments 3, 4 and 5 was 486.23g, 493.29g 

and 677.78g, respectively. As shown in Figures 119 through to 121, Experiments 3, 4 and 

5 were operated consistently with minimal fluid losses. Cumulative injected steam and 

cumulative produced water remained reasonably at balance throughout the life of all the 

cracked naphtha experiments. The minor difference between cumulative injected steam 

and cumulative produced water can be attributed to the amount of water retained within 

the sand matrix as well as the amount of water that was injected to pressurize the sand-

pack model which was around 290g for Experiments 3, 4 and 5.  
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Figure 119: Cumulative injected steam and cumulative produced water for 

Experiment 3 

 

 
Figure 120: Cumulative injected steam and cumulative produced water for 

Experiment 3 
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Figure 121: Cumulative injected steam and cumulative produced water for 

Experiment 3 

 

The amount of asphaltene (toluene soluble and pentane insoluble) in the oil that was 

extracted from the depleted sand matrix for Experiments 3, 4 and 5 was measured 

experimentally using the procedure described in Chapter 3. Asphaltene content in 

different regions within the depleted sand matrix for Experiments 3, 4 and 5 is presented 

in Tables 12, 13 and 14, respectively. Furthermore, contour maps for asphaltene content 

within the depleted sand matrix for Experiments 3, 4 and 5 were generated as shown in 

Figures 122, 123 and 124, respectively. Asphaltene content in the original oil that was 

used to saturate the sand-pack model for Experiments 3, 4 and 5 was 22.5%, 22.0% and 

22.5%, respectively.  Figures 122, 123 and 124 show that asphaltene content was higher 

near the injection well possibly due to the relatively higher temperatures in this region, 

which could have resulted in the evaporation of light ends from the residual oil. 
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Laboratory analysis of the extracted oil from different regions within the depleted sand 

matrix did not show a significant difference in asphaltene content as a result of cracked 

naphtha co-injection with steam. The maximum fraction of asphaltene within the depleted 

sand matrix for Experiments 3, 4 and 5 was 24.6%, 24.5% and 23.5%, respectively.  

 

Table 12: Asphaltene content within the depleted sand matrix oil from Experiment 3 

Sand-Matrix Sample # Asphaltene Fraction (%) 

1-1 23.6 

1-2 22.0 

1-3 23.8 

1-4 23.6 

1-5 23.9 

2-1 23.3 

2-2 23.6 

2-3 24.6 

2-4 23.5 

2-5 23.5 

3-1 22.2 

3-2 22.6 

3-3 22.0 

3-4 22.7 

3-5 23.0 

Original Bitumen 22.5 
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Table 13: Asphaltene content within the depleted sand matrix oil from Experiment 4 

Sand-Matrix Sample # Asphaltene Fraction (%) 

1-1 23.9 

1-2 23.0 

1-3 22.5 

1-4 22.7 

1-5 24.4 

2-1 24.3 

2-2 23.9 

2-3 24.4 

2-4 23.9 

2-5 24.5 

3-1 23.2 

3-2 23.2 

3-3 23.6 

3-4 23.7 

3-5 23.4 

Original Bitumen 22.0 

 

 

 

Table 14: Asphaltene content within the depleted sand matrix oil from Experiment 5 

Sand-Matrix Sample # Asphaltene Fraction (%) 

1-1 23.5 

1-2 21.8 

1-3 19.9 

1-4 18.4 

1-5 22.0 

2-1 22.5 

2-2 22.1 

2-3 23.1 

2-4 21.1 

2-5 22.1 

3-1 22.7 

3-2 22.0 

3-3 22.0 

3-4 22.1 

3-5 23.2 

Original Bitumen 22.5 
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Figure 122: Asphaltene content within the depleted sand matrix for Experiment 3 

 
 
 
 
 

 
Figure 123: Asphaltene content within the depleted sand matrix for Experiment 4 
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Figure 124: Asphaltene content within the depleted sand matrix for Experiment 5 

 

The density and viscosity of the dehydrated produced oil from Experiments 3, 4 and 5 

were measured and the results are presented in Figure 125 and 126, respectively. It can be 

noticed from Figure 125 that the density of produced oil remained somewhat unchanged 

throughout Experiment 2; however, for all the cracked naphtha ES-SAGD experiments, it 

fluctuated to some extent but was generally reduced as time passed by. As shown in 

Figure 126, the viscosity of produced oil followed a similar trend for Experiments 2, 3, 4 

and 5. Density and viscosity of produced oil from Experiment 4 were lower than that 

from the other experiments because the amount of co-injected cracked naphtha was 

higher. When analysed together, the density and viscosity of the produced oil appeared to 

follow a similar trend of fluctuation throughout all the cracked naphtha ES-SAGD 

experiments as shown in Figures 127 through to 129.  
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Figure 125: Density of produced oil from the Baseline SAGD and cracked naphtha 

ES-SAGD experiments 

 

 

 

 

 
Figure 126: Viscosity of produced oil from the Baseline SAGD and cracked naphtha 

ES-SAGD experiments 
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Figure 127: Density and viscosity of the produced oil from Experiment 

 

 

 
Figure 128: Density and viscosity of the produced oil from Experiment 4 
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Figure 129: Density and viscosity of the produced oil from Experiment 5 

 

The amount of asphaltene (toluene soluble and pentane insoluble) in the original oil that 

was used to saturate the sand-pack model for Experiments 2, 3, 4 and 5 was 23.1%, 

22.5%, 22.0% and 22.50%, respectively. Asphaltene content in the dehydrated produced 

oil was measured experimentally using the procedure described in Chapter 3. The 

maximum difference in asphaltene fraction between original and produced oil for 

Experiments 2, 3, 4 and 5 was 0.9%, 3.0%, 3.5% and 3.5%, respectively. The variations 

in asphaltene fraction in produced oil throughout Experiments 3, 4 and 5 are presented in 

Tables 15 through to 17. Furthermore, a plot of asphaltene fraction versus time for 

Experiments 2, 3, 4 and 5 is presented in Figure 130. Some of the shown reduction in 

asphaltene content is due to the solvent dilution of the produced oil. These results 

indicate that the co-injection of cracked naphtha does not result in high levels of 
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asphaltene precipitation mainly because it includes aromatic and relatively heavy 

molecular weight solvents. Asphaltene precipitation is expected to be much higher if 

solvents such as propane or butane are used.  

 

 

Table 15: Asphaltene content in produced oil for Experiment 3 

Time (min)  Asphaltene Fraction (%) 

0 22.5 

279.5 20.9 

446.7 22.6 

533.2 22.0 

616.3 20.7 

699 19.5 

895.7 20.1 

 

 

 

Table 16: Asphaltene content in produced oil for Experiment 4 

Time (min)  Asphaltene Fraction (%) 

0 22.0 

190.5 22.1 

265.6 22.5 

350.3 22.1 

429.3 22.3 

513.3 20.7 

665.3 18.9 

737.4 18.4 

808.2 19.3 

868.1 18.8 
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Table 17: Asphaltene content in produced oil for Experiment 5 

  Time (min)  Asphaltene Fraction (%) 

0 22.5 

151.6 21.1 

239.3 22.7 

289.2 21.6 

370.3 21.2 

443.3 20.5 

528.9 20.9 

564.8 21.4 

651 19.2 

740.1 19.0 

796.4 19.4 

 

 

 

 

 
Figure 130: Asphaltene content in produced oil versus time for Experiments 2, 3, 4 

and 5 
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4.3 Experiments 6, 7 and 8 – ES-SAGD Using Gas Condensate 

Experiments 6, 7 and 8 were conducted to investigate the impact of co-injecting different 

amounts of gas condensate with steam to enhance SAGD performance. Gas condensate is 

a multicomponent solvent that is often used to blend produced bitumen to make it 

suitable for pipeline transportation. The composition of the gas condensate used in this 

study is presented in Table 28. The sand-pack model for three gas condensate ES-SAGD 

experiments was filled with high permeability Ottawa sand, de-ionized water and Long 

Lake oil. The porosity, permeability, initial oil saturation and initial water saturation of 

the sand matrix for Experiments 6, 7 and 8 and the baseline SAGD experiments were 

reasonably consistent as shown in Table 1. Both water and gas condensate were pumped 

at the desired flow rates using two constant-flow ISCO pumps. Thereafter, water and gas 

condensate were mixed before passing through the pre-heater and steam generator toward 

the heel of the SAGD injection well.   

 

4.3.1 Experimental Procedure 

Experiments 6 and 7 were initiated by co-injecting the steam and gas condensate mixture 

into the sand-pack model at a rate of 0.2 cm
3
/min using the SAGD injection well. 

However, Experiment 8 was initiated by co-injecting steam and gas condensate at a rate 

of 0.5 cm
3
/min because a higher amount of gas condensate (15 vol%) was used.  Low 

injection rates were used initially due to limited fluid injectivity into the sand-pack model 

at the early stages of the experiments. As time passed, fluid injectivity improved and the 

sand-pack model was able to handle higher fluid injection rates without developing high 

pressure difference between the injection and production wells. Steam and solvent 
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injection was increased gradually to compensate for heat loss to the annulus and to 

continue supporting the growth of the steam chamber. The settings of the pre-heater and 

steam generator were adjusted accordingly throughout all the experiments to ensure that 

steam was being injected into the sand-pack model at superheated conditions. The 

injection of solvent with steam enhanced the mobilization of bitumen in the inter-well 

region. This increased mobility accelerated the injection of steam and solvent into the 

sand-pack model. 

 

Gas condensate concentration in the steam-solvent injectant was 5, 10 and 15 vol% for 

Experiments 6, 7 and 8, respectively. The steam and solvent injection rates throughout 

Experiments 6, 7 and 8 are presented in Figures 131, 132 and 133, respectively. Solvent 

injection was stopped and only steam was injected for 8.9, 70.1 and 143.2 minutes prior 

to the termination of Experiments 6, 7 and 8, respectively, thereby improving solvent 

recovery.  

 

The pressure in the back pressure regulators for the three gas condensate ES-SAGD 

experiments was set at 2100 kPa and the steam and solvent injection rates were 

maintained such that the pressure difference between the injection and production wells 

remains at a reasonable level throughout the life of the experiments. The pressure 

difference between the injection and production wells for Experiments 6, 7 and 8 are 

presented in Figures 134, 135 and 136, respectively. The pressure of the production well 

for all the gas condensate ES-SAGD experiments was recorded using a pressure 

transducer located at the outlet of the condensate traps. The pressure of the injection well 
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was recorded using a pressure transducer at the heel of the injection well (i.e. at outlet of 

the steam generator) wherein steam was at superheated conditions.  

 

The steam-solvent injection pressure was maintained at around 2100 kPa throughout 

Experiments 6, 7 and 8. The annulus pressure was maintained above the steam-solvent 

injection pressure for all three gas condensate ES-SAGD experiments and the difference 

between the two pressures was not allowed to exceed 40 psi (276 kPa) to avoid any 

damage to the sand-pack model. The steam-solvent injection pressures and the 

corresponding annulus pressures for Experiments 6, 7 and 8 are shown in Figures 137, 

138 and 139, respectively.  

 

 

 
Figure 131: Steam and solvent injection rates for Experiment 6 
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Figure 132: Steam and solvent injection rates for Experiment 7 

 

 

 
Figure 133: Steam and solvent injection rates for Experiment 8 
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Figure 134: Pressure difference between the SAGD injection and production wells 

for Experiment 6 

 

 

 

 

 
Figure 135: Pressure difference between the SAGD injection and production wells 

for Experiment 7 
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Figure 136: Pressure difference between the SAGD injection and production wells 

for Experiment 8 

 

 

 

 

 

 
Figure 137: Annulus and steam injection pressures for Experiment 6 
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Figure 138: Annulus and steam injection pressures for Experiment 7 

 

 

 
Figure 139: Annulus and steam injection pressures for Experiment 8 
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As shown in Figures 140, 141 and 142, for all the gas condensate ES-SAGD experiments, 

the injectant was heated in the pre-heater to saturated steam temperature before passing 

through the steam generator to be further heated to superheated steam conditions. During 

the early times of the three gas condensate ES-SAGD experiments, steam and solvent 

were not injected into the sand-pack model at saturated steam conditions because they 

were injected at low rates. As a result, the small volumes of the injected steam and 

solvent cooled down as they moved towards the heel of the injection well. In spite of the 

variations in the steam injection pressures during Experiments 6, 7 and 8, the temperature 

of the injectant was sufficiently high to maintain superheated steam conditions beyond 

the start-up phase of the process, thereby ensuring that the steam injected into the sand-

pack model had a 100% quality.  

 

Temperature variation along the length of the SAGD production and injection wells was 

monitored throughout the life of the three gas condensate ES-SAGD experiments using 

three thermocouples mounted on the heel, mid-region and toe of each well. The 

temperature profiles for the injection and production wells throughout Experiments 6, 7 

and 8 are presented in Figures 143, 144 and 145, respectively. For all the gas condensate 

ES-SAGD experiments, the temperature along the injection well was always higher than 

that of the production well due to the drainage of fluids at lower temperatures towards the 

production well. The heel and mid-region temperatures for both the injection and 

production wells were close in relation to the toe temperature which was comparatively 

lower.  
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Figure 140: Temperature profiles at the outlet of the pre-heater and the heel of the 

injection well for Experiment 6 

 

 

 
Figure 141: Temperature profiles at the outlet of the pre-heater and the heel of the 

injection well for Experiment 7 

Saturated steam temperature at 2100 kPa 

Saturated steam temperature at 2100 kPa 
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Figure 142: Temperature profiles at the outlet of the pre-heater and the heel of the 

injection well for Experiment 8 

 

 

 
Figure 143: Temperature profiles along the SAGD well pair for Experiment 6 

Saturated steam temperature at 2100 kPa 
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Figure 144: Temperature profiles along the SAGD well pair for Experiment 7 

 

 

 

 
Figure 145: Temperature profiles along the SAGD well pair for Experiment 8 
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4.3.2 Results  

The produced fluids and porous media from Experiments 6, 7 and 8 were analysed 

extensively to evaluate the impact of injecting different amounts of gas condensate on 

SAGD performance. Experiment 2 was used as a baseline for SAGD because, as 

discussed earlier, Experiment 1 featured a leakage of nitrogen from the annulus to the 

sand-pack model. The solvent-free oil drainage rates for Experiments 2, 6, 7 and 8 are 

presented in Figure 146.  

 

 
Figure 146: Oil drainage rates for the baseline SAGD and Gas Condensate ES-

SAGD experiments 
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The fluctuations in the oil drainage rates in Figure 146 were due to operating disturbances 

in relation to steam-solvent injection rates and fluid sampling from the visual separators 

during the experiments which resulted in pressure drops in the production well as shown 

in Figures 147 through to 149. The steam-solvent injection rates were increased 

progressively as time passed by to compensate for heat loss to the annulus and to support 

the growth of the steam chamber.  The pressure drops due to fluid sampling were 

compensated for immediately after sampling was over using make-up gas. Although 

pressure-drops took place over limited time intervals in the range of one minute, they 

resulted in higher oil drainage rates due to the production of accumulated liquid over the 

production well and possibly due to the flashing of the steam and solvent condensate 

within the porous medium which provided an additional driving force to push the 

mobilized bitumen towards the production well.  
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Figure 147: Oil drainage rate and production well pressure for Experiment 6 

 

 
Figure 148: Oil drainage rate and production well pressure for Experiment 7 
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Figure 149: Oil drainage rate and production well pressure for Experiment 8 

 

The co-injection of gas condensate with steam accelerates the reduction of bitumen 

viscosity and facilitates inter-well communication between the SAGD wells. It is evident 

from Figure 146 that co-injecting gas condensate with steam accelerated the start-up 

phase of the SAGD process even when only 5 vol% of gas condensate was used.  

 

The cumulative injected steam per unit time for the gas condensate ES-SAGD 

experiments was not constant as shown in Figure 150. In terms of the cumulative amount 

of the injected steam per unit time, Experiment 8 ranked first, followed by Experiments 

6, 7 and 2, respectively. More steam was injected during Experiment 8 because the 

concentration of the co-injected solvent was higher (15 vol%), thereby resulting in 

accelerated drainage rates (relative to the Experiments 2, 6 and 7) and bigger voidage 
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space that had to be occupied with steam and solvent to maintain the growth of the 

vapour chamber. Figure 151 shows the cumulative injected solvent for Experiments 6, 7 

and 8. In terms of the cumulative amount of the injected solvent per unit time, 

Experiment 8 ranked first, followed by Experiments 7 and 6, respectively. To normalize 

the variation in steam and steam-solvent injection rates for the SAGD and gas condensate 

ES-SAGD experiments, cumulative solvent-free produced oil was plotted versus 

cumulative injected steam as shown in Figure 152 which clearly shows that the co-

injection of gas condensate with steam allows more oil to be drained using lower amounts 

of steam. It is evident from Experiment 152 that, using the same amount of steam, 

Experiment 8 produced more oil relative to Experiments 2, 6 and 7.  

 

 
Figure 150: Cumulative injected steam versus time for the baseline SAGD and the 

gas condensate ES-SAGD experiments 
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Figure 151: Cumulative injected solvent versus time for the gas condensate ES-

SAGD experiments 

 

 
Figure 152: Cumulative produced oil versus cumulative injected steam for the 

baseline SAGD and the gas condensate ES-SAGD experiments 
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The temperature profiles for all the gas condensate ES-SAGD experiments were analysed 

based on cumulative produced oil to account for variations in the injectant flow rates as 

shown in Figures 153 through to 160. These temperature profiles suggest that the same 

amount of oil can be produced using ES-SAGD with gas condensate while having a much 

smaller high temperature zone within the sand matrix due to the synergy of heat and mass 

transfer processes. This is in agreement with what was noticed from the temperature 

profiles for all the cracked naphtha ES-SAGD experiments (i.e. Experiments 3, 4 and 5). 

The size of the high temperature zone within the sand matrix is expected to be somewhat 

smaller when higher concentrations of the co-injected gas condensate are used. However, 

Experiment 6 with only 5 vol% of co-injected gas condensate had the smallest high 

temperature zone relative to Experiments 7 and 8 wherein higher concentrations of gas 

condensate were used. This deviation from what would be expected should be analysed in 

light of Figure 161 which shows that, for Experiment 6, the production well temperature 

was much higher compared to that for Experiments 7 and 8. This suggests that the 

amount of injected steam during Experiment 6 was very high and, because the 

concentration of the co-injected gas condensate was relatively low (i.e. 5 vol%), bitumen 

was not mobilized fast enough. Therefore, the amount of injected steam was not 

compatible with the rate of oil drainage. As a result, there was not enough voidage space 

to accommodate the injected steam and this caused the steam to be directed towards the 

production well, thereby increasing the temperature of the produced fluids. For the 5 

vol% cracked naphtha case (i.e. Experiment 5) this problem was not encountered 

because, at the steam temperature, the solubility of cracked naphtha in bitumen is higher 
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than that of gas condensate. Furthermore, less steam was injected during Experiment 6 

relative to Experiment 5 as shown in Figure 162.  

 

The steam chamber in the SAGD case reached the top of the sand-pack matrix at a much 

faster rate compared to all the gas condensate ES-SAGD cases and started losing heat to 

the annulus. The effective temperature within the steam chamber was lower during the 

gas condensate ES-SAGD cases than the baseline SAGD case, thereby delaying heat loss 

to the annulus. Furthermore, the amount of steam required to produce the same amount of 

oil was much lower in the gas condensate ES-SAGD cases relative to the baseline SAGD 

case. This suggests that co-injecting gas condensate can extend the economic window for 

SAGD, by allowing oil drainage to continue at lower steam oil ratios, particularly in the 

presence steam thief zones such as top water underneath the reservoir overburden.  

The energy efficiency of SAGD and gas condensate ES-SAGD cases deteriorated with 

time as the contact area between the steam chamber and the annulus continued to 

increase, thereby causing more heat loss. Heat loss to the annulus in the physical model is 

similar to heat loss to the reservoir overburden in the field. Figures 163 and 164 show the 

cumulative steam oil ratio (cSOR) for all the gas condensate ES-SAGD experiments 

relative to the baseline SAGD experiment as a function of time and cumulative injected 

steam to normalize the operational variations in the injection rates. These Figures show 

that cSOR reduced progressively as the amount of co-injected gas condensate increased. 

The lowest cSOR was achieved in Experiment 8 wherein 15 vol% of gas condensate was 

used. Due to the increase in heat loss from the sand-pack model to the annulus, the 

instantaneous steam oil ratio (iSOR) for Experiments 6, 7 and 8 increased as time passed 
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as shown in Figure 165.  The original mass of oil in the sand-pack matrix for 

Experiments 6, 7 and 8 was 7290.76, 7378.77 and 7453.63, respectively. Figure 166 

shows the variation in the oil recovery factor for the baseline SAGD and gas condensate 

ES-SAGD experiments with respect to time and suggests that gas condensate co-injection 

accelerates oil recovery. Total oil recovery for Experiments 6, 7 and 8 ranged between 48 

to 65%; however, the duration of the experiments varied. To normalize the 

inconsistencies in the injectant flow rates, total oil recovery versus cumulative injected 

steam for Experiments 6, 7 and 8 is presented in Figure 167. The oil recovered 

throughout Experiments 3, 4 and 5 in Figures 166 and 167 is solvent-free. 

 

 
Figure 153: Temperature profiles of conventional SAGD and gas condensate ES-

SAGD at cumulative produced oil of 500 g 
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Figure 154: Temperature profiles of conventional SAGD and gas condensate ES-

SAGD at cumulative produced oil of 1000 g 

 

 
Figure 155: Temperature profiles of conventional SAGD and gas condensate ES-

SAGD at cumulative produced oil of 1500 g 
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Figure 156: Temperature profiles of conventional SAGD and condensate ES-SAGD 

at cumulative produced oil of 2000 g 

 

 
Figure 157: Temperature profiles of conventional SAGD and gas condensate ES-

SAGD at cumulative produced oil of 2500 g 
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Figure 158: Temperature profiles of conventional SAGD and gas condensate ES-

SAGD at cumulative produced oil of 3000 g 

 

 
Figure 159: Temperature profiles of conventional SAGD and gas condensate ES-

SAGD at cumulative produced oil of 3200 g 
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Figure 160: Temperature profiles of conventional SAGD and gas condensate ES-

SAGD at cumulative produced oil of 3400 g 

 

 

Figure 161: Production well temperature for the gas condensate ES-SAGD 

experiments 
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Figure 162: Cumulative injected steam versus cumulative produced oil for 

Experiments 5 and 6 

  

 
Figure 163: Cumulative steam oil ratio versus time for the baseline SAGD and gas 

condensate ES-SAGD experiments 
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Figure 164: Cumulative steam oil ratio versus cumulative injected steam for the 

baseline SAGD and gas condensate ES-SAGD experiments 

 

 
Figure 165: Instantaneous steam oil ratio versus time for the baseline SAGD and gas 

condensate ES-SAGD experiments 
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Figure 166: Oil recovery versus time for the baseline SAGD and gas condensate ES-

SAGD experiments 

 

 
Figure 167: Oil recovery versus cumulative injected steam for the baseline SAGD 

and gas condensate ES-SAGD experiments 
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As discussed in Chapter 3, the solvent produced in the liquid phase was analysed by 

means of Simulated Distillation and the solvent produced in the vapour phase was 

analysed using data from the gasometer and gas chromatography system.  The blowdown 

phase increased solvent recovery for Experiments 6, 7 and 8 by 5.07%, 1.78% and 

1.39%, respectively. Total solvent recovery for Experiments 6, 7 and 8 was 80.5%, 

89.98% and 99.54%, respectively. For Experiment 8, solvent co-injection was stopped 

after 634.1 minutes and only steam was injected for around 143.2 minutes, thereby 

allowing more solvent in the sand matrix to be flashed and recovered. Total solvent 

recovery for Experiment 8 was 99.54%. This suggests that solvent recovery in ES-SAGD 

can be improved significantly if solvent co-injection is stopped prior to the end of the 

production life of a SAGD well pair.  Of the total amount of recovered gas condensate, 

the fraction that was produced in the liquid phase with bitumen for Experiments 6, 7 and 

8 was 57.32%, 65.92% and 56.34%, respectively. The fraction of recovered solvent that 

was produced from the condensate traps for Experiments 7 and 8 was 9.43% and 14.97%, 

respectively. Limited amounts of solvent were produced from the condensate traps during 

Experiment 5 and they were mixed with the produced bitumen without being weighed 

separately.  The fraction of recovered solvent that was collected using the gasometers for 

Experiments 6, 7 and 8 was 42.68%, 24.65% and 28.69%, respectively. Figure 175 shows 

the variation in the solvent recovery factor for the gas condensate ES-SAGD experiments 

with respect to time. It should be noted that the duration for these experiments was not 

the same.  The material balance underlying solvent recovery estimation for Experiments 

6, 7 and 8 is presented in Tables 32, 33 and 34, respectively. 
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Figure 168: Solvent recovery versus time for all the gas condensate ES-SAGD 

experiments 

 

After depressurising the sand-pack model, the depleted sand matrix was divided into 

three horizontal and five vertical segments for post-run analysis, thus resulting in 15 

distinct samples as shown in Figure 65. As described in Chapter 3, oil was extracted from 

each sample in order to measure asphaltene content, water saturation and residual oil 

saturation. The initial oil and water saturations for Experiments 2, 6, 7 and 8 were 

reasonably consistent as shown in Table 1. The residual oil and water saturations within 

the depleted sand-pack matrix from Experiments 6, 7 and 9 based on the locations in 

Figure 65 are presented in Tables 18, 19 and 20, respectively. Furthermore, contour maps 

for the residual oil and water saturations were generated for Experiments 6, 7 and 8 as 

shown in Figures 169 through to 174.  

 

Solvent co-injection was stopped 
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Table 18: Residual Oil and Water Saturation for Experiment 6 

Sand-Matrix 

Sample # 

Oil Concentration 

(g/100g of sand)  

Water Concentration 

(g/100g of sand) 

Residual Oil  

Saturation (%) 

Residual Water 

Saturation (%) 

1-1 15.41 0.31 82.36 1.69 

1-2 1.65 2.11 8.81 11.51 

1-3 1.10 2.11 5.89 11.48 

1-4 1.92 2.70 10.23 14.71 

1-5 4.83 2.94 25.82 16.02 

2-1 17.84 0.21 95.35 1.14 

2-2 4.56 1.20 24.36 6.56 

2-3 2.89 1.79 15.43 9.76 

2-4 2.72 1.83 14.54 9.97 

2-5 14.17 2.35 75.71 12.80 

3-1 16.50 0.07 88.21 0.38 

3-2 14.81 0.54 79.17 2.97 

3-3 8.07 1.73 43.12 9.41 

3-4 13.60 1.62 72.71 8.82 

3-5 16.11 2.12 86.09 11.57 

 

 

 

 

Table 19: Residual Oil and Water Saturation for Experiment 7 

Sand-Matrix 

Sample # 

Oil Concentration 

(g/100g of sand)  

Water Concentration 

(g/100g of sand) 

Residual Oil  

Saturation (%) 

Residual Water 

Saturation (%) 

1-1 7.33 0.54 39.20 2.94 

1-2 0.60 1.20 3.23 6.56 

1-3 1.61 0.57 8.60 3.13 

1-4 0.77 1.03 4.11 5.62 

1-5 3.10 1.77 16.57 9.66 

2-1 12.71 0.17 67.90 0.95 

2-2 9.03 0.96 48.27 5.25 

2-3 2.82 0.75 15.09 4.10 

2-4 16.65 1.76 88.99 9.61 

2-5 12.92 1.92 69.07 10.47 

3-1 15.84 0.26 84.64 1.39 

3-2 14.33 0.98 76.60 5.35 

3-3 10.41 1.55 55.66 8.45 

3-4 13.85 1.17 74.01 6.35 

3-5 16.69 1.91 89.19 10.40 
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Table 20: Residual Oil and Water Saturation for Experiment 8 

Sand-Matrix 

Sample # 

Oil Concentration 

(g/100g of sand)  

Water Concentration 

(g/100g of sand) 

Residual Oil  

Saturation (%) 

Residual Water 

Saturation (%) 

1-1 1.64 1.58 8.78 8.62 

1-2 0.41 2.30 2.20 12.58 

1-3 0.79 2.05 4.22 11.22 

1-4 0.30 1.94 1.62 10.61 

1-5 1.33 1.81 7.14 9.87 

2-1 13.91 0.18 74.55 1.00 

2-2 1.81 1.39 9.67 7.59 

2-3 0.97 1.01 5.19 5.51 

2-4 1.00 1.89 5.36 10.33 

2-5 9.54 1.71 51.13 9.33 

3-1 16.13 0.16 86.45 0.87 

3-2 12.89 0.21 69.08 1.17 

3-3 8.80 0.77 47.16 4.22 

3-4 9.32 1.14 49.95 6.21 

3-5 15.13 0.64 81.08 3.47 

 

 

 
Figure 169: Residual oil saturation within the depleted sand-matrix for Experiment 

6 
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Figure 170: Water saturation within the depleted sand matrix for Experiment 6 

 

 

 
Figure 171: Residual oil saturation within the depleted sand matrix for Experiment 

7 
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Figure 172: Water saturation within the depleted sand matrix for Experiment 7 

 

 

 
Figure 173: Residual oil saturation within the depleted sand matrix for Experiment 

8 
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Figure 174: Water saturation within the depleted sand matrix for Experiment 8 

Given that Experiments 6, 7 and 8 were terminated at different times, it is impossible to 

correlate the concentration of the co-injected solvent with residual oil and water 

saturations within the depleted sand-pack model. Laboratory analysis of the depleted sand 

matrix for Experiments 6, 7 and 8 showed that residual oil saturation varies from one 

region to another depending on the extent of the steam chamber growth. Residual oil 

saturation was found to be lower in the regions that were swept by the steam chamber and 

much higher at the lower corners of the sand matrix. The original values for water and oil 

saturations for Experiments 6, 7 and 8 can be found in Table 1. The lowest value for 

residual oil saturation for Experiments 6, 7 and 8 was 5.89%, 3.23% and 1.62%, 

respectively. The highest value for residual oil saturation for Experiments 6, 7 and 8 was 

95.35%, 89.19% and 86.45%, respectively. Residual oil saturation at region 2-1 within 

the depleted sand matrix from Experiment 6 was slightly higher than original oil 
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saturation possibly because the original sand matrix was not perfectly homogeneous. The 

lowest value for water saturation for Experiments 6, 7 and 8 was 0.38%, 0.95% and 

0.87%, respectively. Furthermore, the highest value water saturation for Experiments 6, 7 

and 8 was 16.02%, 10.47% and 12.58%, respectively. The amount of water produced 

during the blowdown phase for Experiments 6, 7 and 8 was 606.25g, 563.68g and 13.5g, 

respectively. As shown in Figures 175 through to 177, Experiments 6, 7 and 8 were 

operated consistently with minimal fluid losses. Cumulative injected steam and 

cumulative produced water remained reasonably at balance throughout the life of all the 

gas condensate experiments. The minor difference between cumulative injected steam 

and cumulative produced water can be attributed to the amount of water retained within 

the sand matrix as well as the water that was injected to pressurize the sand-pack model 

which was around 290g for Experiments 6, 7 and 8.  

 

 
Figure 175: Cumulative injected steam and cumulative produced water for 

Experiment 6 
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Figure 176: Cumulative injected steam and cumulative produced water for 

Experiment 7 

 

 

 

 
Figure 177: Cumulative injected steam and cumulative produced water for 

Experiment 8 
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The amount of asphaltene (toluene soluble and pentane insoluble) in the oil that was 

extracted from the depleted sand matrix for Experiments 6, 7 and 8 was measured 

experimentally using the procedure described in Chapter 3. Asphaltene content at 

different regions within the depleted sand matrix for Experiments 6, 7 and 8 is presented 

in Tables 21, 22 and 23, respectively. Furthermore, contour maps for asphaltene content 

within the depleted sand matrix for Experiments 6, 7 and 8 were generated as shown in 

Figures 178, 179 and 180, respectively. Asphaltene content in the original oil that was 

used to saturate the sand-pack model for Experiments 6, 7 and 8 was 22.5%, 22.3% and 

22.3%, respectively. Figures 178, 179 and 180 show that asphaltene content was higher 

near the injection well possibly due to the relatively higher temperatures in this region, 

which could have resulted in the evaporation of light ends from the residual oil. 

Laboratory analysis of the extracted oil from different regions within the depleted sand 

matrix did not show a significant difference in asphaltene content as a result of gas 

condensate co-injection with steam. The maximum fraction of asphaltene within the 

depleted sand matrix for Experiments 6, 7 and 8 was 27.1%, 27.3% and 29.4%, 

respectively.  
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Table 21: Asphaltene content within the depleted sand matrix oil from Experiment 6 

Sand-Matrix Sample # Asphaltene Fraction (%) 

1-1 22.4 

1-2 22.5 

1-3 23.0 

1-4 21.4 

1-5 22.0 

2-1 22.7 

2-2 22.0 

2-3 27.1 

2-4 22.0 

2-5 22.1 

3-1 22.1 

3-2 22.5 

3-3 22.9 

3-4 23.0 

3-5 22.7 

Original Bitumen 22.5 

 

 

Table 22: Asphaltene content within the depleted sand matrix oil from Experiment 7 

Sand-Matrix Sample # Asphaltene Fraction (%) 

1-1 22.2 

1-2 15.0 

1-3 22.3 

1-4 18.6 

1-5 21.7 

2-1 22.3 

2-2 21.6 

2-3 29.3 

2-4 21.8 

2-5 21.9 

3-1 22.2 

3-2 22.5 

3-3 23.0 

3-4 23.1 

3-5 22.6 

Original Bitumen 22.3 
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Table 23: Asphaltene content within the depleted sand matrix oil from Experiment 8 

Sand-Matrix Sample # Asphaltene Fraction (%) 

1-1 22.1 

1-2 18.6 

1-3 26.5 

1-4 20.2 

1-5 21.4 

2-1 21.7 

2-2 22.6 

2-3 27.3 

2-4 23.5 

2-5 22.1 

3-1 22.8 

3-2 22.9 

3-3 22.5 

3-4 22.5 

3-5 22.0 

Original Bitumen 22.3 

 

 

 

 

 

 

 

 
Figure 178: Asphaltene content within the depleted sand matrix for Experiment 6 
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Figure 179: Asphaltene content within the depleted sand matrix for Experiment 7 

 

 

 

 

Figure 180: Asphaltene content within the depleted sand matrix for Experiment 8 
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The density and viscosity of the dehydrated produced oil from Experiments 6, 7 and 8 

were measured and the results are presented in Figure 181 and 182, respectively. It can be 

noticed from Figure 181 that the density of produced oil remained somewhat unchanged 

throughout Experiment 2; however, for all the gas condensate ES-SAGD experiments, it 

fluctuated to some extent but was generally reduced as time passed by until solvent 

injection was stopped while steam was being injected, beyond which density started to 

increase. Gas condensate co-injection was stopped and only steam was injected for 8.9, 

70.1 and 143.2 minutes prior to the termination of Experiments 6, 7 and 8, respectively. 

As shown in Figure 182, the viscosity of produced oil followed a similar trend for 

Experiments 2, 6, 7 and 8. Density and viscosity of produced oil from Experiment 8 were 

lower than that from the other experiments until solvent co-injection was stopped because 

the concentration of co-injected solvent was higher. When analysed together, the density 

and viscosity of the produced oil appeared to follow a similar trend of fluctuation 

throughout all the gas condensate ES-SAGD experiments as shown in Figures 183 

through to 185.  

 

 



201 

 

 
Figure 181: Density of produced oil from the Baseline SAGD and gas condensate 

ES-SAGD experiments 

 

 

 

 
Figure 182: Density of produced oil from the Baseline SAGD and gas condensate 

ES-SAGD experiments 
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Figure 183: Density and viscosity of the produced oil from Experiment 6 

 

 

 
Figure 184: Density and viscosity of the produced oil from Experiment 7 
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Figure 185: Density and viscosity of the produced oil from Experiment 8 

 

The amount of asphaltene (toluene soluble and pentane insoluble) in the original oil that 

was used to saturate the sand-pack model for Experiments 2, 6, 7 and 8 was 23.1%, 

22.5%, 22.3%, and 22.3%, respectively. Asphaltene content in the dehydrated produced 

oil was measured experimentally using the procedure described in Chapter 3. The 

maximum difference in asphaltene fraction between original and produced oil for 

Experiments 2, 6, 7 and 8 was 0.9%, 3.3%, 2.9% and 3.6%, respectively. The variation in 

asphaltene fraction in produced oil throughout Experiments 6, 7 and 8 is presented in 

Tables 24 through to 26. Furthermore, a plot of asphaltene fraction versus time for 

Experiments 2, 6, 7 and 8 is presented in Figure 186. These results indicate that the co-

injection of gas condensate does not result in high levels of asphaltene precipitation 

mainly because it is relatively high in molecular weight as opposed to lighter solvents 

such as propane or butane.  
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Table 24: Asphaltene content in produced oil for Experiment 6 

Time (min) Asphaltene Fraction (%) 

0.0 22.5 

155.2 20.9 

257.6 21.8 

309.5 21.0 

381.3 20.7 

458.4 20.3 

551.9 20.9 

606.8 21.1 

687.0 21.1 

770.2 21.3 

851.2 19.2 

 

 

 

 

 

Table 25: Asphaltene content in produced oil for Experiment 7 

Time (min) Asphaltene Fraction (%) 

0.0 22.3 

192.0 22.5 

298.1 21.2 

367.1 20.8 

429.1 21.5 

488.4 20.8 

543.9 20.4 

599.0 19.8 

652.9 21.0 

709.4 21.6 

755.2 19.4 

795.0 20.4 
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Table 26: Asphaltene content in produced oil for Experiment 8 

Time (min) Asphaltene Fraction (%) 

0.0 22.3 

118.9 22.7 

180.9 21.1 

244.9 21.3 

309.3 21.1 

370.2 20.1 

430.5 19.2 

481.6 21.5 

536.2 20.8 

584.5 19.5 

634.4 19.5 

679.2 18.7 

735.8 20.4 

769.7 21.0 

 

 

 

 

 
Figure 186: Asphaltene content in produced oil versus time for Experiments 2, 6, 7 

and 8 
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4.4 Comparison between Cracked Naphtha and Gas Condensate 

The results of this study show that the co-injection of cracked naphtha and gas 

condensate with steam can enhance SAGD performance. As shown in Figures 187 and 

188, using the same amount of steam, ES-SAGD with cracked naphtha or gas condensate 

can increase oil recovery and reduce cumulative steam oil ratio significantly relative to 

SAGD. This can reduce greenhouse gas emissions while making SAGD more energy-

efficient and cost-effective. It is evident from Figures 187 and 188 that the best results in 

this study were obtained using 15 vol% of gas condensate and 10 vol% of cracked 

naphtha mainly due to accelerated oil rates and reduced steam consumption. However, 

the solvent recovery must also be considered to select the most appropriate solvent. For 

practical applications, the choice of solvent will also depend on its availability and cost, 

as well as surface facility requirements. 
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Figure 187: Oil recovery versus cumulative injected steam for the baseline SAGD 

and ES-SAGD experiments 

 

 
Figure 188: Cumulative steam oil ratio versus cumulative injected steam for the 

baseline SAGD and ES-SAGD experiments 
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Chapter Five: Conclusions and Recommendations 

5.1 Conclusions 

This study involved the design and construction of a two dimensional partially-scaled 

physical model to investigate ES-SAGD experimentally based on relevant Long Lake 

reservoir properties and operating conditions using cracked naphtha and gas condensate 

as solvents.  The selected solvents were injected with steam at different concentrations 

ranging from 5 to15% by volume. The main conclusions that can be drawn from the 

results of this study can be summarized as follows: 

 ES-SAGD using cracked naphtha or gas condensate is a promising 

technique that warrants more attention because it accelerates oil 

production rates and reduces steam oil ratio. 

 Solvent co-injection with steam improved the dehydration of produced 

emulsions and post-production water handling.   

 Cracked naphtha and gas condensate do not cause damaging levels of 

asphaltene precipitation. The maximum difference in asphaltene 

content within the dehydrated produced oil relative to the original oil 

was 3.5% and 3.6% for the cracked naphtha and gas condensate ES-

SAGD experiments, respectively.     

 Using multicomponent solvents in ES-SAGD provides additional 

operational flexibility and can potentially make SAGD more energy 

efficient due to the presence of light ends that tend to reduce the 

effective temperature of the vapour chamber. 
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 Solvent recovery for all the ES-SAGD experiments ranged between 

72.14% and 99.54% depending on solvent type, concentration and 

operating strategy.  

 Solvent recovery for Experiments 3, 4 and 5 using cracked naphtha 

was 89.73%, 87.68% and 72.14%, respectively.  

 Solvent recovery for Experiments 6, 7 and 8 using gas condensate was 

80.5%, 89.98% and 99.54%, respectively.  

 The lowest solvent recovery was achieved in Experiment 5 when only 

5 vol% of cracked naphtha was used. 

 The solvent recovery can be increased significantly if solvent injection 

is stopped some time prior to the end of the production life of a SAGD 

well pair. 

 Solvent co-injection accelerates the start-up phase of the SAGD 

process and allows viscosity in the inter-well region to be lowered at a 

faster rate. 

 Incremental oil recovery is expected to be a natural consequence of 

reduced SOR since it allows SAGD to run economically for extended 

periods of time.  

 SAGD performance can be enhanced by increasing the concentration 

of the co-injected solvent, particularly when relatively lighter solvents 

are used.  
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5.2  Recommendations 

 The findings of this study were based on homogenous sand-pack models. For 

future work, it may be desirable to investigate the impact of solvent co-injection 

in the presence of different forms of typical reservoir heterogeneities such as 

shale, lean zones, top water and top gas. 

 The connate water in all the SAGD and ES-SAGD experiments in this study was 

fresh and the produced water was not analysed. It would be insightful to address 

this issue in future work.  

 All the SAGD and ES-SAGD experiments in this study were operated at a 

pressure of 2100 kPa and it would be beneficial in subsequent studies to broaden 

the range of the operating pressures. 
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Appendix A: Temperature Profiles 

 

 
Figure 189: Temperature profiles for experiment 1 based on time 
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Figure 190: Temperature profiles for experiment 1 based on cumulative steam 

injected 
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Figure 191: Temperature profiles for experiment 2 based on time 
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Figure 192: Temperature profiles for experiment 2 based on cumulative steam 

injected 
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Figure 193: Temperature profiles for experiment 3 based on time 
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Figure 194: Temperature profiles for experiment 3 based on cumulative steam 

injected 
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Figure 195: Temperature profiles for experiment 4 based on time 
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Figure 196: Temperature profiles for experiment 4 based on cumulative steam 

injected 
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Figure 197: Temperature profiles for experiment 5 based on time 
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Figure 198: Temperature profiles for experiment 5 based on cumulative steam 

injected 



230 

 

 
Figure 199: Temperature profiles for experiment 6 based on time 
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Figure 200: Temperature profiles for experiment 6 based on cumulative steam 

injected 



232 

 

 
Figure 201: Temperature profiles for experiment 7 based on time 
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Figure 202: Temperature profiles for experiment 7 based on cumulative steam 

injected 



234 

 

 
Figure 203: Temperature profiles for experiment 8 based on time 
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Figure 204: Temperature profiles for experiment 8 based on cumulative steam 

injected 
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Table 27: Composition of cracked naphtha 

Component Composition (Mole Fraction) 

nC4 0.0063 

iC5 0.0565 

nC5 0.0816 

C6 0.1391 

C7+ 0.7165 

Total 1.0000 

 

 

 

Table 28: Composition of gas condensate 

Component Composition (Mole Fraction) 

CO2 0.0002 

C1 0.0012 

C2 0.0020 

C3 0.0038 

iC4 0.0024 

nC4 0.0731 

iC5 0.2349 

nC5 0.2149 

C6 0.1819 

C7+ 0.2856 

Total 1.0000 
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Table 29: Solvent recovery material balance for Experiment 3 

Run Time 

(min) 

Cumulative  

Injected Solvent (g) 

Solvent Produced    

with Bitumen (g) 

Solvent Produced    

from Gasometers (g) 

Cumulative  

Produced Solvent (g) 

Solvent Recovery 

Factor (%) 

0 0 0 0 0 0 

158.27 31.9 10.42 4.62 15.04 47.15 

279.45 77.16 44.05 15.58 59.63 77.28 

325.33 93.48 59.68 21.87 81.55 87.24 

376.52 117.22 80.1 32.87 112.97 96.37 

446.73 164.7 107.87 38.38 146.25 88.79 

487.93 195.86 123.81 40.66 164.48 83.98 

533.2 232.96 152.03 42.95 194.98 83.7 

616.28 307.15 208.51 47.99 256.5 83.51 

698.95 390.24 270.14 54.74 324.89 83.25 

818.95 524.52 361.94 67.7 429.64 81.91 

895.73 603.91 428.97 81.39 510.36 84.51 

Blowdown 603.91 428.97 112.89 541.86 89.73 

 

 

 

 

Table 30: Solvent recovery material balance for Experiment 4 

Run Time 

(min) 

Cumulative  

Injected Solvent (g) 

Solvent Produced    

with Bitumen (g) 

Solvent Produced    

from Gasometers (g) 

Cumulative 

Produced Solvent (g) 

Solvent Recovery 

Factor (%) 

0 0 0 0 0 0 

190.50 64.55 20.49 19.48 39.96 61.91 

265.62 111.29 49.14 43.29 92.43 83.06 

350.28 160.25 72.27 65.26 137.53 85.82 

429.28 225.54 109.88 82.72 192.60 85.40 

513.28 319.02 164.36 94.57 258.93 81.16 

594.12 422.14 228.98 101.92 330.91 78.39 

665.28 532.68 300.17 110.24 410.41 77.05 

737.43 645.45 369.66 118.38 488.04 75.61 

808.20 756.00 438.83 127.72 566.54 74.94 

868.12 807.93 503.33 137.24 640.57 79.29 

Blowdown 807.93 503.33 205.07 708.40 87.68 
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Table 31: Solvent recovery material balance for Experiment 5 

Run Time 

(min) 

Cumulative Injected 

Solvent (g) 

Solvent Produced    

with Bitumen (g) 

Solvent Produced    

from Gasometers (g) 

Cumulative 

Produced Solvent (g) 

Solvent Recovery 

Factor (%) 

0 0 0 0 0 0 

37.75 2.23 0 0.07 0.07 2.96 

151.57 26.71 11.01 0.10 11.11 41.61 

239.30 55.64 28.49 1.20 29.69 53.36 

289.18 74.19 45.63 2.18 47.81 64.44 

370.32 108.32 60.38 4.30 64.68 59.71 

443.27 148.38 85.49 7.97 93.45 62.98 

528.90 195.86 113.13 13.92 127.04 64.86 

564.80 218.12 126.53 16.63 143.16 65.63 

650.97 277.47 164.31 25.46 189.78 68.39 

740.07 345.73 204.30 35.86 240.17 69.47 

796.37 396.18 230.26 42.75 273.01 68.91 

Blowdown 396.18 230.26 55.54 285.81 72.14 

 

 

 

Table 32: Solvent recovery material balance for Experiment 6 

Run Time 

(min) 

Cumulative Injected 

Solvent (g) 

Solvent Produced    

with Bitumen (g) 

Solvent Produced    

from Gasometers (g) 

Cumulative 

Produced Solvent (g) 

Solvent Recovery 

Factor (%) 

0 0 0 0 0 0 

155.15 17.07 13.13 4.36 17.49 102.46 

257.58 44.37 16.97 5.87 22.84 51.47 

309.47 65.53 23.01 9.62 32.64 49.80 

381.28 101.03 42.60 20.12 62.72 62.08 

458.35 140.62 59.41 32.38 91.78 65.27 

551.88 192.50 85.05 53.76 138.81 72.11 

606.80 226.64 97.96 68.78 166.75 73.57 

687.00 280.56 122.58 88.11 210.69 75.10 

770.23 341.32 150.46 105.31 255.77 74.94 

851.22 406.85 181.61 125.29 306.89 75.43 

Blowdown 406.85 187.73 139.78 327.52 80.50 
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Table 33: Solvent recovery material balance for Experiment 7 

Run Time 

(min) 

Cumulative 

Injected Solvent (g) 

Solvent Produced    

with Bitumen (g) 

Solvent Produced from 

Condensate Traps (g) 

Solvent Produced    

from Gasometers (g) 

Cumulative   

Produced Solvent (g) 

Solvent Recovery 

Factor (%) 

0 0 0 0 0 0 0 

191.98 49.83 6.49 4.07 10.73 21.29 42.72 

298.08 123.56 44.70 4.07 26.07 74.84 60.57 

367.08 191.14 83.28 4.07 39.67 127.03 66.46 

429.11 254.62 122.56 4.07 51.40 178.03 69.92 

488.36 326.30 161.95 4.07 62.34 228.35 69.98 

543.86 394.56 203.52 6.94 73.73 284.18 72.02 

599.04 466.24 250.74 6.94 87.26 344.93 73.98 

652.94 541.33 291.50 13.12 101.18 405.80 74.96 

709.38 630.76 351.55 29.33 116.50 497.38 78.85 

755.24 707.89 398.88 33.42 131.57 563.87 79.65 

795.04 707.89 413.12 36.42 144.42 593.96 83.91 

811.61 707.89 419.87 60.04 144.42 624.33 88.20 

Blowdown 707.89 419.87 60.04 157.02 636.94 89.98 

 

 

Table 34: Solvent recovery material balance for Experiment 8 

Run Time 

(min) 

Cumulative 

Injected Solvent (g) 

Solvent Produced    

with Bitumen (g) 

Solvent Produced from 

Condensate Traps (g) 

Solvent Produced    

from Gasometers (g) 

Cumulative  

Produced Solvent (g) 

Solvent Recovery 

Factor (%) 

0 0 0 0 0 0 0 

118.90 51.52 3.25 0 7.20 10.45 20.28 

180.90 103.04 20.85 4.66 26.11 51.62 50.10 

244.87 168.12 42.76 4.66 46.60 94.02 55.92 

309.32 239.30 70.46 4.66 66.57 141.70 59.21 

370.15 332.17 119.27 4.66 88.81 212.74 64.04 

430.50 432.50 170.34 28.57 113.87 312.78 72.32 

481.58 532.15 227.21 45.58 136.95 409.74 77.00 

536.17 644.00 284.46 61.73 155.53 501.72 77.91 

584.47 754.50 356.41 82.51 174.02 612.94 81.24 

634.40 879.23 429.66 105.08 193.14 727.88 82.79 

679.15 879.23 480.36 119.65 208.85 808.86 92.00 

735.82 879.23 490.46 129.75 229.17 849.38 96.61 

769.68 879.23 493.11 131.02 238.89 863.02 98.16 

Blowdown 879.23 493.11 131.02 251.07 875.19 99.54 

 


