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Abstract
Experimental methods, including process tomography, X-ray fluoroscopy
and particle tracking techniques, were developed to give distributions of fluidized

bed properties over the volume of the bed and as functions of time. These
methods show great promise in providing the information needed to advance
understanding of fluidized beds.

The focus of this work is the fluidization of polyethylene resin particles
produced by the gas phase polymerization of ethylene in industrial fluidized

beds. An extensive set of hydrodynamic experiments on these particles was
performed. Supplementary experiments were also performed using two sands of
similar particle size. It was found that the fluidization properties of both the sand
and polymer did not conform to standard theory. Possible experimental and

procedural errors were tested and eliminated. The presented results reflect true
properties of the particles tested.
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Chapter 1: Introduction
The fluidized bed reactor is widely used in chemical processing industries

for a wide variety of processes - including coking, FCC and the polymerization of
olefins. The use of modern fluidized bed reactors dates to the early 1940's.
However, most methods for design or analysis of fluidized beds treat them as
something of a black box. This is because the internal behavior, in the form of
the formation, interaction and travel of voids or the distribution of solids and solid
velocities is extremely complex. In addition the internal behavior is very difficult
to measure without insetting some sort of probe into the column. From

experience with this type of reactor we know that placing intemals in the bed

changes the bed behavior, and that the behavior measured is very much a
function of the position of measurement.

In the past few decades new methods for measurements have been
developed in other fields. Some of these methods are now being transferred to
the chemical reactor field and are showing interesting results. From the medical

fields the technologies of X-ray Computer Aided Tomography (CAT) Scanning,

fluoroscopy and gamma cameras are now being applied to the measurement of
flow in fluidized bed reactors. These methods have the advantages of being
able to take measurements over the entire column and being able to do so

without invading the bed.

These methods have been used a few times in the literature, but most of
the published results are qualitative, while the few quantitative results have
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mostly been of a nature easily measured without resorting to such expensive
technologies. Nonetheless, the qualitative results have been quite exciting and
show great promise to provide an increased understanding of fluidized beds. To

-

do this two things need to be provided I)
the qualitative results need to be
connected to the traditional research so that the observed patterns can be
correlated with the flow regimes that have already been identified and 2) new
analysis needs to be created to extract quantitative data from the large volume

data streams these techniques generate. A further complication is that by the
nature of how these technologies work, they operate best when used with
fluidized beds where the particles are of low density - for example polyethylene
resins. There ate reactors which have such solids in them but there is very little
literature on this type of fluidized bed. Thus it is necessary to carry out the basic
and traditional fluidization measurements to determine as much about the
fluidization characteristics of these solids as possible and thus determine what
the new technologies can do for multiphase reactor engineering.
This work has two primary objectives 1) to determine the fluidization
characteristics and flow regimes of several types of particles for comparison to
the results of imaging technologies and 2) to learn more about what the imaging
technologies can tell us about the flow in the fluidized bed. To achieve these

goals a broad literature review was needed to get an overall view of the current
state of the art in fluidization research. This is needed because of the great
range of information in the images produced and because the result from these

new technologies needs to be compared to the results of other methods for

verification of the data.
There is a vast literature on the hydrodynamics of fluidized beds. They
have been under intensive study by chemical engineers for several decades.

One paper published in the early 60's claimed to have found more than 300
papers at the time. Since then there has been the passage of three and a half

decades and a dramatic increase in the number of people carrying out research
As a result, it is simply impossible to be familiar with all of the literature on
fluidized beds - and it often seems to be pointless to add more. However, one

reason for this vast literature is that the complex nature of the behavior of the
fluidized bed makes it difficult to reconcile the data. Many papers appear to
conflict with many others. Often these difficulties come about from different
experimental and/or analysis techniques. But many other difficulties arise from
the unexpected discovery of differences in the behavior of the bed. Added to
these problems in the literature is the fact that the ultimate aims of studying
fluidized beds it to improve the performance of industrial beds or apply this
technology to new or other processes in a manner which will result in improved
economic or environmental performance. Unfortunately, most of the literature

concerns small columns whereas in industry large columns are the norm. It is

not possible to scale the results from small columns to large with much
confidence. This has resulted in the fact that most of the large scale
technologies were created by the gradual scale up from bench top size to
industrial; building a new column each time and experimenting on it before
building the next larger column. This is a laborious and expensive process.
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Over the past couple of decades there has been a small amount of interest in the
visualization of flow in the fluidized bed and also in modeling techniques which
attempt to model the Row in the column without macro scale averaging.
Flow visualization of chemical reactor phenomena was given a new
direction with the implementation of process tomography techniques. These
techniques can provide valuable information on flow phenomena in
heterogeneous reactors. In particular, visualization and understanding of flow
phenomena in gas phase polymerization reactors can aid us in achieving a
better temperature distribution in the reactor and higher quality of products. In
this study, the Ruidikation characteristics of a series of commercially available

LLDPE (Linear Low Density Polyethylene) and HDPE (High Density
Polyethylene) resins and narrow and wide particle size distribution sands were
investigated. The experiments were run in columns of 10 cm and 20 cm in
diameter (0)
and variable bed heights (L), at UD ratios of one, two and three.
The experiments run in the 10 crn column using the resins designated later as

M I , M2, J1 and J2 were run previously1,but further analysis is provided here.

The particle size distributions varied from very narrow mesh sizes to full particle

size distributions as they came out of commercial gas phase polymerization
reactors. The resins also varied in sphericity. All experiments were performed at

ambient conditions and inside the X-ray Computer Assisted Tomography (CAT)
scanner facility. The CAT scanner images provided areal gas voidage
distn'butions as a function of position and operating conditions at a resolution of
400 pm by 400 prn in cross section and 3 mm in thickness. A large number of
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images were collected and analyzed.
Experimental results clearly established a set of fiuidization experiments
that gave relatively uniform voidage distributions, whereas other experiments had

extremely non-uniform voidage distributions. Segregation and channeling were
also observed under various operating conditions. It was found that certain
regions of the bed were characterized by high voidage while others by very low
voidage. These regions varied with experiments using the same resin but
different velocities and UDs. The spatial variability of the voidage was also
described in terms of statistical moments, frequency distributions and
variograrns. The voidage distributions were found to vary from wide unimodal to
tri-modal of the same range for experimental conditions that, at first sight, did not
appear to be significantly different
Another topic of interest is the time averaged macroscopic determination

of solids and gas in gas phase polymerization reactors. The voidage distribution
coupled with appropriate kinetic models can provide an estimate of deviation

from expected fluid behavior which is due to the presence of hot spots or gas bypassing.
It is very importantto note that in most cases the slice average voidage is

relatively constant through the column length. However, there is considerable
radial variability within each slice. This variability is measured as a function of
poslion, and in fixed positions as a function of time. In this thesis the
quantification of these observations through comparisons of the voidage
distribmon of a fluid bed to the expected corresponding distribution of a uniform
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bed is attempted. Deviations from the expected mean are classified in distinct
categories. The areas of consistently high gas concentration are identified as
areas of gas channeling. Having identified these areas, the determination of the
formation and propagation of gas channels in a fluid bed both in the spatial and
temporal domains follows.
The hydrodynamic characteristics of polyethylene resins are further
studied in detail through a combination of different techniques. Computer

' is used to determine voidage distribution
Assisted Tomography1~103-'04~1*110*1'
under different operating conditions. Radioactive particle tracking is used to
determine the solid particle trajectories, the horizontal and vertical velocities of

the solids and the residence time distribution of the solids"3~"6~117~101
. X-ray
fluoroscopy is used to determine bubble frequency and velocity'00. All these
techniques are then combined with the infonation obtained through monitoring
pressure fluctuations in the fluidized bed columns. All experiments are
performed in Plexiglas columns of diameters that vary between 10 cm and 30

cm. The materials used are polyethylenelair and sandlair, respectively.
The combination of these techniques provides the unique opportunity to

study the fluidized bed systems in great detail. Unfortunately, all techniques
cannot be implemented in a single experiment. As a result, the same
experiment is repeated as many times as necessary to collect the required data.
f h e column is moved from one imaging system to the next and the experiment is
repeated under the same operating conditions. If in each experiment a statistical

data set is acquired and care is taken to ensure that the column is operated
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under the same conditions for all experiments then the results can be combined

just as if all the measurements were taken a the same time.
Although the main objective of this research program is to determine the
fluidization characteristics of polyethylene resins, experiments with sands of
similar particle size distributions are also carried out. These experiments are to

be used as a comparative measurement between the work conducted in our
laboratory and that of other groups with experience in the area of gasfsoiid
fluidization,
This thesis describes the various categories of voidage distributions
observed and provides some first correlations between voidage and operating
'parameters. A discussion of the implications of such phenomena to the
performance of a gas phase polymerization reactor is also presented.
In earlier work it was discovered that the simple fluid bed systems used in
the laboratory exhibited a complicated gas channeling picture at relatively low

UD and relatively low fluid velocities. Channels can appear in the bed and can
have a variety of characteristics and relative positions in the bed while the
operating conditions vary only slightly. The implication of such channels in the
operation of gas phase polymerization reactors is also presented.
This thesis summarizes the experimental procedures for each set of
experiments along with the nature and limitations of each set of experimental
data. The results from each different system are combined in an effort to

describe the complex hydrodynamics of the bed. The incremental information
obtained in each set of experiments compared to the macroscopic
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measurements (flow a rate and pressure drop) is demonstrated.
With all of the imaging which we are now using there comes a problem -

what does it all mean in terms of the data in the literature? This question is
further complicated by the fact that while there is a large volume of data on
fluidized beds there is very little concerning particles similar to the polyethylenes

used here. In fact the only data we have found in the literature on particles
similar to ours is data published by our group. Our particles are large particles

with low density whereas most fluidized beds operate with smaller and/or more
dense particles. Some of the researchers in the field of fluidized combustion
have run into the same difficulty except that in their case it is caused by the use
of very large particles. Most of the laboratory work done on fluidized beds has

used common and relatively inexpensive particles such as sand and glass
balottini. Many other researchers have used various forms of FCC catalyst. The
problem which appears is that our beds do not show the same behavior as seen

in the literature. Now is this caused by our particles, our equipment or are we
carrying out the experiments incorrectly? For these reasons we decided to carry
out a set of hydrodynamic experiments. To demonstrate the differences
between the behavior of our particles and the "classicalnparticles we also did
some experiments with sand. Unfortunately, as will be seen later, we were
unable to resolve the reason for the different behavior of our systems.

The minimum fluidization velocities and the transition for bubbling to
slugging were all measured for this. While it would have been preferable to also
see the change from slugging to turbulent fluidization, the columns were not able
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to operate at such high fluid flows without an excessive cany over which would

have dramatically changed the bed during the experiment The particles used
for the hydrodynamic experiments and for the X-ray fluoroscopy and particle

tracking experiments were fully characterized and the column properties were
measured.
One of the greatest sources of difficulty was that the data showed an

increase in pressure across the bed with increase in fluid velocity in the bubbling
regime. While some increase is to be expected, the literature indicates that such

an increase should not be measurable. Therefore, the large increases seen
here are unusual - and have made the publication of this data difficult. Further
experiments were carried out and are outlined here which clearly show that this
is the way these beds behave.
Finally, the pressure fluctuations are examined for indications of the

nature of flow in the column. The frequencies of major fluctuations and the

velocity of the pressure waves in the column are examined.
Throughout this thesis a number of dimensionless numbers are used to
characterize the columns. The main numbers are the fluidization number:

which is nothing more than the ratio of the superficial fluid velocity to the
minimum fluidization velocity. The Archemedes number is a nondimensional

measure of the buoyancy of an object in a fluid:

The third number commonly used is the particle Reynolds number

Re,

=

dPup,
P

which is the ratio of the momentum forces of fluid Row acting on a particle to the

viscous forces of the fluid flow. A final number, less commonly used is the
Froude number which is a dimensionless fluid velocity for rnultiphase systems
which scales the fluid velocity to with respect to the buoyancy of a dispersed
solid or fluid phase and the diameter of the flow

Chapter 2: Literature on Fluidization
The behavior of fluidized beds is very complex. It has also generated an
extremely large and contradictory literature. In this thesis much of the focus of
the work has been on the demonstration and expansion of the use of noninvasive imaging systems to study the behavior of fluidized beds. It is hoped that
these systems will give a better understanding of the hydrodynamics of fluidized

beds through their ability to measure the entire bed without disturbing it. In order
to do this it becomes necessary to compare the capabilities of the imaging

systems to those of traditional methods. The capabilities of the imaging systems
will be explored in later chapters - here the nature of the current approaches to
the problem are explored. This literature review is long and somewhat scattered.

This is a result of the fact that this project has been something of a moving
target, and a desire to cover the field. Also there is a lot of work here which is

not strictly dealing with imaging - for example there is a lot of work covered on
hydrodynamics. Since it became necessary to cany out hydrodynamics

experiments they must also be included in the literature. However, it is also
necessary to find out about the hydrodynamics research as this is the point of

the imaging systems. Wlthout an extensive understanding of the current state of

the art in fluidized bed hydrodynamics it is not possible to demonstrate the
of these new methods.

Different parts of the fluidized bed are often described in different ways.

In a bubbling fluidized bed the bubbles are often grouped together and treated
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as one phase referred to as the bubble phase. The mixture of solids and fluid
surrounding the bubbles is then referred to as the emulsion phase. It is
important to note that unlike bubble columns, were the bubble phase is
surrounded by a liquid phase, in a fluidized bed the fluid can travel from the
bubble phase into the emulsion phase and back into the bubble phase.
Also there are some terms for bed geometry which are commonly used.
A two dimensional bed is an experimental approximation were one dimension of

the bed (not the height) is very small. A typical example might be 100 cm tall, 50

cm wide but only 2 cm thick. In this type of bed the bubbles are cylinders with
their length equal to the thickness ofthe bed. This allows simple observation
and analysis of bed behavior. A three dimensional bed, by contrast, is one which
does not have this characteristic small dimension and is unrestricted in its shape
although most are vertical cylinders with the column height much greater than
the diameter.
In order to clanfy what is happening in bubbling fluidized beds it may be
useful to look at the work on bubble columns as they appear to be quite similar.

The major difference between the bubbling fluidized bed and the bubble column
is that in a bubble column all of the gas flowing into the column travels through
the bubble phase whereas in the fiuidized bed much of the gas flows through the
emulsion.
In this review the papers are divided into seven arbitrary classes. These
classes are: Basic Measurements, Bed Structure, Frequency, Flow Regime,
Bubbles, Modelling and Novel Methods.

The division into theses classes is
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arbitrary as many of the papers covered could equally be placed in several of
these classes. This division is purely to make reading the review easier and to
give an idea of what the large concerns are in the literature review. Many of
these papers were selected to give an indication of what sort of thing it may be
desirable to learn from imaging andlor to show what is already out there which
may be compared to the results of the imaging systems. It should be noted that

this literature review actually represents about one third of the papers collected

on these topics. There is a brief introduction to each section explaining it.

Basic Measurements

Basic measurements of fluidized beds generally refers to the
measurement of overall bed characteristics, usually from pressure
measurements. Typical basic measurements would be the determination of the
minimum ff uidization velocity from the magnitude of the pressure in or across the
column as a function of the fluid velocity. Such measurements, if taken at
several heights in the column can give a rough estimate of the axial pressure
gradient and from this the axial holdup gradient.

The magnitude of pressure fluctuations, were the pressure is either an
absolute pressure or a differential pressure. can be used to measure the
minimum fluidization velocity and the transition from slugging to turbulent flow.

In general the basic measurements are quick and simple measurements which
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with a small amount of analysis gives an overall picture of column behavior.
Many of the methods and techniques included here are very similar experiments

with more complex analysis which give more detailed descriptions of the bed
behavior. It is often possible to get basic measures from more complex
experiments as well as the additional data specifically of interest. The reverse is
not usually the case.

Since the work here involves fluidized beds which are not well
represented in the literature the basic measurements have to be taken. The
following papers give an idea of what the current state of the art in these
measurements are and what some of the different methods used are.
Svoboda et aL2 measured the pressure fluctuations from a column 8.5 crn

in diameter and 50 cm tall with a perforated plate distributor of free area 2% and
orifice diameter 0.8 mm with three different solids at temperatures ranging from

20 to 800 OC. The frequency spectrum, dominant frequency and mean of the
pressure fluctuation amplitudes were found to depend considerably on both the
fluidization -numberU/l/,
and temperature. The mean fluctuation amplitudes
increased almost linearly with the relative gas velocity. At corresponding relative

gas velocities the mean amplitudes showed a continuous decrease with
increases in temperature. This was more pronounced for the higher density

material. The increase of gas velocity caused a systematic shift of power in the
frequency spectra toward lower frequencies. The transition from free bubbling to
slugging is marked by a steep decrease of the dominant frequency. The relative

gas velocity corresponding to this frequency drop increasedwith increasing
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temperature. In the free bubbling region the dominant frequency increased
considerably at higher temperatures. The slugging frequency increased only
slightly with temperature.
Chong et aL3 used the variance of differential pressure signals from a tall
bed as the error signal to control the quality of fluidization. In their case they

defined quality of fluidization as to be as near to uniform as possible - which
requires being close either to minimum fluidization so as to have small bubbles
or below the minimum bubbling velocity depending on the type of particle. The

problem is that in a tall bed the gas may expand considerably as it moves up the
bed so that at the bottom the bed may be just over minimum fluidization but
bubbling or slugging vigorously at the top. The solution they used was to bleed
off gas at several heights in the column. This required an online measurement
indicating the excess fluid velocw. Their experiments found that the excess fluid
velocity was related to the variance of the pressure measured over a large height
(- 80 cm):

Thus, they were able to use the variance measured over different sections of the

bed to control the bleed off of gas reducing the excess velocity.
Yerushalrni et a1.4 used pressure measurements in their early study of the

fast fluidized bed. From the mean pressures measured at several heigMs in a
76.2 mm diameter column 7.87 m in height, using particles of density 880 kglm3
and diameter 1.5 mm, they were able to estimate the pressure gradient as a

I6
function of gas velocity and solid flow rate. This allowed the measurement of the
bed density as a function of height in the column, solid flow rate and gas veloclty,

and slip velocities. These were compared to bubbling and turbulent beds where
it becomes clear that the fast bed behaves in a very different manner from the

lower veloclty beds. From these results they were able to conclude that for many
systems the fast bed was superior to the bubbling bed - which they noted was
already the experience in some industrial applications at the time.
Hong et a/.' measured the pressure fluctuations in a column with a probe.
They used the standard deviation of the pressure signal to determine the
minimum fluidization velocity. This was based on the linear relationship between

the standard deviation and the fluid velocity found by Punchar et ale6who found
that:

where o is the standard deviation of the signal and U is the fluid velocity. At
minimum fluidization o is zero and the linearity holds up well for U/UM c 2.5
regardless of the measuring height in the column. However Hong ef at.' did find

that the measurement height in the column was important as the signal in the
bottom of the column may not have this linear character due to the different
signals resulting from the formation of bubbles instead of the passage of
bubbles.

Foscolo ef ai.' carried out a stability analysis of the homogeneous
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fluidized state. They examined the commonly made assumption that the
pressure field may be well approximated by its gravitational component alone.

They found that this was valid for most cases of practical interest but that it can
lead to significant discrepancies for liquid fluidized beds of low-density particles.
Baskakov eta/.' introduce a mechanism to explain the pressure
pulsations commonly seen in fluidized beds as a result in oscillations in the bed

pressure drop due to the changes in the hydrostatic head caused by the bursting
of bubbles. On the basis of this model they proposed a simple model for the

minimum of the pressure fluctuation:

Bed Structure

The basic measurements give numbers which describe the overall column

behaviour. Reliance on such numbers requires that there is no significant
variation of the hydrodynamics with position in the column. While this is often a

necessary assumption in engineering calculations, it is potentially dangerous.

Bed structure refers to nothing more than the variations which can be measured

in the hydrodynamics as a function of position in the column. These variations
may arise from poor distribution resulting from partial distributor blockage or bad

design or they may arise naturally from the forces in action in the bed.
Most such experiments have been carried out using various probes

including pressure and differential pressure probes, continuity probes (such as
capacitance or optical probes) and tracers either in the solid or fluid phase.
Non-invasive techniques including X-ray imaging and gamma ray attenuation

have received less attention - likely largely because of the cost and safety
considerations.

From the following papers it is clear that the bed structure is affected by
all the variables - bed geometry, UD ratios, particle and fluid properties, fluid
velocw, temperature and pressure. It is also clearly a function of the flow regime

although there may be some similanty in structure between different flow
regimes. Very few papers have been published where the effect of reaction on

the hydrodynamics is measured. Since some chemical reactions may generate

or consume a large fraction of the fluid phase this is a considerable oversight.
Bed structure is quantified by many means including the identification of
zones axially along the bed, axial profiles of hold up, radial and axial distributions

of bubble properties including size, frequency, velocity, shape and fraction,
porosity distributions in the bed and in the emulsion phase, and the presence,

absence and dimensions of the corelannulus structure. The corelannulus has
been observed many times and in many different types of bed and is nothing
more than an annulus of low voidage which lies against the wall surrounding a

core region of higher voidage.
It can be reasonably expected that the bed structure will have
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considerable effect on the mixing of solid phase and particle movement, contact

between fluid and solid, and heat and mass transfer.
For the purposes of this thesis this is a particularly important section
because the imaging techniques discussed in later chapters measure bed
structure. Furthermore there is very little literature on the use of these imaging
systems for quantification of fluidized bed hydrodynamics, most of it from this
lab. Thus both the nature of the bed structures which have been measured and
the methods used must be ascertained to put the new methods into perspective.
Song et aL9 used differential pressure fluctuations to detect the local
blockage of the distributor with good success. Their set up used a 0.203 rn
diameter column 0.3 m tall above a plenum 0.17 cm tall. The distributor was a
perforated plate of 12.7 mm thick with 164 holes 1.59 mm in diameter. The
minimum fluidization velocity was 0.17 m/s. The settled bed height was 0.08 m.
Two plates were used to partly block the distributor, one was a cross 0.00476 m2
in area and the other a circle 0.0081 m2in area. Two vertically aligned pressure

taps were provided with the lower one 0.01 m above the distributor and the
verticai distance between them 0.045 m. These were connected to a transducer
which was then connected to a system of correlation, probability and Fourier
analyzers, oscilloscopes and plotters. The sampling interval was 10 ms and 8 X
1024 points were sampled. They found that it was not necessary to sample the

pressure in any particular area relative to the blockage to see its effect The
standard deviation of the differential pressure was found to increase with
increase in the blocked area of the distributor. The location of the blockage on

20
the distributor had significant effect on the standard deviation of the differential
pressure fluctuation. The major frequency of the differential pressure
fluctuations remained constant and independent of the change in the extent and
location of the blockage and the position of the tap.

Gracelocarried out an extensive and highly informative review of the state
of the art in the research and understanding of high velocity fluidized systems
with particular emphasis on turbulent fluidization. It is clear that turbulent and
fast fluidized beds are having major a impact as chemical reactors. However
applications have tended to precede real understanding leading to the dangers

of misapplication and under utilization of the technology. Several areas of study
need to be examined to gain the needed understanding. While high velocity
regimes have been identified and studied there is still a poor understanding of
the prediction of transitions from regime to regime. Even a rudimentary
understanding of the turbulent regime is lacking. It is not clear whether it is true
turbulence in the sense of random fluctuations of such variables as local voidage

and velocity or whether the regime consists of a transitional regime of
intermittency between lower and higher velocity occurrences. While a better
picture exists of the fast fluidized regime, the mechanisms which govern the
formation of a core-annulus structure within the riser are not understood. It is

also now evident that the geometry of the entrance, exit and wall, and the wall
materials, are of significant influence. Further work is required to understand the
role of particle sue distribution, particle shape, particle density and gas
properties. Models are needed for both catalytic operations and gasfsolid
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reactions to simulate the unsteady conditions as well as the steady state
conditions. Erosion has turned out to be a critical problem in many CFB systems
and the understanding of the factors which promote it must be identified.

Bermti et ai." developed an interesting experiment to measure lateral
solid mixing in a three dimensional gas-solid fluidized bed. The bed in question
was 0.27 m in diameter and fitted with a porous plate distributor. The solids
used were sand with density 2 470 kg/m3and diameter of 400 pm and potassium

ferricyanide as a tracer with the same diameter and density of 2 210 kg/m3.The
bed was fHed with sampling tubes which drew a continual stream of solids which

were deposited onto rotating disks divided into boxes, so that each disc
'contained the samples from a different location and each box contained a
sample at different times controlled by the speed of rotation. The column was
charged by placing a glass tube in the center of the column and filling it with the
tracer, and the rest of the bed with sand to the same height. The column was
then fluidized, and at 4 the tube snapped out of the column so that the tracer
could mix with the sand. To measure the tracer concentration in each box the

sand was weighed, then the tracer dissolved in water and the dried sand reweighed. The data was fitted to a lateral mixing model based on diffusion and
an existing correlation but this did not work well for r/R > 0.5 as the diffusion
model is too simple. They thus generated a modified correlation which was
based on an excess fluid velocity correlation which fit the data well.

Bakker and Heertjesl' carried out early studies of porosity distributions in

fluidized beds, but they do mention that at the time of this paper there were

-
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300 papers on the subject of fluidization. At the time it was common to assume

constant porosity in a fluidized bed, which leads to significant problems in
estimating mass and heat transfer rates and thus reaction rates in fluidized beds.
They give a literature review of the efforts up to that time to establish better
measures of the transfer rates and From this conclude that the use of a
capacitance probe will give useful results in the form of porosity maps of the
column. Their probe was a little larger than modem ones and while they could
see regular fluctuations in the voidage measured, they were forced by the nature
of the equipment available at the time to use time average values. They were
able to measure the voidage in the bed as a function of radial and axial position.
They established the three zones in the column - the distributor zone, developed
zone and disengagement zone and were also able to calculate isopore diagrams
showing curves of constant porosity in the bed. This shows high voidage at the
bottom particularly at the walls with a roughly constant core region with high
voidage areas near the wall roughly mid way up the column and then increasing
voidage at the top. From this they generated a flow diagram showing circulation
cells in the bottom and top of the column. This paper is of particular interest
because of its early date of publication, crude instrumentation used and how well

the results have held up over time.
Yamazaki et a1P3 developed a system to measure the porosity of the
emulsion phase in a fluidized bed. The system used a set of 7 optical probes
arranged on a strip so that they could simultaneously measure light attenuation

along a diameter of the bed. The bed was 82 mm ID x 1 m high, fitted with a
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perforated plate with 1 rnm diameter holes on a 2 mm staggered pitch giving 25
holesIcrn2. The solid was a cracking catalyst (d,, = 67 pm, P, = 830 kgIm3)and

was filled to a static height of 0.62 m. The data from the probes was sampled
and analyzed to eliminate the bubbles and then measure the voidage of the
emulsion phase. Measurements were taken on three different diameters 60"

apart giving measurements at 19 locations distributed about the horizontal plane
in the column and also at several different heights. From the measurements
they were able to estimate both the bubble frequency and the voidage of the
emulsion. These measurements were carried out at pressures of atmospheric,

100, 200 and 300 kPa. Under all conditions the distributions were roughly
axisymmetrical. At atmospheric conditions the emulsion voidage ranged
between 0.4 and 0.55 being higher at the center except near the bottom where

there is a high voidage ring around the center. The bubble frequency ranged
from 0 to 8 bubbles /second and is roughly axisymmetrical with higher frequency

at the center. At the higher pressures both distributions are more axisymmetrical
generally being flatter through most of the range with a sharp peak at the center.

Bakker and Heertjes'" carried out a set of experiments in a small fluidized
bed (9 cm diameter, porous plate) using glass beads 175-210 pm. and some
additional experiments with other solids. Varying bed weights were used and
measurements were carried out over velocities from 8.1 to 98.4 crnls. They used

an early capacitance probe to measure the time averaged voidage in the bed,
and the effects of changing bed weight (settled height) and velocity. They
identifed three different zones in the bed, a distributor zone, a developed zone

up to the initial bed height, and a disengagement zone. Changing the bed

weight changed the length of the developed zone,but had no other effect on the

sizes of the zones. The voidage in the developed zone was found to be a linear
function of fluidization velocrty. The expansion of the bed was linear with the
product of the bed mass and the fluid velocw while the voidage in the developed

region was essentially unaffected by the bed mass. From their measurements
they were able to generate isopores, which clearly show complex behavior in the
bed. The voidage variations were affected by both the bed weight and the fluid

velocity in a reguiar and predictable manner. They report similar findings for
silica gel beads.
Wittmann, Helmrich and Schugerlls carried out a study on the

hydrodynamics of a bubbling fluidized bed which was particularly interesting in

that they where able to do studies with and without reaction. The reaction in
question is:

ZNaHCO,

+ Na,C03 + CO, + H,O

(8)

and it is of interest from a hydrodynamic point of view because reaction

increases superficial Ruid velocity. The apparent density of the particles was
1.45 glcm3 and the particle size was 137 pm. The fluid was air with reaction
controlled by temperature. The column was 19 crn in diameter, 250 cm in overall
height, Wed with a porous plate. The air was preheated and the column had

wall heaters. The column was fed the reactant at 130 glmin and the product
overflowed to e x l Capacitance probes were used to measure bubble velocities,
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diameters and volume fraction at various radial and vertical positions in the
column. Measurements were made at fluidization numbers (UIU,)

2,3,and 4

for non-reading and 3 for reacting. In the non-reacting case the bubble rise
velocity was a function of radial and axial co-ordinate with a near flat profile at

the bottom which increases slightly at the wall, and developing a maximum which
moves from near the wall to near the center as the height increases. The bubble

volume fraction shows a maximum near the wall at the bottom which moves

toward the center as the height increases. This maximum is superimposed on a
linear tread which is flat at the bottom but decreases from the center to the wall

at the top. The bubble diameters show a distribution which increases its width
and mean with increase in height in the bed. When the reaction is added in the
trends are qualitatively similar but dramatically increased - more than sufficiently

to demonstrate that the addition of the reaction is changing the hydrodynamic
performance of the column.
'~
out an extensive set of studies using
Schweinzer and ~ o l e r u scarried
four two-dimensional beds with different thicknesses, and a 40 crn diameter by
Im tall column. The two-dimensional beds were fluidized with quartz sand 157
prn and Frigen R 115 at pressures giving fluid densities from 0.7 to 27.8 kglm3.

The beds were observed using cine pictures taken to analyze bubble shape,

size, distribution and velocity. No significant variations were found within bed

geometries with changes in pressure, but significant differences were found
between the different bed thicknesses and even more so when compared to the
three-dimensional bed. They also found that the bubble velocity was constant
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and not affected by either bubble size or pressure in the 2 dimensional models.
They concluded that the transferability of hydrodynamic investigations in two
dimensional beds to commercial scale is questionable in the least.
They also carried out experiments in a 40 cm ID column 100 cm tall with
an expansionldisengagementsection with cyclones for particle recycle and a
high pressure drop porous plate. This column was inside a pressure housing

allowing the bed to be operated up to 2.5 M Pa. The bed was fluidized with air
and three different solids of Geldart class A, B, and D: glass beads 56.5 pm and
2495 kg/rn3, and quartz sand 157.4 and 1065 pm with density 2630 kg/m3. The
bed was faed with dual capacitance probes oriented vertically at heights of 0.2

m and 0.6 m above the distributor and able to move radially, and a differential
pressure transducer. They found a radial distribution of visible bubble flow with
an annular region of high bubble flow and a central region of lower bubble flow.

The radial variation of visible bubble flow was reduced by increasing pressure.
The mean visible bubble flow for the type A particles increases linearly with fluid

velocity but is decreased by increasing pressure. For the type 0 particles the
visible bubble flow increases with fluid velocity but while there is scatter in the

data it appears that there is no pressure effect on the visible bubble flow. The
visible bubble flow is considerably less than predicted by two-p hase theory. For

the type D particles the fractional flow through the bubbles decreases with
increase in excess fluid flow and height in the column. For all three particles the
bubble size is decreased by increase in pressure. this being more noted for the B
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and D particles. The velocty coefficient u

is calculated for varying

pressure and found to be about 0.71 for low flow but it increases with velocity for
the D powder. Propulsive power (buoyancy) of rising bubbles for B and D

particles is found to fall on a linear relation which shifts with height in the column.
The mean amplitude of pressure fluctuations increases with excess gas velocity
but is decreased by increase in pressure. The fundamental fluctuation frequency
is almost constant with a small decrease with increase in fluid velocity but

increases with increase in pressure. The last two points are often interpreted as
meaning that there is smoother fluidization with increase in pressure.
Louge and Changl' developed a new one dimensional model for the
vertical voidage profile in a CFB (Circulating Fluidized Bed) riser. The traditional
method of inferring the voidage in these beds from the pressure drop across

varying parts of the bed and assuming that the pressure drop results solely from
the hydrostatic pressure drop was found to be in error by other researchers.

They used the momentum balances of each phase in the column and the
continuity equation for the solid phase with some assumptions to develop a new

model which requires the voidage at one point in the column and the pressure
profile in the column and is then able to accurately (compared to data) predict
the voidage profile. Rearranging the model shows that it gives the pressure
differential as the hydrostatic pressure drop plus a correction for the voidage

dHerential. As a result of this under Iow solids flux this model shows that ~e
pressure differential should be unaffected by the voidage gradient (as there is
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none). The authors tested this prediction in the lab and found to be correct.
Louge, Lischer and Change1*used pressure taps and capacitance probes
mounted in the wall of a 19.7 crn riser 7 m high to study the hydrodynamics of
CFB systems. They used air as the fluid and FCC of mean diameter 77 pm with

standard deviation 28 pm. The riser was fMed with cyclones etc. for solid and
gas recycle, and to measure the solids and gas flux. Since the capacitance
probes were mounted in the wall of the column, they could only measure in a
volume 2.1 mm into the bed and 11 mm in diameter. A comparison of these
measurements with the average cross-sectionalvoidage from pressure drop
confirmed the presence of a dense annulus of solids near the wall. The voidage

in this annular region exhibits a vertical profile similar to that observed for the
average cross-sectional voidage. A statistical analysis indicated mat the
skewness of the voidage PDF (Probability Density Function) can be used to
identify the relative elevation of the probe and the inflection of the vertical
voidage profile. In the relatively dense region located below the inflection point

the voidage PDF appears independent of the overall solids flux. However, the

average wall voidage in this region grows linearly with the superficial gas
velocity. Finally, for the conditions reported in this study the frequencies of the
voidage fluctuations are limited to approximately 20 Hz,and their distribution

appears to be nearly independent of superficial gas velocity.
Liang et aLtgstudied the fiow structure in a liquid solid fluidized bed. The

bed itself was 140 mm in diameter and 3 rn tall and the solids used were glass

beads 2460 kg/m3and 0.405 mm in diameter. The fluid was tap water. A dual
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conductivw probe was used in conjunction with electrolyte injection

and could

measure both local solids holdup and fluid velocity. Manometers were used to

measure differential pressures in the column for average solids holdup. When
the bed was operated in the non-circulating regime, the fluid velocity profile and
solids holdup profiles were uniform radially and axially. When the bed was
operated in the circulating regime the fluid velocrty and the solids holdup were

uniform axially but non-uniform radially. It was found that the radial solids holdup
profile was the same for the same average cross sectional voidage at different
operating conditions.

As superficial fluid velocity increases both the fluid flow on the axis and at the
wall increases, however the difference also increases indicating increased non-

uniformity in fluid flow with increased superficial velocity. This data was not
correlated.
Gunn and HilalZocarried out a set of experiments in two gas fluidized

columns, one of 89 rnm and the other 290 mm in diameter with porous plate
distributors. They used five sizes of glass balottini: 100,275, 325, 500 and 1000
ym and two sizes of lead shot 196 and 550 pm all having narrow particle size

distributions, and one size Diakon 300 pm but with a wide particle size

distribution. They used an ingenious method to measure the particle holdup in
the column. After measuring minimum fluidization they carried out a set of
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experiments where for each experiment they placed a screen at a known height
in the column and filled the column with a known mass of particles. They then

fluidized the bed at the velocity of interest and used a vacuum to suck out the
particles above the screen. By difference they knew the mass of particles in the

volume below the screen. From this they carried out an analysis of the data and
found that the bed density (and thus the height) was very well correlated by:

where

The dimensionless group U' is apparently not used elsewhere but this equation
fas the data very well over a range of A r = 100 to 10'.
The voidage in most of the annulus was found to be somewhat higher
than the loose packed voidage and increased with increasing spouting gas rate.
There is a denser region in the annulus where the voidage is a little lower than

the packed voidage at the boundary between the annulus and the spout In the
core of the fountain the voidage decreased with height for low spouting rate,
however at higher gas flow rates it first increased with height and then decreased
toward the fountain top. The radial profiles of local voidage were roughly

parabolic in the lower portion of the spout and blunt in the upper portion.
Miller and Gidaspog' studied the hydrodynamics of a circulating fluidized

bed using a 7.5 cm clear acrylic riser with 75 pm FCC catalyst Data was
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obtained for three central sections as a function of gas and solids flow rate.
Fluxes were measured by means of an extraction probe. Particle concentrations

were measured with an X-ray densitometer. In agreement with previous
investigators these data showed that flow to be in the core-annular regime, with

a dilute rising core and a dense descending annular region. However. unlike the

previous studies the data obtained in this investigation allowed the determination
of the viscosity of the suspension. The viscosity was a linear function of the

volume fraction of solids. It extrapolates to the high bubbling bed viscosities.
Patience and ChaoukiP studied the hydrodynamics of a circulating
fluidized bed using radioactive argon as a tracer. The impulse experiments show
that gas passes through the riser at velocities significantly greater than
superficial gas velocities. A core-annular flow model was used to describe the
hydrodynamics. Axial dispersion in the core zone is negligible and mass transfer

to the denser, stagnant annulus is characterized by a crossdow coefficient. The
ratio of the cross-sectional area of the lean core to riser cross-sectional area, ab,
decreases with solids mass flux but increases with gas velocity. The effects of

riser diameter and particle characteristics were qualified and fit to a two
parameter model:

This equation adequately predicts gas bypassing in risers from 0.05 to 0.94 m in

diameter.
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Martin et al? carried out an interesting study of the gas and solid
behavior in cracking circulating fluidized beds. This study is of particular interest
because not only did they did work on a fairly large cold model but they also did
measurements on an industrial unit which is not only different in size but also
bemuse there is a dramatic increase in gas flow rates up the column. Also of
interest is that they applied a crude form of tomography to both columns which is
similar to the operation of second generation CAT machines. They do not
provide any details about how they do this but they do give some example
images. They also used radioactive tracers and helium tracers to determine

phase concentrations and velocities and were able to calculate some model
parameters. The axial solid concentration profile showed a significant
accumulation upstream of the abrupt exit. The overall conclusion is that the gas

flow can be considered to be plug flow with a radial velocity profile and radial
dispersion. The solid Row is slightly more dispersed due to the core-annulus
structure and a high radial mixing.
Fan, Lee and BaileZ4studied the axial solid distribution in gas-solid
fluidized beds. The solids used were different heights of glass beads using
different sizes and particle size distributions. The interesting thing about this

paper is that it was written before much of the commonly used 'knowledgen of
fluidized beds was accepted, yet they used a gamma-ray attenuation method to
measure the axial ff uidking bulk density profile for an air-solid fluidized bed.
Except for beds ffuidized at very high velocity hvo distinct density zones were

noted. The density of the bed in the lower portion of the column was relatively
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constant axial for eachr set of operating conditions. The density in the top
portion of the bed fell rapidly with bed height.
Geldae carried out a study on the expansion of freely bubbling gas

fluidized beds in a 30.48 cm diameter bed and examined the influence of bed

-

height (5 cm to 30 cm), gas velocity (U U, = 0 to 7 cm/s), particle size and
distribution using three different sand mixtures. The bed was fitted with a
perforated plate having 3.1 mrn diameter holes on a triangular pitch with 4.96

rnm centers resulting in 3100 holes. Two sheets of filter paper under the plate
were used to provide a large distributor pressure drop. Bubble diameters and
tracks were observed visually at the top surface of the bed while the bed height

was measured with a ruler. He found that the bubble size increases with
increasing bed depth and U-U,, that doubling the particle size has little
observable effect on the bubble diameters when measured at equal values of U-

U, but at U-U, c 6 cm/s the expansion ratio decreases as the particle size

increases. There was no evidence sat a wide particle size distribution produces
larger expansion ratios than narrow particle size distributions having the same
mean size. The visible bubble flow rate did not account for all of the excess air.
Zhang, Tung and JohnssonZ6measured the radial profiles in fast fluidized

beds. The beds had inner diameters of 32,90and 300 mm, were 10 m tall and
equipped with a disengaging chamber, two cyclones, and a bubbling bed to
return entrained solids through a valve to the bottom of the riser. The radial
profiles were measured using an optical fibre probe at 4.27 m above the
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distributor. Four Geldart A solids were used: FCC ( 4 = 929.5 kg/m3, D, = 54

pm,

E,

= 0.41 ), HGB (hollow glass spheres; p, = 607 kg/m3,Dp = 75 pm, eM=

0.396 ), ALO (alumina; p, = 2003 kg/m3,D, = 42.8 pm. c,, = 0.428 ), and ALO-1
(alumina; 4 = 2003 kglm3,D, = 34.4 pm, ed = 0.419 ). The correlation they took
from the literature to describe the radial profile wasn:

-(3+o. 191)

E = E
E

for

-(3.62~"+0.191)

=E

where dr =

4r I 0.75
for

@r

2 0.75

%

They wanted to find a correlation which 1) extended over a wider range of
operating conditions and 2) did not have a discontinuity.

They used pressure drop measurements over a short height of the column
to find the average voidage as well as using the average voidage measured by
the probe. These values were within experimental error. All of the radial

voidage profiles could be correlated to:

The average voidage decreases as the solid flow rate increases when the gas

velocity is constant, for any given flow rate the average voidage decreases with

decrease in velocity. However, the profiles almost coincide with each other for
different operating conditions but same mean voidage. So long as the average
voidage is constant there is no significant difference in the radial profile when
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different solids where used. The radial voidage profiles expressed in
dimensionless radius are the same for different size columns. All ofthe data fell
withing 3% of the correlation. Thus ifone can predict the axial average voidage

then this correlation can give the three dimensional voidage profile.

These experiments were only done for the fast fluidized regime, but it can

be expected that in other regimes there will be different radial profiles. They did
do a few expen'ments at lower flow rates and found that the radial voidage in the
turbulent bed is distinctly flatter than the fast bed. In the slugging regime it is
relatively flat. In the bubbling regime the bubble Row tends to concentrate
toward the bed center.
Farag et a/.28carried out measurements on turbulent fluidized beds using

fiber optic probes and tracers. The beds used were 0.3 and 0.5 m in diameter
fmed with 1.27 cm diameter cylindrical tuyeres with six 2.3 mm diameter by 5
rnm thick orifices distributed circumferentially in the upper section. These
orifices pointed down at an angle of 45". A 6 cm triangular pitch was used giving

the same number of tuyeres per unit area in both columns. Air and FCC
particles (mean particle size: 65 pm) were used. Three superficial gas velocities
(0.40, 0.55 and 0.70 mls) and three temperatures 22"C, 100°C and 735°C (for
0.3 m column) or 145% (for 0.4 m column) were investigated. The local bubble

fraction was defined as the cumulative bubble contacts times divided by the total
sampling time:
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and the bubble velocity was determined by dividing the distance between two
optical probes by the maximum lag of the cross correlation of those two probes:

The radial profiles of the bubble fractions are functions of fluid velocity,
temperature and height. Common features are that close to the column wall
0.95 < r/R < 1 the bubbles are essentially absent. Bubble activity increases and

reaches maximum values at r/R = 0.80-0.95. At the column center line bubble
activity dropped significantly. Relatively uniform bubble fractions were obtained

near the gas distributor with bubble fractions

becoming quite non-uniform at

higher levels with maximum values between 0.4 and 0.8. It appears that in the
bottom of the column the bubble fraction is a function of the even distribution of

the air, but higher up a fully developed flow region with circulation and large
bubbles develops. In both columns the bubble fraction on the centerline was
quite low in the region of 0 to 0.4. The cross-sectional averages of bubble
fractions showed significant effect of temperature suggesting that as the
temperature increases more gas flows through the emulsion phase and the

bubbles are smaller.

The bubble frequency is reduced at the column centerline and a reduction
in the cross-sectional average bubble frequency occurs while moving axially

along the bed. Average bed bubble frequency increased with gas superficial
velocity and temperature.

Uniform bubble velocities were observed close to the air distributor with

37

radial variation at other bed levels. At higher bed levels and r R = 0.4-0.8 there
is a plateau of maximum bubble velocities. At the column centerline bubble
velocities were either very small or negative. These centerline values are

consistent with the presence of a circulation cell with down flow at the centerline.
The bubble contact length (BCL = bubble velocity times time averaged
bubble contact time) was used as a characteristic bubble dimension. The BCL

radial distribution near the distributor was uniform and typically 4 crn for 0 < r R c
0.94. At higher levels the BCL varied from 4 crn at rR = 0 up to 12 crn for r/R =

0.8 to decay almost linearly for 0.8 c r R c 1.0. This profile existed well up the
column but near the top of the bed it flattened out to 4 to 6 cm for most radial
positions.
The bubble flow rate (BFR) was defined as the local bubble fraction times

the local bubble velocity. Near the distributor and the top of the bed the BFR

radial profiles are similar being near flat increasing linearly in the range 0.4 to 0.6
m/s from 0 < rYR < 0.8 and then decaying rapidly to the wall. Between these
heights the BFR radial profile rises from just under 0 mls to 1.0-1 -2 m/s in the

region of r/R = 0.8-0.85 and then dropping linearly to just about 0 mls at r/R = 1.
Yoshioka ef dZ9
studied the behavior of bubbles in a fluidized bed 0.96 m
in diameter with a height of 3.0 m. The distributor was a bubble cap type with an

opening ratio of 0.8%. The particle density was 3400 kg/m3,mean particle size
was 210 prn and U, = 0.048 m/s. To visualize the bubbles they installed 97
optical probes in a square array in a single ho-ntal

plane 1.07 in above the
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distributor. Each probe was connected to an amplifier and a LED which would

light up whenever the probe gap was not occupied by particles. The probes

were placed 8 cm apart and the LEDs were arranged in a board with the same
layout as the probes. The LEDs were observed by filming at 54 frames per
second using an 8 mrn movie camera. The bubble diameter and volume were
estimated from the number of LEDs lit up in each frame. The bubble diameter

showed a log normal distribution in relation to the number of bubbles observed.

The bubble size is a weak function of fluid velocity increasing slowly in a linear
manner with increases in fluid velocity. The frequency of bubbles increased

slowly with increases in the fluid velocity. The radial profile of bubble fraction
was determined as the radial profile of the LEDs lighting up. This profile was
found to have a maximum between r = 0.1 rn and 0.2 m and increases in fluid
velocity increase the maximum in the profile. This profile decreases rapidly to
zero at the wall, and at a similar rate towards the center. In this column it

appears that the bubbles rise up the column around the center, not through it as

is typically found in laboratory size equipment
Halwagi and Gorne~piata~~
carried out an extensive study on the solids
distribution and gas mixing in fluidized beds. The gas mixing and distribution

experiments were carried out by injection and detection of a tracer gas. From
this and using insight from the solids distributions they modified a model for the
hydrodynamics and mass transfer in the column.

The solids distributions were measured using gamma ray attenuation
between an outside source and detector. These were moved several times so
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that the experiments started to approximate a crude garnrna-ray CAT scan.
Three different columns were used having an ID of 86.8 mm, 161.2 mrn and
235.6 mm fitted with porous plate distributors except for the 235.6 mm column
which could also be fitted with a perforated plate distributor. The powder used
for most experiments was silica-alumina cracking catalyst with a settled bulk

density of 673 kg/m3 and U,-=

5.9 mm/s but some experiments were carried

out with an iron oxide catalyst with a settled bulk density of 2723 kg/m3and U,

-= 8.9 mmls. From the data gathered they were able to calculate axial and
radial concentration profiles of the solid phase.
All the radial profiles showed highest concentration at the wall and lowest
at the center, However, the radial profiles tended to be flatter toward the
distributor. The axial profiles showed three different regions in the column. The
first region next to the distributor depends on the distributor with the axial solid
concentration increasing up the column for the porous plate and decreasing for
the perforated plate. This was attributed to the formation of a larger number of

smaller bubbles on the perforated plate fluidizing the column better. The second
region appears to be a fully developed region having a near constant axial solids
concentration profile. The characteristics of this region are independent of the
initial fixed bed height (varied from 1 to 3 diameters) but the radial profiles are
flatter with increased bed diameter and decreasing gas velocity. The decrease

in solids average concentration with increasing gas velocity is independent of
column diameter within experimental error. Similar profiles were found with both
solids and in an airhater system. The third region is the top of the bed and

freeboard and it increases in size with increases in fluid flow. Few
measurements were made here because the low solids concentration resulted in
large experimental errors.
They proposed a simplified mixing length model for predicting solids
distribution in the fully developed region. If a is the local time averaged bubble

volume fraction then the time averaged point density of the two-phase mixture is
given by:

The instantaneous point density can vary from the dense phase density to the
gas density, depending on whether a bubble is passing through this point at this

instant. Accordingly 1 is assumed that the fluctuating denslty component D' is
directly proportional to the time-averaged point bubble volume fraction. If one

further assumes that the Prandtl mixing length relation holds for the density
fluctuations, then

which then gets:

where

Integrating with acq at s = 1, we get

a
-- SN

(99)

ac

The value of Nwas determined by least squares for the columns and was found
to be: 0.75, 0.6 and 0.52 respectively for the 86.8 mm, 161.2 mm and 235.6 rnm

diameter column.
They also calculated average bubble velocities by:

they then used Davidson and Harrison's equations3:

to calculate the bubble size. However they note that in one run this method

-

predicted a bubble sire larger than the column diameter but it was not slugging
so it is apparent that this equation - which was not developed from continuously
bubbling beds - is over predicting the bubble size.

Huang et aL3' used statistical parameters of the pressure signal from a
fluidked bed to study the effect of placing a single screen across the bed on the
hydrodynamics. The bed was 20.3 cm in diameter with a screen (8 x 8, 12 x 14,

20 x 20 mesh) placed 15 crn above the perforated distributor which had 170
holes 1.59 mm in diameter. The particles were sand 491 pm in diameter with
density of 2620 kg/m3. The screen was found to break up the bubbles resulting
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in pressure fluctuations of smaller amplitude and higher frequency. The mobility

of the particles and the bed expansion is reduced. The gas veloclty distribution
is rendered uniform by the screen, and the packed section below it when the
screen opening is small. The screen also causes other effects such as reduced
bed expansion and segregation of the bed into a fluidized section and a packed

section below it and a shallow fluidized section above.
Stein et aL3' studied the particle motion around an immersed cylinder
inside a fluidized bed using Positron Emission Particle Tracking (PEPT). The
bed used was 141 mm in diameter fMed with a perforated plate distributor
containing 130 holes 1.55 mm in diameter on a 12 mm triangular pitch. The bed
inaterial was 650 y m diameter resin beads with U, = 0.1 1 mis filled to UD = 1-2.
A wooden cylinder 23.4 rnm in diameter and length of almost 141 mm was

lowered into the bed to heights of 60 mm and 120 mm from the distributor. One
single particle was made active by absorbing onto it water which had been
irradiated to produce I8F-. The accuracy of the method to locate the particle
depends on the speed of the particle - at a speed of 0.1 rnfs a 1 mm particle can

be located withing 1 mm. but at 1.0 mis this becomes 2-5 mm. This is reflected
in the occupancy plots, which show small levels of occupancy both outside of the
column and inside the cylinder. However, they also clearly show the presence of

the cylinder and regions of high occupancy both above and below the cylinder
with low occupancy next to the wall. The veiocity plots show a low velocity zone

around the cylinder and circulation regions above and below with the one above
more active. They defined a circulation frequency to quantify the circulation of
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the particle up and down the bed. This frequency is cut by about one third when
the cyiinder is placed in the bed with a small effect from the height of the bed
and is linear with fluid velocity. The occupancy plot around the cylinder shows

no dead region above the cylinder which is not as expected. Vertical velocity
profiles around the object show the velocities changed by the presence of the
cylinder to a distance of 3 diameters away. The vertical velocity shows a peak at
the center line and just below it as expected from erosion studies.
Yashima eta/.= carried out stochastic modeling of the pressure
fluctuations measured at the axis of a three-phase fluidized bed. They modeled
the pressure fluctuation as the sum of a deterministic periodic or sinusoidal

component resulting from the bursting of the bubbles a the surface of the bed

and a stochastic process containing the formation and passage of the bubbles
by the probe. From this model they calculated an auto-correlation function which

matched well with the experimental auto-correlation. Evaluation of the spectral
density functions indicated the existence of three flow regions: the entrance

(Gaussian noise), main (chaotic) and transition (stochastic) regions. The
proposed model fits the transition region well. Increasing the fluid viscosity
reduces the amplitude of pressure fluctuations in the entrance region but

increases it in the main region.
Xu ef a/." carried out a set of experiments on two circulating fluidized bed

risers of diameter 0.09 m and 0.15 rn with FCC and silica sand were they used
four different configurations of probes to measure the characteristics of pressure
fields in the risers under different hydrodynamic conditions. The dynamic
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changes of local heterogeneous phases as well as the alternations between

them can initiate serious transient imbalances among local pressures at different
radial locations. However the lateral movement of particles and fluid results in
only a small time averaged pressure difference from bed wall to bed center. The

time mean lateral pressure difference between the bed wall and the bed center

varies with the fluidization regime and the cross-sectionally average particle
density. Its magnitude is typically less than 30 Pa in fast fluidization and can

reach at most 150 Pa in bubbling fluidization. The fluctuation of local pressure
varies with the radial locations with higher standard deviation at the axis. The
radial time-averaged pressure difference is negligible compared to the absolute
pressure and the axial differential pressure gradient.

~ i n t e ?carried out a set of experiments in a 134.63 mm column with a
1.59 mm thick porous stainless steel plate distributor having pore size of 35 pm.
Local density was measured with a photocell probe using a 2 mm x 6 mm light
and 2 mrn x 6 mm x 8 mm germanium photo diode at 2 mm or 13 mm spacing

and using a strontium 90 pray source of 25 mCi and a 7 mm X 70 mm GeigerMueller detector space 2.5 mm apart. Pressure fluctuations were measured

using a conductivity cell. Both pressure and density fluctuations were
simultaneously detected and recorded on an oscillograph.

These experiments were carried out using several particle sizes, fluid flow
rates and UD ratios and with the probes in different locations in the column. The

data was then examined statistically to extract important column operation
parameters. They defined characteristic numbers for local density, pressure
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fluctuations, bubble sizes and their frequency distributions. Small particles and
low gas velocities have strongly asymmetric density distributions. The frequency
of the bubbles decreases exponentially with increasing bubble sizes. At larger
gas velocities the density and bubble distributions are often approximated by
normal distributions. The character of the pressure fluctuations intensity was
similar to those of the density fluctuations. The dependancy on fluid velocity and

height above the distributor was the same. The frequency distributions of the
pressure fluctuations are a mirror image of the density fluctuations.
Bi and &acea6 carried out experiments with sand and FCC in a 10.2 cm

diameter column where they compared the pressure signals from various parts
of the column. They found that the local time-mean pressure depends

somewhat on the radial location of the measurement for bubbling and turbulent

Rows, but compared to the axial variation the time-mean pressure gradient is
small. However, the fluctuations in the core and wall regions differ significantly
due to the passage of the majority of bubbles through the core. The fluctuation

of differential pressure between the core and wall at the same level can be
utilized to determine the transition from bubbling to turbulent fluidization in the

same way as the fluctuation of axial differential pressure fluctuations.

Frequency

it is possible to acquire a wide range of different fluctuation signals from a
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fluidized bed column by the use of different types of measuring instruments.
Typical examples of such instruments might be simple probes such as pressure

and differential pressure probes, optical probes and capacitance probes; dual
probes combining two different types of simple probe; compound probes which
have two or more simple probes set at fixed positions relative to each other; and
taps or surface instruments. The signals generated from these instruments are
all rapidly fluctuating signals which can be related to the condition in the bed in or
around the probe as a function of time.

To analysis such signals the frequency or magnitude of the signal is used

as a measurement of some property. For example the frequency of a signal

s often interpreted as the frequency of the passage of
from a continuity probe i
bubbles past the probe. Typically the equations which get put into simple
models of the fluidized bed to provide the hydrodynamics start out with
experiments of this nature. Often in canying out these experiments one
particular phenomena is of interest For example the researcher might be
interested in the bubble formation frequency or the eruption frequency, or any

one of the bubble size, shape and velocity, or possibly slug velocity and
frequency or even the natural frequency of pressure waves in the column might
be of interest. As a result an instrument will be picked out or designed for that

specific task resulting in a wide range of different types, sizes and shapes and
requiring that the analysis must be specific to the instruments used. None the

less it is common to use auto- and cross-correlations of signals to measure
frequencies and velocities respectivelywhile there have been many attempts to

use the power spectral density (PSD) to gain insight into bed behavior.
One of the common comments about this class of experiments is that
ideal experiments are relatively common. For example an experimentor
interested in bubble behavior might set up a column with a porous plate

distributor fitted with a central orifice. The experimentor will then run sufficent
fluid through the porous plate to just fluidize the bed and will run a higher flow
rate or pulse through the orifice to generate the bubbles. Since there is little or

-

no bubble interaction in this case the results are informative but there is likely to

be great difficulties transfering the results to real columns.
While these types of experiments have done an excellent job of
characterizing slugging columns there is much less agreement in bubbling and
turbulent flows. This is a particlular problem for pressure signals as there are

few papers were the object was to determine what pressure signals exist in the
column - most assume that the signal from the instrument is caused by the
phenomina of interest This is a reasonable assumption for a short differential
pressure probe - but not for a pressure probe. This is the likely cause of much of
the difficulty encountered in analyzing data from pressure probes.

In this thesis the main interest in these papers comes from two places.

First similar methods will be used later to quantrfy the bed behavior to assist in
the interpretation of the images produced by the imaging systems. Secondly a
thorough knowiedge of these methods is required to provide a compare and
contrast with the new methods and to justify the increased cost of the new
methods.
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Yates et al." used X-ray cinematography to study the distributor region of

a fluidized bed of alumina particles. The fluidized bed was 20 cm x 30 cm fitted
with a porous plate and a central orifice of diameter 1cm. The powder was held
at minimum fluidization while air at flow rates 0.85-26.75mls were passed
through the orifice. The two powders used were granular alumina of size +200
prn -400 pm (U, = 2.94 cmls) and -150 pm (U,= 0.21 cmls). They found that

the bubble formation frequency was 7 Hz throughout the range of the experiment
and that the gas flow visible as bubbles is only about one third as that entering

the bed as bubbles. At a distance 25 cm up the bed the bubble frequency
decreased to about 4 Hz and the gas fiow visible as bubbles was now three

quarten of the gas flow. The implications of this gas entrance mechanism for
chemical reaction in the region of the distributor are discussed in terms of a

simple model describing the bubble formation and predicting the amount of
conversion that can be achieved in the distributor zone.
Satija and Fan38studied the slugging characteristics of a bed of course
particles ranging in size from 1 to 7 mm in size. Slug velocity and frequency and
the effect of the height of the slugging bed was studied using pressure

fluctuations. The results found were different from that in the literaturefor
smaller particles. These experiments were camed into the turbulent regime.

The experiments were carried out in a column 0.102 m ID and 6.46 rn tall with
the particles located 2 m from the bottom. Two pressure tapes located 15.2 cm

and 30.3 cm from the distributor were connected to transducers and the signals
recorded on a VAX-1 lff80 via analog digital converters (ADCs). The particles
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used were glass beads 1 mm in diameter and aluminum beads of 2.32, 5.50 and
6.96 mm in diameter. The slug velocity was found to decrease w l h increases in
static bed height from UD = 1.5 to UD = 2 from where it was constant Similarly

the transition to turbulent increases with increases in bed height up to UD = 2.

This study used the cross-correlation of the pressure signals to calculate the slug
rise velocQ which was found to increase linearly with fluid velocity to U,+1.5

m/s

from which point it decreased. The slug velocity has been correlated with:

with a = 0.35 for axisymmetric slugs and 0.5 for asymmetric slugs. The value of

'bfor fine particles ranges from 0.9 to 2.0. The values for b were correlated for

coarse particles with a = 0.35 as:

where as for the glass beads the correlation in the literature worked well:

The height of the expanded bed was measured and compared to the standard

correlation:

it was found that this correlation did not work well for these particles and instead

a new correlation was developed:

with b from their own correlation.

The slug frequencies were obtained from power spectral densities (PSDs)

of the pressure signals. When the bed was slugging the PSDs showed a clear
spike which is the major frequency of the bed, however when the bed is in
turbulent flow the PSD is quite even and no conclusions can be drawn from it. In
the slugging regime the slug frequencywas found to decrease with increases in
air veloclty and bed height. The slug frequency is a weak function of superficial
air veioclty and appears to approach a limiting value. Particles with larger
diameters show higher frequencies with all other factors held constant. These
patterns have also been observed in fine particles although Baeyens and
Geldart8 found the slug frequency to be independent of the particle's physical
properties. For the smaller particles the slug frequency is described by the
comelation in the literature:

and the limiting frequency from the correlations:

However for the larger particles this correlation had to be proposed:

Baeyens and G e l d a p carried out an extensive set of experiments
exploring the slugging of fluidized beds. They used four columns 5 to 30 cm ID

and many solids with diameter ranging from 55 to 3380 pm and density from
0.85 to 2.8 gtcm3. For all but the smallest column neither particle size nor size
distribution had any effect on slugging. The velocity at which slugging occurs
increases with height until a critical height is reached. Once that height is

reached the slugging velocity becomes constant

When the bed height is less than H, then the slugging velocw is related to the
height by:

For beds deeper than H, then Stewart's equation" applies:

The bubblelslugging frequency increases with velocity until incipient slugging

after which it is constant. For beds less than

H, in height the slug frequency is:

however where the bed is taller the slug frequency is:

and :

where k, is the height of powder between consecutive slugs in the bed:

From all this they proposed a three zone model of tall slugging columns where in
the bottom (zone I) the bed is freely bubbling, in the middle (zone II) the bed is
slugging with limited coalescence and in (zone Ill) the bed is in stable slugging.
Assuming that slugging starts when the bubble size reaches half the diameter of
the column they derive a maximum height below which the bed is freely
bubbling:

Schaaf et

carried out a careful set of experiments using three

different columns and two solids and compared the results to recent work on the
origin, propagation and attenuation of pressure waves in fluidized beds. They
found that pressure waves of high velocity (>I0 mls) are compression waves
which move up and down the column. Upward moving compression waves
originate from bubble formation and coalescence. The amplitude of upward
moving pressure waves is linearly dependent on the distance to the bed surface.
Downward moving compression waves are caused by gas bubble eruptions at
the fluidized bed surface, bubble coalescence and by changes in bed voidage.
In this case the pressure wave amplitude is independent of the distance to the
bed surface. Pressure waves with propagation velocities of less than 2 rnls are

caused by rising gas bubbles. These pressure waves move upwards only with
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an amplitude proportional to the bubble size. The average wave propagation
velocity measured in a freely bubbling bed is lower than that predicted from the
pseudo-homogeneous compressible wave theory owing to the presence of

slowly rising gas bubbles. The average propagation velocrty of pressure waves
in a gas-solid circulating fluidized bed is adequately described as a function of
local voidage as predicted by the pseudo-homogeneous compressible wave
theory. At low voidage in the bottom of the riser the propagation velocity is
lowered by the presence of gas bubbles or large gas voids.
Svensson et

carried out a set of experiments aimed at finding what

the effect of the pressure drop across the distributor had on the hydrodynamics
in the bottom of CFM combustors. All the literature they found on the distributor

pressure drop has been carried out at low velocity, U-U,

< 0.5 m/s, whereas

these beds run at a wide velocity range - typically 2 4 m/s. A dense entrance
layer occurs at the bottom of the bed where the fuel, sandllimestone and char
are fed into it and considerable combustion processing occurs here. They used

two different beds, a cold rig and a CFB boiler. The cold bed was 0.12 m x 0.70
rn cross-section and 8.5 m high with an air plenum of 0.45 m3and a total air
supply system volume of 2.9 m3;this rig could be fitted with different distributors.

The CFB boiler is a 12 MW unit 1.47 m x'l.42

rn in cross-section

and 13.5 m tall

fated with a bubble cap distributor.

They ran a set of experiments in the cold rig using different distributors
and varying the flow rate from 0.1 to 4.5

m/s with a silica sand 0.32 mm in

diameter. Combining the observed bed and bubble behavior through the

transparent side and the bed surface with frequency analysis of pressure
fluctuations allowed the identification of three flow regimes. The multiple bubble
regime occurs at low flow rate and higher distributor pressure drop and has
many small bubbles in it. The frequency peak is broad and there is no

correlation between the pressure fluctuations in the bed and the plenum. The
single bubble regime is characterized by large single regular bubbles through the
center of the bed, a narrow frequency spectrum, a low dominant bubbling
frequency (c 1 Hz) and a good correlation between the pressure in the bed and
the plenum. This regime occun when a low velocity and low distributor pressure
drop occur. The exploding bubble regime occurs when large single voids that
contain particles and often stretches the length of the bed. There is high gas
flow through the bed and good correlation between the bed pressure and the
plenum pressure.
They used a simple model proposed by avids son" of the pressure

fluctuation frequency in the single bubble regime. This model assumes that the
bed is a mass sitting on top of a volume of gas and oscillation around the
equilibrium pressure occurs. The gas volume corresponds to the air supply
system and the natural frequency of such a system becomes:

Shollenberger et aLU performed experiments in a large bubbling column
(0.48 m ID by 3 m H) with Drakeol 10 operating at pressure ranging from 0.1 17

to 0.393 MPa. The pressure is sampled from several differential ports not
described. They calculated gas volume fraction, Fourier transforms, dominant
frequencies, cross-correlations and standard deviations of pressure histories.

The gas volume fractions increase monotonically with superficial gas velocity and

with increasing operating pressure. The Fourier transform show two peaks, one
about 1 Hz and another 5-25 Hz. They concluded that the 5-25 Hz signal is from
the formation of bubbles at the sparger. The dominate frequency decreases
from 22 to 8 Hz with increases in superficial gas velocity but increases with
pressure which they conclude is the result of smaller bubbles at higher pressure.

The standard deviation of the pressure signal increases linearly with increasing
superficial gas velocity indicating larger bubbles with faster gas flow. There is
little effect from the increase in pressure.
Nelson et

carried out a set of experiments measuring the pressure

fluctuation at various orifices in a large column (0.61 rn diameter) with FCC
catalyst. They tracked the pressure at several holes individually for various flow
rates and UD ratios. Auto-correlation was used to measure the bubble
frequency as well as a peak detection method. The auto-correlation gave an
average bubble frequency while the peak detection method gave a similar
average bubble frequency but also allowed the calculation of bubble frequency
distributions.
They found no apparent effect of the UD ratio on the grid averaged

bubbling frequency (average of the bubbling frequency measured at each

orifice). However, this may have been due to the range of 0.4 to 1.0 UD. The
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superficial velocity has a large effecton the grid averaged bubbling frequency.

As the superficial velocity increased so did the bubbling frequency. This is in line
with other data but is contrary to the predictions of current theory as they

discussed 1. They suggested this might have been caused by plugging of some

of the holes. The distribution of bubbling frequencies follows a log-normal

,
distribution. As the excess gas velocity (U -)U

increases the width of the

distribution decreases, indicating that at higher gas velocities the bubbling
frequency becomes more regular and has a smaller range.
Kang et al? measured pressure fluctuation data for air fluidized sand

beds with and without cylindrical packings made of metal mesh. They quantified
the magnitude of the fluctuations with r.m.s. values and found that these were
lower for the packed beds. For each packing there was a maximum observed
while the r.m.s. curve increased continuously for the nonpacked case with
increase in fluid flow rate. They did not draw any conclusions as to what the
observations meant - as they where too early in the research.
Kage et ai." measured and analyzed the pressure fluctuations in the
plenum chamber of a gas fluidized bed. Power spectrum densities of the
pressure signal showed three principle frequencies. These frequencies
corresponded to the bubble eruption frequency observed at the bed surface, the
bubble generation frequency measured over one of the distributor orifices and

the naturalfkquency of the fluidized bed as determined by Moritomi et al.":

He et

used the Wigner distribution to characterize the pressure

fluctuations in a fluidized bed. They believe that this distribution is better suited
than methods such as the power spectral density because these methods are
based on the a priori hypothesis that the signal is stationary - which has not been
tested. The Wigner distribution was able to provide similar information as the
typically used methods. However, they did not extend the work sufficiently to
make this approach practical for others to follow.
Fan et a!.'* carried out experiments in three different diameter columns

using fwe different solids made of different sizes of sand and glass beads. They
measured the pressure fluctuations at the wall with two pressure taps and
analyzed the results in terms of two different models with good results. The first
model starts with the bubble rise veloci@':

where 0.57<kc0.85 and the slug rise velocity

In bubbling beds a bubble rises in the company of a crowd of rising

bubbles and the absolute rise velocity of the bubble is given by Davidson and
Harrison" as:

v, = (a-umf)+
ub
For slugging beds the velocity of the gas slug has been r n e a ~ u r e das:
~~~~-~~

In this paper the cross correlation of the two transducer signals is

examined for ,r,

which is the lag at which the maximum in the cross correlation

occures. It is assumed that this is the time 1 takes for one bubble to rise the

distance L from the lower tap to the upper tap. Therefore:

and
V,= V, in the bubbling bed regime

V, = V, in the slugging bed regime
V, = V, in the turbulent bed regime

The second model they used is a little more empirical and assumes that
certain dimensionless or normalized rise velocities of bubbles, slugs or pressure

waves are power functions of dimensionless or normalized fluidization gas Row
rates. For bubbling this means:

The behavior of slugs is assumed to be influenced mostly by the characteristics

of the column wall and only slightly by the particle properties and the column

size:

The velocity of pressure waves in the turbulent bed regime is assumed to be

constant:

or
V, z y, = constant
Model one was fMed to the experimentally determined rise velocities using the
equation of Darton et

to find the bubble diameters:

and determined for air-sand and air-glass:

The transition occurs where these two interact. They where unable to get
all their columns to go into the turbulent zone as they did not all have enough
height to allow suitable disengagement of the slugs. However, they did find:
-1.16

-0.56

1ooop,

The fits for model two are:

/ n [ ~ - q d ] = 10000,
O [ ]-1*3[
h

a

- Vb,

P~

1ooop,

)-0*9h[

u-u,
u r n s - urn,

]

Fan et aLn developed a dual probe which tracked pressure and
conductivity and did some experiments in a small two dimensional bed of carbon
particles. They found a noise wave which propagates rapidly and isotopically
and a bubbie wave which propagates at the same velocity as the noise wave in

the horizontal plane and at a velocity equal to the bubble rise velocity in the
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vertical plane. It should be noted that in their case the bed was quite restricting however the dual probe idea is promising as there is some concern as to what

exactly any particular probe is measuring.
Fan et a/." measured pressure fluctuations in three phase fluidized beds

in order to find a better way to determine the separations between flow regimens.
They used power spectral analysis with good qualitative results.
Fan et a/.'' carried out a study of online measurement and data
processing of the pressure fluctuations in a gas fluidized bed. They used two
different size sands in a column 20.3 ern diameter with two perforated plate
distributors. They concluded that the motion of bubbles causes pressure
fluctuations in the upper portion of the bed. Formation of large bubbles in the

middle of the bed causes the major fluctuations in the lower part of the bed.
Small fluctuations superimposed on the larger fluctuations are caused by the
formation of small bubbles above the distributor. They also found that the static
bed height has a significant effect on the major frequency of fluctuation were as
the air flow rate and distributor design and particle size does not significantly

affect the major frequency. The measured major frequencies are in fairly good

agreement with the results of Verloop and Heertjess0.The amplitude of the
pressure fluctuations is related to both the bed density and the size of bubbles

which are the sources of the pressure fluctuations. The probability density profile

of a pressure fluctuation signal around its mean is differently shaped at different
locations in the bed. It skews to the negative at the bottom, is near symmetrical
in the middle and skews positive near the top.
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Choi et al." developed a generalized bubble growth model on bubble size

and frequency in gas fluidized beds. Correlations on volumetric bubble flow rate,
splitting frequency and equilibrium bubble diameters were considered. The

equilibrium bubble diameter was shown to increase linearly with the ratio of

volumetric bubble fiw to the splitting frequency of a bubble. The modei is in
good agreement with extensive data reported for type A. B, and D particles, with
bed diameters of 0.079-1.22m, minimum Ruidjzation velocities of 0.0016-0.58

m/s, excess gas velocities of 0.0078-1.67m/s, bed temperatures of 26-1 000 C

and pressures of 100-7100 kPa. Calculations with the model start with:

at, = u- pun,
where:

and

The equilibrium bubble diameter is:

dbte,= 6.792(~
- f3 ~,,)/f;
and the bubble velocity is:

(52)

now the number base bubble flow rate is:

and the bubble fraction is:

For the inlial bubble diameter they quoted Miwa et

for a perforated distributor and

for a porous plate distributor.
Clark et

used dual static pressure probes (DSPP) to measure local

axial differential pressure to infer the presence of bubbles and slugs in a fluidized

bed. They tested it on a 13.97 cm diameter bed filled with 3.175 mrn nylon
spheres. Slugging frequency was found from selected traces and was shown to
decrease with bed height. The slug velocity was shown to increase with air
throughput and to decrease wifh bed height. No equations were derived or fitted

to the data-

Bi et

carried out a set of experiments in a 50-crn column and

prepared an extensive comparison of wave theory as it applies to fluidized beds.

They found pressure waves propagate in fluidized beds at a speed of the order
20 m/s. There exists a natural frequency for each bed (eq. 61). The propagation
velocity of pressure waves can be well predicted by the pseudo homogeneous
compressible wave theory and the separated flow theory seams to be even more
appropriate. They formed the opinion that local bubble properties cannot be
found using absolute pressure measurements as the propagation of bed
oscillations is superimposed on the bubble pressure gradient signal. Their view
is that optical probes are best for determining bubble characteristics but that
appropriately sized differential pressure probes may also be used.

Bi et al? found that the equation of Roy et al." (eq. 61) successfully
predicts the natural Frequency of their data and some other data. In their case
they took the wave vetocity at a constant 10 mls. It should be noted that this

equation assumes reflection of the pressure wave off the surface of the bed and
the distributor. If the distributor is of a low pressure drop then the refection may

be off the bottom of the ptenurn or there may be partial reflecbions resulthg in an

effective increase in H for this equation. Bi eta/.- report data in the literature
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indicating that the frequency increases with increasing particle size for the same
height

They also examine the propagation of waves. For continuity waves,

concentration waves, and density waves they report equation 62. These waves
generally have velocity ranging from 10 to 100 mmls (i.e., the waves are the
bubbles). Assuming that the gas-solid mixture is a compressible pseudo
homogeneous phase without relative motion and interaction and that the
compression is adiabatic the dynamic or pressure wave velocity can be
evaluated as:

However in gas fluidized beds it may be necessary to take into account
the relative motion between particle and fluid phase, particle interactions and
fluidparticle interactions. Gregor and Rurnpp proposed a separated phase flow
model which assumes that the fluid phase is compressible, the particle phase is
not and that they have different phase accelerations:

with

Ryzhkov and Tolmachev67 assumed that the particles are incompressible
while the fluid is compressible and drag is subject to Stokes law. Thus:

and the density ratio:

Win et a[.= measured the pressure fluctuations in multi-solid fluidized
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beds. These beds are fluidized beds containing two solids having very different

sires and densities. They found that the pressure fluctuations show the
difference in coarse particle bed behavior depending on whether fine particles
are circulating or not. The power spectra of CFBs change qualitatively in the
presence of a dense bed of coarse particles. If a sharp peak is observed in the
power spectrum it means that a dense bed of coarse particles exists in the

bottom part of the riser otherwise coarse particles are dispersed in the riser

and/or circulate in the reactor.

Flow Regime

In many ways the study of flow regimes in fluidized beds is nothing more
than a more detailed look at the basic measurements. Indeed the minimum
fluidization velocity is the transition velocity from the first flow regime to the
second as the fluid veloclty is increased from zero. The flow regimes of interest

here start at zero fluid flow where the bed is sefffed. From zero fluid flow to the
minimum fluidization velocity the regime is a settled bed or porous media type of
fiow. At the minimum fluiditation velocity the friction of the fluid moving #mug h

the bed is sufficient to balance the weight of the bed. Further increase in the
Ruid flow increases this ftiction and the bed lifts up and expands -#is is smooth

fluidization and it is characterized by the absence of variations of voidage in the

bed. Increasing the fluid flow rate further results in the formation of voids which
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appear and behave as bubbles - this is the bubbling regime. Depending on the

size of the particles and the ratio of the particle density to the fluid density the
minimum bubbling velocity will move around. In liquid fluidized beds there will be
quite a large smooth fluidization regime whereas in when fluidizing sand with
ambient air the column will bubble at minimum fiuid'kation.

As a general rule in the bubbling regime increasing the fluid flow rate
increases the size of the bubbles. There are processes in the bed which cause
bubbles to coalese and to split and between them bubbles will tend to increase

in size up the column until an equilibrium size is achieved which is a function of
fluid flow rate. At low fluid velocities in the bubbling regimes bubble coalesence

is of greater significance than splitting and increasing the fluid flow will result in
an increased bubble size. However, at higher fluid flow rates splitting becomes
more significant and increasing the fluid velocity results in a smaller bubble size.
Increasing fluid flow now results in an increased number of smaller voids which
become less bubble like in there shape and behaviour until a conditions is
reached called turbulent flow where there are many fast irrregular voids and the
bed appears highly chaotic.
[fthe column diameter or cross sectional area is small relative to the

bubble size at some point as the fluid flow is increased while in the bubbling
regime then the column will go into another flow regime called slugging. This is
characterized by large voids which often completely fill the column cross section

as they rise individually up the column. There are other flow regimes which

occur with even higher fluid flow rate or where the solid phase is continually fed
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to the column and blown out the top. They are not of interest here but do have
considerable economic importance.
From the above discussion it might be expected that the delineation of the
flow regimes is quite straight forward - but in practical application the

measurement of the regime transitions is actually quite difficult The problem is
that as the fluid flow is changed there is not a sudden change in the bed
behavior. While it might be obvious that at one velocity the bed is bubbling and

at another the bed is slugging where it switches from one to the other is not
clear. This problem exists at all the regime transitions. This has resulted is

some disagreement on the transition veloclies and how to measure them.
Since the polymer particles used in this work are very light and
electostatic there is no work in the literature on where the various flow transitions

occur for these particles and some doubt as to whether published flow regime
transitions correlations will work on these particles. Therefore it was decided to
measure the flow regimes possible in these columns with these solids. The
following papers are intended to give an oveMew of the state of the art in the
determination of flow regime. From these papers it is clear that there are a lot of

different views on how to measure the transition - what type of instrumentation to
use and how to analyze the data. It also becomes clear that to a certain extent
the transition velocity is a function of the measurement method. Furthermore

there is considerable effect from changes of the temperature and pressure in the

gas fluidized columns.
Chehbouni et a\." carried out a set of experiments aimed at solving the
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controversy in the literature on the actual boundaries of the turbulent regime in
gas-solid fluidization. They found that the disagreement was in large part
caused by the type of experimental techniques used. They found that the onset
of turbulent fluidization is at U, the point where there is a maximum in the

standard deviation of the absolute pressure signal indicating maximum bubble

size, and that the velocity U, where the standard deviation levels off after
decreasing from U, and which is often reported, is an artifact due to the use of
differential pressure transducers. As the differential height is increased U, also
increases until at some point the same pattern is seen as in the absolute case no U, The value of U, and U, measured over the same differential but at
different heights in the bed is also not constant. However, U, measured at
different heights with absolute pressure measures is constant. The turbulent
regime is considered in this paper to extend from U, to the transport velocity.
Brereton and Grace" studied the transitions from bubbling to turbulent
fluidization in a 15.2 cm diameter column with 148 prn sand. They also looked at
the work of a number of other people and concluded that considerable caution is
required in interpreting pressure fluctuations in relation to hydrodynamic regime
changes in fluidized beds. They recommend using differential pressure
measurements where the lower tap is below the height where fully formed slugs

may occur and the upper tap is below the dense bed surface. Normalized
standard deviations of this pressure signal can then be used to determine the
onset of a turbulent transition. However, a maximurn normalized standard
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deviation does not necessarily denote the beginning of a clearly defined separate
hydrodynamic regime. For some systems the turbulent regime designates a
transition range over which there is intermittence between bursts of behavior like
that encountered in fast fluidization interspersed with periods of slug like
behavior. Other systems have been reported to show a sharp transition to a
distinct regime unlike any other.
Bi and Grace7' studied the transition velocity between slugging and
turbulent flow in a 102 mm diameter column fitted with a dual cyclone system to

return entrained solids through a valve to the bottom of the bed. The solids used
where FCC particles of mean size 60 pm and particle density 1580 kgfm3. The

static bed height was fixed at 0.60 rn and pressures were measured at four
locations on the wall of the riser while an optical probe was used on the center
line. All were sampled at 100 Hz for 40s. The studies revealed that the
transition velocity U, is a strong function of measurement method while U,
depends on the solids recycle and is therefor unsuitable for characterizing the
hydrodynamics. The translion velocity U, from absolute pressure fluctuations
tends to be lower than from differential pressure fluctuations and the transition
velocity is independent of axial location. U, determined from differential pressure
fluctuations varies with axial location; occurring at a higher velocity near the

bottom than at the top suggesting that the transition takes place at the top region

first and moves downward with increased fluid flow. The standard deviation of
voidage fluctuations from the optical probe shows a similar pattern. When the
return of solids to the bottom of the column is restricted the slope of the voidage
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curve may undergo an abrupt change. Such a sudden change does not appear

when the return of solids is unrestricted. The transition velocity U, also depends
on the interpretation method. For absolute pressure fluctuations the standard
deviation normalized by the average local pressure reaches a maximum at a
lower gas veloclty than the dimensional standard deviation while the peak
veloclty decreases with height For differential pressure fluctuations a higher
transition velocity is obtained from the normalized standard deviation. Skewness
of absolute or differential pressure fluctuation does not appear to be a reliable
indicator of flow regime transition.
Foscolo et a!." carried out an analysis to derive a fully predictive criterion
for the transition between particulate and aggregate fluidization. A simple

general model for the interaction between a particle and the fluid in a fluidized
suspension enabled a hydrodynamic criterion for the onset of bubbling in
fluidized beds to be formulated in a compact and fully predictive form. Excellent
agreement was found between the proposed criterion and experimental
observations reported in the literature for both liquid and gas fluidized systems
operating under both ambient and elevated pressure conditions.
Ping et ai." carried out a study on the transition from bubbling to turbulent
fluidization in a 280 mm x 280 rnm x 5000 mrn column with a branched pipe
distributor of described design. They used 8 different solid materials covering
Geldart type A and B and did experiments with a free fluidized bed. vertical tubes
and pagoda type baffles in the bed. They used a single transducer sampled at
128 Hz to measure the pressure fluctuations and created their own empirical
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method to calculate the quality of fluidization from the pressure measurements
using measures of the pressure fluctuation magnitude and the frequency of
fluctuation. They claim that the peak in this coefficient when plotted with respect
to fluid velocity marks the transition from bubbling to turbulent flow. The particle

size effect was measured by repeating experiments with different sue particles
of similar density. They found that the larger particles have larger transition

velocity and greater nonunifomity of the bed. The particle density effect on the
transition of Row patterns was that both the maximum nonuniformty of the bed
and the transition velocity increases with increases in particle density. Baffles
reduce the nonuniforrnity and the transition velocity considerably more than the
vertical tubes, but both where much better than the free bed. They then used

these results to look at the relationship between transition of flow pattern and
particle classification. The empirical dividing line between particle regions A and

B is:

which they rearranged as:

from which the following was found:
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a is a constant for the physical shape of the bed while D is a performance
diameter. By drawing curves of constant U,on the Geldart diagram it is seen that

the division line between group A and group 6 is the line of constant U, = 0.63

mls. Changing aD has the effect of moving the curve of constant U, and thus
moves the transition from group A to group 6 behavior.

Lee and KimT4carried out experiments measuring the bed expansion and
transition velocty to turbulent flow in a 10 cm diameter column 3 m tall using

glass beads d, = 0.362 mm. They also looked at the published data and
correlations of many other authors. The bed expansion in the slugging and
turbulent regimes was determined from the bed voidage measured by bed
pressure drop measurements. Change of the slope in a logarithmic plot of bed
voidage against gas velocity was utilized to determine the transition velocity from
the slugging to turbulent flow regimes. Bed expansion in both regimes was
found to be smaller than predicted by the two phase theory. The effects of
particle properties and column size on the transition velocity were considered
and the corresponding transitions spanning from the bubbling to dilute phase
flows have been quantitatively predicted in terms of the Reynolds number and
the Archimedes numbers based on the present and published data.
Formisani and Cristofaro7' carried out a study of the mixinglsegregation
properties and pressure drop of beds of binary mixtures of particles of equal
density but different particle size. The experiments were carried out in a 10.1 cm
ID column with a porous plate distributor. The bed was filled with different
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amounts of two fractions of ballotini having different particle sizes. The fractions
of the bed occupied by each size particle was determined by quickly shutting the

fluid flow and then vacuuming out the bed 2 cm at a time and sieving each
sample. Total bed pressure drop was measured via a tap at the distributor while
pressure drop profiles where measured using a probe which was moved
verb'cally from the top of the bed. For a two-component bed the only repeatable
value of U, measured is when the fluid velocity is decreased between each bed
pressure drop measurement. They found an axial composition profile which
leads to variation in voidage and average particle diameter with height. This
must be taken into account in the modeling of these systems. Once this profile

in known the value of U, can be calculated by modification of classical
equations. Only when the whole bed mass is supported by the fluidizing medium
are the two components well mixed. This may not occur at minimum fluidization.
Marzocchella and Salatino" carried out a study on the effect of operating
pressure on the hydrodynamics of fluidized beds using glass Ballotini 88 pm and

175 pm in a bed 30 mm in diameter and 1300 mm tall. The fluid was CO, at
pressures from ambient to 100 bar and temperatures from ambient to 80 OC.
They found that U, and U,, decrease with increase in pressure. U, - the onset

-

of slugging and U, - the onset of turbulent flow - also decease with increase in
pressure. While bubble diameter increases with increase in fluid Row for a fixed

operating pressure increasing the operating pressure decreases the bubble size.
Saxena et alencarried out a set of experiments using different methods to
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examine the delineation of flow regimes and the quality of fluidization in fluidized
beds. Unfortunatelythey did not propose any new equations, but they did
discuss new methods and some interesting data. Four experimental techniques

were examined: (i)determining the bed voidage at incipient fluidization as a
function of corresponding fluidization number, (ii)measuring the local heattransfer coefficient of a probe as a function of fluidization number, and
establishing the void renewal frequencies from measurements of (iii)temperature
and (iv) pressure fluctuations as a function of fluidization number. The
experiments were carried out in a 15.3 cm square fluidized bed using a wide
particle size distribution sand of 641, 1312.2161 and 3072 prn diameter. The
'

column, pressure and temperature probes are all described in other papers.
The first set of experiments carried out were used to find the minimum
fluidization velocities, from which Re,

was calculated and used to calculate the

fluidization veloclty according to the scheme of Saxena and Ganzha". For the

next experiment two manometers were connected to the bed at taps at 4,21 and
36 cm above the distributor. The bed voidages as a function of velocity were
calculated from the measured Ap over the upper and lower region. Wah all four
solids the bed voidage is clearly a function of both the height above the
distributor and the fluid velocity. In the final experiments the heat and pressure
probes were placed in the bed and sampled at 100 Hz. The heat probe is
supplied with a constant energy input and the temperature of the heat transfer

surface is monitored. Thus Iocal heat transfer as a function of fluid velocity can
be calculated. These plots show that h, increases in the bubbling regime
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through a maximum and decreases to a constant value in turbulent regime with
increasing velocity in a manner qualitatively similar to published standard
deviation data. The plots of both temperature and pressure as a function of time
for a fixed fluid velocity show a distinct and stable fluctuation. The frequency of
this fluctuation as a function of fluid veloctty and particles are tabulated. They

are of the same magnitude and show a similar pattern of increasing and then
decreasing through the fluid velocity range. It would have been interesting to

have a plot showing the local heat transfer coefficient and both frequencies as a
function of fluid velocity. Without these plots limited conclusions can be drawn
from the data presented.
Leu and an" measured pressure fluctuations in two-dimensional gassolid fluidized beds at temperatures ranging from 13 to 270°C. For their analysis
they used nondirnensional standard deviation (standard deviation divided by

mean), auto-correlation and cross-correlations between probes at different
heights and power spectral density calculations to see the effect that changing

the temperature of their bed had. The bed was a Zdimensional model 2.6 x
20.8 cm2equipped with a perforated distributor having 14 holes diameter 2mm.
The bed was equipped with several pressure taps aligned vertically.
They used both pressure drop and pressure fluctuation methods to

determine minimum fluidization velocities. They found that minimum fluidization
velocity decreases with increase in temperature. This they confirmed with the

Ergun equation in the viscous region and found a linear relation between the
minimum fluidization velocity and ifviscosity which they report was also found

elsewhere.
They showed the probability density function of the pressure fluctuations

for increasing flow rate. Near minimum fluidization they have one peak but as
the velocity increases a second peak appears. Increasing the temperature

reverses this - as the temperature increases the second peak moves back into

the first. They interpret this as meaning that the fluidization is smoother at higher
temperatures. They used cross-correlation of pressure signals at two different
heights to measure the bubble rising velocity. They had a great deal of difficulty

in getting "good" numbers although their plot does match the prediction from the
Davidson and Hamson ModeP well. Their difficulties arise from the fact that
cross-correlations will only give good results where the major signal fluctuation is
very regular, for example if caused by the passage of a single bubble. If the
major fluctuation has an irregular frequency or shape, which might be caused by
the existence of multiple bubbles or pressure waves through the bed, erroneous
results may occur. These authors admit to getting many results where the
bubble velocrty was way too high. Ignoring these problems is a common failure
in the literature.

When they looked at the effect that the temperature has on the pressure
fluctuation amplitude they found a decrease in this amplitude with temperature
which ft well the models of Svobada et al." and Sadasivan et aLmand

interpreted the decrease in amplitude as a decrease in bubble sire.
These authors interpret the power spectral density of the pressure signals

as the frequency distribution of bubble eruption. They only show the major
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frequency at two different temperatures as a function of fluid velocity. The higher
temperature curve also shows higher frequency, which suggest smaller bubbles
bursting more rapidly. The major conclusion of this paper is that increasing the
temperature results in smoother fluidization.

Lee and Kima2carried out the statisticai analysis of pressure fluctuation
data gathered from a 10cm diameter bed 3 meters tall with glass beads (362

vrn). They used both absolute and differential pressure measurements. This
was carried out to determine the transition velocity from bubbling to turbulent
fluidization. The mean amplitude of differential pressure, the 80% and 90%
interval of the pdf of the pressure fluctuation, the standard deviation of the
absolute pressure fluctuations all showed discontinuities at the transition velocity.
The skewness showed a minimum at the transition while the kurtosis showed a

maximum at the transition velocty. The data of this and other studies was
correlated to give a model predicting the transition velocity:

Re, = 0.700Ar 0.485
where
Re, =

P ,Ucdp .Ar = ~ZP,(P,

- p,)g
7

Bubbles

Many researchers in studying fluidized beds have focused their attention
on the bubbles assuming that the emulsion phase is uniform with voidage in the
emulsion phase equal the voidage at minimum fluidization. In looking at the
bubbles there are many different ways to quantify their behaviour including
bubble size and shape distributions, measured bubble cord length, volume
fraction, rising velocity, and bubble frequency. This are all being measured in
gas-liquid, gas-slurry, gas-solid and three phase systems and they are
sometimes surprisingly similar. The mechanism of bubble formation is of great
interest as it is quite clear that much of the bubble behavior originates with the
formation.

There has been a great deal of effort put into analyzing and/or predicting

the nature of the pressure field surrounding bubbles. This is because many of
the different probes used to detect bubbles are pressure or differential pressure
probes. Therefore by working out the nature of the pressure gradient associated
with a bubble it becomes possible to predict the bubble visibility of a given
instrument and to work out under what conditions the instrument will give an

accurate measure of bubbles.
For the purposes of this thesis this work is of interest both to allow a
compare and contrast between the imaging systems and the traditional methods
and also using the information from these types of studies may allow better
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interpretation of the images. It is quite obvious that the results from fluoroscopy
can be compared directly to the following papers, but the distributions in these
papers may also be compared to the CAT scan images. In the following papers
there is more emphasis on the measurement and analysis than on the results.

This is caused by two considerations 1) much of the results are in the section on
bed structure and 2) for the purposes of this thesis how the bed behavior is
measured and the errors which may result is actually more important than what

is measured.
Clark et

carried out an analysis of the problem of determining the

bubble size distributions in gas-liquid, gas-slurry and three phase systems. They
used resistance probes but the same analysis can be applied to other types of
probes and thus to gas-solid fluidized beds. The problem is that when analyzing
the data from probes a bubble time distribution is the direct result -this is what
the probe measures. This bubble time is a function of the velocity of the bubble
and the radial position at which the bubble is pierced as well as its diameter. If

the bubble velocity is known from either a correlation or further instrumentation for example a second probe a short distance above and cross-correlation of the

-

signals then a bubble pierced length can be determined. There are
considerable practical

problems associated with measuring the bubble velocity

which are not addressed. What is addressed is the problem of determining the
bubble size from the bubble pierce length. Unlike many authors they recognize

that the bubble size is not one number but that it is a distribution and also that
the bubble shape is a distribution. By considering the probabili&y distribution of
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the pierced length of a bubble as a function of its radius and the distribution of

the aspect ratio from published data and their own measurements they
calculated the distribution of the pierced bubble length as a function of the

bubble radius distribution. They then developed a numerical back transformation
which allows the estimation of the bubble size distribution from the pierced

bubble length distribution. This back transformation was tested using data
generated from a prescribed distribution and a Monte Carlo simulation. The
back transformation was reasonably successful at reproducing the original

distribution and gave some indications of the numerical requirements of the
process in t e n s of its resolution and the amount of data required.
Choi and KimB4carried out a study of the hydrodynamics of an internally
circulating fluidized bed. An internally circulating fluidized bed is one where bed
intemals are added and the distributor set up so that there is a circulation of
solids between different bed sections. Their bed was 40 crn x 20 cm x 90 cm tall
with an internal baffle dividing it into 20 cm x 20 cm sections which had a 20 cm
gap between the distributor and the bottom of the baffle which was 45 cm tall.
On the fluidized bed section of the distributor there where 9 bubble caps with 4

mm x 2.5 rnm holes where as in the moving bed section 36 holes 2 mm in
diameter with a 200 mesh screen. The plenum was divided to provide air
individually to each section. Air was supplied to the ffuidked bed section

sufficient to fluidize the bed. This would cany solids to the top of the bed where
they splash over to the moving bed where the solids then move down the bed.
The solids circulation rate increases with increased gas velocity- The measured

bubble chord length distributiSonis well represented by the log- normal
distribution.

The measured bubble cord length, volume fraction

and rising

velocity increase with bed height and gas velocity to the fluidized bed. However,
bubble chord length, volume fraction and rising velocity are lower in the bed wall
region and exhibit a peak value at a dimensionless lateral distant of 0.5-0.8, and
the peak moves to the center region of the bed with increasing bed height. The
rate of increase in bubble rising velocity increases with bubble size up to about

0.07 m, at which diameter the flow regime may lie between bubbling and
slugging flows. The bubble properties in the internally circulating fluidized bed

have been comefated with the solids circulation on the basis of theoretical
'equations in the literature.
Van Lare ef

used a pair of capacitance probes to measure the bubble

characteristics in a gas fluidized bed 25 cm in diameter with a porous plate
distributor and quartz sand 2650 kg/m3 and 106,165,230 and 587 prn in
diameter. The experimentally determined minimum fluidization velocities were
1.4, 2.3, 5.1 and 21.3 cmls and the powders were fluidized at varying velocity
(U/U, = 1.08 - 8.4) with air and varying bed height up to 1 m. Measurements
where taken at radial positions of 0,2,4,6, 8, 10 and 12 cm fmm taps vertically
aligned 10 cm apart. A complex stochastic technique was used to sample and

measure the signal.
In general the bubble frequency decreased with increasing height. The
radially averaged mean pierced bubble length increased with increasing height

and superficial gas velocity while particle size had a minor effect for the same U-

85

U,

The mean pierced bubble length reaches a maximum value at a height h'

(about 60 crn for 106 yrn sand). This is the stable bubble height above which the
processes of coalescence and splitting balance giving a constant bubble size.

For the larger bubbles the bed was not tall enough to reach h' suggesting there
is a particle size dependency. The bubble velocity increased with increasing
measuring height and superficial gas velocity. The total bed height had no effect
but a minor particle size effect was noted. Local visible bubble flow showed that

with increasing bed height bubbles moved to the center and this effect was more
noticeable at higher U N , The local maximum visible bubble flows where 2-4
times the radial average. The bed height, superficial gas veioclty and particle
size had no detectable effect.
Chiba e t d 6 studied the successive formation of gas bubbles on the gas
distributor of a multi-orifice plate in air ff uidized beds theoretically and
experimentally. They developed a model for the bubble formation from the jet

above each orifice on the assumptions that the forming bubbles do not coalesce
with the foregoing bubble and that they detach when they have achieved a
suitable size. This model predicts the time required to form each bubble and the

volume and diameter of the bubble when it detaches from the jet. They then
carried out experiments with a 2 dimensional model. The characteristics of the
bubbles and bubble formation were measured by cine photography at 64 frames

per second and the projecting each frame onto a shadowgraph screen. The
characteristics of the bubbles measured were a close match to the model,
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Wayne et

carried out a set of experiments in a 30.48 m x 30.48 crn

bed fitted with a perforated plate distributor having 900 2.38 mm diameter holes

spaced 10.16 mm on a square pitch. The bed was filled with white millet seed d,

-

2500 pm and p, = 0.883 g/cm3 having a minimum fluidization velocity of 0.381

mls. In this bed an artificial void 3.81 cm diameter, constructed of a metal mesh
frame covered with nylon mesh, was placed and a set of four pressure probes
small enough to push through the nylon mesh and arranged so that they could
be accurately and easily moved. The idea was that the artificial void would
simulate a bubble and using the probes the pressure field could then be
measured.
They carried out a mathematical simulation of the pressure field using
Laplace's equation and assuming constant pressure gradient far from the bubble
and zero gradient at the bubble surface. These simulations were compared to

the measured gradients in and around the artificial void at various positions in
the column and to the model of Davidson and ~arrison'~
for single bubbles and

Miwa ef aLQ for two interacting bubbles:

,&cos4 - ~ c o s a ) ~ ~
{52+c'-2rFms(a-() K

}

where a is the radius of the bubbles, cr is the angle between the vertical and line
connecting the centers of the bubbles and rand 4 are polar coordinates

centered at the center of the lower bubble. Except for the top of the artificial void
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and when the void was near internal surfaces these models predicted the
pressure fields well. The discrepancy at the top was attributed to the fact that

the void is not moving and thus there is a channel above it where fluid is short
circuiting the bed.
Sitnaia8carried out an interesting study on the pressure gradients

measured by differential probes using the model of Davidson" and statistical
analysis to extract significant bubble parameters in a bubbling fluidized bed. He
shows that using two pairs of differential probes located on a common vertical

axis allows the bubble velocrty, bubble depth, vertical spacing of bubbles,
bubbling frequency, distributions of bubble size and spacing and local bubble
phase fractions can be measured.
The pressure probes used here are dual differential probes where there

are two probes closely spaced vertically in the column. The pressure difference

between the probe tips is then measured. This allows an approximate measure
of the pressure gradient surrounding a bubble - which may be much greater than

the pressure field. From the DavidsonU model several relationships were
derived including the dimensionless vertical pressure gradient for a single

bubble. This is seen to vary from 0 in the bubble to a maximum of 3 at the nose
and tail for small probe spacing and 1for large probe spacing or remote bubbles.

The width of the characteristic pressure gradient recorded is proportional to the
square root of the bubble diameter, however the probe spacing relative to the
bubble size effects this time interval. Both the bubble spacing and the distance

of the bubble from the probe affect the ability of the probe to see the bubble.
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The bubble visibility varies almost linearly with the relative probe spacing and
normally with the relative bubble distance. He found the horizontal bubble
visibility to be about 1.5 to 2 times the bubble radius and the minimum bubble

radius recorded by the probe about 113 - 114 of the probe spacing. The bubble
radius is easily determined from the pressure recorded for bubbles separated by

more than 25. However, in the real world the bubble frequency is too high for
this so he developed a method to use auto-correlations of the pressure

measurements to determine the radius of the bubbles.
To test and venfy the analysis experiments were carried out in a 1.2 rn
XI
.2m square vessel containing a bed of sand with a minimum fluidization
velocity of 0.30 mls. The distributor consisted of a 6x6 array of tuyeres and the

bed was equipped with a tube bundle of eight rows of 38 rnm OD tubes arranged

in a staggered pattern at 100 mm centers. Four pairs of pressure probes were

inserted into the bed 600 mm at 250 mm and 430 mm from the side wall and
equipped with four differential transducers. Below them was a bubble injection

system of two tubes with openings on the top and fMed wlh automatically
controlled ball valves. The air was injected into the incipient fluidized bed
forming large independent bubbles. The injected air was about 5% of the total

air. This system gave "ideal" bubbles. However, there was a strikingly good
match between the simulated pressure gradients and the measured gradients

with excellent reproducibility.
Ramayya et a/.'' carried out an extensive analysis of differential pressure

probes and the nature of the signals they produce. The probes they were

89

interested in consist of two pressure probes placed in the column a short

distance apart (a few cm) vertically. They used the Davidson model of the
pressure gradient associated with a bubble to calculate the theoretical apparent
pierced bubble length and differential pressure fluctuation the probe would

measure. The effects of different probe spacing, eccentricity of the bubble hit
and obliqueness h l were then theoretically determined. This was compared with

the apparent pierced lengths from the different time scales that have been used

in the literature.
All this was used to find ways to accurately measure the pierced length of
bubbles in real columns where bubbles move horizontally as well as rise through

the column, and where the bubbles are of different sizes and may have varying

shape. They found that they could eliminate the bubble strikes where large
eccentricity was present or where large obliqueness was present, thus
eliminating the bubble strikes where the pierced length cannot be estimated
accurately with this type of probe. They also examined the use of a point
measure where the lower probe is connected to an absolute pressure transducer

as well as the differential transducer. Wth this additional information they can
then use all the bubbte stn'kes to measure the bubble pierced length. This gives
the best results as measurement of all the bubbles allows accurate
determination of distributions. These theoretical results where also compared to
experimental measurements with good effect

Modelling

The traditional approach to modelling is often refered to as the two phase
model. This approach is to divide the bed into two phases - the bubble phase
which is the bubbles and the emulsion phase which is the solids plus the fluid
passing through the solids. The emulsion phase is generally assumed to have
the same voidage as at minimum fluidization and it is often assumed that the
fluid passing through the emulsion phase does so at the minimum fluidization
velocity. The bubble phase is then described with emperical equations
generated from lab scale experiments. This approach has had some success
but is generally considered to be less than ideal from an engineering point of

view. These methods are not discussed here because the ability of non-invasive
imaging methods to add to this approach is similar to what is already in the
literature.
There are some other approaches to modeling of fluidized bed reacton -

many of which are different forms or variations on computational fluid dynamics
(CFD). In CFD fluids are represented by equations for mass, momentum and

heat and these equations are solved computationally for the dynamics fluid
behavior. Applied to fluidized beds this gets a little more difficult One approach

is the two fluid model were the fluid phase and the solid phase are each
represented with equations for mass, momentum and if necessary heat These

equations are quite similar to those used for single fluid except that the density is
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replaced by the density multiplied by the phase fraction and the addition of terms
to the momentum balances for interphase transfer. An additional equation is

added for the phase fractjons. Since these types of models are calculated over
time for phase fraction and veloclty fields it is very straightfoward to compare the

models to the types of data which the imaging technologies produce. The
velocity fields of the solid phase are a model of particle tracking data and the

phase fraction fields compare directly to both CAT results and fluoroscopy.
Furthermore these models can be used to run "experimentsnunder conditions
which can not be reproduced in the lab. For example if the model is able to
reproduce the behavior observed in the lab then it can be re-run with a column
'size to big to ft in the lab, or changing to a temperature or pressure which can

not be safely operated in the lab and thus predict results at conditions of interest.
Since a major objective of this work is to advance the combination of
imaging technologies with CFD models of fluidized beds it is helpful to know a

little about CFD modelling, and the various combined approaches to modelling.
This includes looking at convective and dispersive models from qualitatively
similar systems such as bubble columns. Furthermore the current work on
comparison of experimental methods with CFD models is of interest here.
Xu et

modeled a fluidized bed using a combined approach where the

particles were modeled using the discrete particle method and the fluid was
modeled by computational fluid dynamics. That is the particles were modeled by
solving Newton's second law of motion for each particle and the fluid by solving

the NavierStokes equation. The main draw back of this method is the large
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number of linked equations which must be solved at each time step to describe
the motion of the particles. This limited the results to 2400 particles in a 2
dimensional cell of I 5 crn wide by 9 crn high. However they did get some
interesting results using two similar sets of conditions where in one case the fluid

was introduced through a uniform gas distributor or through a central jet. From
the fluid phase the pressure at a central point was recorded for each time step
giving a pressure trace similar to what a pressure probe would give in a real
model. This pressure trace was run through the discrete Fourier transform and
gave results qualitatively similar to published real data for different systems.
Examples of the particle position, particle velocity, fluid velocity, fluid drag forces

and contact forces are given which clearly suggest bubbling, slugging and dead
zones, It is evident that from this data relative velocities and transfer coefficients

can be readily estimated. An example of the position of a single particle with
both fluid distributions is given. It is clear that the particle position is both
stochastic and strongly affected by the distribution.
Hyndman and Gu?' carried out a radioactive gas tracer study of the gas

flow through a bubbling column. The axial dispersion model commonly used to
describe gas phase flow has scatter in dispersion coefficients reported. Using
simple tests with radioactive tracer response curve moments, convective and
dispersive behaviors where differentiated. A convective model was presented
which fits both tracer response curves and mean gas velocity in both the bubbly

and chum flow regimes and which may be used as a technique to estimate
bubble rise velocity distributions.
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Devanathan et aLg2compared the results of CARPT in a bubble column to

a CFD model of the column- The bubble column was 20.3 cm in diameter with a
porous plated distributor through which air flowed at 2.0 cmls with the water

static height of 57 crn. No major details are given of the CFD model, although
they do explain that it is a single fluid model where the bubbles are accounted for

as spacial variation in density and for each computational cell there is a
distribution of density for the bubbles within. This model is unable to distinguish

the bubbles individually or the flow patterns surrounding the bubbles. However,
it can distinguish the overall flow patterns of the liquid on a short time scale. The

flow patterns predicted for the fluid was qualitatively similar to that observed in
the lab and highly chaotic. Since they are chaotic, they cannot be directly
compared, however time averaging gives a pattern similar to what is typical in
the literature for this type of system. To compare the model to the experiment

the averaged distance that an individual fluid element, or the particle, can travel

in a given amount of time, as a function of that time, was calculated. These

results were remarkably similar. From these results they concluded that there
is no physical basis for the assumption of a plug flow of the liquid through a
bubble column superimposed by a diffusional process but that the flow must be

regarded as a transient chaotic flow.

Valenzuela and Glicksmang3developed a model of the gas flow
distribution between the emulsion phase and the bubble phase of a bubbling
fluidited bed. Unlike earlier models this one is applicable to a wide range of

bubble fractions. In the low bubble fraction liml this model approaches
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Davidson's isolated bubble model. At higher values of bubble fraction the visible
bubble flow rate is much smaller than that predicted by Davidson's model. The
effects of bubble shape and distribution in the bed are also considered. This

model predicts that the average emulsion phase fluid velocty depends solely on
the emulsion phase voidage and not on the bubble phase flow. The bubble

through flow velocity is a strong function of bubble shape and distribution but is
independent of the bubble rise velocity.

Novel Methods

This section covers a few of the more unusual experimental methods
used to study the bed behavior. These papers are more of interest for the
methods used than for the results. There are complex probes capable of

distinguishing bubble velocity, shape and angle of attack. There is also imaging

systems, X-ray systems and arrays of probes. The work in this thesis falls under
this section.
Burgess and Calderbank94 developed a three dimensional electtical
conductivity probe to measure bubble properties in gas-liquid and gas-solid two

phase systems. The probe consists of five electrical contacts connected to a DC

power supply with the voltages between them sampled by ADCs mounted on a
PDP-7. The arrangement of the electrical contacts allows the determination of
the nature of the bubble hit so that if a bubble hit is oblique, which makes
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calculation of bubble parameters difficult, the bubble hit can be ignored. This

assumes that the bubble properties are uniformly distn'buted and that the bubble
direction is random. The key to the probe's operation is the algorithm used to
analyze the data on line. This uses simple rules to detect bubbles and to reject
the poor hits. They compared the signals to photographed bubbles to generate

a simple but accurate means to correctly calculate bubble size from the probe.
This probe in use was fast and accurately measured the bubble size and
velocity.
Abanades and Ataresg5have developed a system to measure the axial
mixing in deep beds of coarse particles using image analysis. In their

experiments the column -usedwas 15 cm ID and 2 m high. The cross-section of
the bed was slightly truncated by placing a flat window in the side of the cylinder

full height to allow for non-distorted viewing of the bed. The solids used were
particles called "rnasterbach" and are pigment concentrates used in the plastics

industry. White and red particles having densities of 1554 g/cm3and 1.105

g/cm3 respectively with a particle diameter of 3.2 mm and sphericity of 0.98 and
1 were used. The bed was arranged with a layer of white particles in the bed

and then fluidized with the bed illuminated by halogen lamp and images recorded
by SVHS video. These video images were then analyzed to get the
concentration of particles in the bed as a function of height. This technique
assumes that the concentrations at the wall of a bed are characteristic of the
cross-section.

Also, as of the time of publication insufficient data had been

collected to draw any conclusions about the particle mixing in these types of

96
beds.
Gilbertson and Yates" examined the formation and structure of jets formed
above the orifice in a perforated distributor in a fluidized bed using an X-ray
system. No description of the X-ray system is provided although it is implied that
it is capable of capturing a video as opposed to individual pictures. The images

were examined on a PC and several structures found varying from thin
continuous jets close to the nozzle to bubbles and amorphous clouds of gas

towards the top of the bed. A region of intermediate structures was found

between these two regimes. The formation of structures other than bubbles was
encouraged by high pressure and flow rates. The experiments were performed in

a cylindrical duralurninium vessel with a diameter of 254 mm. This vessel formed
part of a closed circul in which the fluidizing gas was driven by a blower. A
porous sintered distributor plate was fitted with a 18 crn long 15 mm diameter

nozzle. The particles were ion exchange resin particles which were spherical,

porous particles with a diameter of 0.82 mrn and density of 1170 kg/m3.
Hatano et aLg7used an array of optical probes with two banks of probes
separated 10 mm vertically and consisting of 12 probes each separated 10 mm
horizontally in a 15 cm diameter fluidized bed 1m tall. They used three different
solids: sand (dp= 0.184 mm, p, = 2640 ), alumina (d, = 0.250 mm, p, = 1300 ),
and glass (d, = 0.300 mm, p, = 2540 ). With this array they were able to

measure the actual bubble size, shape and velocity and were able to measure
distributions of voidage and bubble frequency in the column and various radial

and axial locations. They distinguishedthree different types of bubbles and
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measured bubble coalescence. From their results it is clear that the assumption
that there is one size andlor shape to characterize bubbles under a given set of

conditions is simplistic at best. Further it is clear that there is considerable

variation in bubble size with height in the column with small bubbles at the bottom
and large bubbles at the top - but there is still a significant number of smail
bubbles at the top of the column. There is a considerable lateral distribution in
bubble frequency and holdup in the column. Near the top of the column there is a

strong peak at the center for these distributions but near the bottom the peak is

much taller, narrower and shifted out toward the wall. These distributions are
flattened by increase in velocity. They correlated the aspect ratio with the
coalescence index:

and were thus able to distinguish the three types of bubbles observed, however
correlations for bubble velocity against bubble size showed all three types flowing
at the same speed with a lot of scatter in the data.

Chapter 3: Experimental

The data presented in this thesis comes from three separate sets of
experiments. The CAT scans where carried out by Holoboff and are fully
described there. A brief description of the methods is also provided here. The
second set of experiments was a set carried out in the 10 cm diameter column.
These tests were also used for initial experiments with the gamma camera and
fluoroscopy unit. A set of hydrodynamic experiments were carried out first with

the 10 cm column to allow a comparison of imaging results with flow regime, and
these results were used to pick a few different flow rates to run fluoroscopy and
particle tracking experiments. A complete set of hydrodynamic experiments were

carried out in the 20 cm diameter column, which were intended to provide the
hydrodynamic data for comparison to a set of CAT scans in that column. Those

CAT scans were not carried out due to technical difficulties associated with the
operation of the CAT scanner.

The Columns

These experiments are a continuation of a series of experiments for which
three geometrically similar columns were built These columns have different
diameters - 10, 20 and 30 cm. but the bed section of all three columns is 1 m tall.
All other dimensions are linearly scaled to the diameter. The 30 cm diameter

Figure 1 Column setup used for hydrodynamic experiments. New tap added for column
diagnostic experiments.

column is a linear scale model of a reactor used in industry. The other columns

are similarly scaled except that the column height in all three columns is 1 m from

the distributor to the bottom of the expansion section. The expansion section is a
linear scale of the expansion section on the industrial reactor. All three columns

are faed with porous plate distributors made of layers of steel mesh and filter
paper. The air leaves the top of the expansion section through a vacuum cleaner

hose and goes to a nylon cloth fitter bag where the entrained material is captured.

Air is provided to the column through two pressure regulator valves to a
rotameter, then through an air line to a single inlet into the bottom of the bed.

I00

The plenum under the distributor is a cylindrical section having the same diameter
as the column and the height of which is similar to the diameter. This section is

filled with a fixed bed of spheres approximately 22 mrn in diameter and below that
a cone going down to the air hose.

CAT Scan Experiments

In the CAT scans, the solids used included both High Density Polyethylene

(HDPE, denoted as M I ) and Linear Low Density Polyethylene (LLDPE, denoted

as J1). There was not enough of these particles available for the new
experiments so new solids were made up. The particle properties for the CAT

scans are summed up in Table 1.
Table I: Particle ~ro~erties
of earlier exeriments'

Mean

R e s i n Type
G2
51-35
J1-18
J2-35
M2-35
M2-18
MI-35
MI18

IPP
LLDPE
LLDPE
LLDPE
HDPE
HOPE
HDPE
HDPE

-

Particle G e l d a r d D e n s i t y

0-634
0-750
1.500
0-750
0.750
1.500
0-750
t -500

DIB
B
D
6
B
D
6
D

0.895
0.917
0.917
0.919

0.944
0,943
0.943
0.942

New Particle Properb'es

Since the interest in this thesis focuses on the hydrodynamics in the gas
phase polymerization of ethylene in the UNlPOL process polyethylene samples

taken from one of these industrial reactors were used without any further
processing. These particles are of unusually low density and large size for the
academic experimentation in fluidization. Therefore sand was also used to
provide a comparison between these results and the literature. The polyethylene

samples used have a wide particle size distribution whereas most of the literature
uses narrow particle size distributions. Therefore part of the polyethylene was
sieved to produce a narrow particle size distribution polyethylene sample
designated NP. The particle size distribution of the original sample was used for
the wide particle size distribution polyethylene sample designated as WP.
Similarly wide and narrow particle size distribution sand were designated as WS

and NS respectively.

Sphericity of Particles

In fluidized bed work. one of the most important parameters of the particles
is the sphericity, which is the measure of how much their shape deviates from

102

that of a sphere. All the basic equations, especially the theoretical equations
commonly used, are based on the assumption that the particles are spheres. The

most important factor in these equations is the surface area of the solid - the
greater the surface area the greater the frictional force of the fluid flowing against
the surface. Since a sphere is the shape with the lowest surface area to volume

ratio, it is apparent that any deviation from a perfectly spherical shape will cause
increased resistance to fluid flow and transfer of energy between the phases.

The sphericity is defined as the ratio of the surface area of a sphere having

equal volume to that of the particle in question:
surface of sphere

.
S
'

= e a c e of

With this definition,

@s

of same volume

= 1 for spheres and 0 c & c 1 for all other particle

shapes. This is a useful definition and can be applied directly for large regular
particles. For example, cylinders of a few millimeters in size can be easily

measured to find their volume. In our study, we are using much smaller particles
Table 2: Sphericity of NPE, WPE, NS, WS
7

Solid Type

Mean Sphericity

Standard Deviation
of Sphericity
1

NPE

1 WPE

0.7257

1 0.7158

0.0746

I 0.0889

I
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of irregular shape. These can not be directly measured for surface area. The

solution used here is that several particles are scanned using a Scanning
Electronic Microscope (SEM) from which a computer image with square pixels is
generated. This is then easily loaded into commercial image processing software
(Sigma Scan/lrnage @). On this image, the perimeter is drawn around each

particle. The software then measures the area and perimeter of the part of the
image selected. It also calculates the perimeter of a circle of equal area (Feret

Perimeter) and the ratio of the perimeter of your shape to the Feret perimeter
(Shape Factor). It is then assumed that the shape factor calculated from the two
dimensional projection of the particle in the image is a good approximation of the
sphericity.
When looking at the images, it is clear that not only are the particles of an

irregular shape, but they are also individually shaped - so that several particles
must be measured to get a number which can represent all the particles in the
bed. Six to eight images were taken of each solid, each image containing

multiple particles. This allowed roughly 20 particles for each soiid to be
measured. The results are summarized in Table 2.

Images

When looking at the images of the sand particles it is clear that many of
the particles are cracked (see Figure 3). As a consequence it can be expected

Figure 3: Example of WS

Figure 2: Example of NPE

that some sand particles will be knocked apart during the fluidization experiments
producing fines. This is indeed what happens and is clearly seen in the lab in the
continual production of small amounts of fines from the sand during fluidbation.

The sand particles have sharp edges showing that they have not been exposed to
long term erosion processes. Eroded sands are preferable for fluidization work

as they do not suffer as much attrition, thus the particle size distribution changes
less during operation. Eroded sands will have higher sphericity leading to more

ideal operation. Such sands were not easily locally available.
The polymer images show a wide range of different particles (see Figure

2). Some particles are almost spherical while others are highly irregular. Some
of the particles appear to have shed parts of them while other particles have

-

'bright' spots on them which are metallic deposits of some kind probably
non-reacting catalyst Many of these particles have obvious fissures and other

evidence of internal porous structure.

Minimum Bed Voidage

The minimum bed voidage or the voidage of the bed at minimum

fluidization is a critical number used to characterize the behavior of the bed. If the
particle density is know, then there is a straightfonvard calculation to get the
minimum voidage.

The bulk density of the bed is in principle easy to measure by measuring
the mass of a large volume of bed material. In prad*cethis must be carried out
'carefully to ensure that the particles are not packed tightly during this
measurement or a low voidage will result. This was addressed by being careful in
the measurements and by taking multiple measurements. However that
measurement is quite simple - take a large graduated cylinder, fill it and weigh it.

The mass of the solid and the volume gives the bulk density of the bed. The
Table 3: ~inirnumbed voidage for NPE. WPE. NS.WS
I

Parb'cle

1

I

I

Minimum Voidage

Std. Dev. Of Voidage

WS

0.4596

0.003

1 NPE

1 0.3405

1 0.003

I WPE

1 0.3494

particle density is addressed in the next section.

1 0.01

I

I

The minimum bed voidage results and the standard deviations of the
experimental results are shown in Table 3. Note that the standard deviation of
the measurements of WPE voidage is of an order of magnitude larger than the

others. This is not an error - this is how the data came out, Nonetheless this still
represents a reasonable amount of error in this type of experiment. The smaller
standard deviations suggest that if there is any error it is consistent through the
measurements which is the aim of good experimental technique.

Particle Size and Particle Density

The other particle properties of interest are the mean particle size and the
particle density. The mean particle size was measured by a traditional sieve
analysis, a description of which may be found in any one of a number of text

booksg8.
The mean particle size was calculated from the distribution by a mass

average:

where 4 is the mean diameter of a narrow cut and mi is the mass fraction of that

cut. The cuts are determined by sieving a sample of the particles. This was
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Particle Size Distribution

WPE
NPE

0
ws
NS

0

1500

853.5

478.5

215

165
137.5
100
Size, micrometers

56.5

29

20

Figure 3: Particle size distribution of NPE, WPE, NS, WS

carried out for five samples of each type of solid.
The particle density for the sand is easily found using a water displacement
method - measure the volume of water displaced by a given mass of sand and to

get the density. For the polymer a similar method was used, however, greater
care was required, as these particles are porous, hydrophobic and light. The
problem introduced by the porous nature of the particles is that the pore volume is
part of the particle volume so if a fluid displacement technique is used the fluid
must not go into the pores or a low volume measure will result Since the

particles are hydrophobic they will tend to trap air bubbles between the particles

when immersed in a polar fluid, such as water. This will result in a high volume
measurement The particle density is less than most commonly available fluids.
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so it is necessary to force these particles below the surface of the fluid to get
them to displace the fluid. For the sands, measuring the particle density was a
simple matter of taring a graduated cylinder, adding sand. weighing it, adding
water to cover the sand and weighing and measuring the volume. For the
polyethylene, this had to be modified by adding water in small increments and
shaking to distribute the water and remove the air between the particles. Once
sufficient water was added the particles would float; before the total volume was
measured the particles had to be held under water with a piece of metal mesh.

The volume of the metal mesh was included in the volume measured of the solid,

but by using a large cylinder and a fine mesh this introduced an error smaller than
the measurement error of the cylinder. Care was taken to ensure that all of these
problems were addressed and multiple measures were taken to get a statistical
measure.
Table 4: Particles used for hydrodynamicexperiments, fluoroscopy, particle tracking and CT
imaging

-

Code name
Composition
Mean particle size

WS
WPE
NPE
polyethylene polyethylene silica sand
584
543
830

[pm]
Density [glcm3]
u, [cmls]

0-6585
12.29

,

0.6585
12.29

2.44
24.6

I NS

I

silica sand
530
2.44

30.05

CAT Scan Procedures

In any given experiment, the resin was introduced into the column at

-

'I' Air Out

Air
and positioning

Figure 4: Experimental set up for taking CAT scans of fluidized bed

Table 5: Operating conditions of CAT scan experiments'

Column Diameter
Column Height
Bed Height
Particle Reynolds Number, Re
Fluidization Number, FI
Froude Number, Fr
, Archimedes Number, Ar
,

10 crn
100 cm
10-30 cm

I

0-36
1-3

0-0.15
8,800-1 20,000

.

variable height levels. The column height was Im and the settled bed height
varied between 10 crn and 30 cm in diameter thus giving UD ratios of 1 to 3 while
the bed was settled. Each time the resin was poured into the column and prior to

any CAT scanning, it was allowed to fluidize for a few hours and then it was
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allowed to settle.The column was then scanned from bottom to top. The CAT

images obtained were translated into voidage images. The operating conditions
are summed up in Table 5.
The X-ray CAT scanner used here is an €MI 7070 fourth generation
machine modified from its original medical use for chemical and petroleum
engineering applications. The scanner was modified to s l with its gantry in a
horizontal position, thus allowing for scanning of vertical objects. The bed was

discarded and was replaced with a precision positioning device that allowed for
positioning of a holder or a column in the gantry with 10 pm precision. A
schematic of the experimental setup is shown in Figure 4. The columns were
placed in the center of the gantry while scanning. Each scan had a resolution of
400 prn by 400 ym in cross section. The thickness of each imaged slice of the

column was 3 mm. The scanner has the ability to scan objects down to 1 mm
thickness, but this was usually avoided because troubleshooting tests indicated
that such a reduction in thickness could compromise the maximum allowable size
of a scannable column. Another reason was the tremendous amount of data
generated from each scanning experiment The reconstructed image of one

cross section of a column is a 320 by 320 integer array which is transferred from
the CAT scanner computer to UNlX workstations for further analysis. In-house
developed software was used to transform the CAT scanning images into voidage
maps. The acquired arrays were analyzed in a variety of ways that provided bulk

densrty and gas voidage calculations as described below, a variety of statistical
information images and graphics. The statistics include slice and column
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frequency distributions, spatial variability through the determination of the

variogram function, and when available, time series analysis of sequential images
at the same level in the bed. Some additional information can be found in
previous publications'".

Statistical inforrnation further includes moments analysis

for the first four moments and cross correlation of the obtained voidage values

with process variables. The image analysis provides voidage images, surface
plots, contours and animation. Further information on CAT scanning principles
and applications can be found elsewhere'10-"'.

Fourth generation scanners have a rotating tube and foced ring of detectors

in the gantry. They typically acquire a single section in 1 or 2 seconds. The X-ray
beam is collimated as it exits the tube and again before it strikes the detectors.
Collimating defines the section thickness and reduces scatter. Adjustable
collimators allow section thickness to range between 1- 10 mm. The detectors

used in fourth-generation scanners are solid-state detectors, the most common
being cadmium tungstenate (CdWO,).

The CAT scanner measures the X-ray absorption from an object. The
CAT scanner image is actually the image of the linear attenuation coefficients of

the volume elements of the objects (or voxels) at a predefined resolution. The
linear attenuation coefficient is a function of densrty and atomic number. In the
experiments described here, the atomic number of the system is constant and the
density is the main variable. The density is actually the bulk density of the voxel

which is the volume and time average of the polymer particle density and the
surrounding gas density during the scan. If the density of the solid is known, then
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the voidage can be calculated with good accuracy at the predefined resolution. In
this study, the total voidage is mapped (i-e.,the sum of the interparticle and the
intraparticle void fraction). Furthermore, the time required for a single scan is 3 s.
The time for processing the acquired data and for developing the image is
approximately 40 s. As a result, a measurement can be taken approximately
every 45 s at the minimum. Therefore, the acquired images represent
macroscopic time averages (or snap-shots) of the occurring events. And
although these snap-shots are of little interest to the researchers who study the
flow of an individual rising bubble, they are of the utmost importance to the
engineer who seeks a uniform distribution of polymer and gas in a gas phase
'

polymerization reactor. The reason is that macroscopic heterogenelies of
voidage must not exist in the reactor if the required resin properties are to be met
for each polymerization batch.

-

The timing of the CAT scans is not entirely fixed it can be varied within

the capabilities of the machine. Depending on exactly which scanner is being
used the scan time of a 4" generation scanner will run between Iand 10 seconds

- the exad values possible being fuced by the design of the machine.
Furthermore, the time required to process €hescan is very much a function of the
age of the machine. Newer machines may be able to process all the data and

generate an image in as little as two seconds. Unfortunately, we are working with
machines which date from the late 1970's and early 1980's so they are a little
slower. However, it is not necessary to process each image before the next is

-

taken the raw data from the detectors can be saved on the hard drive and

113
processed later allowing a few seconds between scans. This creates two
problems 1) the raw data files are much larger than the images and so fewer
scans can be stored this way and 2) the X-ray tube will overheat after a relatively
small number of scans and a long time will be required to cool the tube before the
study can be continued. Given that we are taking an image, then moving the
column to take the next it makes sense to process the images while the column is
moving and also allow the tube to cool between each firing.

X-ray Fluoroscopy

An image intensifier (11) is used to convert incident radiation into a light

image to be viewed, recorded or photographed. An II consists of an evacuated

glass, aluminum or non-ferromagnetic envelope that contains an input phosphor,
photo-cathode, electrostatic focusing lenses, accelerating anodes and output
phosphor. The input phosphor absorbs X-ray photons and re-emits part of this
absorbed energy as a large number of light photons. Light photons emitted by
the II input phosphor are absorbed by a photo-cathode, which emits
photoelectrons. The photoelectrons are accelerated across the IItube by the
anode and focused on the output phosphor by an electrostatic lens. These

electrons which have energies of 25-35 keV, are absorbed by the output
phosphor and emit a large number of light photons. Thus, the pattern of incident
X-ray intensities at the input phosphor is converted into an intense pattern of light

at the output phosphor of the II.
The central portion of an I1image has a limiting spatial resolution of 4-5
lines per millimeter (Vmm). The resolution is decreased at the edges of the II.
Fluoroscopy is performed at low doses, which means that relatively few X-rays
are used to produce the image. 7his results in high quantum mottle (noise)
levels. Several factors contribute to loss of contrast. Some X-rays pass through
the input phosphor and photo-cathode and strike the output phosphor. Some

light produced at the output phosphor travels back to the photo-cathode and
produces more electrons (retrograde light flow). Contrast is also reduced by
veiling glare which is the result of light scattered and reflected within the II and
output window.
Fluoroscopy systems use closed circuit television (TV) systems to view the
image obtained on the II. A beam splitter allows two recording techniques, such

as fluoroscopy and cine, to be used simultaneously. Progressive scan modes are
used in digital systems to reduce motion artifactsg9.
Digital fluoroscopy is a ff uoroscopy system whose Ncamera output is
digitized. The digitized image can be enhanced before it is displayed on a TV
monitor. They may also be stored in a computer for further processing or
subsequent display.

Our X-ray fluoroscopy experiments are run using a GE MPX-100 system.
Two-dimensional images of the fluidized bed experiments are obtained in real

time. Currently, these experiments are video-recorded. Selected images are
digitized and are used for analysis of the bubble shapes and sizes. Ongoing work
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in the lab includes the addition of a computer for the direct capture, digitization,
and storage of images and preliminary tests which are the topic of another
thesis1w.
For these experiments the 10 cm column was set up in the fluoroscopy unit
and filled to a bed height of 30 cm with each solid. The bed was fluidized to

remove packing effects. The bed height was taller than the scan diameter of the
fluoroscope so the camera was moved down to the bottom of the bed and the

fluid flow set to the desired level. Five minutes of data were then video recorded.
The fluoroscope camera was moved up and five more minutes were captured
until the full height of the bed was imaged. The fluid flow was then increased to
the next value and the camera moved to the bottom and the whole process
repeated until the column had been fully scanned at all velocities.

Radioactive Particle Tracking

Radioactive particle tracking experiments were performed using a gammacamera

in a manner similar to work reported earlier'0'. There are a

number of different types of gamma cameras available on the market but the
principle of operation remains the same for all. The model used here is a

Siemens Orbiter which has 75 photomultiplier tubes (PMT) and a Nal crystal
diameter of 41 cm. The gamma camera is designed to detect gamma radiation.

The gamma rays originate from a radio-labeled particle. The camera has the
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ability to detect the distribution

of radioactivity. This is accomplished by recording

the emissions from the radioactivity with an array of detectors (PMT) placed
inside the camera head.

A gamma ray image is projected by the collimator onto the Nal(TI) detector
crystal, creating a pattern of scintillations in the crystal that outlines the
distribution of radioactivity in front of the collimator. An array of PMTs viewing the
back surface of the crystal, and a series of electronic position logic circuits,
determine the location of each scintillation event as it occurs in the crystal.
Individual events are also analyzed for energy by pulse-height analyzer circuits.
When an event falls within the selected energy window, the electron beam in a
cathode ray tube (CRT) display is deflected by X- and Z- position signals to a
location on the CRT face corresponding to the location at which the scintillation
event occurred in the crystal, and the beam is turned on momentarily, causing a
flash of light to appear at that point on the display. Therefore, the CRT display
shows a pattern of light flashes corresponding to the pattern of scintillation events
occurring in the detector crystal'02. These signals can also be sent to a computer
for digitization, storage and analysis.

The gamma camera is capable of producing different types of images -

static, dynamic and single photon emission computed tomography (SPECT). In
static imaging studies, an image of an unchanging distribution of radioactivity can
be recorded over an extended imaging time. It can be used for dynamic imaging

studies in which changes in the d i ~ t r i b ~ oofnradiation can be observed. As

soon as the acquisition of the first frame is complete, it immediately begins to
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collect a second image on the next frame and so on until the desired number of
ftames is reached. The images produced with these two methods of acquisition
are two dimensional and can either be recorded directly onto film or they can be
acquired and stored by a computer. Some software packages also have the
ability to generate 3D images from a dynamic series. True 3D images can be
produced using SPECT imaging. With this type of acquisition, the head of the

camera physically orbits the object of interest taking a series of static images at
different angles. From these 2D images, a 3D image can be produced using
computer software. With the advent of SPECT, computers have become
indispensable in reconstructing the images obtained. Reconstruction

algorithms

are used to assimilate all the images and reconstruct them into 3D images from
which tomographic slices can be made at any level and in any direction. There
are a variety of medical imaging software packages on the market. The software
available in our laboratory is Macintosh Nuclear Power (Nuclear MAC).
The output from the gamma camera is analog and must therefore be

converted to a digital form by an analog to digital converter (ADC). After the X(horizontal) and 2-(vertical) position signals of the gamma camera are digitized,

their position values are used to generate images. This is achieved by storing the
X- and 2-values in a buffer (500 counts) on the interface board and are then
placed in computer memory. After a certain number of these pairs of values are
stored, they are read from memory and used to update the image. Each pair
represents a location on the image, and when a particular pair is read, the

brightness of the pixel at the corresponding position is increased by one. One

thousand to 10,000 points are stored in memory between image updates.
Because this amount of data buffering represents only a fraction of a second, the
images appear to form in nearly real time. This process is performed until a
desired number of counts or total acquisition time is reached.
The Siemens Orbiter gamma camera can provide images of the
radioactive particle in two dimensions with resolution that can be as low as 2.6
mm at sampling (image) frequency as high as 100 Hz. Radio-pharmaceuticals

are used to tag particles that are subsequently used for the particle tracking
experiments.
Particle tracking experiments for the polyethylene resins were performed

by tagging a given particle of polyethylene with Technetium macroaggregated
albumin (gg"Tc-MAA).The choice of radio-pharmaceuticals as opposed to other
approaches in the literature was taken so that short half life material could be
used for the tests thus eliminating the need for sophisticated disposal methods.
Furthermore, the use of commercially available imaging systems eliminates the
need for custom made software and hardware development.

Each experiment is performed with the placement of the column that
includes the radioactive particle in front of the camera. The field of view is
circular with a diameter of 41.0 cm. The camera acquires images of the field of

view and the computer stores them in arrays of specified sires. The arrays used
in this paper are 128 by 128 elements. The resulting pixel size of 3.2 mm is the

level of uncertainty for the location of the particle. Updated images with the
location of the particle are obtained with a frequency of 20 H z The choice of
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frequency depends on the activity of the radioactive particle. Every time an
update is done, the image is stored in the computer which is interfaced with the
camera. The maximum size for the data file is 1000 frames. Thus, for every
experiment, data is stored and saved in files with 1000 sequential frames. This is
translated into time periods of 50 seconds per data set. At this point, the

computer file must be closed and a new file must be opened. Using these
parameters, data were collected over several hours and at variable gas velocities.
These experiments were carried out with the 10 crn column filled to 30 cm
height. Particle tracking experiments with sand have not yet been carried out as
sand is much more difficult to tag. For each set of experiments, several thousand
'images containing the radioactive particle location were collected. Sample WPE

was run over a period of three hours resulting in 36,000 images being collected at
three different gas velocities (11-26, 16.52, 21-77cm/s, respectively). The
approach was to collect data at the lower rate, increase the rate to the next value,
collect a series of images, increase the rate, collect data, reduce the rate to the
initial value-andstart again. Thirty-six sets of images were acquired. Analysis of
the sequential images provided the position of the radioactbe particle (X- and 2dimension), and the particle velocity (X- and Z- direction). Information in the Ydirection is not considered in this study because it was found that the particle
activity variability with depth had low quality resolution.

Pressure Measurements

Pressure measurements were taken by attaching four transducers to
vertically aligned taps in the wall of the column. The lowest tap is just above the

distributor plate and the others are spaced 15 cm apart up the column wall. The
column is also equipped with sampling ports opposite the taps, but these were
not used for these experiments. Late in the experiments, an adapter was added
to the top of the column which provided a new pressure tap at the column exit.
The taps were connected via l/aminch (3.175 mm) nylon tubing to
transducers located at the bottom of the column. The transducers were
Schlumberger Solartron transducers model 8000DPD with three having range of

0 to 800 inches of water and one being 0 to 110 inches of water. These are
differential transducers which are equipped with range adjustments allowing them

to produce a 4 to 20 mA signal proportional to pressure of zero to full, half or
quarter range. For these experiments the negative pressure port of the
transducer was left open to the atmosphere so that the transducer would

measure the pressure difference between the point in the column were the tap

was and the atmosphere. In most experiments the 800 inch transducers where
operated at quarter range making them effectively 0 to 200 inch transducers.
Since these transducers produce a current signal to measure them each
signal was passed through a resistor and the voltage drop across the resistor
measured by the 12 bit ADC converter on a PCLPM-16 card from National

Instruments which was mounted in a ALR 386 with 16 Mb ram. This card was set
to sample each signal at 100 Hz and is fast enough that for practical

purposes

each sample occurred at the same time for all signals. Measurements of applied
pressure vs. the measured voltage were carried out to generate calibrations from

which the pressure could be determined from the voltage the card measured.
This data was linear as expected.
Before any pressure measurements could be made it was necessary to
prepare pressure calibrations. In principle ther is a linear relation between the

pressure in the transducer and the voltage measured. In practical application this
relationship must be measured because resistors are not exact and the
transducers used here can no longer be calibrated to factory specifications as
they were exposed to more pressure than they could handle. Therefore
calibration measurements were made which served the dual purposes of 1)

ensuring that the transducers were still linear and 2) providing the numbers to
convert the voltages measured to pressures. For this purpose, the transducers
were connected to a calibrating system consisting of a high accuracy pressure

gauge, nitrogen bottle, regulator valve and bleed valves. For each range of the

transducers, the voltage at several applied pressures was sampled by the ADC
exactly as it would be in the experiment The calibration used for most
measurements is shown in Figure 5 and it is clear that the system is linear with
pressure and it is trivial to get numbers for calibration.
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Figure 5: Calibration of transducers. TO, T I and T2 0-200 in H,O; T3 0-1 10 in H,O. T3
disconnected just before it reached its maximum pressure to protect it.

Hydrodynamic Experiments

The hydrodynamic experiments were canied out in a manner similar to the

traditional minimum fluidization experiment, the main differences being that in our

case we used four absolute pressure measurements instead of one differential
measurement across the bed. Also, we ran the fluid velocity to the point where
the bed was slugging right to the top of the column and thus slugs of solid were
carried to the bag house. For each experiment the solid was charged to the

column and fluidized for approximately 2 hours and then allowed to settle for half
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an hour before the experiment. For the experiment the fluid Row was set to 8%
on the rotameter and the pressure sampled for 20 seconds at 100 Hz. The air
flow was then increased and the pressure sampled again. This was repeated

until the column was slugging to the top or 100% of the rotameter's capacity was
reached. At this point the procedure was continued only now decreasing the fluid
flow down to 8%, which is the lowest reading on the scale. The air was then shut
off for a few minutes and this procedure repeated 2 more times.

After the experiment was completed the data was transferred to an IBM
work station with an AIX operating system where it was analyzed. The pressure
was calculated from the logged voltages using the calibrations measured. The
velocrty calculations were a little more difficult as the pressure in the rotameter
and column is not constant. Thus an iterative procedure was used to calculate
each velocity correcting for the pressure measured at the top of the distributor

plate and for the rotameter operating pressure which is not constant in these
experiments.
To calculate the mass of air passing through the rotameter the pressure in
the rotameter had to be estimated. This was done by adding the column
pressure (pressurejust above the distributor) to the distributor pressure drop

(from a measured correlation) and the line pressure drop. The line pressure drop
was calculated using a roughness factor, which was measured from the pressure

drop for several known flow rates through the line. This was then used to correct
the maximum mass flow rate through the rotameter for the effect of rotameter
operating pressure -this combined with the rotameter reading was used to

calculate the actual flow rate. This whole procedure was iterated for every
pressure sample to give as accurate a velocity as possible. However, it is noted
that the introduction of standard pressure drop calculations may have introduced
an error of as much as 20% in the pressure drop across the line from the
rotameterto the column. While this can not be removed from the present data,

this problem has been corrected for future work by the addition of another
pressure regulator valve at the outlet of the rotameter. This allows the rotameter
to operate at a constant pressure and reduces all the error to reading error. This

improved set up was used for the column diagnostic tests reported in this thesis.

Two sets of hydrodynamic experiments were carried out. The first set was
carried out using the 10 crn diameter column with UD = 3. This set of
experiments correspond to the particle tracking and fluoroscopy experimentsdiscussed elsewhere in this thesis. Another more detailed set was carried out

using the 20 cm column w
hti

UD = 1,2 and 3. The first set of experiments were

only intended to illustrate the nature of the operation of the column to give a

comparison to the other techniques used in examining its behavior. The second
set was intended to explore in detail the hydrodynamics of these columns. In
both cases the Ruid flow velocity covered a sufficient range for the column to be in
the fuced bed, bubbling bed and slugging regimes.

Column Diagnostic Experiments

These experiments were carried out in the same manner as the

hydrodynamic experiments except that the T3 transducer was moved from the tap
45 cm form the distributor to a new tap at the column exit. A further refinement

used here is the addition of another pressure regulator to the exit of the
rotameter. This removed the need to estimate the rotameter operating pressure.

In order to achieve a broad range of fluid velocities, the experiment was carried
out once each for rotameter operating pressure of 10, 50 and 100 psi giving a
range of up to 117 m / s air flow in the column. The air flow is determined from
knowing the rotameter's specifications and reading giving a volume flow rate at
standard conditions and the diameter and pressure in the column. The velocity is
adjusted to the measured pressure at the top of the distributor plate.

Minimum Fluidization

The single most important number needed to describe the behavior of a

fluidized bed is the minimum fluidization velocity. In principle, this is quite straight
fonnrard, as it is the lowest fluid velocity where the bed is fluidized. In practice, it

can be a little more difficult to determine. The traditional experiment to measure
the minimum fluidization velocity is to set the column up and starting at zero fluid
Row slowly increase the velocity and measure the pressure drop across the bed

b
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Figure 6: Example of traditional result of minimum ff uidkation
experiment

at each velocty until the bed is well fluidized and then do the same thing going
'down. As the velocity increases the pressure drop across the bed increases
linearly until the pressure drop is equal to the weight of the bed at which point the
bed is expected to fluidize. In actual fact the pressure needs to increase a little

beyond this point to "unlock" the bed. When this happens the bed will fluidize.
When the bed is fluidized and the velocity is decreased the particles are moving

against each other and will slowly settie out as the fluid velocity drops below
minimum fluidization. The result is a characteristic hysterisis loop around the
minimum fluidization velocity. Once the bed is fully fluidized then both increasing
and decreasing velocity curves will fall on the same nearly flat line as the bed

expands with increasing fluid velocity. There willbe no noticeable increase in
pressure drop across the bed with increasing fluid velocity until significant

entrainment occurs.
Our experiments do not produce data that looks like this. The simplest

Mean Pressure

Figure 7: Traditional experiment with our column. TO through T3 indicate the taps

description of what the data looks like is that the traditional shape of the data is

added to the column back pressure already reported; see Figure 6.
Figure 7 shows our data from a hydrodynamic experiment. In this figure,
the minimum fluidization hysterisis is only clear in the TO data although a bend is

visible in the T I and T2 data at minimum fluidization. This is unusual for our
data, for in most of these plots the minimum fluidization is fairly clear in all the
taps below the surface of the bed. From this plot it is clear that after minimum

-

fluidimtion the pressure continues to increase with fluid flow which standard
theory says is impossible.

The traditional methods to estimate the minimum R u i d i i o n velocity all

128
use the mean pressure as a function

of the velocity plot, for example Figure 7.

There are three different estimates used for minimum fluidization. First of all the
peak in the hysterisis loop as the fluid velocity is increased may be used. For the
other two methods a straight line is fit through the pressures in the fluidized
regime above the hysterisis and another either through the pressures as the fluid
flow is increased or as it is decreased between zero fluid flow and fluidkation.
The intersection of the lines above and below minimum fluidization is then used

as the estimate of the minimum fluidization velocity. Unfortunately, these
methods generate three very different estimates of the minimum fluidization
velocity and no way to decided which is the best estimate.
In Figure 7 it is clear that a pressure drop exists between the transducers.

Below the minimum fluidization the magnitude of this pressure drop appears to
increase with velocity while above it appears to be constant From this
observation it was decided to measure the minimum fluidization from delta
pressure plots showing the difference of the mean pressures at different taps. It

is clear from the TO curve of this data that the minimum fluidization velocity can
be found from the original data. However, it is difficult to get a good estimate of
the minimum fluidization velocity from this data. In the above graph, all the

transducers are below the surface of the bed and can thus all be expected to
show the minimum fluidization hysterisis. This is not easily seen here because

the back pressure resulting from pushing the air out of the column through the
vacuum cleaner hose and the filter is also in this measure. This back pressure is

of such great magnitude compared to the pressure drop over the bed itself that
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Figure 8: Typical differential pressure plot

the pressure variations of interest is not readily visible in the data. One obvious
approach is to subtract the back pressure curve from the bed curve giving the bed
pressure drop. This does not work because the air leaves through a hose that is
not always draped the same way from the top of the column to the filter. This

results in different curvature and therefore a different effective length and
pressure drop over the hose for each experiment.
Figure 8 shows the difference in the mean pressures between the taps. It
is clear that the minimum fluidiration velocity is easily picked out However, the

plot still does not look like the traditional plot. This is reasonable for this is not the
traditional experiment any more. Each point is the difference between the mean
pressure measured at two different taps at the same velocity. It is clear looking at
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this plot that the curves are grouped into 3 different groups. This is caused by the

fact that from the four taps locates 15 cm apart there are 3 differentials over 15
cm height, 2 over 30 crn and 1 over 45 cm. This is indeed the way they are
grouped. From zero velocity to the minimum fluidization these curves are linear
and have a positive slope as would be expected from fluid flow through a porous

media or a packed bed. After fluidization the pressure decreases with increasing
veloclty - something quite counter intuitive. However, it must be remembered that

major the component of the pressure is the hydrostatic component from the given
height of the bed and its density. In the standard measurement, the hydrostatic
pressure of the bed is constant until entrainment occurs as increasing the velocity
causes the bed to expand increasing both the height and the voidage of the bed.
These two effects cancel themselves out giving a constant hydrostatic head. In
this case the height over which the pressure is measured is constant while
increasing the fluid velocity increases the mean bed voidage. This results in a
decrease in the hydrostatic pressure as increasing the voidage decreases the bed

density.
Now since this is no longer the standard type of plot there are no rules in

the literature about how to get the minimum fluidization velocity from this plot.
Here the minimum fluidization velocity is determined as the intersection of a line
fit through the data below the minimum fluidization velocity and a line f&through

the data above the minimum fluidization velocity. Since the data is grouped it is
possible to take several estimates of the minimum fluidization.

Conclusions

In this chapter a brief description of the experimental methods and the

operation of the tools used is provided. Furthermore the columns are described
and the particle properties are measured and provided.

The particles properties are quite important and different from the particles
typically used in the literature. The particles are non-spherical with a sphericrty
approximately 0.7 for the polymer samples and 0.6 for the sands. The sand

density of 2.44 g/cm3 is roughly 4 times higher than the density for the polymer
particles at 0.65 g/cm3. This affected the measured U, values which were 3 to 4
times larger for the sands as for the polymer although there is also some effect of
differences in particle size and sphericity. The minimum voidage, also the
voidage at minimum fluidization, was the same for the sands but slightly higher for
the more rounded polymers. The wide particle size distribution polymer sample

packed more tightly despite the fact that its mean particle size is 50% larger than
the narrow particle size.

Chapter 4: Visualization Tools
Background

Modem Chemical Reactor Engineering has just started to utilize a series of
tools and techniques that have previously been used in other disciplines with
great success. These tools include a variety of tomographic imaging methods for
the determination of the spatial and temporal distribution of various process

variables and diagnostic determination of process problems. The tools and
techniques that cover the aforementioned types of measurements and predictions
fall under the general name of "Process Tomography". Applications of Process
Tomography in the laboratory and at the plant level appear in the literature in
increasing numbers. The main difference between laboratory and plant scale is
the resolution of measurements which is considerably poorer at the plant level.
Nonetheless, the importance of these methods is quite significant since a new
dimension is provided in the measuremefits of physical flow properties. The
assessment of the performance of a chemical reactor can now be done using
areal measurements as opposed to the point measurements (i.e., sensors) that
were traditionally performed. At the laboratory scale, the tomographic property
measurements offer a tremendous tool for the spatial and temporal resolution

properties such as density distribution, phase distributionor temperature
distribution. The incorporation of data from tomographic measurements in

process models will lead to a new generation of designs for chemical reactors.

of
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An area that begs for this type of information is the modeling of the phenomena
that occur in fluidized bed reactors. In this type of reactor, two or three phases

flow. Current reactor modeling and performance rely heavily on the assumption
of uniform phase distribution in the reactor body. However, confirmation of these
assumptions is done using pressure taps or probes, or fiber optic or capacitance
probes. Such techniques provide point measurements at specific reactor
positions. The assumption then is that the measured property (egg., pressure.
that is in turn translated into reactor voidage) has the same value in all locations
of the reactor body. From our research it is clear that this assumption is far from
being correct.
Computer Assisted Tomography (CAT) has been demonstrated as a very
useful tool for the determination of multi-phase distributions in fixed and fluidized
beds'. Recently, the application was extended to the visualization of voidage in
gas polyolefin fluid bedsto3. A variety of different voidage patterns in these beds
were identified and their characteristics were dem~nstrated'~.The above work
has demonstrated that CAT scanning has the potential to become a very useful
tool in describing a number of different flow phenomena in chemical reactor
systems in general, and in fluidized beds in particular. Other groups have also
started looking at CAT scanning as a tool for the understanding of flow
phenomena in chemical reactor^^^^'^^'^^. These techniques provide
complementary information to existing measurementtechniques for fluidized

beds'?
Our research interest lies in the specific application of fluidized bed
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reactors that are used for the gas phase polymerization of olefins. These
reactors are different than other fluidized bed systems in that the residence time
distributions of the solid particles are in the order of hours. Moreover, the
polymerization reaction is highly exothermic and a significant part of the heat
exchange process is done by the recycled gas inside the reactor itselfog.
Considerable expertise in the utilization of X-ray Computer Assisted Tomography

(CAT) scanning of porous media1'', and the demonstration of applicability of this
technology for monitoring flow phenomena in fluidized beds1", was used as the
spring board to launch a research project that deals with the visualization,
monitoring and eventual modeling of fluid flow phenomena in gas phase
polymerization reactors starting with cold flow measurements at the laboratory
level. Some results have been published e l s e w t ~ e r e ~ . ' ~
but
~ "further
~ ' ~ ~ and more
detailed analysis of this data is provided here.
The issue of channeling in a fluidized bed is addressed through some
visualization studies performed on laboratory scale fluid bed systems using X-ray

CAT scanning. In modeling the behaviour of gas phase polymerization reactors,
the assumption often made is that the distribution of solids is uniform throughout

the bed. This assumption is then used to determine the heat transfer between
the growing polymer particles and the gas phase. If the flowi*ng gas phase is not
equally accessing all the growing polymer particles. then there is danger of

excess heating of the polymer to the point of melting and forming large polymer

chunks. In other cases, the lack of monomer in the vicinity of a growing polymer
particle can yield sub-optimal polymer properties. If channeling occurs, then it is
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necessary to know where in the reactor we have channeling and how much
occurs and take it into account when designing a polymerization scenario. At this
point, we loosely define channeling as the high concentration of gas; and since

we have no other measure, we define it as the point where the gas concentration
exceeds 50 %. However, when this idea is translated into local voidage, the
porosity of the resin particles has to be excluded from such a calculation. From
our experience with scanning polymer resins, the lowest values for particle
voidage are around 40 %. A free gas stream gives voidage of 100 %. Therefore,

the 50 % point for channeling corresponds to the total voidage value of 70 %.
This value is then used as a cut-off point to separate emulsion phase voidage
from channel or bubble voidage in the fluidized bed experiments. There is no
further evidence to support this value other than certain behaviour of the fluid
beds is observed at voidage values of around 70 %. These observations are
described in some detail in the following sections.

The introduction of new computational fluid dynamics (CFD) models
describing flow phenomena in fluidized bed reactors offers information including
voidage maps, gas velocity maps, pressure distribution maps and particle velocity
maps as a function of position and time and in two or three dimensions. Such

models can be used for predicting hydrodynamics in the reactor. However, there
is very little direct verification of aB these maps, thus making the applicability of

such models dubious. One way to validate such models is to perform simulations
using laboratory or pilot plant scale reactors that are equipped with a variety of

sensors that can measure reactor properties. These properties usually include

local pressure and temperature measurements, superficial fluid flow rate
measurements and localized measurements of bubble and solid flow through
intrusive probes. Recent technological improvements in the measurement of fluid
bed properties include bubble imaging using x-raysto8,tomographic imaging of
~oidage''~
and
' ~ radioactive
~
particle t r a ~ k i n g ~ ' ~ - " ~ * -" ~These
" ~ ~ "tools
'
have the
potential to provide multi-dimensional information of properties similar to those
predicted by the CFD models and the potential to verify their predictions. Even
more attractive would be the possibility of using these techniques to calibrate

CFD models and then applying them as tools for scale-up predictions. With these
objectives in mind, a laboratory facility that hosts a variety of non-invasive tools

was built. This facility combines X-ray CAT scanners, gamma cameras and a
fluoroscopy unit, all of which can be used for the study of flow problems on
chemical reactors and on unit operation systems.

Results and Discussion

Qualitative Description of CAT rmages

Monitoring the voidage as a function of operating conditions (such as the
superficial gas velocity) and design parameters (such as the design of the
distributor plate) will help in the understanding of hydrodynamics of gas phase

polymerization and determine the optimum fluidization conditions. At the same
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Figure 9: CAT scan, solid J1, d, = 1.5 mm, UD = 1. h = 3cm, U = 0,38.6,49.4 cm/sU2

time. we can demonstrate the effectiveness of the current measurement devices
that describe the voidage in a fluidized bed reactor. The following examples

demonstrate the various scenarios that can occur in different polyethylene resin
samples.
Figure 9 shows three images at the same location of a fluidized bed
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Figure 10: Frequency distribution of voidage in Figure 9"'

column. The resin is a linear low density polyethylene resin designated as "Resin

J 1". The resin particles are of average particle diameter of 1.5 mrn wlh a very

narrow particle size distribution. The column is filled at a UD ratio of 1. The first
image is taken at 3 crn from the distributor plate at zero gas velocity. The image
shows a relatively uniform picture of voidages with an average value of 0.52.
When the bed is fluidized at a velocity of 38.6 cm/s, the second image is obtained
at the same location. The image looks uniform at the perimeter of the column,

while at the center, there is an area of high voidage. The third image is in the

same location when the velocity rises to 49.4 cmls. The average voidage
increases but the area and shape of the high voidage regions also increase. In

addition, the relative position of the high voidage regions is different from the
previous image. Figure 10 shows the three corresponding frequency distributions

for the images of Figure 9. The frequency distributions grow wider as the velocity
increases. The voidage mean increases; and the fraction of the cross-section

i

Figure 41: CAT scan. solid J1, d,

= 1.5 mm. UD = 3. h = 3cm. U = 0.34.7.45.5 cm/sM2

that exceeds the value of 0.7 increases significantly.

Figure 11 shows a collection of images from the same location, but in a

column with UD=3. The first image is taken at zero gas velocity and the image is
shown to be fairly uniform in the distribution of solids and void. The darker points
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Figure 12: Frequency distribution of voidage in Figure 11

of the image correspond to the solids and the brightest points correspond to the

'void space. In the second image, the same cross-sedon is taken with the gas
flowing through the bed at a velocw of 34.7 cmls. The bed is already fluidizing.

The overall image shifts to higher voidage values. However, as shown on the left
side of the image, a very high voidage region is noticeable. Some smaller high
voidage regions are also shown indicating that the gas ff ows through the bulk of
the cross-section at substantially lower fluxes than in the small high voidage
regions. As the velocity increases to 45.5 crnIs as shown in the third image of the
figure, the overall voidage shifts to even higher values. The high voidage regions

also increase in size and number covering more of the cross-sectional area.
Figure 12 shows the corresponding frequency distributions for the three images of
Figure 11. The settled image has the narrowest distributi0onwith the lowest
voidage mean. The second image has a widening distribution with a mean
shifting to a higher value. The third image has an even wider dimbution with a

Figure 13: CAT scan, solid Mq , d, = 1-5 mm, M = 1, h = 3cm, U = 0,34.7,46.3 cm/s"'

considerably higher mean. In the three distributions, the portion that is higher

than 70 % voidage is negligible at settling conditions, small in the second image
and more appreciable in the third image.

The next example is a high density polyethylene resin sample. The
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Figure 14: Frequency distribution of voidage in Figure 13'j2

location where the scans are taken is the same as in the previous two examples.

The UD ratio is equal to 1. Figure 13 has three images taken at different gas flow

settings. The first image shows the settled bed. Again, the voidage distribution is
fairly uniform. The colour scale is considerably lighter than in the previous

images indicating that the average voidage is higher. The second image is taken
at the same location and at a gas velocity of 34.7 cm/s. There is a distribution of
high voidages present starting with a large pocket at the left hand side and
dispersing towards the center of the column. When the velocity increases to a
value of 46.3 cmls, the overall voidage value increases dramatically. However,

the pattern is quite different from the patterns obsenred in the LLDPE resins.
Except for a low voidage ring around the column walls, most of the cross-section
has very high voidage with a significant portion of the cross-sedion having values
over 70 %. The obsenred behaviour is reflected in the corresponding frequency
distributions shown in Figure 8. At first, the settled bed shows a fairly uniform
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Flgun 15: CAT scan, solid MI, dp = 1.5 rnm. UD = I. h = 9 cm. U = 0.34.7.48.3 cmlst'"

voidage distribution. At the second step (34.7 cmls), the distribution widens and

a visible portion of the distribution exceeds the 70 % mark. At the third step (46.3

cmls), the distribution widens even further with a low voidage peak showing. The

b

Resin MI, 1.5 mm

-00.0
-34.7

0.4

0.5

0.6
0.7
Gas voidage, fraction

0.8

cmls
cm/s

0.9

i

Figure 16: Frequency distribution of voidage in Figure 15"'

bulk of the distribution is at voidage values larger than 70 %.

The next example comes from the same set of experiments but at a
different location in the bed. Again, the resin is HDPE at Dlwith an average
particle size of 1.5 mm. However, this time the scans are taken at 90 rnm from the
distributor plate. Figure 15 shows the images and Figure 16 shows the frequency

distributions. Similar to the data of Figure 13, Figure 15 has three images. In the
first image, a fairly uniform voidage distribution is observed well within the

expected behaviour for a settled bed. The second image (velocity of 34.7 cmls)
clearly shows the population of small regions of high voidage. However, and
contrary to the observations of the corresponding image of Figure 13, the size of

the largest high voidage region has increased drastically and has shifted towards
the center of the column. A low voidage ring is already formed at the column

walls. This ring does not exist at the corresponding image of Figure 13. When
the velocity increases further to a value of 46.3 cmls, the low voidage ring is
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Figure 17: CAT scan,solid MI, d,, = 1.5 mrn, UD = 2, h = 3 cm, U = 0,30.8,424 ~rnls~'~

larger (thicker) and denser than the corresponding ring at the lower location of

Figure 13. The high voidage region is more evenly spread over the cross-section
of the column. Figure 16 shows the frequency distributions. When these
distributions are compared to the corresponding distributions of Figure 14, the

second low voidage mode appears and the third distribution (46.3 cm/s) has a
distinct low voidage peak which is much clearer than the corresponding curve of
Figure 14. In addition, the portion of the cross-section with voidage value greater

than 70 % seems smaller.
In Figure 17, one can see the three images for the slice at 3 crn from the

distributor plate in the column which has the HDPE resin and a UD ratio of 2.

The first image shows the slice at zero gas velocity. There is a small
accumulation of solids at the top of the image and around the column wall. The

rest of the image is quite uniform and one can distinguish a population of high
voidage voxels that represent the void space between the polyethylene particles.
Also, some Iow voidage voxels can be clearly seen. They represent the
polyethyIene particles. The next image is taken at gas velocity of 30.8 cmls. It
appears very similar to the settling image with the exception of a higher voidage
area to the left side of the image with a corresponding reduction of accumulated

C

Figure 19: CAT scan. solid MI. dp = 1.5 mm. UD = 2 h = 9 cm, U = 0,30.8,424 cmls"'

solids. A fairly uniform distribution of solids and voids is observed. Finally, the

third image is taken at a velocity of 42.4 ctnls. There k still some accumulation of
solids at the top of the image. However, the overall voidage has shifted to much

higher values, the population and size of the void regions has increased, and the
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Figurn 20: Frequency distribution of voidage in Figure 19"'

gas seems to follow a path from the left side of the image. The corresponding
frequency distributions

for the images of Figure 17 are shown in Figure 18. As

seen in this figure, the first two frequency distributions are very similar indicating

only minimum redistribution of solids due to the onset of fluidization. This cannot

be said for the third image where the overall voidage shifted by about 8 unls with

a significant fraction of the voidage at over the 70 % set threshold. The presence
of accumulated solids is also evident through the small and broad peak at
voidage values of 0.5-0.6.

The next example is taken from the same experiment as the data of
Figures 17 and 18. The only difference being the location of the images which is
now 9 cm from the distributor plate. Figure 19 shows the three images and Figure

20 shows the corresponding frequency distributions. In general, the trends are
the same as in previous figures. A ring of lower voidage is shown in the seffling

slice which is thicker than the corresponding slice at 3 crn. Otherwise, the images

are essentially the same. The second image which is at a velocity of 30.8 cm/s is
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Figure 21: CAT scan, solid MI. d, = 1.5 mm. UD = 2,h = 15 crn. U = 0.30.8.42.4 cmls"'

very similar to the settled image with the ring of lower voidage around the
circumference of the column. However, a careful observation reveals that the
higher voidage regions are different than those of the settled image and larger in

size. Finally, at the velocity of 42.4 cmls, the low voidage ring seems to be more
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Figure 22: Frequency distribution of voidage in Figure 21'I2

compact (lower voidage value) than in the previous images. As well, the high
voidage region is more centered in comparison to the image at the same velocity

and at 3 cm from the distributor plate. The corresponding frequency distributions
confirm the above observations (see Figure 20). The frequency distribution at
30.8 cmls is shifted slightly to higher values although the overall characteristics of

the frequency distribution remain the same as those of the settled bed. A clearly
defined bimodal distribution of voidage values is shown for the 42.4 cm/s data

with the two modes merging at voidage values of approximately 0.62.
The last example for the purposes of this report is shown in Figure 21.
The example is taken from the same experiment as in Figures 17 and 19, but the
slice is now taken at 15 cm from the distributor plate. One of the most evident

observations is that the low voidage ring around the column walls is no longer
visible in the case of settling bed, but clearly visible for the images of the fluidized
bed. The population of high voidage voxels is visible here too. At 30.8 c d s , the
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low voidage ring is now clearly visible, and the size and population of the high
voidage voxels is much clearer. Also clear is the fact that gas flows in the left half
of the image. Finally, at 42.4 cmls the low voidage ring is visible again but its
thickness is less than the corresponding images shown previously. The high
voidage regions (gas) seem to have accumulated in two regions. The
corresponding frequency distributions (Figure 22) confirm that at 30.8 cm/s the

distribution of voidages broadens considerably to both higher and lower values
(which is opposite the behavior shown in earlier images). The bimodal and broad
nature of the high velocity slice is shown in this figure as well.
While it is qualitatively clear that there is or should be a bimodal in the

image histograms where the image contains the low voidage ring, it is not always
clear looking at the histograms themselves that this should be the case. This is
an area where further analysis of a statistical nature may reveal more information.
It might also be of interest to consider the application of image filtering to these

images to remove some of the noise which is undoubtably in them, and which is
likely obscuring the bed structure to some extent and blumng the histograms to

the extent that their features are not immediately clear.
The results presented in this thesis and the conclusions drawn are based

on approximately 65 flow experiments while approximately 5,000 X-ray CAT
scanner images were obtained. Each image contains 102,400 integer numbers
that are processed for bulk density and gas voidage as a fundon of specific

operating conditions, followed by the statistical analysis. It is easy to understand

the shear magnitude of the data that are generated. This discussion addresses

152

only a few typical examples. More examples are shown elsewhere for the
interested reader'03. The images seen so far are a few examples picked out and
shown to give an idea of the range of behaviors seen. The next section shows
some of the analysis and some of the information which can be learned from the
images.

Voidage and Voidage Distribution

From the large number of observed voidage maps and voidage
distributions that were determined through our image processing software, we

selected a few examples to demonstrate the different behaviour observed for the
polyolefin resins in the fluidization environment. Three such examples are
demonstrated in Figures 23 to 25. Figure 23 shows two images from the

experiments using resin M2 and at a fixed location of the column, namely 3.6 cm
from the distributor plate. The two images show the distribution of solids when
the bed is settled (left) and when it is fluidized at a gas velocity of 30.9 cm/s
(right). The voidage colour scale is shown at the bottom of the images. Please
note that the scale for the fluidired slice is expanded to twice the range of the
settled bed. The images indicate that there seems to be some accumulation of

particles on the bed wall. These particles tend to decrease the voidage value
around the bed walls. They are due to the static electricity forces that are present
when these resins are flowing in a dry gas environment The fluidized image
shows two regions with slightIy different voidage values. The one on the left is a

-

Gas voidage,- fraction
Figure 23: CAT scan and voidage distribution. solid M2. dp= 1.5 mm,M = 3, h = 3.6 cm.U = 0.
30.9 cmlstO4

higher voidage region on the right part of the column. This is typical of a half split

situation as indicated in Table 6. The corresponding frequency distributions
indicate these phenomena. In the settling bed, a small peak at around voidage
value of 0.44 indicates particle accumulation on the wall. The peak of voidages is
around 0.52 voidage, with a smaller peak at 0.55 voidage, There is practically no
voxel with voidage values higher than 0.6. Contrary to the above, the fluid-ked
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commencing the experimental work. Still it is not homogeneous. Even though
the frequency distribution is relatively narrow, the actual location of the different

voidage voxels is an indication of inhomogeneous fIuid'uaton.
A different picture is shown in Figure 24. This example is for the same

resin but now the UD has the value of 2. The settled image (left) is compared to
an image at the same location with a gas velocity of 21-8 cmfs (right). The settled

image shows a small accumulation of particles on the bed wall. The fluidized
image is a typical setup where the so called bubble crescents are observed. The
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gas seems to rise in a group of bubbles that form a crescent. There seems to be
a low voidage area around the bed wall, which is followed by the high voidage
bubble region which is in turn followed by a lower voidage region that covers the
center of the bed. The corresponding frequency distributions indicate the same
picture. The settling bed has a voidage distribution with a small peak at the 0.44
value (wall accumulation), a high peak at a value of 0.52 followed by a smaller
peak at 0.55 and practically no voidage value higher than 0.6. T h e fluidized bed
frequency distribution is much wider. There is a small peak at 0.52 and a higher
peak at 0.58. The highest peak is at a value of 0.62, and at this point the
frequency drops almost linearly until the value of 0.8 is reached. From the
accumulated experience of the collected CAT scanner data we can claim that
voidage values higher than 0.7 are indications of channeling rather than bubbling.

A different scenario is shown in Figure 25. The images are taken using the
same resin, the same column and the same location, but UD is now 1. The

settled bed image is shown on the left while the fluidized bed image is shown on
the right. A fairly uniform image is shown for the settled bed. Again, there is a
somewhat lower voidage closer to the wall as opposed to closer to the center of
the column. The fluidized bed image shows a very wide voidage distribution
which has a lower voidage value at the wall (the top half of the image) while a

high variability of the voidage values are shown in the lower part of the image with

a typical cluster of bubbles appearing. The corresponding frequency distributions
show a narrow distribution for the settled bed with a high peak at 0.52 and a low
peak at 0.5. There is no value of voidage higher than 0.58. Contrary to the
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above, the fluidized bed distribution is multimodal. The first peak appears at
voidage value of 0.52 with a second peak at 0.57, the main peak at 0.58 and two
smaller peaks at 0.62 and 0.65. There is a considerable number of voxels with

values of voidage greater than 0.7 which is our empirical threshold for channeling.

Classification of Different Image Types

As mentioned above, the collected linear attenuation data are translated
into voidage data though a series of linear transformations"'~''2. The creation of
hard copy voidage images printed using an advanced image analysis program
allow for the direct comparison of voidage and voidage distributions

as functions

of position and time. The concept of uniform fluidization, as we were expecting to
see, was the shift of the column voidage from its settling value to some higher
value that is determined by the operating conditions. The voidage distribution of
the settling homogeneous bed is expected to be a normal distribution function
that has a mean value of around 50% and a small standard deviation around the
mean. A single value for the voidage cannot be measured. Even if perfect
packing was achieved, the polychromatic nature of X-rays will give a Gaussian

response in the linear attenuation coefficients. Having established the base line

in the settled beds, we can now compare the fluidized bed voidage maps with the
corresponding map of the settled bed at the same bed height.
This comparison cannot be done for the top part of the expanded bed

since there were no solids there to begin with. The expected comparison result

would be a normal distribution of voidages that are shifted to a higher voidage
value with a somewhat higher standard deviation that will account for the
increased amount of gas. Since the distributor plate is a stainless steel porous
plate with micron size pore throats, no apparent bubbling or gas channeling
should be found for these low velocity fluidization experiments.

This is the type of

desired voidage distribution that would in turn satisfy a uniform temperature
distribution

in the corresponding reactor system.

The voidage images obtained demonstrate a response far from the above
described expected behaviour. Although the velocities were low and the UD
ratios did not exceed 3, homogeneity of the voidage distribution during fluidization

was a rare phenomenon. A large number of profiles were viewed and monitored
for the different types of resins. Channeling and slugging were often present in
the column, and particle segregation was observed in the experiments where a
wide distribution resin was tested. When all the images were obtained, an

attempt was made to classify them into categories based solely on the quality of

the image and the distribution of gas and solids in the imaged cross section of the
bed.

Since the images were acquired over an irradiation period of 3 s, it was not

Table 6: Image patternsqm
-

I

-

Gas
Distinct Small Bubbles (GI)
Bubble Clusters (G2)
Bubble Crescents (G3)
Bubble Circles (G4)
Bubble Slugs (65)
Bubble Trails (G6)

t

I

Solid
( Solid Crescents (SI)
Wall Rings (S2)
Gravity Settling (53)
Half Split (S4)
Uniform Distribution (S5)

I

1
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possible to extract information about a single bubble, but rather on where the
accumulated bubble pathways are in a given cross section of
the fluidized bed. Also, since all the bed was imaged, the presence of any

bubbling or channeling at the distributor plate could be visualized. Since the part
of the bed designed for the gas distribution was always the same, it was hard to
believe that differences in the images obtained were due to different gas inflow.

In all the cases but where clear channeling and particle segregation was
observed, there was no apparent bubble formation at the distributor plate. This

was an indication of good gas distribution. However, in most cases, some type of
'bubbling* behaviour was observed through an accumulation of gas in a given
part of the column. Our classification of the different observed solid and gas

distributions yielded the classification in Table 6.

The proposed characterization should be used to complement other
techniques described in the l i t e r a t ~ r e ~ ~The
~ ' scanner
~ ~ * ~ ~data
~ . provided
information on bulk density at rates that were considerably faster than other
methods provided in the literature1". However, the speed of data acquisition was
too slow to monitor individual bubbles. As a result, when the term "bubble" is
used, this refers to bubble accumulation rather than individual bubble presence.

As per the classification in Table 6, the terms are defined as follows: Distinct
Small Bubbles pattern is characterized by small regions of high voidage which are
scattered over a large region of the cross section of the column. Bubble Clustefs

are defined as small circular or ova1 areas of high voidage that have a sire of 1%
to 10% of the cross section. Many overlapping clusters are often found in a cross
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section. Bubble Crescents are crescent shaped zones of high voidage in the
cross section. Bubble Circles are described as roughly circular high voidage

zones that contain voidage values of limited variability and have irregularly
shaped boundaries with the surrounding low voidage area. Bubble Slugs are
defined as circular regions of constant high voidage located at the centre of the

cross section. Finally, a Bubble Trail is a single small region of high voidage that
is located at the cross section boundary (i.e., the column wall). Parallel to the

Gas Classification definitions one can find different types of solid distributions.
Careful classification gave the following categories: A Solid Crescent is defined
as a region of low voidage that extends partially around the bed next to the
column wall. A Wall Ring is a region of low voidage located next to the wall of the

column and surrounding a region of high voidage. Several types of high voidage
regions can be found wlh a wall ring. The boundary between the wall ring and

the inner high voidage region may be very sharp, or may change gradually.
Gravity Settling zones, Half Split zones and Uniform Distribution zones are self
explanatory.
When a voidage image is inspected, two or more of the above classes can

co-exist This is the difficulty of fully characterizing a voidage image and
classifying it under a specific category. All these different classes arose from a
very narrow set of experimental conditions and it is expected that other
classifications will be found as we increase the number of investigated variables.

But what also becomes evident is the fact that modeling the gas phase

polymerization performancewithout including this variability of voidage in the
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calculations is an oversimplication. In the remaining sections of this paper, we

show some examples of how this voidage variability is correlated with other bed
properties and operating parameters.

Statistical Data

As the amount of collected data keeps expanding, the need for some
statistical interpretation of the voidage values obtained becomes increasingly
important. A number of tools were used to describe the behaviour of the obtained

CAT scanner data. The frequency distributions of voidage were used extensively
'

and samples were included in Figures 23 to 25. The spatial variability of voidage
through the use of the variogram function is documented by Holoboff et a/.'?

Another approach is the use of statistical moments (i.e., mean, variance,

skew and kurtosis). These values were extracted and plotted for every single

0-4

-- ---

0.5

0.6

0.7

0.8

0.9

1

M a ~ m- efraction
.
Flgure 26: Voidage and bed height relation for several solids and Row rates'w

=--

150

0

e roo

Voidage variance
Figure 27: Voidage variance and bed height relation for several solids and flow ratesto4

experiment. In general, the more heterogeneous the values of the voidage
distributions, the wider the response of the higher moments. However, the mean
voidage values were relatively constant for the different locations of a fluidized
bed test Some typical examples are shown in Figures 26 and 27.

Figure 26 shows the distribution of the mean slice voidages as a function

of bed height for a series of five experiments using resin J l . Tests J135032 and
J135a062 are the settling beds with UD values of 1 and 2, respectively. The
remaining three are fluidization tests. The results show that with the exception of
the images collected near the distributor plate and the images right at the top of

the bed, the remaining column data show relatively constant voidage values as a
function of height This verifies pressure tap results but it by no means implies
that the radial distribution of voidages is consistent from slice to slice in the

columns. On the contrary, three of four different fluidization voidage regimes as
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described in Table 6 can be found in the same test. The value of the first six
slices of each column are shown to be slightly lower than the rest of the column.
This consistent behaviour is believed to be an artifact due to the presence of the

thick flanges of the bottom assembly of the fluidization column which interfere
with the X-rays. Figure 27 shows the corresponding variances for the
experiments of Figure 26. The variability obselved in this plot is significantly

higher. However, no trends have been observed to this point

Correlation of Mean Voidages With Process Variables

In terms of designing a fluid bed reactor, it is important to know the effect
of the voidage values on operating parameters. The CAT scanner obtained
column voidage averages were compared to operating parameters such as the
dimensionless numbers associated with fluidization. Figure 28 shows the effect
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of the particle Reynolds number on the mean voidage. There are three groups of
points, one for the fluidized beds with smaller average particle sizes (0.634 rnm
and 0.750 mm), one for the fluidized beds with larger particle sizes (1-5 mm) and

one for the settling beds. It is interesting to note that the slopes of the two sets of
fluid bed points are considerably different. Figure 29 shows the effect of Froude

number on the column average voidage. There is considerable scattering of the
data but there is a general trend of increasing voidage with increasing Froude
number. These two figures show the strongest trends from all the dimensionless
numbers investigated.

Channeling

The rather extensive number of figures and images shown earlier serves to
demonstrate the great variety of voidage distributions that were observed. These
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Figure 30: Channeling and bed height relation for several solids and flow rateslt2
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Figure 31: Channeiing fraction of bed cross section and bed height relation for several solids and
flow rates'f2

images are a very small sample of the collected image population. However, we
can now be seen that the general assumption of uniform voidage in a gas
polyethylene fluid bed is an oversimplification. Moreover, the existence of gas
channels is also evident and sometimes overwhelming. Having set a threshold of

70 % for gas channelling, we can try to quantify the distribution of channels in the
fluid bed. This can be done as follows: Let us re-normaliie the voidage with the
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channelling threshold in mind. Let us take the ratio of the voxets with voidage of

70 % and greater and normalize it to the total number of voxels in a given crosssection. Then,a number representing the extend of channelling can be derived.

Let us then take this number and follow it as a function of bed height The result
is in the plots of Figures 30 and 31. Figure 30 shows the channelling distribution
for the LLDPE resin and Figure 31 shows the results for the HDPE resin. What

Gas bed velocity, anls
Figure 34: Channeling as a fundion of gas velocity1t2

we observe is that the average slice channelling can increase monotonically with
bed height, but sometimes it does not. If the principle of coalescing and ever

increasing bubbles with bed height was strictly correct, one would expect that the
degree of channelling as it is defined in this paper should increase constantly until
bubbles as large as the column diameter are created. In which case, the
channelling should level off. No such behaviour is observed. On the contrary, the

HDPE data indicate that there is some cyclic trend in channelling. It must be
noted that when the mean voidage is plotted as a function of bed height, there
are no such trends1.
The mean column voidage values when plotted as a function of gas

velocity show similar trends. In general, the mean column voidage increases with

an increase in gas velocity Figure 32 in a manner that is predominantly affected
by particle morphology, and to a lesser extend by UD. If this mean column
voidage is plotted against the mean column channelling. the results of Figure 33
are obtained. The effect of mean voidage on channelling seems to be
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insignificant at voidage values less than 65 % while it seems to increase rapidly
with increasing voidage values above 65 %.

Finally, the channelling numbers are compared to the corresponding gas
velocity numbers in Figure 34. In this figure, it is clear that each resin follows its
own trend although the general behaviour is that an increasing velocity tends to
yield an increase in channelling. HDPE resin seems to channel more profoundly
than the LLDPE resin,

X-ray Imaging

Figum35: X-ray bubble images for wide and nanow particlesize poiyethyleneresinsm
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Figure '
5
3

provides some examples of bubble images obtained for the

wide (WPE) and narrow (NPE) particle size polyethylene resins and at various
locations and velocities. Guring the imaging stage of the experiment, very high
quality pictures were obtained in the X-ray image intensifier screen. However, the
quality of the video recording was degraded. Small gas bubbles were observed
at the distributor with all particle systems. These bubbles coalesce into larger
bubbles as gas moves towards the top of the bed (as expected). Slow and

vigorous bubbling as well as slugging were clearly observed. With respect to
sample WPE, the following observations were made: At fluidization number 1.I,
bubbling was not always visible. This was partially attributed to the instability of
the incoming air stream. However, when bubbles were observed, they tended to

be in a small channel along a narrow path of the column. Small jet-like structures
were obselved with the bed being locally entrained at that time. However, these
structures were unstable and were at the initiation stage of bubbling. Such onset
of bubbling was not observed with any other tools thus giving an advantage to the

use of the X-ray imaging apparatus. As the gas veloclty increased and
fluidization number reached the value of 1.65, the bubbles were visible in the
distributor, but there was no uniformity in the bubbles produced. Bubbles
appeared to be uniformly spreading across the bed cross-section at a height that
was approximately 1.7D. At this location bubble sizes appeared to be up to 3 crn
in diameter. At fluidization number 2.2, the column was vigorously bubbling. At
the distributor plate, bubbles formed at the center rather than at the sides of the

column. Bubble coalescence created bubbles of sizes up to 5 cm at a height of
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0.9D. Moving towards the middle of the column, the bubbles further coalesced to

form larger bubbles or slugs at a height of 2.50. At the top of the column, the
bubble diameters ranged from 3-1 0 cm. At fluiduation number of 2.75, bubbles
at the distributor appeared at the sides of the plate. Bubble coalescence was
evident at 0.9D at which point bubble sizes were up to 5 cm. At 1.7D some
slugging appeared. At this point, most of the bubbles seemed to spread across
the bed diameter and the sizes increased from 3-10 cm. Several slugs appeared

that traveled and burst at the top of the column. Towards the top, small bubbles
rarely appeared. Most of the bubbles were larger than 5 cm in diameter. Large

elongated bubbles also appeared frequently.
Sample NPE seemed to behave similarly to sample WPE as indicated in

the video images and the reported minimum fluidization velocity. This
observation w ntradids previous observations with other polyethylene resins112104
and is the object of further investigation.

Figure 36 is a plot of the measured bubble frequency in each portion of the
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column and for each different resin as a function of the superficial gas velocity. It

is observed that for sample NPE, on average,bubble frequency is first increasing
and then decreasing with increasing gas velocity with the exception at the top of

the bed where bubble frequency monotonically decreases. However, sample
WPE shows the same behaviour only in the bottom of the column. In all other

locations, the bubble frequency seems to be increasing with an increasing
fluidization number. One can argue for both behaviours correlating gas volume
flow and gas bubble size to frequency. This issue is also under further
investigation.
Figure 37 is the corresponding plot for bubble velocity measurements.
There is no consistent trend of correlating the results of Figure 36 to those of

Figure 37. Sample WPE seems to have more drastic changes in bubble velocity
than sample NPE.

Radioactive Particle Tracking

For the radioactive particle tracking experiments many thousands of
frames were gathered, each one showing the 2 dimensional position of a single
particle in the fluidized bed. Figure 38 shows the residence time distribution
images for selected rates. The three selected images are presented in order to
demonstrate good mixing, poor mixing and trapping of the particle in stagnant

zones. It was observed that at low rates, invariably the particle spent most of the
flight time oscillating within a very small area. It was also found that the particle

would not reach the bottom part of the column. As also evident from the images
presented, when the particle reached the bottom of the column, it would remain
trapped (with the notable exception of the top image of Figure 38 where good

mixing is achieved). Generally speaking, it was found that the particles also
stayed away from the walls of the bed. The existence of stagnant zones was also

verified by visual inspection of the X-ray images.
Although the images of Figure 38 show a decent picture of the quality of

particle mixing in the bed, they are difficult to read. Thus, examples of the
corresponding X- and Z- position variability are presented here as well. Figure 39
depicts the X-position variability for the data presented in Figure 38. When good
mixing occurs, it is accompanied by wide fluctuations of the particle in the Xdirection.

The opposite is observed when the fluctuations are small.
In Figure 40, the 2-position variability for the data of Figure 38 is

presented. When comparing Figures 39 and 40, we can clearly observe that the
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variability of Z-position is correlated to the variability of X-position. From all the
samples analyzed to date, this type of behaviour is normal.
In Figure 41, the frequency distribu~onsfor all X-positions for WPE and

NPE sets of experiments are presented. It can be seen that there is an
insignificant association between the particles and the wall. This implies that
stationary or near stationary particles cover the wall surface. This observation is
consistent with previously reported data104*112
and it can be attributed to static
forces in the bed. In many cases, the frequency data were fitted well by a
quadratic function. This is a topic of further investigation.
In Figure 43, the frequency distributions for the X-velocities for both WPE
and NPE sets of experiments are presented. Gaussian-like behavior is observed
for most cases. Small changes in the profiles are observed with changing gas
velocity. Although the peaks of the frequency distributions are around zero,the
particle horizontal veloclies can vary up to more than 25 cmls and on occasion
reach velocities up to 90 cmls.
Figure 42 shows the corresponding frequency distribution for the 2positions for WPE and NPE sets of experiments. The first WPE set of
experiments shows that the particle spent the duration of the experiment in the
top two thirds of the reactor. The same behaviour was observed for the low rate
tests of sample NPE, while the higher rate tests of this sample moved along the
whole length of the column. The second set of experiments of sample WPE

shows that unless the fluiditation numbers are higher than 2.5 the particle
movement is highly localized. Unlike the X-position plots, there is no clear fit for
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the Z-position data.
Finally, Figure 44 shows the frequency distributions for the 2-velocities of
both WPE and NPE sets of experiments. The results are similar to the ones

observed with the X-velocity. At this point in our research, we have not quantified
the significance of these distributions. However, it is commonly assumed that the
solid phase if a fluidized bed behaves as a CSTR. These results suggest that this

is a poor assumption - which may lead to an incorrect reactor design.

General Observations

In the methodology presented in this thesis, all the major flow components
of a gas solid fluidized bed were measured using independent measurement
techniques and at the same location. Bubble location and properties, solid
circulation, trajectories and velocities and overall bed voidage were measured as

a function of operating conditions. These measurements provide more than an
adequate description of the hydrodynamics of the bed and can be used to verify
available CFD models. Although the detailed examination of the implications of
each measurement will be addressed in separate studies, it is fair to say that
tools are available for vigorous testing of available CFD models. Such an

approach is currently being followed in our laboratory with commercially available
software.

Conclusions

X-ray CAT scanning has been successfully used for the characterization of
voidage in laboratory scale polyolefin fluidization experiments. The
tornographically determined voidages exhibited a variety of patterns that do not

seem to correlate well with any operating properties. Considerable channelling
often develops even though the gas distribution at the distributor plate is uniform.
The mean slice voidages are shown to vary little with bed height. The column

average voidages are found to be a strong function of the particle Reynolds
number but a weak function of the Froude number.
The ability to monitor high voidage channels in polyethylene ff uid bed
systems was demonstrated. Computer Assisted Tomography was used as the
tool for voidage visualization. The experimental results indicate that a variety of

channels can be formed in these systems and at low pressures. The trends are
consistent but the specific values and slopes differ from resin to resin. In general,
increasing gas velocities increases the amount of channelling in both systems.
The channels are more severe as the UD ratio is reduced in these beds.
X-ray imaging, pressure response analysis and radioactive parbfcle tracking

have been sequentially used to analyze gas solid fluidized beds with emphasis in
airlpolyethylene systems. Bubble patterns, particle trajectories, stagnant
locations in the bed and circulation patterns have been identified. For superficial

gas velocities up to 40 cmls, particle velocities of up to 90 cmls and bubble
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velocities of up to 140 cmls were measured. The study proved that all the
necessary information needed to verify CFD models can be collected in a single

laboratory with a simple sequence of experiments.

Chapter 5:Hydrodynamics
Introduction
In this chapter the hydrodynamic behavior of our columns is explored; so
when the images are analyzed we can idenMy the corresponding flow conditions

and regimes are. Elsewhere in this thesis X-ray computer assisted tomography,
radioactive particle tracking and fluoroscopy are all used to look inside of a
fluidized bed reactor. We already know that these technologies can give us a view

of the hydrodynamics of these reactors and distinguish patterns which are
functions of the particles and fluid flow'. However, at the current time, we do not
have any way to interpret the meaning of these patterns, as we have not
connected this data to flow conditions, and in particular to flow regimes.
We are particularly interested in the fluidization characteristics of the
polyethylene particles inside the gas fluidized reactors of the UNIPOL process.
These particles are characterized as being non-spherical low density particles
with wide particle size distributions. We did find during our initial experiments with
these particles that they did not appear to fluidize according to theory, so we
decided to also experiment with sand so that we could easily demonstrate that 1)
our experiment compares well with those in the literature and 2) how the
polyethylene particles are different from those traditionally used for this type of
research.

Distributor Pressure Drop and Column Back Pressure

The pressure drop across the distributor and the back pressure in the
column were measured in one experiment as a part of the column diagnostics
experiments. One transducer was placed across the distributor and the other
measured the pressure in the column just above the distributor. The column was
otherwise assembled as per a minimum fluidization experiment except that there

was no solid in the column.

An arbitrarily chosen polynomial was fmed to the mean pressures on the
basis that these are easy to work with and resemble the curves which may be
expected ( see equation 77). The resulting coefficients are shown in table 7.
Note that the high order coefficients are several orders of magnitude

Table 7: Parameters for column back Pressure and distributor oressure d r o ~

Pararnefer

Distributor Pressure Drop

Column Back Pressure
I

a,

-7.27867e-2

-7.351 11e-2

a1

7.68603e-3

I-71436e-3

a2

?.44978e-4

1-45706e4

a3

-8.27047e-4

8.62986e-7
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Column Back Pressure

Figure 45: kolumn back pressure from hose andfilter. 3 rotameter operating pressures.

smaller than the low order coefficients suggesting that the polynomial order is
more than enough to capture the behavior of the data. A 4morder polynomial was
chosen after fitting polynomials of several different orders to the data using a
least squares method. It was found that using a higher order polynomial did not

significantly reduce the error whereas using a shorter polynomial increased the

error.
In Figure 45 the pressure in the column without any solid, i.e. the back

pressure of the hose and filter, is shown. It is expected that a quadratic will fit this
data well as the main components of the back pressure are pressure drop

through the hose and the fibr. Pressure drop through a hose or pipe is

Distributor Pressure Drop

I

Air Vdodty, cm/s

Figure 46: Distributor pressure drop. 3 rotameter operating pressures.

proportional to the square of the veloclty while pressure drop through a filter is
proportional to the velocity. From the coefficients for the polynomial in Table 7 it
is quite clear that a quadratic does fit well as there is a three order of magnitude
difference between the quadratic and the cubic coefficients for the back pressure
and a simple visible inspection shows an excellent ft
In Figure 46 the pressure drop across the distributor as a function of the

velocity is shown. It is expected to be linear as the pressure drop through an filter
or porous media is linear with the fluid velocity. Indeed, a visual inspection shows
it to be close to a straight line. The constant and linear coefficients (a, and a,) of

the polynomial are quite large compared to the other coefficients. However, the
quadratic coefficient is only one order of magnitude smaller whereas the cubic is
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four orders of magnitude smaller than the linear coefficients. This shows that
while the linear fR is good almost all of the non-linearity is captured in the
quadratic term. The non-linearity is likely caused by the fact that the distributor is
built of layers of different size mesh and a piece of filter paper. These layers
have different purposes ranging from providing sufficient pressure drop to
guarantee good fluid distribution to either supporting the weight of the bed or
keeping the distributor flat when there is a large pressure differential across it.
The usual equations for fluid flow through a filter are intended for one filter layer not a system of filter layers and thus may not be able to model the distributor as
well as would be liked. Another possibility for non-linear behaviour is that we may

be moving into turbulent flow through the filter.

Minimum Fluidization

20 cm Data

Figure 47 shows the minimum fluidization velocities measured from the 15

cm differential pressures and it is clear that things turned out to be a little more
complicated than expected. In fluidization work, the minimum fluidikation number
is considered to be a function of the particle and the fluid properties and not

affected by the size or shape of the bed. Indeed, it is common practice to

measure the minimum fluidization velocity in a small column of 10 to 15 cm
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diameter and simply assume that this will be the same in industrial scale
equipment. If the number is needed and no other exists then this is the most
reasonable assumption possible. Looking at the plot of minimum of fluidization
from the 15 cm differential data it is clear that the minimum fluidization velocity is

-

a function of the UD ratio particularly in the case of the narrow particle size
distribution sand. For both the narrow and wide particle size distributi-onsand the
minimum fluidization number is increased with increase in UDi It is not clear if

there is a similar trend in the polymer data. The two sands have considerably
different minimum fluidization velocities outlining the importance of the particle
size and size distribution. The sands have a minimum fluidization velocity

approximately four times that of the polymer, which is reasonable as it is
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Figure 49: Minimum fluidization data for 45 cm height between transducers

approximately four times as dense.
In Figure 48, the plot of the 30 cm differential minimum fluidization data,
the increase in the minimum fluidization velocity with increasing UD is even more
apparent as it is now also evident in the wide particle sue distribution sand as

well as in the narrow particle size distribution sand. There is still quite a
difference in the minimum fluidization velocity of the sands but the polymer
particles have similar minimum fluidization velocities and they are not affected by

the change in UD ratio.
Figure 49 shows the 45 cm differential minimum fluidization data is similar

to the other two cases with the sands showing a small increase in minimum
fluidization veioclty with increase the UD ratio. Note that while the sands have

very similar particle density they have a considerable difference in the minimum
fluidization velocity, with the veloclty of the w
die

particle size distribution sand

having a minimum fluidization velocity roughly two thirds that for the narrow

particle size distribution

sand. The polymer particle's minimum fluidization

velocity is still unaffected by UD, and the differences in particle size and
distribW*on.
From these plots, it is hard to see the variation in the data for each solid.
Therefore the data is also shown with all the data for each solid on each plot
Figure 50 is the plot for the minimum fluidkation velocity of the narrow
particle size distribution

sand sample at different LID ratios. It dearly shows that

the UD = 1 gives a lower velocily and great deal more scatterwhile the data for

Minimum Fluidization Velocity
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figure 50: Minimum fluidization for narrow particle size distribution sand

UD of three is all right on top of each other. This clearly suggests that taller
columns are needed to get a consistent result. This is caused by the fact that the
lower part of the column, up to Idiameter in height, is an entrance region where
the hydrodynamics are much different from the rest of the column. The numbers

for UD of 2 are fairly close together and near to those at UD of 3 so they are
likely to be numbers representative of the behavior of tall columns. However, it

should be remembered that in industry short fat columns are generally preferred
as shorter beds have less pressure drop and thus lower compression costs. Note

also that the minimum ff uidization velocity determined from the 45 cm differential
is similar for all three LID ratios, but there is a large variation in the data from the
15 cm differentials at low UD. This suggests that for overall bed behavior large
differential heights within the bed may be better; but if the object is to determine
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Figure 51: Minimum fluidization for wide particle size distribution sand

variations in the local behavior smaller differences will work better. Indeed
looking at the data for UD =1, and remembering that the bed diameter is 20 cm
this data suggests that the bottom of the bed fluidizes at 15 cmls and expands at
higher velocity but the entire bed is not fluidized until 25 cmls. By contrast the 15
cm differential and 45 cm differential for UD = 3 are very close to each other.

Clearly the total bed height has a considerable effect on both local and total bed
behavior - at least for relatively short columns.
Figure 51, the plot of the minimum fluidization velocrty of the wide particle

site distribution sand sample, shows the estimates of all the differentiak at UD =
2 and UD = 3 to be similar to each other. However, in this case the minimum

fluidization velocity at UD = 3 is slightly lower than at LID =2; opposite from what
is seen in the narrow particle size distribution sand. Again, there is a great deal of
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Figure 52: Minimum fluidization for narrow particle size distribution polyethylene

scatter seen in the short bed height case of UD = 1 . The single 15 cm differential
measurement available from the data and one of the two 30 cm differential data
points are in good agreement at about 12 crnls, but the other 30 crn differential
data point is intermediate between the lower value and the value of the 45 cm

data point This also suggests that the bed is fluidizing on the bottom and the
bottom is expanding before the top part of the bed fluidizes.

Figure 52, the plot of the minimum fluidization velocity of the narrow
particle size distribution polymer does not show the same effect of the UD ratio
seen with the sands. The high scatter in the data now occurs at UD of two and

the lowest at one. For both UD of 2 and 3 the highest velocity occurred with the
i S cm differential data while there is no apparent difference between the

measures at UD of one. In looking at the data for L/D = 2 and 3 it is clear that
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there are multiple estimates of the minimum fluidization velocity by 15 crn

differentials. These estimates will be at different heights, centered between the
taps and therefore spaced vertically 15 cm up the column. From observation of
the column it is difficult to say wether it fluidizes from the top down or from the
bottom up, although given that the gas expands as it moves up the column it is
expected that the bed will fluidize from the top down. Its actual behavior is a

complex function of particle, fluid and column ptoperties. However, the data
shows that the bed is not fluidizing over its entire height all at once, but is

fluidizing at different heights at different velocities where all the velocities are
determined at the bottom of the column. In the case of UD = I all estimates of

minimum €I
uidization velocity are one top of each other because the bed is short
enough that the entire bed fluidizes at once.
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Figure 53, the plot for the minimum fluidization veloclies for the wide
particle size distribution polymer sample, shows the same patterns as for the

narrow distribution. Again the lowest scatter occurs at UD of one and that at two
and three the I 5 cm differential clearly show higher velocities than the other

differentials did. It is interesting to note that the patterns seen in the plots for the
minimum fluidization velocities of the polymer are the reverse of what is seen in

the sand - while the tall sand columns appear to fluidize over their entire height all
at once for the tall beds it is in the tall beds of polymer that evidence appears that
the bed is not fluidizing over its entire height at the same velocity.

'

-

Minimum Fluidization Velocity Calculated

It is possible to estimate the minimum fi uidization velocity from theory.
Kunii and Levenspiel give the standard methodg8.The velocity can be found by
solving the following quadratic (the Ergun equation) for its positive root:

150(1-

1.75

~ $ 4s

Re;,,

+

E,)

Re,,

= Ar

Once the Reynolds number at minimum fluidization is estimated, it is a
simple conversion to get the velocity. This has been done for these solids using

the particle characterizationdata above. This calculation and the particle
characterization data is summarized in table 8- The measured minimum

Table 8:Minimurn fluidization Velocity and Properties of Particles
r
I

I Particle Properties

1

I Particle Type
NPE

WPE

I

NS

WS

1530

1584

I

I Particle Diameter, ym

1543

I Particle Density, g/cm3

1 830

1

1 0.6585 1 0.6585 1 2.44 1 2.44 7

Partide Sphericity

0.7257

0.7158

0.6376

0.6122

Minimum Voidage

0.3405

0.3494

0.48

0.4569

I

I Fluid Denslty, g/crn3

1 1.23e-3 1 1.23e-3 1 1.23e-3 1 1.23e-3 1

I Fluid Viscosity, P a s x l o 5

1 1.79

1 1.79

1 1.79

L

3946

Archemedes Number

U,

calculated

13617

1 0.8208 1 3.0382 1 73233

I Reynold's Number
-

14095

-

18218
17.4451

-

1

-

2.21

5.35

19.64

18.63

6.45

7.12

22.82

16.24

I

U , measured, 15 cm

I

U , measured, 30 cm

5.65

6.05

26.7

16.29

I U , measured, 45 crn
I Enor, 15 cm data, %

I Error, 30 cm data, %
IError. 45 crn data, %

1 -192

1 -33.1 1 -16.2 1 12.8

1-156

(-13.1

1 -144

1 -13.5 1 -38.7 1 2.3

1-35.9

172.6

1

1
I

fluidization velocities shown at the bottom of the table are the mean of all of the

measurements taken with a given differential height and solid and therefore
average across the different L/D ratios. It is clear from these results that the

measured minimum fluidization velocities are quite different from those predicted
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by theory. This underlines the problem with theoretical methods - they often are
not very accurate in practical application. This is the reason that measurements
of bed behavior are much preferred in the engineering of fluidized beds over the

calculation of critical numbers. At least theory predicts correctly that the narrow
particle size distribution polymer sample would have a lower minimum fluidization

velocity, but theory did under predict both polymer velocities. Theory shows a
large error on the narrow particle size sand and a totally unacceptable error on
the narrow particle size distribution polymer. However, it was as close as could
be expected for the wide particle size distribution sand, and within typical error in
engineering calculations for the wide particle size distribution polymer. This is
backwards from what could be expected as the theoretical methods are based on
the assumption of a bed of uniform size particles - which the wide distribution
sand is furthest from. Samples of material used in industrial fluidized beds often

have wide particle size distributions but there is little in the literature to predict the
effect of the particle size distribution on critical numbers like minimum fluidization
veloclty.

10 cm Data

Hydrodynamic measurements were also carried out in the 10 crn diameter
column. The mean pressures of this data is shown in Figure 54, and it is obvious

that this data is quite different from the data in the 20 cm column. The big
difference is that while this data does show increase in column pressure with

Table 9: Minimum flu i d i i o n in 10 cm column

I

I

Solid

WPE

I NPE

I

Figure 54: Typical transducer response, minimum fluidization experiment, 10 cm column'21

increase in fluid velocity the increase is clearly linear and is of much smaller
magnitude than seen in the 20 cm diameter column. Since both columns used
the same equipment for removal and filtration of the fluid exiting the column, but

this one is half the diameter this change is quite reasonable. Now, in looking at

figure 54 the minimum fluidization velocity is clear and was estimated by
traditional means as the intersection of a line through the decreasing pressure
curve below minimum fluidization and a line through the bubbling regime data.

This is summarized in Table 9. It is clear that there is a significant effect of
column diameter on the minimum fluidization velocity.

Flow Regime Transitions

20 cm Data

The solids show different flow behavior in the column with changes in the

fluid flow velocity. At very low velocities the solids don't move at all. As the fluid
velocities increase the solids lift up and start to move around - the bed is now
fluidized. Increasing the fluid flow rate causes the formation of bubbles. The
velocity where the bubbles form as a ratio to the minimum fluidization velocity is a
function of the particle size and the fluid and solid denstty. In our systems the
bed bubbles at minimum fluidization (ie. U&,

= 1). As the fluid flow increases

above the minimum bubbling velocty the bubbles increase in site. If the column

is small, of a diameter comparable to the maximum bubble size or smaller, then
the column will slug when the bubble size gets up to the diameter of the column.
Before that there ate Wo different conditions in bubbling flow which may be

observed. At lowerfluid velocity the bubbles will be relatively infrequent and of
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small size. These bubbles will move up through the bed far enough apart that the
presence of one bubble will not affect the other bubbles in the column. At higher
velocities the bubbles will be larger and more frequent. This will result in distorted
bubbles because each bubble is affected by the pressure gradient and veloclty
gradients associated with nearby bubbles. These two conditions are both
examples of bubbling fluidized beds, but they do have somewhat different
characteristics. For purposes of simplicity these two conditions will be called
quiet bubbling and vigorous bubbling respectively.
If the column is small enough, similar or less than the maximum bubble

size, then the column will slug between bubbling and turbulent flow. If the column
is larger than this, as is typical for industrial units, they should not slug. In either

case in the bubbling regime there are processes which increase the bubble size primarily by coalescence of bubbles, and processes which decrease the bubble

-

size primarily by bubble spllng. These two processes result in an increasing
bubble size with height and will come into balance in a column of sufficient height.
This is often the case in tall laboratory columns and in industrial columns. The

balance of these processes will cause a maximum bubble size to occur for any

given set of conditions. As the fluid velocity is increased the processes of
coalescence increase and the maximum bubble size increases. However, at
even higher velocities the processes of bubble splitting increase, decreasing the
bubble size. Also at higher flow rates the number of bubbles increase and they
increasingly distort their neighbors. This eventually results with increasing flow in
a transition to tuhulent fluidization where instead of distinct bubbles there are

rapidly moving and deforming voids and clusters of solids in the column.
Thus with increasing fluid flow the behavior of the column will move
through different regimes. The lowest is the settled bed, depending on the
particle and fluid properties there will be either smooth fluidization followed by
bubbling or just bubbling. There is a transition velocity from settled to fluidized
which is the minimum fluidization velocity. This may be followed by a transition to
bubbling at the minimum bubbling. Further increase in fluid flow will result in a
transition from bubbling to slugging and then to turbulent or from bubbling directly

to turbulent flow depending on the diameter of the column. Furthermore in
bubbling there may be a detectable transition from quiet bubbling to vigorous
bubbling.
Given the fluid and particle properties and the size of the columns used for
hydrodynamic testing here it is expected that the flow regime transitions which

can be detected are the minimum fluidization velocity and the transition from
bubbling to slugging. It may also be possible to detect the change from quiet
bubbling to vigorous bubbling. The minimum fluidization velocities have already
been determined, but the other transitions have not.

The flow regimes at faster velocity than minimum fluidization move slowly
from one regime to another, and thus the determination of the transition velocities

is experimentally difficult in any form of fluidization where there are local

temporal variations in density, ie, bubbling, slugging or turbulent Row, there is a
pressure fluctuation associated with €hedensity variation. The magnitude of the

pressure variation is a function of the magnitude of the density variation. Now the
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Figure 55: Standard deviation of pressure signal NPE, UD = 3, 20 cm column

change in flow regime is associated with changes in the density variation, so
changes in flow regime can be measured by gauging the magnitude of the
pressure fluctuation. Many authors have used this to measure the transition from
bubbling or. slugging to turbulent Row. The magnitude of the pressure variation is
typically measured as the standard deviation of the pressure signal either before
or after the transducer signal is converted to pressure. One author measured the

standard deviation of the pressure in the bubbling regime and found it to be a

linear relationship with velocw. Most authors have used the standard deviation
of either the absolute column pressure or differential pressure over a short height

in the column to determine the transition of the flow from slugging to turbulent
flow. The standard deviation in the slugging regime falls on a curve that is

Standard Deviation of Pressure Signal

10"

-

I

-ac'
0

e

OT3 down
mT2down
en down

fa4

0.0

t

t

*

10.0

40.0

s u

m.0

Alr Vdodty, m f s

Figure 56:Standard deviation of pressure signal NPE. UD = 3.20cm column. log scale

qualitatively similar to a Gaussian and the peak of this curve is often used as the
transition velocity to turbulent flow.
Figure 55 shows the standard deviations of the pressure signal for the

narrow particle size distribution polymer with UD of 3. From this graph several

things are apparent. The first is that the data is not linear. It might be linear at

low velocity but not over the range of fluid velocities used here. Indeed the data
appears to be part of a Gaussian. It is also apparent that the data does not fall all

on one curve as could be expected but instead is showing some effect from the
height in the column where it was measured and from whether the velocity was
increasing or decreasing. At this point the concern becomes how can we find

some sort of regime transition from this data.
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Figure 57: Regime changes from quite bubbling to vigorous bubbling.

The original plan was to plot a straight line through the data from minimum

fluidization until such a point as a straight line could not represent the data and

use this point as the transition point of interest. It turned out that the data tends
to curve in such a way that there is no easy and objective way to fit a line to the
lower part of the data to give this transition. However when a semi-log plot is
used then in all cases it becomes apparent that there is some sort of transition
present in the form of a 'bend' in the log of pressure - see Figure 56.

This bend is less apparent in this graph than in others, but it is there at
approximately 30 cm/s flow. To find the location of the bend with some degree of

accuracy and objectivity two lines were ffi to the original data, one on each side of
the bend and the intersection of these lines was taken as the transition velocity.

The minimum fluidization velocity is also very clear in this graph at approximately
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12 crnls. Indeed either the semi-log or the regular plot of the standard deviation

of the pressure can be used to find the minimum fluidization velocity - minimum
fluidization occurs where the standard deviation starts to increase,
For some of these graphs - particularly the sands - there is an apparent
hysterisis loop. This allows for more than one estimate of the transition point as

the bend appears on both sides of the hysterisis loop.
In Figure 57 the location of the transition point determined as above is
plotted for each solid as a function

of the UD ratio. For all the solids this

transition point occurs at lower velocity for higher UD. It is reasonable to assume
that as the UD increases further the transition velocity will become constant.
However in this case the UD are quite small and as such should have a
considerable effect on the overall behavior of the bed. The transition velocities
for the sand are considerably faster than for the polymer which is to be expected

as the more dense solid will require faster fluid flows to get similar solid flows.
The spread between the transition velocities for the polymer are quite small where
as they are large for the sands. This may be a material effect or possibly a result

of the difference in the wide particle size distributions. In any case given the
strong effect that UD has it would be wisest to use the numbers from the largest

UD available as characterizing numbers for the flow of the solids.

10 cm Data

The standard deviations of the pressure signals in the 10 crn diameter
column hydrodynamic experiments is shown in Figure 58. These cunres are flat

from zero flow to minimum fluidization where they make a small sudden jump;

see Figure 58. The plots for the wide and narrow particle size sand curve up to a
linear relation of increasing fluctuation magnlude with increasing fluid veloc@.

figure 58: Standard deviation of pressure signals as a function of velocity*10 cm
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However, the plots for the wide and narrow particle size polymer data show a
region of nearly constant fluctuation magnitude before cutving into a linear
increase in fluctuation magnitude with increase in fluid velocity. The fact that
these plots do not show the expected peak is a reflection of the fact that the fluid
flow had not increased beyond a point where significant canysver would result

from slugs of material being pushed to the top of the column and then blown out.
Thus the fluid Row is not increased sufficiently to move the flow regime into the
turbulent regime. If the column was considerably taller, it may have been
possible to run at a sufficiently high velocity to see this peak. In any case, the
region of low fluctuation magnitude between minimum fluidization and the transfer
to the linear rising section indicates a regime of a few small bubbles and little if

any particulate circulation in the column. The lower part of the increasing region
indicates vigorous fluidization with large scale circulation of particles in the
column. The upper part shows slugging which is nothing more than the condition
where, under vigorous fluidization, the bubbles have increased in size to the

same order as the column diameter.

Conclusions

In this chapter the hydrodynamics of our fluidized beds were examined.

We looked for the effect of changes in partick density, particle size distribution
and LID ratio of the settled bed over the entire fluid velocity range which our
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equipment could handle. Some experiments were canied out using different
diameter columns which suggest that the column diameter has an effect on the
bed hydrodynamics independent of the UD ratio. However, furlher
experimentation is required. We also looked at the performance of the equipment
itself in terms of the pressure in the column as a function of fiuid velocity and the
pressure drop across the column.
The pressure in the column changes with velocity because as fluid flow

increases it takes more pressure to push it out through the hose and filter used to
contain any solids being carried out with it. However, this increase in pressure

rises less than 3 psi at 120 cmls fluid flow through the column. Most of our
experiments do not involve fluid flow as fast as this. A change of 3 psi in the
column does result in a significant correction to the fluid velocity as it is a change

of 20% in pressure. However it has little effect on the other fluid properties and

so would have little effect on the behaviour of the bed.
The pressure drop across the distributor is of greater concern as we want
to have a good distribution

of fluid flow in the column. The general rule used is

that to have good distribution in the column the pressure drop across the
distributor must be at least 20% of the pressure drop across the bed. The
pressure drop across the distributor does not change as the bed changes and the
greatest bed pressure drop wiil occur with the greatest depth of bed at the highest
density particle. Comparison of this data with Figure 46 shows clearly that the
distributor pressure drop is over 20% of the bed pressure drop over all the fluid
velocity range except possibly at very low velocity - well below U , Therefore, we

know that we have good fluid distibution.
in carryn
ig

out the hydrodynamic experiments the data showed an

unexpected pattern of increase pressure drop across the bed with increase in
Ruid velocity through the bubbling regime. This is contrary to theory which states
that the pressure drop in this region is caused by the friction of the fluid passing
the particles balancing the weight of the bed and that any other contributions are
insignificant. Despite this the minimum fluidization velocity and the transition at
the end of quiet bubbling were both identified and quantified. The minimum
fluidization velocities for UD of 2 and 3 were close but for UD of Ithey tended to
be low. Considering that the first diameter of the column is an entrance region

were the bubbles are forming it is not unreasonable that restricting the bed height
to one diameter might cause measurements of the overall hydrodynamic behavior

of the bed to vary considerably. Thus the measures of minimum fluidization at
UD of 2 and 3 will be used as the reliable measures. Since we used multiple

transducers and the differential pressure between them we were able to get
several measures of minimum fluidization. in the sand samples these measures

were consistently the same where as there was variation in the polymer samples
in the minimum fluidization with position in the column. In comparing the
measured minimum fluiditation to the values calculated from theory it is
interesting to note that the theoretical values for the wide particle size distribution

-

sample are within 20% of the measured values an acceptable margin of error.

However, the theoretical values for the narrow particie size distribution are
unacceptably low. One would expect that the theoretical values wouid be better
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for the narrow particle size distribution than for the wide particle size as the wide
particle size distribution is less ideal.
The transition from either quiet bubbling to vigorous bubbling or from

bubbling to slugging is identified by a change in the trend of the logarithm of the
standard deviation of the signal. This transition is either a change in the nature of
the bubbling or a change in the regime. Visible inspection of the column does not
show an obvious change in the behavior of the bed at these velocities, but if it is a
change in the nature of bubbling then one would expect to see some other
change in the signal at even higher velocities as a transition from bubbling to
slugging. Wth the UD = 3 the columns appear to be slugging at the highest fluid

flows so this transition is likely the transition from bubbling to slugging.
Experiments in both smaller columns which slug more easily and larger columns
not capable of slugging are needed to illuminate the transition. However, for our

purposes this is not a problem as we simply wanted some sort of a transition
identified so that we can carry out other experiments at conditions of significant

difference. Calculation of the fluidization number where this transition occurs is

interesting as the transition occurs at fluidization of a little less than 3 for the
sands and a little less than 7 for the polymers.
The biggest problem in this chapter is the increase in pressure with
increase in the velocity in the bubbling regime. Comparison of Figures 45 and 7

dearly suggests that this increase is caused by the addition of the bed pressure
drop to the pressure required to push the air out of the column. To test for this,

the top pressure tap was moved to the Ruid exit at the top of the column and
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differentials were calculated from this over the bed itself. In this way the pressure
drop of the hose and filter were eliminated. To test that the system was working
correctly, a run was canied out with no bed in the column and the resulting
differential pressure was suitably low. However, when the sand was placed in the

column we found that the pressure drop across the bed still increased with fluid

Row. Observing the large amount of static charge being built up and theorking
that it may be stabilizing the bed we added an antisatic agent but this had no
effect on the bed pressure drop. We are left to conclude that the bed pressure
drop does increase over the bubbling regime with increase in fluid velocity for our
beds.

Chapter 6: Pressure Fluctuations

Analysis of pressure fluctuations from fluidized beds has been done in
many different ways by many different authors, and often interpreted differently.
Traditionally only the time averaged pressure or the pressure given by a
measuring device of slow dynamics, for example a U-tube, has been used. This

pressure has been related to the weight of the bed of the material over the height

Pressure Sample

Figure 59: Example of pressure signal from all 4 transducers over 20 seconds NS UD = 3,U =
70.0 cmls.
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where the pressure drop is measured. The use of fast devices such as
transducers sampled at high Frequency has lead to some interesting results.
When using such devices, traces of the pressure as a function of time can
be produced. Such a trace is shown in Figure 59. In this figure all four
transducers are shown and several things are clear. First, the mean pressure is
clearly related to the position of the pressure tap vertically in the column. The tap
at the bottom of the bed has the highest mean pressure and each is

approximately the same amount less in pressure from the last as one moves up
the column. Since these taps are all 15 cm apart vertically this is what one would
expect to see. Taking the mean of each pressure signal gives the type of data
used in traditional fluidization experiments.
However, in looking at this plot a few other things become apparent. There
is a significant pressure fluctuation in these curves - TO for example fluctuates

between 2.5 and 2.75 psi giving a fluctuation of roughly +/- 5%. Similar
fluctuations occur in the other signals. The magnitude of this pressure fluctuation

can be easily quantified by the standard deviation of the signal and has been
used to quantify changes in flow regimes. The second thing to be noted is that the
pressure fluctuation along each transducer has some sort of regularity to it. This

is most notable in that the peaks on each curve are regularly spaced, suggesting
that there is a major periodic signal to which may be added a random or chaotic

signal of lesser significance. The third thing readily seen from this plot is that the
signals are all quite similar. While there is some variation in the shape of the
signals, they are similar with the major difference being a shift to later time up the

column and some small changes in detail. This suggests that the signal is
moving up the column with some veloclty that can be measured by measuring the

time shift of the signals and the other changes suggest the different behaviors in
the column at different heights.

For the measurement of the frequency of the signals and the time shift of
the signals, two very similar statistical tools are commonly used. They are the

auto-correlation and the cross-correlation. Computationally, they are identical
except that to do an auto-correlation one signal is used twice and for a crosscorrelation two signals are used.
The auto-correlation is the correlation coefficient of a signal as a function

of temporal separation between two data sets each from the same signal. For

example if the auto-correlation is f(f) then f(5 seconds) is the correlation
coefficient between all the data on that data set which are separated temporally
by 5 seconds. If the auto-correlation function f(t) has a maximum at some value x

seconds then the period of the major frequency of fluctuation making up the
original signal is x. By contrast, the cross-correlation is the correlation coefficient

as a function

of temporal separation between two data sets, with one data set

coming from one signal while the other is temporally separated and from another
signal, For example, if function g(x) is the crosscorrelation then g(5 seconds) is

the correlation coefficient between the first signal and the second signal shifted 5
seconds. The highest peak in the cross-correlation is at the time required to bring

the two signals as close as possible, and if the signals move from one port to

another it is the time required for this movement
Auto- and cross-correlations are closely related to each other and to

convolution, deconvolution, filtration, the Fourier transform, and power spectral
analysis. In fact the same subroutines are often used for these operation^'^.
The Fourier transform equations are:

In this form, t is measured in seconds and f is in cycles per second or Hertz.
They can be rewritten to use the angular frequency o. The choice of the exact

form to use is dependent on what easiest to use for the given application. Using
this form reduces the number of 2rr factors to remember. From these equations it

is apparent that they are linear operations and that they are the inverse of each
other. This is usually noted as:

Now given two functions h(t) and g(t) and their corresponding Fourier

transforms H(fJand G(0, two operations of special interest can be formed. The

convolution of the two functions is:
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Note that g*h is a function in the time domain and that g% = h*g. It also turns out
that the function g'h is one member of a simple transform pair

g* h o G(f)H(f)

(82)

The above equation is the convolution theorem and shows that the convolution is
the product of the individual Fourier transforms.
The correlation of two functions, denoted Con(g,,h) is a function in the time

domain defined by:
aD

~ o n ( gh ,) = I g ( r + t)h(r )dr
-a

The correlation is a function oft, which is called the lag. By comparison with the
above equations, it is apparent that the correlation is also one member of the
transform pair:

corr(g,h ) o G(f)~ ' ( f )

(84)

More generally the second member of the pair is G(f)HCf),however when
restricting to the usual case of g and h being real functions Hct) = Hm(f).
The multiplication of the Fourier transform of one function by the complex

conjugate of the Fourier transform of the other gives the Fourier transform of their
correlation. The correlation of a function with itself is called its auto-correlation.
i.e.:

Not only is correlation related to the Fourier transform, but it is
computationally much faster to estimate a cross-correlation by calculating the
discrete Fourier transform of each data set, calculating the conjugate of one of
them, multiplying and then taking the inverse discrete Fourier transform. It is

even faster this way when calculating the auto-correlation. The correlation must
be estimated for two reasons. First when acquiring the signal it is sampled so
that the signal is known only at certain times. However, 1 is not known between
those times so the sampled signal is itself an estimate of the real signal.

Secondly because the Fourier transform requires an integration from negative
infinity to infinity it cannot be done by digital means. However, it can be estimated

using the discrete Fourier transform which runs +/- the Nyquist frequency, and
divides this range into several bins. The number of bins is either the number of

data samples or a lesser number entered to the algorithm. These restrictions in
the discrete Fourier transform can introduce significant problems which can be
reduced by using a sufficiently fast sampling frequency and a large number of
bins in the calculation. Naturally sampling at high frequency and using more bins
can introduce their own problems, particularly when using an old computer.

Now to get the connection to power spectral density note that the total
power of a signal is:

00

a0

TOM Power = [lh(t)l2dt = j l ~ ( f ) l ~ d f
*

-a

This is Parseval's theorem. Frequently one wants to know how much power is
contained between f and f+df Here one does not usually distinguish between

positive and negative frequency f, but regards f as varying from 0 ( zero frequency

or DC ) to + =. In such cases one defines the one-sided power spectral density
(PSD) of the function f as:

and the total power is the integral of P, from 0 to -. When h is real then the two

terms are equal so:

Note that the power spectral density is nothing more than the Fourier transform of

the auto-correlation.
If one looks at Equation 83 1 is not hard to see that reversing the order of
g and h will give the same function of t - only reflected through the vertical axis.

That is:

Cor(g,h)(t) = Cov(h,g)(-t)

(89)

Upwind cross-correlations are calculated such that if a signal moves in the same
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direction as the superficial fluid flow then the peak indicating time for that signal to

move from one port to the other will occur at a positive lag. A negative lag for the
maximum peak indicates that the pressure wave is moving in downwind direction.
All of our cross-correlations are calculated as upwind cross-correlations.

-

Autocorrelations Qualitative Discussion

The following discussion on the qualitative nature of the auto-correlation

cuwes are taken from the set of data collected from the narrow particle size
distribution sand with settled bed height of 60 cm giving an UD ratio of 3. This is
one of the data sets for which minimum fiuidization and regime transitions was
discussed previously. This data set was chosen largely because it is the set that

is closest to a classical fluidization experiment This data coven a range of fluid
velocities which give fluid flow regimes ranging from settled bed to slugging.
Figure 60 shows the auto-correlations at the lowest air velocity measured -

11.8 cmls. This is well below the minimum fluidization velocity. All four

-

transducers are shown and one each plot all six curves are shown three for
increasing fluid velocity and three for decreasing fluid velocity. In all of the curves

shown in Figure 60 there is no signal readily visible. The autocorrelations are
near constant across the full range of lags and fall in a band with rapid vertical

variation. This suggests that all of the signals are some sort of noise. Figure 60
is typical of those at Ruid velocities below minimum fluidization.

Figure 60: AutPcomlations for NS. UD = 3, U = 11-8 cmfs

Figure 61 shows the auto-coneiations at 26.4 crnfs which is very close to

minimum fluidization. The first thing to note is the change in the scale of the TO
plot which is now scaled to ie-5 whereas Figure 60 is scaled by le-6. In these
figures each plot is scaled to its own data. This makes comparison between

different plots more difficult but it prevents scaling effects hiding the nature of the

curves. The TO data has a noise band of +I- 5e-6 but this band is now
superimposed on a small amplitude signal that has a period of approximately 3.5

Figure 61:Autocorrelations for NS. UD = 3, U = 26.4 cmls

seconds. T i has a noise ranging +/- 3e-6 bat also has a small amplitude signal
with a period of 3.5 seconds. 12 is a noise signal with a range of +I- 3e-6 that

may have a very small signal of 1.5 Hz mixed into it T3 ranges +I- 0.5e-6 and
has a barely discernable signal of period 3 seconds.

Figure 62 shows the auto-correlation of the pressure signals collected at
fluid velocity of 38.4 cmls. This Auidkation velocity is between the minimum

4

2

4

r g s ln seoonaf

a

a

2

a

mgs m saaonds

I

a

Figure 62: Autocomlations for NS, UD = 3. U = 38.4 cm/s

fluidization velocity and the regime transition found earlier in this thesis and is
typical of the results for the bubbling regime. In the TO plot all of the curves are
similar over the first peak except the down2 and the up1 curves. The up1 curves

has its first peak much ealier and this peak occures below zero which is unusual.
The down2 cunres wander up to have its first peak in the area where many other

curves have their second peak. At longer lags the peaks spread out The T1 plot
shows the up2 and up3 curves as very similar over their first peak and then

T n n auar2

Tnnsduocr t

6.424

aL12

o.al s

an1
P

p

ams

a
-0,006

4P1
a.01 S

a

2

4

mga In reoona r

mas m woo nas

Figure 63: Autocorntations for NS, UD = 3, U = 76.4 cm/s

spreading out while the down2 show a long random walk to its first peak around
where other curves have their second. The other three curves are very similar
over their first peaks and then spread out at higher lags. The T2 plot has very
similar curves to the first minimum and then they spread out to have their first
peaks in a small region of lag. At longer lags some cuwes stay near each other

and other spread cosiderably. The T3 plot is similar to the T2 plot but with
greater variation in behavior at longer lag.
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Figure 63 shows the auto-correlation data from the pressure data taken at
fluid velocity of 76.4 cmls or 2.99 time the minimum fluidization velocity. This is
the highest velocity for this solid and UD ratio and at this velocity the column

appears to be slugging. It is certainly faster than the flow regime transition
identified earlier. The TO and T I plots are similar with a small "secondary" peak
occurring early in the up3 data and a second peak occurring later with the up2
data. Between these two peaks the peaks in the down data and in the up1 data

occur. At higher lags the data is irregular and the peaks widely spread. The T2

and T3 graphs are similar with the first peaks spread through a range of half a
second around 1.5 seconds and similar similar behavior between the graphs at
higher lags where the peaks are spread.
In looking at Figures 60,61,62 and 63 the interesting thing is the
variations between these figures. The data shown is identical in all regards
except the fluid velocity, and these have been selected to show how the data

varies with different Row regime. Figure 60 is in settled bed fluid flow. This data
shows what for these purposes is a noise signal. If there is any pressure

fluctuation it is of small magnitude and high frequency resulting from relatively
small scale turbulence. Much of this signal is likely introduced to the system by
the data sampling hardware. Figure 61 shows data collected right around
minimum fluidization. While the bed is probably bubbling at this velocity the
bubbles will be small and confined to a small region within the bed. The plots are
very similar to Figure 60 indicatingthat there is little variation in the column.
However, Figure 62 shows the data when the column is dearly bubbling. Here
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the data is quite different from that seen at lower velocity. Now the curves show a
considerable variation with lag indicating that there is a significant pressure
fluctuation signal at all transducers. The curves for T2 and T3 are relatively
similar to each other over the first peak showing that the signals at T2 and T3 are
similar to each other. The TO and T I curves are similar to each other but
different from the T2 and T3 curves showing that the signals in the bottom of the
column are different from in the top. Figure 63 shows the data at the highest fluid
velocity where the bed is slugging. In this figure the T3 plot shows all six curves
close together over the first peak but looking at the other transducers the data
closer to the distributor has the significant peaks of each curve spread over a
wider range. This shows regular behavior in the upper part of the bed but
irregular behavior in the bottom. This is consistent with the observation that at
high velocity the upper part of the bed is slugging but the part just above the bed
appears to be highly turbulent with a very complex transition between.

-

Cross-correlations Qualitative Discussion

Figure 64 shows the cross-correlationsfor the low velocity fluid flow of 11.8

cmls. The plots are titled with the transducers that the cross-correlations are
taken between. This is critical as these cross-correlations are taken over three

different lengths of 45 cm, 30 crn and 45 cm and also at different heights. The 15

cm lengths are taken at heights of 0.15 and 30 cm from the distributor to the
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Figure 64: Cross-correlations for NS, UD = 3, U = 11-8 crnls

lower transducer and the 30 cm lengths were taken at 0 and 15 crn from the
distibutor to the lower transducer. On each plot six sets of data are calculated,

one each of three runs increasing fluid velocity and one for each of three runs
decreasing fluid velocity. In this figure all of the signals are noise signals but the
T243 crosscorrelations does show slightly more noise at higher lags than at

zero lag. TO-TI, TO-T2 and T%T2 have noise bands +/- 2e-6, TO-T3 and T1-T3
are +/- le-6 and T2-T3 is +I- O.Se-6.
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Figure 65: Cross-correlations for NS, UD = 3, U = 26.4 cm/s

Figure 65 shows the cross-correlation plots for the fluid flow of 26.4 cmis.

This is just above the minimum fluidization velocity with fluidization number 1.03.
Wth this fluidization number there is likely no difference in behavior from

minimum fluidization. In practical terms it is possible that some of the bed is still

-

settled of if not it may not be moving much. There should be few if any small

bubbles. This is probably the closest these particles can be brough to

homogenous fluidization. TO-TI and TOOT2 are scaled to 5e-6 while the rest are
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Figure 66: Cross-conelations for NS, UD = 3, U = 38.4 cm/s

scaled to 2e-6. All of the data shows a peak near zero lag and a smaller one at
plus and minus 4 seconds but the down data shows taller peaks and deeper
valleys suggesting that the pressure phenomenon passing from tap to tap is of
greater magnitude when the fluid Row has been decreasing to this flow rate than
when it has been increased to this flow rate.

Figure 66 shows the cross-correlation calculation for 38.4 cmls fluid flow.
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Figure 67: Crosscorrelationsfor NS, UD = 3, U = 76.4 cm/s

In all plots the up and down data is similar and the central peak of the plots are
relatively close together. However, out past the minima of the central peaks the

curves become unrelated to each other. The 15 cm differential curves show one
central peak with a significant lower amplitude peak on each side and the central

peak located at a small shift to the positive and little scatter in the location of the
maximum of each curve. The 30 cm differentials show two large central peaks
with the positive peak being slightly larger with little apparent variation in the
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location of the maximum. The 45 cm differential shows two central peaks with the
one on the positive side of the zero lag slightly larger than the one on the negative
side and a small scatter in the locations of maxima. In general it appears that the
maximum values for the 45 cm differentials are located three times the distance
from the zero lag as the 15 crn differentials while the 30 crn differentials are twice

as far suggesting a constant velocity in the pressure wave up the column.
Figure 67 shows the cross-correlationfor 76.4 cmls fluid flow or a
fluidization number of 2.98. This is the highest fluid velocity used for this solid
with a settled bed height of 60 cm. This is also a good example of what was
expected of all the data, with clear strong central peaks a short distance to the
'

right of the zero fag and no apparent pattern at larger lags. All of the curves are

close together over the central peaks which are located just to the right of the
zero lag for the 15 cm differentials and the lower of the 30 crn differentials but two
to three times further for the upper 30 cm differential and for the 45 cm
differential.
In looking at the cross-correlations the key feature is the location of the
central peak, as assuming that there is a pressure wave passing from tap to tap
the location of the central peak and the distance between the taps gives the
velocity of that pressure wave. What makes Figures 64,65,66 and 67 interesting
is that these are taken from different flow regimes. Figure 64 is in the settled bed
regime and it is expected that there will be no pressure fluctuations passing
through the bed. This expectation is supported by the fact that the crosscorrelations show what is for the current purposes noise. Figure 65 is right near
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minimum fluidization and at this velocity two things can be expected 1) the bed
behavior for increasing fluid flow is different from decreasing fluid flow and 2)
there is very little if any pressure fluctuation traveling in the bed. This figure
supports those expectations as more of what is seen is clearly noise, but while
the increasing fluid flow signals are noise by comparison it is clear that the
decreasing fluid flow signal also contains a small pressure fluctuation signal.
Figure 66 is in the bubbling regime and here a complex pressure fluctuation is
expected from the passage of bubbles up the column. These bubbles are
surrounded by a pressure gradient which is affected by the bubble shape, size,
position relative to the wall and tap and the passage of the bubbles will produce a
fluctuation which is a function of this gradient and the veloclty of its passage. It is
the complexity of this fluctuation which causes the cross-correlations in the
bubbling regime to be so irregular and to have features like two peaks near the
center with almost the same height. In the slugging regime the pressure
fluctuations are much simpler and more regular and now most of the bubble bubble interaction has been removed by the fact that there are now individual
slugs of fluid passing up the column instead of swarms of slugs. This is clearly
seen in Figure 67 where the bed is slugging and the cross-correlation curves are

tightly packed together into a single, sharp, tall central peak.

Pressure Fluctuation Frequency

20 cm Data

In the quantitative analysis of the auto-correlations the location of the

maximum peak other than the one at zero lag is found and used to calculate the
frequency of the major fluctuation. If the signal is a sine wave plus a small noise
then there will be a series of peaks equally spaced with the central peak tallest
and the other peaks having an equal but lesser amplitude. The distance between
the peaks is equal to the period of the signal. This pattern does not require a sine

wave, but it is characteristic of all cyclic plus noise signals. Given this, it is
possible to measure the frequency of the cyclic signal by measuring the lag of the
most significant peak which should be the peak with greatest magnitude and
closest to the zero lag. However, as it is already apparent from the qualitative
analysis, we do not have a cyclic signal so the location of the most significant
peak becomes much more problematical. Nonetheless it does appear that we

can still get some useful data from this type of analysis. First some of the
problems will be illustrated.
Figure 68 shows two auto-correlations for the same fluid velocities but from
different runs. It is immediately dear that there are two different phenomena

going on. The up1 data does show something like the expected curve, but the

down2 data rapidly rises and falls - offen going from local minimum to maximum

Example of Auto-Correlations

Figure 68: Examples of auto-correlations. This is NPE, UD = 3, U = I 1-8 cmls.

to minimum in 3 data points. For our purposes the down2 data is a pure noise
signal and there is nothing we can get from 1. The signal which does appear to
be there is an artifact from the small variations which are present, the sampling

rate of the ADC (Analog Digital Converter) and the resolution of the ADC. This

type of signal was ignored.
One final problem is clear in the up1 data of Figure 68. This curve is

*jaggedn- caused by the convolution of a small signal with relatively large noise
similar to the dawn2 signal shown. This means that if the maximum over the
range of the significant peak is taken as the location of the peak maximum it may
not be a good estimate of the signal's period. To filter out the noise the peak was

Example of Auto-Correlations

Figure 69: Examples of auto-correIation. NPE, UD = 3, U = 14.8, 17.8,20.9 cm/s

located by faing a polynomial over a range of the data and the maximum of that
polynomial used. The program used to do this analysis allows the choice of
polynomials from 2& order to

order and the selection of an appropriate range

just by clicking a mouse. This is repeated until a good fit to the data is found.
Figure 69 shows the autocorrelations from three consecutive samples,

increasing fluid velocity between these samples. These are fairly typical of the
problem of finding which peak to pick. Looking at them together like this it is clear
that the peak at near 100 lags is the significant peak because it is similar in size
to the others and because all three velocities have the peak in close to the same
place. Given that there really is no apparent difference in the operation of the

Frequency of Major Fluctuation

Figure 70: Frequency of major fluctuation. NPE. UD = 1

column over this small velocity range, the characteristic frequency in the column
should be about the same. The other peaks do not show any such relation.
However, in looking at the individual curves the problems in the analysis become
evident. If one were to look only at the 20.9 cmls curve there are two peaks, one
at approximately 80 lags and the other at approximately 160 lags. With the other

data present it is clear that the first peak is the significant peak. The 17.8 crn

-

curve is typical of much of the data and close to what was expected except for
the peaks at very large lag increasing in amplitude. This sort of behavior can be

simulated as a statistical artifact resulting from the fact that as the lag is increased
there is a much reduced amount of data for the correlation and much increased
uncertainty of the estimate. As a further point note that few papers in the

Frequency of Major Fluctuation
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Figure 71:Frequency of major fluctuation, NPE, UD = 2

literature look at the auto-correlations over a time period greater than 1 second or
100 lags. Therefore one could argue for ignoring anything beyond 100 lags to
maintain consistency.

In the plots and measurements to follow the lag of the major peak has
been used to calculate the frequency of the major fluctuation. This is quite
straightforward as the lag where the peak is located multiplied by the sampling
frequency gives the period of the major fluctuation. On many of the plots straight

lines have been added along with the slope and intercept of the line. These lines
are calculated by regression to the points which appear to follow some sort of
linear pattern. As can be expected the data below minimum fluidization almost
always gives a noise signal so this is ignored. However, in many cases there was
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Figure 72: Frequency of major fluctuation, NPE, UD = 3

also no signal apparent at minimum fluidization and velocities up to approximately
fluidization number of 1.5. When the signals do become apparent, they are
clearly quite different from what dominates at higher velocities.
Figure 70 shows the frequency data for the high velocity NPE runs with a
settled bed height of 20 cm. There are two runs with the polymer samples. The
lower group is clearly linearly related although unusually it has a positive slope.

This group contains all of the T3 and T2 data and is thus above the bed. It was
expected that data here would show a noise signal but the correlations are quite

clear. The low frequency suggests large scale turbulence as the fiuid disengages
from the bed and moves up the column. The TI and some of the TO data is

scattered between the groups but most of the TO data is in another group which is
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Figure 73: Frequency of major fluctuation. NPE. UD = 2, low velocity

at higher frequency similar to what is seen in other data. This second group,
which is all at the distributor, shows the expected negative slope. The T I tap is
just below the surface of the bed and thus can be expected to show intermediate

behavior between being deep in the bed and above it.
Figure 71 shows the frequency of major fluctuation for the narrow particle
size distribution polyethylene sample with settled bed height of 40 cm. This plot

has a somewhat inappropriate vertical scale, running to 10 Hz when all the data
appear to be below 3 H z However, there is a single data point at 10 Hz. This

outlier illustrates some of the difficulties in this analysis. It is certainly possible to

-

measure a 10 Hz signal or enter a wrong number. Examination of the data
suggests that this is not an error and this point is left in to illustrate the variation
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seen in the data. Looking at the data on this scale, it appears that there are two
or three roughly linear groups. However when the vertical scale is reduced to 3
Hz this is less visible. Thus, all the data have been fitted to one line. Note
however that the TO data tends to be slightly higher frequency than the other

data. AIl the data regresses to a line with a small negative slope.
Figure 72 gives the frequency data of the major fluctuation frequency for

the narrow particle size distribution polymer sample with settled bed height of 60
cm. This data clearly follows a linear relation at higher velocity. The lowest
velocity shown is approximately twice the minimum fluidization velocity. The
frequency clearly rises from approximately zero to about 1 Hz at 2 to 3 times the
minimum fluidization velocity. At higher velocity frequency is linear decreasing
from 1 Hz at 25 cm/s to 0.7 Hz at 60 cmls. It is clear that the phenomena in the
column from 30 cm/s to 60 cm/s are somehow related but that there is something

else entirely happening below 30 cmis.
Figure 73 shows the low veloclty experiment for the narrow particle size
distribution polymer sample with a settled bed height of 40 cm. The data is
clearly grouped into three lines. Some of the T3 and T2 data fall exactly on a line

at 25 Hz while the rest of the T3 and T2 data and all the T'I data fall on a line at

20 H z Now the sampling frequency is 100 Hz, so for 25 Hz the peak is located at

the +4 lag and for the 20 Hz peak is at the +5 lag. Thus, it is not possible to
measure a frequency between 20 and 25 Hz by this method with this sampling

frequency. hfact the next highest frequencies which can be measured are 33.3

Hz (+3 lag) and 50 Hz (+2 lag). If one is sampling a sine wave, a minimum of 2
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Figure 74: Frequency of major fluctuation, WPE, UD = 3

samples per period will allow you to recreate the sine wave. This has resulted in
the rule that one must sample at least twice as fast as the fastest frequency
entering the instrument. However one needs 2 things to sample at relatively low

sampling rates of 3 or 4 times the signal frequency: one needs to be sampling a
sine wave, and one needs to know they are sampling a sine wave. Otherwise,
one needs to sample many times per signal period to learn anything from L This
point is clearly shown here were we are clearly seeing a high frequency signal -

but because of the sampling frequency we cannot actually tell what the frequency

is with any accuracy. However when the signal frequency is low - as in the case

of the lower group, the signal frequency can be measured quite accurately. This
lower group consists of the TO data and is at approximately 0.5 Hz and has a very

Air Vdodty

Figure 75: Frequency of major fluctuation NS, L/D = 3

small positive slope.
Figure 74 gives the frequency of major fluctuation for the wide particle size
distribution polymer sample and 60 cm seffled bed height. In this case all of the
sampling ports were well below the surface of the bed. This piot shows two
different groups of data which are connected around 20 cmls. The upper group is
a linear group which has a frequency of 1 Hz at 15 cmls and drops to 0.6 Hz at 60

c d s . The other group is an uncorreiated 'blobn of data ranging from 10 cm/s to

25 cmls and for 0.3 Hz to 1 H z This looks as if it may be the transition zone ftom
the low veloc@ to the high velocity behaviour.

Figure 75 gives the major frequency data for the experiment with the
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Figure 76: slope of frequency fits

narrow particle size distribution sand at a settled height of 60 cm. This plot is
quite different from the ones seen earlier in that the minimum fluidization velocity

of this material is approximately 25 cmls, but there is data form 12 cm/s to 25
crnls. This data is flat at 0.35 Hz and has points from all four transducers. At the
minimum fluidization velocity the frequency rises rapidly from 0.35 Hz to 1.2 Hz at
40 cmls. From 40 cmls the data the slopes downward to 0.75 Hz at 80 cmfs.
Seeing a frequency below minimum fluidization is quite unusual. However, this
plot shows a constant frequency below minimum fluidization, then a rise with

increased velocity until sufficient velocity is reached to see the decrease in
frequency with velocity which is so clear in most of these plots. This one shows

all the stages and transitions the data goes through.
In the examination of the frequency of fluctuation we are looking
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Figure 77: Intercept of frequency fits

specifically for something which characterized the way the entire column behaves
and which would show some variation with particle, bed height and fluid velocity.
As such, the downward sloping data seen in all plots is chosen hers, partly

because it is seen in all cases. In looking at Figures 70 to 75 it is clear that there
is some variation with these parameters. Some of this variation can be seen just

in looking at the slope and intercepts of the lines. This is summarized in Figures
76 and 77.

Figure 76 shows the slope of the frequency of major fluctuation iines. That

is Figure 76 shows the rate of change in the frequency with respect to change in
the fluid velocity for all of the solids at each different UD ratio. The point for WPE

at UD of 2 is well below the others and may not be correct However the other
points clearly show that as the UD ratio is increasedthe fluctuation Frequency

becomes more sensitive to the fluid velocity. As the UD ratio increases the slope
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decreases - however note that the slope is always negative so a decrease is an
increase in the magnlude of the slope. Over the range of fluid velocities used
here for the same change in fluid veloclty the frequency decreases more for
higher UD than for lower. One would expect a variation on the basis of the
particle density or particle size distribution. However, one cannot say that there is
such a variation. If there is such a variation with particle density, 1 must have a
small effect.
Figure 77 gives the intercept of the frequency of major fluctuation lines

from these experiments. That is if the frequency were to follow exactly the same
pattern as seen in the column at high fluid velocity while the fluid velocity was
'reduced to zero then these are what the frequencies would be. The point for

WPE with UD of 2 is higher than the others, although it does not appear to be too
different. However, graphing this plot a little differently makes this point look quite

out of place. The other points show clearly a decrease in this frequency with
increase in fluid veloclty. On this graph it looks as if it could be a linear decrease
but plotting-alittle differently suggests some other curve might be a better ft
Unfortunately we do not have enough data to explore such a ffling.
In any case if the relation of the frequency to the UD ratio is to be
extracted from data then the relation to the diameter itself must also be explored.
If the fluid and particle is such that the maximum bubble size it 10 cm in diameter

it is clear that a 5 cm diameter column will slug, but it can be expected that a 50

cm column will not Since the frequency is related to bubbling and slugging the
diameter as well as the height is needed in a relation of the major frequency.

The hydrodynamic experiments were carried out and the analysis was
done much earlier than the 20 cm data. As a result the frequencies of the major
fluctuations was measured in a different way. On the 10 cm diameter column

data the frequency was measured by counting the number of times the pressure

signal crossed over each of several constant pressure curves between the

Figure 78: Major frequency of fluctuation as a function of velocity, 10 cm column'n
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minimum and maximum pressure for the data sample and then using the
maximum to estimate the frequency. For this reason the data is not compared
directly to the 20 cm column data, but the results are shown in Figure 78 for
qualitative comparison. All the plots show high fluctuation frequency for velocities

below minimum fluidization. This is an artifact caused by signal noise. When the
fluctuation caused by the bubbling bed becomes noticeable, the noise no longer

affects these plots. The narrow particle size distribution cases show an
immediate drop in fluctuation frequency at minimum fluidization, while the wide
particle size distribution

cases show a gradual drop in fluctuation frequency from

the minimum fluidization velocity to the velocity marking the transfer from low

bubbling to vigorous bubbling as determined by the standard deviation of the
pressures. At velocities above this transfer region, in all cases, the fluctuation
frequency follows a linear relation to velocity with a small decrease in fluctuation
ftequency with velocity. This indicates that there is a significant difference in the
nature of the bubbles between these two regimes with many mail bubbles in low
bubbling conditions and fewer large bubbles in vigorous bubbling conditions. As
can be seen in these plots there is no apparent change in the frequency curve

indicating a shift from bubbling to slugging. On the other hand there is a small
variation in fluctuation frequency between the sand and the polymer.

Pressure Signal Velocity

In looking at the cross-correlations for quantitative data the main feature is
the location of the tallest peak. This indicates the lag or temporal shift which
gives the greatest linear relationship between the data. As a general rule, the
value of the peak will not indicate the amount of linear relationship as there is no
simple way to scale the cross-correlation appropriately built into the Matlab
functions used here. When dealing with two signals which are sine wave of the
same frequency, the maximum peak will be located at the phase shift. The other

peaks will be located at positions one period apart extending in both the positive
and negative time directions. This pattern will generally hold true for any pair of
cyclic signals, although interpretation can become much more difficult.

Interpretation can become even more complex if the signals are of different
frequencies. As seen above these signals are not cyclic, however they can still
be examined by this method.
If the pressure signals at two taps are the same except they are shifted in

time then the maximum lag is the time shift between those two signals. Now if
the distance between the taps is known then the velocity of the pressure signal

can be measured. This velocity is often interpreted as the velocity of the bubbles
in the column as there is a pressure gradient around each bubble which causes a
signal as the bubble moved past the taps. However, there are other possible
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sources and interpretations the cause and meaning of the signal velocity. The
first problem which becomes clear in looking at the data is that many of the crosscorrelations are noise signals, see Figure 79. The noise signal type result can be
expected to occur below minimum fluidization but it is also seen above minimum
fluidization - up to approximately fluidization number 1.5. Another example of
what is found is seen in Figure 80. This shows two fairly typical cross-correlations

from our data. In this case they are both narrow particle size distribution sand at
60 cm height and 76.8 c d s . The 15 cm curve is from the TO-TI cross-

correiation and the 45 cm curve is from the TO-T3 cross-correlation. In both
curves it is clear that the large peak close to the zero lag is the significant peak -

this is typical of all the plots. Something else which is quite typical of the plots is
that the 15 cm cross-correlation has its maximum at or right close to the zero lag.
Many of the cross-correlations have the maximum at a lag of 0,1 or 2. Having
the maximum at 0 implies an infinite pressure wave velocity. This is not the

case,but it does imply that the pressure wave moves from tap to tap in less time
than the sampling period. Far cross-correlations between taps 15 cm apart this

the velocity is in excess of 1.5 mls. This can be expected to be too fast for
bubbles - but is much slower ttran some of the other mechanisms outlined in the
literature. It would appear from our results that to use this method to see all of
what is in the column a much faster sampling rate is required. in the mean time
where the maximum is at zero lag a velocity is not calculated.
Since there are 4 transducers in the column there are 6 upwind cross-

correlations. However in the following discussion only the 15 cm crossVelocity of Pressure Wave

Figure 84: Velocity of pressure wave, NS. UD = 1

Velocity of Pressure Wave

Figure 83: Velocity of pressure wave, WS. UD = 1

253

correlations are considered. This is because the 30 and 45 cm cross-correlations
span across the 15 cm cross-correlations and can thus be considered to give
combined or overall performance. We are more interested in seeing variation in
the performance of the column over a range of heights in the column.

Figures 81.82,83 and 84 give the 15 cm crosscorrelations for all four
solids used with a settled bed height of 20 cm. Figures 81 and 82 show them for
the narrow and wide particle size distribution

polyethylene and Figures 83 and 84

give them for the sand. Figure 81 and 82 are similar to each other in that they
both show a lot of scatter. The T2-T3 data lies mostly along -750, -500 and -375
cmis lines. The fact that so much of the data lies on these lines is caused by the
resolution of the experiment. The resolution is fwed by the sampling rate and the
height over which the cross-correlation is calculated. For small lags the resolution

-

is poor but it improves dramatically with increase in lag. For example in our

case the highest velocity which can be measured, at lag +/- 1, is 1500 cm/s, next
at lag 2 is 750 cmls, lag 3 gives 500 cmls and lag 4 gives 375 cm/s. The bands
of high velocity indicate that there is some significant high speed behaviour.

However,due to the resolution, this veloclty cannot be measured. In both Figures
81 and 82 the rest of the data is smeared over a wide band running roughly for 0

cm/s to 250 cmls across the full velocity range. Figures 83 and 04 are quite
different in that they do not have the high speed bands seen in the polymer plots

and apart from a small number of scattered points all the data fits in a band form
0 to 100 cm/s across the full Ruid velocity range. In both plots the TO-TI data

shows slightly higher velocity than the other two correlations give across the fluid
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velocity range.
Figures 86 and 85 give the velocities of the pressure waves calculated
from the 15 cm cross-correlations for the narrow and wide particle size distribution
polymer samples with settled bed height of 40 cm. These plots are quite different
from the plots for the 20 cm settled bed height in that Were is much less scatter of
the data across the plot. In Figure 86 the TO-TI data is scattered across the high
velocities while about half of the T2-T3 data is also in the high velocity bands although above fluid velocity of 70 cmls some of this data also appears in the
negative high bands. The rest of the data increases slowly around pressure
velocity of 100 cmls across the entire fluid range. In Figure 85 a very unusual
pattern is seen where almost all the data between about 40 cm/s to 70 cmis fluid
velocity falls on an increasing line about 80 cmis pressure velocw. At low and
high fluid velocw the pressure velocities show a dramatic smear up to 500 cmls.

Most of the TO-TI data falls at 750 cmis pressure velocity.
Figures 87 and 88 give pressure fluctuation veloclty plots for 40 cm settled
bed height with the narrow and wide particle size distribution sand. These plots

are quite different from the polymer plots in that on both plots all of the data
except the TO-TI fall on a narrow straight line which increases slowly with fluid
veloclty around 80 cmls. Apart from a few scattered points at low fluid velocity all

of the TO-TI falls in the high velocity bands. At low fluid velocity there is an
increased amount of scatter. This is caused by poor signal to noise ratios.

Figures 89 and 90 give the pressure fluctuation velocities caiculated from
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the 15 cm cross-correlations in the 60 cm settled beds of wide and narrow particle
size distribution polymer. These are quite similar with most of the data on the T2-

T3 curve falling on a straight line which increases very little between fluid
velocities of 20 cm/s and 50 cmls. This data curves up for 0 cmls pressure
velocrty at 10 cmfs fluid flow to 80 cmls at 20 cm/s fluid flow and from 100 cmfs
pressure velocity at 50 cmls fluid flow to 300 c d s pressure velocity at 65 cmls
fluid flow. This curve marks the low velocity boundary of the data and the TI-T2
is above this in a region of pressure veloclty from the lower curve to 500 cmls.

The TO-TI data falls into the high velocity bands.
Figures 9 1 and 92 show the pressure fluctuation velocities calculated from

the 15 cm cross-correlations in the 60 cm settled beds of wide and narrow particle
size distribution sand. These plots show most of the TI-T2 and T2-T3 data falling
on an increasing curve over fluid veloclty form 25 cmls to 80 cmls. There is little

scatter or variation in the low pressure velocity data. In Figure 91 the TO-Tl data
does not exist above fluid velocity 55 cm/s, and most below that is in negative
high velocity bands. There is a considerable amount of general data scatter at

lower fluid velocities - below 30 cm/s. In Figure 92 the TO-TI data exists over the
full fluid velocity range and most of it is in the positive high velocity bands. There
is also a great deal of scatter at lower fluid velocity but this is mostly seen in the
TO-TI data.

Conclusions

In general in looking at the pressure fluctuation velocity plots several things
become clear. First of all there are clearly at least two different pressure
phenomena in the column. One phenomenon results in a low velocity around 100
cmls and another which is has a velocity on the order of 10 000 cm/s. This data

can be used to estimate the velocity of the slow pressure waves but the sampling
frequency is too low to do this for the high speed wave. The sampling frequency
used here, typical of many studies in the literature, is just barely adequate to

detect the existence of the high velocity wave. Many papers credit pressure
fluctuations like the low speed ones seen here to the bunting of bubbles at the
surface of the bed. However, if that were the source then the pressure wave

would have to move down the bed, but the positive velocity seen in all the plots
shows that the pressure wave moves up the bed - as do the bubbles. Thus this
data supports the other assumption that this pressure fluctuation is caused by the

passage of the bubbles. Without simultaneous measurements of both the

pressure and the bubbles it is not certain what is actually causing the pressure
fluctuations. There have been some papers which have used dual probes to
measure both the pressure and density fluctuation which suggest that the
pressure fluctuation is caused by the bubbles but the problems associated with
interpreting probe measurements do supply some uncertainty.
In these plots it is clear that the phenomenon in €hebottom of the column
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is quite different from further up and that the particle density, particle size
distribution and bed height do influence the bed behaviour. The velocities are
calculated over 15 cm tall sections of the column with the behaviour in the bottom

(TO-T1) being clearly different from above. When LID = 1 the entire bed acts as
the bottom section of the bed behaves in the taller columns. In general the sand
beds are more regular in their behaviour as can be seen from the reduced

amount of scatter but the wide particle size distributions seem to be a little more
regular than the narrow particle size distribution.
The pressure fluctuation frequencies clearly have a relation between
frequency and fluid veloclty with the frequency decreasing linearly with the
velocity. The most surprising thing to see in the frequency plots is that there is no
change in the trend of the frequency as the bed moves from bubbling to slugging.

This is somewhat surprising as the beds appear very different when slugging than

when bubbling, but it does support the idea that slugs are just big bubbles. The

frequency of the pressure fluctuation is clearly a function of the UD ratio and the
particle type. It would be interesting to repeat the experiments with the same
solids and UD ratios, but with different diameters to see if that has any effect on
me fluctuation fraquency. Another area of interest is to compare these results to
bubble and slug models and to data collected with fluoroscopy.

Chapter 7: Discussion and Conclusions
The imaging technologies clearly show great potential for collecting a large
volume of useful data about any particular column as long as the column fits into
the equipment. The greatest challenge in using these technologies lies in
extracting the useful information from the obtained images. Given the large
amount of data available from traditional techniques, one might wonder why we
would bother to use these expensive methods which overload us with data. The
main answer to that is the ability of imaging technologies to gather data across
the entire column; whereas the traditional methods, of inserting a probe into the
bed, give data as a function of time but only at one point in the column. This way
it is possible not only to see variations in the column with respect to time but also

with respect to position.
The X-ray CAT scans shown in this thesis clearly demonstrate that there is
significant variation in the column with respect to position during the time of the

-

scan in this case for 3 seconds. Given that the particle residence time for
polyethylene production is a few hours, a variation with respect to position which
lasts for several seconds is not likely to be significant These CAT scans
therefore do not show us if there is a significant variation in voidage with respect
to position. Further experimental work where several scans are taken at fixed
time intenrals and at the same cross section in the column will show if there is a
significant long term spacial variation and should also give some indications of its
stability. Such work will also provide further illustration of the structure of the
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column. The scans here show a great deal of variation in voidage which can be
associated with bed structure. For example, if the voidage in the slice is low in a

ring near the walls of the column and high in an inner circle, then this suggests
that the bed has a coreannulus structure with the bubbles rising up the center
carrying particles up and then the particles moving down the outside of the bed by

a settling type mechanism. The scans can show whether such a structure is
stable, determine its dimensions, and give a great deal of information about the
conditions under which such a structure would exist This type of information
would greatly assist the refinement or development of conventional and CFD
models for fluidized beds.
Conventional fluidized bed modeling for the most part involves the use of
very simplistic models which are then runedmby the addition of hydrodynamic
data to describe the size, velocity and location of the bubbles. This additional
data may come from a theoretical model which is derived from some assumptions
or from empirical data. In either case, there are inevitably some assumptions
which become very questionable in the application. These assumptions may be
that the basis of the model is reasonable, or more likely that the conditions in the
lab which the empirical data come from are a reasonable approximation of the

industrial case, This creates another situation where the various imaging
technologies shown here becomes useful. Quite simply, it is difficult to move
probes around inside a column operating at high temperature or pressure.

However, with the imaging techniques it becomes only a question of whether the
radiation can pass through the column wall in sufficient quantity. This may not be
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possible to do with the current equipment, but higher power X-ray tubes are
available. There is still the difficulty that the conventional models tend to take one
signal number, for example the bubble diameter, as being characteristic over the

entire column. This number will be taken from measurements at one or a few
points and may not be a good overall number. Since the imaging methods take
their measurements over a region of the bed, if not the entire bed, then
characteristic numbers may be measured as distributions over time and location

in the column. This wiil result in better estimates of what the characteristic
numbers may be through the use of laboratory columns running closer to
industrial conditions and wider range of measurements.
Computational modeling of fluidized beds comes out of fluid dynamics.

The CFD or computational fluid dynamics approach is quite conventional in terms
of its theory and application, and has been under development for over two

decades. However, it has not yet achieved a significant amount of application in
industry and currently is almost completely confined to academic work. CFD
does have considerable potential - largely because it is based almost entirely on
fundamental equations. In CFD models of fluidized beds the bed is modeled as

two or more interpenetrating phases, each of which is represented by a continuity
equation and energy and momentum balances. Furthermore, there is a phase
fraction, which must add to one, phase interaction terms and assorted other
equations to relate phase properties; for example, a gas phase will need a PVT
equation. The great advantage is that there is no empirical data supplied - if the
model is set up properly when it runs, it will generate the same hydrodynamics,
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including the bubbles, as the real column exhibits. Since it creates its own
hydrodynamics, it can be used to scale data with great efficiency.
One of the greatest difficulties in designing fluidized beds is that the design
by necessity is based upon data gathered in small columns. However, large

columns do not behave the same as small columns. If one were to consider the

Row conditions which with a given type of particle would produce a bubble 15 cm
in diameter, in both a 15 cm and 150 cm diameter column, it is clear that the data
from the small column will not represent the large one. However, data from a 15

cm column could be used to tune a CFD type model so that running under the
same conditions as the 15 cm column it produced the same hydrodynamics. In
this way, one could be sure that the phase interaction

terms and the various

viscosities were correct, Then the model could be run with 150 cm diameter to

give a good estimate of the large columns performance. In this way, small
column data could effectively be scaled to large columns. Since CFD models can
produce analogs to the data which the imaging techniques deliver, the imaging
methods are ideal for the testing and verification of the CFD models - at least for

the purposes of developing the equations and numerical methods. A further
advantage to using CFD models is in the area of h e operational conditions.

Since operating a laboratory column at industrialconditions, where high pressure
and temperature offen exist and where flammable or explosive fluids are

common, is expensive, the solid phase is often reasonably modeled but the fluid
is usually replaced with air at ambient conditions. However, the fiuid phase terms

CFD models require are typically VLE data and viscosities - which are well known.
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The phase interaction and solid phase viscosity can be explored in a cold
laboratory model and this data then used in a CFD model to predict behaviour
under industrial conditions. This sort of comparison is not possible with the
conventional models - one must assume that the measured hydrodynamics are
the same as the industrial hydrodynamics despite the huge variation in conditions.

Using the X-ray CAT scans with the CFD models is probably the most
difficult task in using the imaging technologies for this type of work. The problem
is that on a fairly short time scale the flow in a fluidized bed is highly chaotic - as
is seen in the difficulties analyzing the pressure data - and the CFD model is
supposed to simulate this. As a result, it is not possible to run the CFD model in

'a way which will absolutely reproduce what the scan looks like. However, it is
possible to analyze a set of CAT scans for a distribution of voidage which is
stable in time and run the CFD model for the same thing. Ideally, these two
distributions will be the same.
The fluoroscopy experiments are a different matter. They can be analyzed
in two different ways. The first, and most similar to what is already in the
literature, is to look at individual bubbles. The bubble size, shape and velocity

can all be determined and compared to the predictions

of the CFD model. The

second way to use the fluoroscopy is to capture a long period of bed flow with it
and analyze the results frame by frame for the bubble characteristics. These can

the be used to calculate distributions of these properties and compared to an
identical simulation from a CFD model- It is a very reasonable assumption that

when the CFD model reproduces the same distributions

of bubble size, shape
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and velocity as a function of positicn and time then the model is correctly tuned to
the "fluidsn in the column. Production of such distributions also makes it possible
to generate better estimates of the characteristic numbers describing the
hydrodynamics in the column which can be used in the conventional models. Ifa
set of experiments were to be carried out over a wide range of conditions such as
column diameter, UD, fluid density and viscosity, then correlations can be
generated which should enable better estimates over a wide range of conditions.
This is of particular concern for this research because particles which are quite
different from what is commonly in the literature are used. Therefore, it is
concluded that while the correlations in the literature are the best to use lacking
anything else, anything else is preferable. In fact, if the interest were only in

trying to find some better correlations for use with conventional modeling, the
fluoroscopy is the only approach one would likely use.

One of the biggest assumptions typically made in the conventional
modeling of fluidized beds is that the solid in the bed may be reasonably
approximated as behaving as a CSTR. The particle tracking experiments clearly
suggest that this is not a good assumption. There is a major problem with the
existing particle tracking at the current time - a statistical data set has not been
obtained. For this several hours of data are needed which at the current time can
not be to provided. Therefore, it can not be claimed that the present results are
truly representative of the behaviour of the solid phase in the column. But

enough can be seen to know that the common assumption is incorrect. In

regards to CFD modeling, a statistical particle tracking experiment should give a
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time stable position distribution of the particle flow - velocity and acceleration.
Such a distribution can be easily obtained from a CFD model by recording the
particle phase velocity fields from each time step. By necessity, a partide
tracking experiment will require a greater period of time than a CFD model

because the particle velocity can only be measured in as many volume cells as
there are marked particles in the column, whereas the CFD model can record
velocities in all cells. Given that at the current time the CFD model takes longer
to run than the experiment this is not a problem. Nonetheless, the results from
these experiments are instructive, and while one can doubt the data on statistical
grounds, it is still better than assuming CSTR behaviour. Some of the current
conventional models for fluidized beds can be modified to take a residence time
distribution for the solid phase so this data can also be used with the conventional
data.
In the present hydrodynamic experiments it was not possible to explain the
increase in the pressure drop across the column with increase in fluid velocity.
However, it was found that it was characteristic of the beds. A careful exploration
of the column and particle properties including extensive column diagnostics was
canied out The minimum fluidization velocity was found and compared to the
theoretical values. These results underlined the need for experimental results for

some of the experimental values were quite different from the theoretical values.
The standard deviations of the pressure signal were used to f nd a change in the

hydrodynamics of the bed. However, at this particular point in the work, the exact
meaning of this flow regime change was not entirely clear. A set of fluoroscopy
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experiments which measure bubble size and shape as a function of fluid velocity
would throw a great deal of light on the exact nature of the flow regime transition
identified,
The auto- and cross-correlations were examined qualitatively and
quantitatively. Very little can be concluded directly from the qualitative
examination other than that the system is quite complex. The quantitative results
did give some interesting ;esults.

The frequency of major fluctuations as determined from the autocorrelations shows some interesting patterns. In a few cases we found high
frequency fluctuations on the order of 20 to 30 Hz. However, because of the
sampling frequency, the fluctuation frequency could not be accurately
determined. In any case, this high frequency was not measured in most of the
data. This is likely the result of other signals being stronger as using correlations
to find frequency should only give the frequency of the strongest signal. Use of
power spectral densities should allow the determination of all significant
frequencies. Unfortunatelythis approach had to be abandoned in this work

because of the complexity of the data. Sampling at higher frequency may have
helped this problem as well. At lower frequency, two different frequencies were
discovered. There was one major frequency of roughly 1 Hz found in the main
part of the bed whereas there was another of roughly 2 to 3 Hz in the bottom of

the bed. it seems reasonable to associate the lower frequency signal with the

passage of bubbles or slugs in the fully developed flow and the higher frequency
with the formation of bubbles on the distributor or the passage of many more

270

smaller bubbles in the entrance region of the bed. In most cases, the frequency
decreases with increase in fluid velocity. The frequency of the major fluctuation is

a major function of the UD ratio and a lesser function of the particle.
Some of the more interesting results from the frequency analysis comes
from the calculation of the velocity of the pressure waves from the crosscorrelations. Many of the plots show significant signals with v,elocities of roughly 7

mls. This is not unreasonable as pressure wave velocities of 10 m/s have been
measured. However, these fast pressure waves are not associated with the
passage of bubbles, they are associated with a standing wave or "pipe organn
model. The plots also show a great deal more data in the range of 80 to 100

cmls of pressure wave velocrty. This is clearly the passage of bubbles or slugs.
It is clear that there are at least two different modes of pressure waves traveling in

the column at the same time. Interestingly, the velocities are fairly constant
whereas the frequency of the fluctuation is decreasing. This suggests that the
bubble or slug veloaty is constant but that as the fluid flow increases the bubbles
or slugs increase in size to that they take longer to pass the tap, resulting in the
appearance of a reduced frequency with increase in fluid flow.
One of the most remarkable things to appear in the frequency analysis is
the nature of the line fitted through the frequency of major fluctuation data. The
data tends to fall onto this line near where the flow regime was found by the

analysis of the standard deviation of the pressure signal. From the fact that the
frequency stays on that line to the highest ff uid velocity run, and from observation
that at high velocity the column was clearly slugging, it can then be concluded
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that the change in Row regime identified by standard deviation is the change from
bubbling to slugging. It would be very interesting to repeat these experiments in
the fluoroscope to determine what the bubble size relative to the column diameter
is which causes this change to occur.
There is a great deal of experimental work and analysis of data which can
still be done:
Calculate the differential pressure signals
calculate mean and standard deviation and compare to flow regime
•

calculate auto- and cross-correlations
analyze correlations of differential signals

•

Carry out a set of CAT scan, fluoroscopy and particle tracking experiments
for statistical data with all four solid samples and 3 UD ratios
Further development of CFD models
Compare the frequency and velocity data to current models in the literature
for standing wave, bubble size, velocity bubble number frequency

References
1.J. Holoboff, 'Characterization of Fluidized Beds Using Computer Assisted
Tomography", MSc. Thesis, University of Calgary, 1994

P.Svoboda, K., Cermak, J., Hartman, M., Drahos, J., Selucky, K., 'Pressure
fluctuations in gas-fluidized beds at elevated temperaturesn, lnd and Eng Chem
Process Des and Dev, 22, pp. 514-520,1983
3.Chong, Y. O., O'Dea, D. P., White, E. T., Lee, P. L-, Leung, L. S., "Control of
the quality of fluidization in a tall bed using the variance of pressure fluctuations",
Powd Tech, 53, pp. 237-246, 1987
4.Yerushalmi, J., Turner, D. H., Squires, A. M., "The fast fluidized bedn, ind and
Eng Chem Process Des and Dev, 15(1), pp. 47-53.1976
5.Hong, S.C.,Jo, B. R., Doh, D. S., Choi, C.S., "Determination of minimum
fluidization velocity by the statistical analysis of pressure fluctuations in a gassolid fluidized bed", Powd Tech, 60, pp. 215-221, 1990
G.Puncochar, M., Dvahos, J., Cermak, J., Selucky, Chem Eng Commun, 35, pp.
81,1985

7.Foscol0, P. U., Felice, R. D., Gibilaro, L. G., T h e pressure field in an
unsteadystate fluidized bed", AlChEJ, 35(12), pp. 1921-1926, 1989
8.Baskakov, A. P., Murdrichenko, A. V., Filippovskii, N. F.,"On the mechanism of
pressure pulsations in a bubbling fluidized bedn,J Engng Phys Themophys,
66(1) , pp. 30-33, 7994
9.Song, J. C., Fan, L. T., Yuntani, N., "Fault detection of the fluidized bed
distributor by pressure fluctuation signal", Chem Eng Comm, 25, pp. 105-116,
1984
1O.Grace, J. R., "High-velocity fluidized bed reactors", Chem Eng Sci, 45(8), pp.
1953-1966,1990
1i.Berruti, F., Scott, D. S., Rhodes, E., 'Measuring and modeling lateral solid
mixing in a three-dimensional batch gas-solid fluidized bed reactor", Can J Chem
Eng, 64, pp. 4856,1986

lZ.Bakker, P. J., Heertjes, P. M., 'Porosity measurements in a ff uidised bed", Br
Chem Eng, 3, pp. 240-246,1958

13.Yarnazaki,M., Fukuia, K, Li, Y.-H., Tokumoto, J.-I., "Distribution of porosity of
emulsion phase and its effect on conversion in a fluidized bedn, J Chem EngJap,
21(I), pp. 47-56, 1988
ICBakker, P. J-, Herrtjes, P. M., "Porosity distn'butions in a fluidized bed",Chem
Eng Sci, 12, pp. 260-271, 1960
15.Wittmann. K., Helmrich, H., Schugerl, IC, "Measurements of bubble properties
in continuously operated fluidized bed reactors at elevated temperatures", Chem
Eng SC~,
36(10), pp. 1673-1677, 1 981

lb.Schweinzer, J., Molerus, O.,"Bubble flow in pressurized gaslsolid fluidized
beds", Pad Sci Technol, 6, pp. 285-304, 1988
17.Louge, M., Chang, H., "Pressure and voidage gradients in vertical gas-solids
risersn,Powd Tech, 60, pp. 197-201, 1990
lB.Louge, M., Lischer, D. J., Change, H., "Measurements of voidage near the
wall of a circulating fluidized bed riser",Powd Tech, 62, pp. 269-276, 1990
W.-G., Zhu, J.-X., Jun, Y., Yu, Z.-Q., Wang, 2.-W., Zhou, J., 'Radial
nonuniforrnity of flow structure in a liquid-solid circulating fluidized bedn, Chem
Eng SC~,
Sl(lO), pp. 2001-2010

. lS.Liang,

20.Gunn, D. J., Hilal, N., 'The expansion of gas-fluidized beds in bubbling
fluidisation", Chem Eng Sci, 52(16), pp. 28 11-2822, 1997
21.Miller, A., Gidaspow, D., "Dense, vertical gas-solid flow in a pipen, AIChEJ,
38(11), pp. 1801-1875, 1992
PP.Patience, G. S., Chaouki. J., "Gas phase hydrodynamics in the riser of a
circulating fluidized bedn, Chem Eng Sci, 48(18), pp. 3195-3205, 1993

23.Marlir1,M. P.,Turiier, P., Bernard, J. R., Wild, G., "Gas and solid behavior in
cracking circulating fluidized bedsn,Powd Tech, 70, pp. 249-258, 1992
24.Fan, L.T., Lee, C.J., Baile, R. C., "Axial solid distribution of gas-solid fluidized
bedsn,AIChEJ, 8(2), pp. 239-244, 1962

25.Geldart, D., "The expandion of bubbling fluidized bedsn, Powd Tech, I,pp.
355-368, 1967168
26.Zhang, W., Tung, Y., Johnsson, F.,"Radial voidage profiles in fast fluidized
beds of different diameters", Chem Eng Sci, 46(12), pp. 30413052, 1991

2?.Tung, Y., Li, J., Kwauk, M., "Radial voidage profile in a fast fluidized bed", in
Fluidriatian ( Ed. M. Kwauk and D. Kunii), pp. 139-145, Science Press, Beijing,
1988
28.Farag1H. I.,Ege, P. E., Grislingas, A., De Lasa,H. I., "Flow patterns in a pilot
plant-scale turbulent fluidized bed reactor: concurrent application of tracers and
fiber optic sensorsn, Can J Chem Eng, 74, pp. 851-860, 1997
29.Yoshioka, S., Tomuro, J., Miyamoto, T., Horato, M., Hirata, A., "8ehavior of
bubbles in a 0.96 m Diameter Fluidized bed", Bulletin of Science and
Engineering Research Laboratory Waseda Univemiiy no. 106, pp. 18-25,1984
30.EI Halwagi,M. M., Gomezplata, A*, "An investigation of solids distribution,
mixing, and contacting characteristics of gas-solid fluidized beds", AIChEJ, 13(3),
pp. 503-512, 1967
31.Huang, Y. W., Fan, L. T.. Song, J. C.,Yutani, N., "Pressure fluctuations in a
gas-solid fluidized bed with a screen", ind and Eng Chem Process Des and Dev,
25, pp. 284-289, 1986

32.Stein, M., Seville, J., Parker, D., Allen, D.. Dee,P., "Solids motion in fluidised
beds in the presence of an immersed cylinder", World Congress on Particle
Technology, 3, 206
33.Yashima. M., Nassar, R., Fan, L. T., Kang, Y., "Stochastic modeling of
pressure fluctuations in a three-phase fluidized bed", AlChEJ, 38(4), pp. 629634,1992
34.Xu, G., Nomura, K., Bai, Y., Sun, G.,Nakagawa, N., Li, J., Kato, K.,
"Characteristics of pressure with respect to heterogeneous flow structure in
fluidized bedsn, J Chem Eng Jap, 31(Z), pp. 236-243, 1998

35-Winter, O.,"Density and pressure fluctuations in gas fluidized beds". AlChEJ.
14(3), pp. 426-434, I968
36.Bi, H. T., Grace, J. R., "Radial pressure differences and their fluctuations in
dense fluidized bedsn,Chem Eng Sci, 51(4), pp. 663-665,1996
3?.Yates, J. G., Rowe, P. N., Cheesman, D. J., "Gas enter effects in fluidized
bed reactors". AlChEJ, 30(6), pp. 890-893, 1984
38.Satijat S., Fan, L.S., "Characteristics of slugging regime and trandition to
turbulent regime for fluidized beds of large coarse particlesn,AlChEJ, 31(9), pp.
1554-1562,1985

39.Baeyens, J., Geldart, D., "An investigation into slugging fluidized bedsn, Chem
Eng Sci, 29, pp. 255-265, 1974
40.Stewart, P. S. Bel Davidson, J. F., Powd Tech, I,pp. 61, 1967
4l.van der Schaaf, J, Schouten, J. C., van den Bleek, C. M., "Origin, propagation
and attenuaticn of pressure waves in gas-solid fluidized beds", Powd Tech, 95,
pp. 220-233,1998
42.Svenssont A., Johnsson, F., Lecher, B., "Fluidization regimes in nonslugging fluidized beds: the influence of pressure drop across the air distributor,
Powd Tech, 86, pp. 299-312,1996
43.Davidson, J. F., lnst Chem Eng Symp Ser, 30, pp. 3, 1968
M.Shollenberger, K. A*, Torczynski, J. R., O'Hern, T. J., "Investigation of a
pressure-fluctuation technique to determine hydrodynamic behavior in a bubble
co!umnn, Proceedings of FEDSM198,1998 ASME Fluids Engineering Division
Summer Meeting, June 21-25, 1998, Washington, DC, FEDSM98-5059
45.Nelson, B. H., Briens, C. L., Bergougnou, M. A., "Pressure fluctuations at
individual grid holes of a gas-solid fluidized bedn,Powd Tech, 77, pp. 95-102,
1993
46.Kang, W, K, Sutherland, J. P.. Osberg, G. L., "Pressure fluctuations in a
fluidized bed with and without screen cylindrical packingsn,lnd & engng Chem
Fundam, 6(4), pp. 499-504,1967
47.Kage, H., Iwasaki, N., Yamaguchi, H., Matsuno, Y., "Frequency analysis of
pressure fluctuations in fluidized bed plenumn,J Chem EngJap, 24(1), pp. 7681,1991

48.Moritomi. H., Mori, S., Araki, K., Moriyama, A., Kagaku Kogaku Ronbunsha,
6, pp. 392, 1980

49.He, t,
Zhang, D., Chen, B., Zhang, W., 'Pressure-fluctuation analysis of a
gas-solid fluidized bed using the Wigner Distribution", AlChE J,43( 2), pp. 345356, 'I997

50.L T. Fan, Ho, T.-C., Walawender, W. P., "Measurements of the rise velocities
of bubbles, slugs and pressure waves in a gas-solid fluidized bed using pressure
fluctuation signals", AlChE J, 29(1), pp. 33-39, 1983
StDavidson, J. F., Paul, R. C., Smith, J. S., Duxbury, H. A*, The rise of bubbles
in a fluidized bed", Tiand inst chem Engns, 37, pp. 323,1959

52.Davidson1 J. F., Harrison, D., Fluidization, Academic Press, Inc., New York,
NY, 1971
53.Davidson, J. F., Harrison, D., Fluidized particles, Cambridge University Press,
New York, NY, 1963
54.0rmiston, R. N., Mitchell, F. R. G., Davidson, J. R., 'The velocities of slugs in
fluidized beds*, Tmnd lnst Chem Engrs, 43, pp. 209,1965
55.Matsen1J. M., Hovmand, S., Davidson, J. F., "Expansion of fluidized beds in
slug flow", Chem Eng Sci, 24, pp. 1743, 1969
56.Darton, R. C., Lanauze, R. D., Davidson, J. F., Harrison, D.. "Bubble growth
due to coalescence in fluidized beds", Tmnd Int Chem Eng, 55, pp. 274,1977
57.Fan, Z., Chen, G. 1..Chen, 6. C., Yuan, H., "Analysis of pressure fluctuation
in a 2-D fluidized bed", Powd Tech, 62 pp. 139-145, 1990
58.Fan1 L.-S., Satija, S., Wisecarver, K., 'Pressure fluctuation measurements

and flow regime transitions in gas-liquid-solid fluidized beds", AIChEJ, 32(2), pp.
338240,1986
59.Fan, L. T., Ho. To-C.,Hiraoka, S., Walawender, W. P., "Pressure fluctuations
in a fluidized bedn,AIChEJ, 27(2), pp. 388-396, 1981
GO.Verloop, J., Heertjes, P. M., "Periodic pressure fluctuations in fluidized bedsn,
Chem Eng Sci, 29, pp. 10351042,1974
61.Choi, J.-H., Son, J.-E., Kim, S.-D., "Generalized model for bubble size and
frequency in gas-fluidized bed", lndEng Chem Res, 37, pp. 2559-2564,1998
62-Miwa, K-, Mori, S., Kato, T., Muchi, I., "Behavior of bubbles in a gaseous
fluidized bedn, int. Chem. Eng., 21, pp. 187-194, 1972
BhClarke, N. N., Mckenzie, E. A., Gautam, M., "Differential pressure
measurements in a slugging fluidized bed", Powd Tech, 67, pp. 187-199, 1991
64.Bi. H. T., Grace, J. R., Zhu,J., "Propagation of pressure waves and forced
oscillations in gas-solid fluidized beds and their influence on diagnostics of local
hydrodynamicsn,Powd Tech, 82 pp. 239-253.1995

65.Roy, R., Davidson, J. F., Tuponogov, V. G.,The velocity of sound in fluidized
bedsn, Chem Eng Sci, 45(11) , pp. 3233-3245, 1990
66.Gregor, W., Rumpf, H., The attenuation of sound in gas-solid suspensions",
Powd Tech, 15, pp. 43-51. 1976

67.Ryzhkov, A. F., Tolmachev, E. M., TheoM. Found. Chem. Eng., 17, pp. 140,
1983
68.Win1K. K., Nowak, W., Matsuda, H.. Hasatani, M., "Pressure fluctuations in a
multi-solid fluidized bedn,J Chem Eng Jap, 27(2), pp. 152-157, 1994

69.Chehnouni. A., Chaouki, J., Guy, C., Klvana, D.,"Characterization of the flow
transition between bubbling and turbulent fluidization", indEng Chem Res, 33(8),
pp, 1889-1896,1994
70.Brereton, C. M. H.,Grace, J. R., "The transition to turbulent fluidizationn,
Trans insf Chem Eng, 70, part A., pp. 246-251, 1992
71.Bi, H. T., Grace, J. R., "Effect of measurement method on the velocities used
to demarcate the onset of turbulent fluidizationn, Chem Eng, 57, pp. 261-271,
1995

72.Foscol0, P. U., Gibilaro, L. G., "A fully predictive criterion for the transition
between particulate and aggregate fluidizationn, Chem Eng Sci, 39(12) pp. 16671675,1984

z.,

73.Ping1 C., Yong, Y. '~hanwen,W., 'A criterion for translion form bubbling to
turbulent fluidizationn,J Chem lnd and Eng(China), 2(2), pp. 234-244, 1987
74.Lee1G. S., Kim, S. D.,"Bed expansion characteristics and transition velocity
in turbulent fluidized bedsn,Powd Tech, 62, pp. 207-21 5, 1990

75.Formisani. B., De Cristofaro, G., "An experimental study of the stability of the
mixing stat of two-component fluidized beds of particles", World Congress of
Particle Technology 3,209
76.Marzocchella1A., Salatino, P., "Pressure effects on the dynamics of fluidized
bedsn,World Congress on Particle Technology, 3,
n.Saxena, S. C., Rao, N. S., Zhou, S. J., "Fluidization regime delineation in gasfluidized bedsn,AlChE Symp ser, 86(276), pp. 95-103, 1990
78.Saxena. S. C., ~ a r h aV.
, L, "Heat Transfer to Immersed Surfaces in
Gas-fluidized Beds of Large Particles and Powder Characterizationn,Powd Tech,
38, pp. 199-208,1984
79.Leu. L.-P., Lan, C;-W., "Measurement of pressure fluctuations in twodimensional gas-solid fluidized beds at elevated temperatures", J Chem Eng
Jap, 23(5), pp. 551562,1990

80.Svoboda. K., Cermak, J., Hartman, M., Drahos, J., Selucky, K.," Pressure
Fluctuations in Gas-fluidized Beds at Elevated Temperatures", lnd Eng Chem
Pmc Des Dev, 22, pp. 514-520,1983
81.Sadasiva1-1, N., Barreteau, D., Laguerie, C., Powd Tech, 26,67, 1980
82.Lee. G. S., Kim, S. D., "Pressure fluctuations in turbulent fluidized beds",J
Chem Eng Jap, 21(5), pp. 515-521, 1988
83.Clark, N. N., Seiss, R., Turton, R., "Inferring bubble sizedistributions from
resistance probe measurements in gas-liquid, gas-slurry and three-phase
systems", ? international Symposium on Liquid-Solid Flows, 1975, pp. 18 1-187
84.Choi, Y. T., Kim, S. D., "Bubble characteristics in an internally circulating
fluidized bedn,J Chem Eng Jap, 24(2), pp. 195-202. 1991

85.Van Lare, C. E. J., Piepers, H. W., Schoonderbeek, J. N., Thoenses, D.,
"Investigation on bubble characteristics in a gas fluidized bedn, Chem Eng Sci,
52(5), pp. 829-841, 1997
86.Chiba, T., Terashima, K., Kobayashi, H., "Behaviour of bubbles in gas-solid
fluidized beds: initial formation of bubblesn, Chem Eng Sci, 27, pp. 965-972,
1972
87.Wayne. W. S., Clark, N. N., Gautam, M., "Pressure field measurement in a
bubbling fluidized bedn,Powd Tech, 76, pp. 337336, 1993
88.Sitnai. O.,"Utilization of the pressure differential records from gas fluidized
beds with intemais for bubble parameten determination", Chem Eng Sci, 37( 7),
pp. 1059-1066,1982

89.Ramayya, A. V., Venkateshan, S. P., Kolar, A. K., "Estimation of bubble
parameters from differential pressure measurements in gas-fluidized bedsn,
Powd Tech, 87, pp. 113-126, 1996
90-Xu, B. H., Yu, A. B., Chew, S.J., Zulli, P., 'Microdynamic study of the gassolid flow in central and uniform jet fluidized bedsn. World Congress on Particle
Technology 3,212

91.Hyndman, C.L, Guy, C., 'Gas phase flow in bubble miumns: a convective
phenomena", Can J Chem Eng, 73, pp. 426-434.1995
92.Devanathan, N., Dudukovic, M. P., Lapin, A., Lubbert, A*, "Chaotic Row in
bubble column reactorsn, Chem Eng Sci, 50(16), pp. 266102667, 1995

93.Valenzuela, J. A., Glicksman, L. R., "Gas flow distribution in a bubbling
fluidized bedn, Powd Tech, 44, pp. 103-113, 1985
94.Burgess, J. M., Calderbank, P. H., "The measurement of bubble parameters
in two-phase dispersions - In,Chem Eng Sci, 30, pp. 743-750, 1975
05-Abanades,J. C.,Atares, S.., "Investigation of solid mixing in a deep fluidised
bed of coarse particles by image analysis", World Congress of Particle
Technology 3,211
96.Gilbertsor1, M. A., and Yates, J. G., The bubble bursting: the effect of
pressure on jet of bubbles in a fluidized bedn, World Congress on Particle
Technology, 3, 208
97.Hatan0, H., Khattab, I. A. H., Nakamura, K., Ishida, M., "Spatiotemporal
measurement of bubble properties in free-bubbling fluidized beds", J Chem Eng
Jap, 19(5), pp. 425-430, 1986
Q8.KuniiI D., Levenspiel, O., Fluidization Engineering, 2"* Ed., ButterworthHeinemann, Toronto, 1991
QQ.Huda,W., Slone, R., Review of radiologic physics, pp. 79-86, 96-101,
Williams & Wilkins, 1995

100.Fan, Li, Masters Thesis, University of Calgary, 2000 (To Be Presented)
101.Castellana, F. S., Duddley, B. A*, "Imaging of particle motion in fiuid-solid
systems using a gamma gameran, Chem Eng Commun, 29, pp. 113-123, 1984
?02.Sorenson, J. A., Phelps, M. E., Physics in Nuclear Medicine, 2ndEdition,
300, Saunders Co., Philadelphia, PA, 1987
103.Holobofft J.. Kantzas, A., Kalogerakis, N., "Utilization of computer assisted
tomography in the determination of the spatial variability of voidage in a gas solid
fluidized bedn, Ffuidkation Vlll, Tours, France, May 14-19, pp. 295 1995

lW.Kantzas, A*, Kalogerakis, N., "Monitoring the fluidization characteristics of
polyolefin resins using X-ray computer assisted tomographic scanning", 14m
International Symposium on Chemical Reactor Engineering. (ISCRE 14),
Brugge, Belgium, May 5-8, 1996, Chem Eng Sci, Sl(1 O), pp. 1979-1990, 1996
105.Lutran. P. G., Ng, K. M., Delikat, E. P., "Liquid distribution
in trickle beds, an
experimental study using computer assisted tomography", lnd Eng Chem Res,
30, pp. 1270-T275, 1991

lOG.Toye, D., Marchot, P., Crine, M., L'Homme, G.,The use of large scale
computer assisted tomography for the study of hydrodynamics of trickling filtersn,
Chem Eng Sci, 49(24b), pp. 5271-5280, 1994
107.Toye, D., Marchot, P., Crine, MI CHomme, G,"Analysis of liquid flow
distribution in trickle bed reactor using computer assisted tomography", in
Process Tomography 1995, Implementation for Industrial Processes,M. S. Beck
et a!. editors, Bergen, April 6-8, 1995
108.Yates, J. G., Simons, S. J. R., "Experimental methods in fluidization
research", lnt. J. Multiphase flow, ZO(Suppl.), pp. 297-330, 1994
1OQ.Quaiattini, B.,"Process Research and Development Supporting Novacor's
Gas Phase Polyethylene Technologyu,Can. Chem. News, 46(6), pp. 14, 1994
1lO.Kantzas, A.,"lnvestigation of Physical Properties of Porous Rocks and Fluid
Flow Phenomena in Porous Media Using Computer Assisted Tomography.", In
Situ., 14(1), pp. 77, 1990

111.Kantzas, A.,"Computation of Holdups in Fluidized and Trickle Beds by
.Computer-AssistedTomography", Af ChE J., 40(7), pp. 1254, 1994
1l2.Kantzas1A., Wright, I., Kalogerakis, N., "Quantification of channeling in
polyethylene resin fluid beds using X-ray computer assisted tomography (CAT)",
Frontiers in Industrial Process Tomography, San Luis Obispo, California, Oct. 29
- Nov. 3, 1995, Chem Eng Sci, 52(13), pp. 2023-2035, 1997
I13.Larachit F., Chauki, J., "3-0 mapping of solids flow fields in multiphase
reactors with RPT", AlChE J., 41(2), pp. 43943, 1995
114.Moslemian, D., Devanathan, N., Dudukovic, M., 'Radioadive particle
tracking technique for investigation of phase recirculation and turbulence in
multiphase systems", Rev Sci Instrum, 63(1O), pp. 4361-4372, 1992

115.Seville, J. P. K., Broadbent, C. J., Martin, T.W., Parker, J. D., Beydon, T. D.,
"Particle velocities in gas fluidked beds", Fluidization VII, J. F. Large and C.
Larguiere, Editors, AIChE, Engineering Foundation, 1996
116Hamiltont K., Wright, I., Zarabi, T.. Kantzas, A., "A novel method for particle
tracking using single photon emission computed tomography and radioactive
tracers", Provisional Application, 1997
1I f .Hamilton, KtWright, I.,Zarabi, T., Kantzas, A, "Applications of single
photon emission computer tomography (SPECT) in flow visualization and particle
tracking",presented at the 47m Canadian Chemical Engineering Conference,
Westin Hotel, Edmonton, AB, October 58,1997

118.Newton, D., Jones, D. M., FIuidization VIIl, 467, 1995
1Ig.Durand, D.,Llinas, R., Newton, D. A., Fluidization VIII, 923,1995
lZO.MacCuaig, N., Sevile, J. P. K., Gilboy, W. B., Clift, R.,"Application of
gamma-ray tomography to gas fluidized bedsu,Applied Optics, 24(23), pp. 40834085,1985
121.Kantzas, A., Wright, I., Bhargava, A., Hamilton, K., "Combinationof
conventional pressure measurements, computer assisted tomography, X-ray
imaging and radiioadve particle tracking in gas-solid fluidized bedsn,submitted
Chemical Engineering Science, 1998, Poster Presentation lSCRE 15, Hyatt
Newporter, Newport, California, September 13-16, 1998.
122.NumericaI Recipes in Fortran, 2ndEd., W. H. Press, W. T. Vetterling, S. A.
Teukolsky, B. P.Flannery, Cambridge University Press, Cambridge, 1992

