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Abstract 

X-ray fluoroscopy was used to produce images that showed the behavior of bubbles in a

laboratory scale gas-solid fluidized bed reactor, used for the production of polyethylene. 

Software was developed and validated to identify and track the bubbles from image frame to 

image frame. Properties such as the bubble diameter, and axial velocity were obtained and 

compared with correlations by Werther (1978), and Kunii and Levenspiel (1991). Several 

parameters were varied to determine the sensitivity of the software, and determine if trends, 

resulting from the variation of the parameters, such as superficial gas velocity, settled bed 

height and mean particle size, matched those obtained by other researchers in literature. 

The second part of the research was to determine if a commercial computational fluid 

dynamic package Fluent 6.0.20 could simulate the behavior of bubbles. Using a Eulerian

Eulerian model, a parametric study was conducted to determine the effect of input variables, 

closing equations and solution techniques on the bubble properties. It was determined that 

the effective solid viscosity, calculated using the kinetic theory of granular flow played an 

important role in determining the bubble properties. While the bubble diameters of the 

experiments and simulations were comparable, the bubble axial velocities for the simulation 

were considerably higher. 

In general, it was found that the behavior of polyethylene particles in a gas-solid fluidized 

bed reactor did not conform exactly to theory, and as a result, is worthy of extended studies 

to determine the properties that govern its behavior. 
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1 

Chapter 1 

Introduction 

Fluidization is the operation by which solid particles are transformed into a fluid-like state, 

through suspension in a gas or liquid (Kunii and Levenspiel, 1991). As air passes upward, 

through a bed of solids, changes occur. At low flow rates, the air percolates around the 

solids, and the bed is referred to as a fixed bed. As the velocity increases, the particles 

vibrate, with some moving into restricted spaces. This is termed an expanded bed. 

Increasing the gas velocity will result in the particles being suspended due to inter-phase 

frictional forces. This velocity, when the particles are just suspended, is referred to as 

minimum fluidization, where the surface and body forces on the particles are balanced with 

the frictional forces of the upward moving gas. At increased velocities, the particle bed 

expands and bubbles start to form. At this stage, the bed is fully fluidized and takes on the 

appearance of boiling liquid. Heavy objects will sink in the bed, and light objects will float 

to the surface. The bed behaves as a liquid, and like a liquid, the surface remains horizontal 

when the bed is tilted. This research focuses on the development of an experimental 

technique to compare the bubble properties of a laboratory scale gas-solid fluidized bed 

reactor, used for the production of polyethylene, with those obtained from computational 

fluid dynamics. 

Due to the contact between the solid and gas, these reactors are ideal for processes that 

require contact between phases. These reactors find many applications: coating, drying, 

adsorption, and catalytic reaction, to mention a few (Kunii and Levenspiel, 1991 ). Despite 

their widespread use, and the large amount of literature dealing with these reactors, they are 

not fully understood. As a result, many of the design criteria used for these reactors are 

empirical. Also, there are problems when scaling these reactors. Because most of the 

research is conducted on laboratory scale reactors, some people question the usefulness of 

these results (Newton, 1994). Yet, despite the criticism of laboratory scale data, this data 

remains one of the only means for validating computational fluid dynamic models, which is 
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an emerging technique necessary for scale-up, design, or optimization (van Wachem et al. 

2001). 

There are many interesting properties that can be measured in these reactors, pressure, 

particle movement, and bed voidage to mention a few. However, the flow of gas, whether in 

the form of bubbles or emulsion, is one of the most important factors determining the 

behavior of a fluidized bed (Yates and Simons, 1994). The word used in literature to 

describe these gas voids in the reactor is "bubbles." However, they are not bubbles in the 

classical sense. Bubbles occur in gas-liquid systems, and possess a surface tension while 

gas-solid bubbles do not. While the center of a gas-liquid bubble is devoid of any liquid, in a 

gas-solid bubble particles rain down from the roof and as a result the center of the bubble 

contains some particles. These differences have created many problems when describing 

bubbling fluidized beds, and there is little agreement on the instabilities that cause bubbling 

in gas-solid fluidized beds. 

Many design parameters, in gas-solid fluidized bed reactors, require a knowledge of the 

bubble diameter. The mass and heat transfer coefficients of Davidson and Harrison (1963); 

Kunii and Levenspiel (1969); Sit and Grace (1981 ); and Peters et al. (1982) in Hatzantonis et 

al. 2000, all require the bubble diameter and are important design equations. As a result, 

many attempts have been made to understand the behavior of the gas phase, in particular, the 

"two-phase" theory of Toomey and Johnstone (1952), the Davidson theory for bubble 

movement (1961), and Geldart's classification (Appendix A) of fluidized particles (1973). 

In a catalytic gas-solid fluidized bed reactor (similar to the one used for the production of 

polyethylene), bubbles have both advantages and disadvantages. The advantages are that the 

flow of gas and bubbles allow for rapid solid mixing and near isothermal conditions, since 

the flow of gas allows for the removal or addition of heat easily and efficiently. The most 

important disadvantage is that the bubbles have a poor mass transfer coefficient and they 

represent pockets ofun-reacted gas. 



3 
Early work on visualizing bubbles centered on two-dimensional columns, which are narrow 

rectangular boxes. However, due to the narrow width, wall effects are considerable and the 

applicability of the results to a three dimensional column is questionable. While the 

emphasis shifted to developing experimental techniques to determine the properties of 

bubbles in cylindrical columns most of the data available in open literature is a result of 

studying a limited number of bubbles. Often experiments are conducted using probes 

inserted into the column, which disturbs the shape of the bubbles. While non-intrusive 

techniques have been developed to study the behavior of the gas phase, they have not been 

applied to a large quantity of bubbles to determine their bulk properties. 

While there is considerable literature dealing with the behavior of these reactors, only 

recently has there been an interest in using computational fluid dynamics to determine the 

flow. In part this is due to the increased performance of computers. Over the past fifty years 

there has been considerable advancement in computer performance, however, in order for the 

simulations to become fully predictable, considerably more experimental results are needed 

to validate the numerical results. 

The focus of this research can be broken into two parts: experimental and simulation. Due to 

the limited amount of information in literature dealing with the measurement of bubble 

properties, and the smaller amount of information on bubble properties for low density 

particles, laboratory measurements were needed. Not only were new measurements needed, 

but a new technique needed to be developed that could capture and analyze a statistically 

relevant number of bubbles. The result was an experimental system, x-ray fluoroscopy 

(Curry et al. 1990), that can capture real time footage of bubble movement, and software that 

can analyse this data. The number of bubbles studied is approximately 10,000 for each run. 

In comparison the average number studied in current literature is a few hundred. In addition, 

this experimental work can be used as a tool to compare with the results obtained from 

computational fluid dynamics, using Fluent 6.0.20. While other parameters can be used, 

bubble size and velocity provided a good basis for comparison of process conditions and 

model parameters. 
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The goal of the research is to provide and validate an experimental tool that can be used to 

determine the properties of bubbles under different reactor conditions, with the ultimate goal 

of the research to determine if computational fluid dynamics models can correctly predict the 

flow of bubbles in these systems. As such, the chapters in this thesis will deal with the 

following topics: 

Literature survey. 

Development of experimental technique. 

Development and validation of software to analyze experimental data. 

Determining bubble properties for a laboratory scale reactor, using polyethylene as 

the solid phase. 

Description of the multiphase model used in the simulations. 

Parametric study and validation of the CFD multiphase model. 

Comparison of experimental with simulation results using polyethylene as the solid 

phase. 

Conclusions and recommendations. 

It is hoped that this effort will stand on its own, as well as provide a tool for future efforts on 

understanding the phenomena of fluidization. 
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Literature Review 
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The hydrodynamics of gas-solid fluidized bed reactors have been studied usmg many 

different techniques. Since the focus of this research is the behavior of bubbles using x-ray 

fluoroscopy, this section will focus on literature that deals with determining bubble 

characteristics or gas dynamics. Broadly speaking, these methods can be divided into 

intrusive and non-intrusive techniques. The intrusive techniques are ones where a measuring 

device is placed in the reactor bed to measure properties. The major disadvantage with this 

technique is that, by placing an object in the reactor, the flow field is disrupted (Rowe and 

Masson, 1981 ). In addition, these measurement techniques give point properties and in 

polymerization reactors these probes can be nucleation sites. While these techniques work 

well at ambient conditions, at elevated temperatures and pressures some of the techniques 

break down. Devices included in this category are optical, capacitance and pressure sensors. 

Non-intrusive techniques do not disturb the flow field since the measurement device lies 

outside the reactor. These techniques include x-ray radiology, gamma-ray attenuation, wall 

pressure measurements and capacitance imaging (a detailed review of non-intrusive 

techniques is provided by Chaouki et al. 1997). This section gives a brief overview of the 

different techniques used to determine bubble properties. Because bubble diameters and 

velocities are the main properties determined in this study, correlations that predict these 

properties will be outlined in this section. Lastly the state of the art in computational fluid 

dynamic (CFD) modeling of gas-solid fluidized bed reactors will be discussed. 

2.0 Probes and Sensors 
This section will examine some of the intrusive techniques used to study the behavior of the 

gas phase and bubbles. These include optical, capacitance and pressure sensors. 
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2.1.1 Optical Sensors 

One of the earliest uses of optical probes was reported by Yasui and Johanson (1958), who 

used a 3.175 mm diameter tungsten filament lamp coupled to a 2.38 mm O.D. metal tube to 

study bubble properties. Facing the lamp was a mirrored glass prism centered at the end of a 

4 mm diameter clear quartz tube, which was wrapped in tin foil. Two of these probes were 

placed in the reactor, one on top of the other. In theory when a bubble fills the space 

between the lamp and prism, light is transmitted to the prism and reflected through the quartz 

rod into a phototube. In this phototube, the light was converted into an electrical signal and 

recorded on the moving chart of an oscillograph. Since the distance between the probes was 

known, the bubble velocities could be determine based on the lag of the electrical pulses. 

This technique did not provide information on the absolute bubble size. However, the 

relative size (whether the bubbles became larger or smaller with a change in process 

conditions) of the bubbles could be determined at different bed heights by comparing the 

relative size of the peaks created by the oscillograph. It was concluded that the bubbles 

increase in velocity and size at increasing bed heights. Similar results were obtained from 

Put et al. (1973) who used a single light source opposite a photodiode and monitored the 

bubble flow in a bubbling bed. 

Using the same concept, Whitehead and Young (1967) constructed a probe that consisted of 

a 14 x 14 array of the above mentioned probes to cover an area of 0.68 m2
. While the 

resolution of the probes was coarse, the authors did acquire information on bubble tracks 

within the bed. A similar array of optical probes was used by Hatano et al. (1986) to study 

bubble shapes and frequency as well as gas holdup. Others have also studied the movement 

of bubbles using optical probes. Goddard and Richardson (1968) measured, in a 4 in. 

diameter tube, the properties of bubbles using two 500-watt flood lamps and a cine camera. 

In all, they examined 194 bubbles and studied their shape, velocity and diameter. 

Yates and Simons (1994) concluded that, in general, light sensors have not proved as 

effective as other techniques for measuring the properties of bubbles in fluidized beds. 

However, they have proved useful in measuring the properties of solid movement. 
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2.1.2 Capacitance Sensors 

In theory, the dielectric constant of a gas-solid suspension is linked to the local volume 

fraction of solids (Werther 1999). A probe can be placed in a reactor to give local values of 

the capacitance. Once the probe is calibrated, these capacitance measurements can be 

converted into voidage. With multiple probes, the structure and velocity of bubbles can be 

determined. 

The first reported use of capacitance probes was by Morse and Ballou (1951), who 

investigated qualitatively the "uniformity of fluidization" of a bed of fine particles. Similar 

studies were also conducted by other investigators, such as Lanneau (1960), Geldart and 

Kelsey (1972) and Almstedt and Olsson (1982). The original problems with capacitance 

probes were calibration and distortion of the bubbles by immersing probes in the bed. Early 

work by Lanneau is criticized for not providing enough details on the calibration of the 

probes. Geldart and Kelsey (1972) did extensive calibration of the probe from gas voidages 

of 1.0 to minimum fluidization voidage and the results were compared with cine 

photography. When applied to a three dimensional bed, the authors concluded that the 

probes needed to be calibrated in-situ using another technique, such as x-ray cine 

photography. They also noted that, if a system was not calibrated correctly, it could be in 

error by an order of 10. 

A study by Werther and Molerus (1973) tried to identify and solve many of the problems that 

had been previously identified using capacitance probes. They conducted meticulous studies 

of the probes and determined that the probes should (Yates, 1994): 

(i) disturb the bed as little as possible 

(ii) measure local variation 

(iii) have a rapid response to changes in voidage 

(iv) have adequate mechanical strength 

(v) be moveable within the bed 

(vi) be compatible with the bed solids, if the solids are corrosive or abrasive 
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Using these criteria, Werther and Molerus (1973) constructed a miniature capacitance 

probe, being a spike with a central protruding needle forming one pole and an enclosed metal 

tube forming the other pole. Using this probe, they found that there was minimal bubble 

disturbance. They also measured bubble rise velocities in a pilot scale pressurized bubbling 

fluidized bed combustor. While some authors have had success with the above mentioned 

probes (Almstedt and Zakkay 1990), others have encountered problems (Grace et al. 1990 

and Hage et al. 1996 in Simons, 1995) as outlined by Werther (1999). Werther (1999) 

concluded that, in general, it is difficult to use conventional capacitance measuring systems, 

which basically determine the capacitance by balancing a bridge circuit. In most systems, the 

capacitance of the probe body and cables will be larger than the sensor capacitance itself and 

also nearby electrically charged surfaces may produce stray capacitances that interfere with 

the measurement. The result of miniaturizing the probe results in capacitance values near the 

detection limit and leads to instabilities. Attempts recently have focused at shielding the 

probes from stray capacitances by 'guarding' the probes (Hage and Werther, 1997 in 

Werther, 1999). 

2.1.3 Pressure Sensors 

The most common measured property on a fluidized bed reactor is pressure (Yates, 1994). 

More information about the hydrodynamics of fluidized bed reactors have been derived from 

pressure signal analysis that any other technique. The pressure drop across the bed is roughly 

equal to the weight of the solids minus the buoyancy per unit cross-sectional area of the bed 

(Kunii and Levenspiel, 1991 ): 

(1) 

where Ps is the density of the solid, Pf is the density of the fluidizing fluid, £ is the average 

solids volume fraction, g is the acceleration due to gravity and H is the height of the bed. 

Using this equation several properties can be determined such as bed height or bed voidage. 
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Also, the minimum fluidization velocity can be obtained from a plot of superficial gas 

velocity versus pressure. 

In addition to static pressure measurements to obtain voidage, bed height, or m1mmum 

fluidization velocity, pressure fluctuations can also be measured to determine other 

properties. While there is much debate as to the cause of pressure fluctuations (Yates 1994), 

it is generally accepted that they are caused by the flow of bubbles. In particular, pressure 

fluctuations can be attributed to the eruption of bubbles at the bed surface. This can cause a 

pressure wave to travel down the bed, as could bubble coalescence, or bubble formation 

above the distributor. Also Littman and Homolka (1970) observed that as the top of a bubble 

touches the pressure sensor, a peak is registered and, as the bottom of the bubble touches the 

probe, a trough is measured. 

There have been some advancements in recent years on the use of wall pressure 

measurements, using pressure transducers, to determine the fluidization regime of the reactor 

(Schober et al. 2003). In this study, pressure fluctuations were studied in a 20 cm laboratory 

scale reactor filled with polyethylene particles. By varying the air flow rates, trends were 

determined. Statistical and spectral analysis was used to study the behavior of the bed. 

Twenty, one minute sample sets were used to determine the sample mean and standard 

deviation. Results showed that the mean pressure decreased farther away from the distributor 

and the standard deviation increased with an increase in superficial gas velocity. This was 

attributed to increased bubble size, slug formation, and increased fluidization. Auto and 

cross correlations were also calculated to determine trends. While the authors concluded that 

there is still a need for further work, pressure fluctuations appears to be a promising tool for 

providing information on the fluidization phenomena. It should be noted that wall pressure is 

one of the only properties that can be studied on large-scale reactors. 

2.2 Imaging Techniques 
Imaging techniques generally utilize x-rays. Through x-ray attenuation of the transmitted 

energy beam, investigators were able to determine several properties of these reactors. Being 
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non-intrusive and unaffected by temperature and pressure, these techniques have been 

studied extensively (Simons, 1995). 

2.2.1 X-ray Absorption 

One of the earliest uses of x-ray absorption in fluidized beds was by Grohse (1955). His 

objective was to determine the effect of different modes of gas distribution on the bed 

behavior. Most of his work revolved around determining the limitations of low energy x-

rays in determining reactor properties. While Grohse (1955) did not obtain any images, his 

work did demonstrate the applicability of x-rays. 

Following Grohse, the majority of the work on x-ray absorption has been conducted by 

researchers affiliated with University College London (Yates et al. 1994; Rowe et al. 1978; 

Yates et al. 1984; Rowe and Partridge, 1997 and Buyevich, 1995). Outside of these 

researchers, there are a few interested in the use of x-rays. The majority of the work is being 

done by Newton (Newton et al. 2001; Smith et al. 1995 and Newton et al. 1994) and Kantzas 

(Zarabi, 1998; Wright, 2001; Kantzas et al., 2001; Kantzas, 1994 and Holoboff, 1995). The 

main focus of the work conducted by these individuals is the behavior of the gas phase in the 

solid beds, phenomena such as bubble growth and splitting, as well as the effect of gas 

distribution, temperature, and pressure. 

The essential elements of the x-ray equipment used in these studies are shown in Figure 1. 

The major difference between units is the method of capturing the images. Initially, images 

of the bubbles were projected from the cine film negatives onto a screen and a circle drawn 

by hand around each bubble to find the diameter of the bubbles. For bubble velocities, the 

center of a fitted circle was tracked manually. This technique was improved by Rowe 

(1976), whereby images were digitized by projecting them onto the table of a digitizer and 

the bubbles then traced by a hand held cursor. A computer then converted the images into 

silhouettes so that information could be gathered on the bubble. From this work, data on 200 

bubbles was collected (Simons, 1995). Recent techniques now acquire the images using an 



image analysis system, which consists of a video recorder and a computer with image 

processing capabilities. 
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Figure 1 Schematic of the fluoroscopy setup. 
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One of the first attempts to quantify the voidage of a fluidized bed using x-ray radiography 

was by Romero and Smith (1965). They obtained data on the bed density distribution as well 

as the shape, size and velocity of the bubbles. In 1972, Rowe and Everett used an x-ray 

system to record the rise of bubbles in a fluidized bed. They also used x-rays to study the 

emulsion phase voidage. Recently, Yates and Cheesman (1992, 1994, and 1997) used an 

enhanced x-ray system, along with an imaging system, to visualize areas close to the 

boundaries of the bubble. In another study, Weinstein (1992) used x-rays to study gas solid 

behavior in fast fluidized beds. 

Much of the work to date has focused on the properties of single bubbles in relative isolation 

and the quantification of fluidized bed voidage. The reason for this stems from the ambiguity 

of defining bubble boundaries (Rowe, 1997). The present research addresses this ambiguity. 
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In addition to conventional radiography, another branch is x-ray computer assisted 

tomography (CAT). The basic principle of CAT is that the structure of an object can be 

reconstructed from multiple projections of the object (Curry et al. 1991). The result is a three 

dimensional voidage map of the internals of the reactor. In recent years there have been 

significant progress made in the development of x-ray CAT (Beck et al. 1993; Holoboff et al. 

1995; Kantzas and Kalogerakis 1996 and Zarabi and Kantzas, 1998). Kantzas et al. (2001) 

used x-ray CAT to study the fluidization properties of different polyethylene powders in a 10 

cm diameter reactor. They were able to capture images, with a resolution of 400 µm by 400 

µm in cross section and 3 mm in thickness, time averaged voidage maps of the macroscopic 

heterogeneity in the voidage distribution. 

2.2.2 Gamma Ray Absorption 

In addition to x-ray attenuation techniques, there has also been considerable effort expended 

on determining the properties of fluidized beds using gamma-ray attenuation. Some 

researchers (Baumgarten and Pigford (1960), Bloore and Botterill (1961 ), and Clough and 

Wiemer (1985)) studied the gas bubble sizes and frequencies under different conditions with 

a density gauge-type device. These gauges measure the ionization of gas, in a radiation 

detector, as a function of the amount of radiation received. By calibrating the system, the 

signal can be directly related to the voidage of the bed. After conducting a series of tests, 

Weimer et al. (1985) concluded that gamma-ray density gauges allow for accurate 

measurement of bed expansion, dense phase voidage, dense phase superficial gas velocity, 

and center-line bubble phase volume fraction, but that the measurement of bubble properties 

is at best approximate (Simons, 1995). 

2.2.3 Capacitance Imaging 

Section 2.1.2 discussed the use of capacitance to determine variations in the distribution of 

solids. The major disadvantage of this method was the intrusive nature of the probes. 

However, some researchers have developed techniques that use externally mounted 



13 
capacitance plates. One of the first uses of external plates was by Ormison et al. (1965). 

They studied, by mounting two plates 25mm apart, the velocity of slugging bubbles. 

Since the 1970s much of the work in this field has be done by Halow and coworkers (Halow 

et al. 1990, 1992, 1993) at the Morgantown Energy Technology Centre (U.S.A.). The system 

they use is capable of imaging, in three dimensions, the voidage distribution within fluidized 

beds, at a rate of 60-100 frames per second. Their system has four sets of 32 electrodes, 

fixed at various positions along the vertical height of a column. The results can determine 

bubble coalescence, size, and velocity, as well as the voidage distribution in the emulsion. 

While positive results have been obtained using this setup, there are some limitations. The 

most important is the spatial resolution of the images, which is 10 mm in the cross sectional 

plane and 25.4 mm in the vertical plane (Simons, 1995). 

2.2.5 Positron Emission Tomography (PET) 

The last technique discussed here, used for analyzing fluidized beds, is positron emission 

tomography (PET). While this technique has been used very successfully for many years in 

the medical industry, it is only being used in one institution, Birmingham University, to study 

non medical subjects. The principle behind PET is the coincident detection and location of 

gamma rays resulting from the annihilation of a positron (emitted by the tracer) by an 

electron, within the field of view of the positron camera. This enables the reconstruction of 

the path taken by the two gamma rays, which, in tum, leads to the construction of the image. 

Positron emission particle tracking can provide real time movement of local particle motion. 

2.3 Computational Fluid Dynamic Modeling 
In the last decade, there has been significant effort in modeling the behavior of gas-solid 

fluidized bed reactors by academic researchers and industry. Despite their present limitations 

and their need for more careful validation through experimental results, many agree that CFD 

holds promise in providing increased understanding of fluidization. At present, there are 
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two different classifications of hydrodynamic models: discrete particle models and 

continuum models. 

2.3.1 Discrete Particle Models (DPM) 

In discrete particles models, the Newtonian equations of motion are solved for each 

individual particle, while accounting for particle-particle and particle-wall interactions. At 

present, solving these equations for every particle in a system is unrealistic for systems with 

more that 105 particles (Kuiper et al. 1999), which is small compared to the number of 

particles present in an industrial size reactor. 

In this modeling category, there are two additional models that account for the particle-

particle interactions: the soft-particle models and hard-particle models. In soft-particle 

models, the particles are thought to undergo deformation during their contact. This model 

requires a spring constant (for particle deformation), a dissipation constant, or coefficient of 

restitution, and a friction coefficient, which are determined through experiments. In contrast, 

in the hard-particle model, the particles are thought to interact through instantaneous, 

inelastic collisions with friction. This model once again requires the coefficient of restitution 

and friction but the spring constant is assumed to be infinite. 

Because of improvements to computers the discrete model has only recently been applied. 

Simulations of the dynamic behavior of individual particle have been simulated by Xu and 

Yu (1998) and Hoomans et al. (1998) who used DPM to determine the segregation of 

different sized particles. These authors conclude that these models provide a better picture of 

a bubble and the "raining" of particles from the roof of the bubble. However, these models 

are not suitable for commercial scale reactors due to the computational time required, 12 h 

for 1 second for 14000 particles using a FMV-6266T6 (Kaneko, 1999). Industrial reactors 

will have billions perhaps even trillions of particles. 
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2.3.2 Continuum Models 

Owing to the difficulty in solving the momentum and continuity equations for every particle 

in the system, much effort has been focused on reducing the number of equations to describe 

the system. The most common method is to apply an averaging technique to the Navier 

Stokes equations. In this manner, the two fluids (gas and solid) are treated as two fully 

interpenetrating continua. The development of the equations used for the continuum models, 

or two-fluid models, are described in detail in chapter 6. 

While hydrodynamic modeling of fluidized bed began in the 1960s and 70s, they were 

mainly used to study the stability of the fluidized state. With the energy crisis of the late 70s 

came an interest in the use of fluidized bed gasifiers and combustors to more cleanly and 

efficiently utilize coal. This, along with the difficulty in scaling reactors, instigated an 

interest in solving the full set of hydrodynamic equations. Efforts first began with Gidaspow 

(1986). However, using the theory of interpenetrating continua, many authors have since 

attempted to simulate the behavior of gas solid fluidized beds (Syamlal and O'Brien 1989; 

Gidaspow 1994; Boemer et al. 1998; Krishna and van Baten, 2000; van Wachem et al. 1999, 

2001, Gobin et al. 2001, Lettieri et al. 2003). 

One of the pioneers for simulating gas-solid fluidized beds is Gidaspow. He conducted 

numerous studies to determine the accuracy of describing the solid phase by the kinetic 

theory of granular flow. Most of his work is presented in his 1994 book Multiphase Flow 

and Fluidization. One of the first publications showing simulation results was Syamlal 

(1989), who presented work on a hydrodynamic model developed as part of his Ph.D. 

Bubbles were simulated in fluidized beds of various particle sizes with and without jets. He 

found that the predicted characteristics of bubble formation, coalescence, motion, and 

eruption at the bed surface were in good qualitative agreement with experimental 

observations. Syamlal (1989) presented results for the "start up" (first few seconds after air 

has been introduced into the system) and noted that, for some of the runs, the fluidization 

velocity did not exceed that of minimum bubbling velocity since the bubbles petered out after 

the first start up bubbles. However, contradictory results were obtained from Laux and Tore 
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(1998), who simulated the same case as Syamlal (1989), using Fluent, but did not assume 

symmetry (assumed by Syamlal probably due to computer limitations). The results differed 

noticeably. At start up, Laux and Johansen (1998) noticed two leading bubbles as opposed to 

the one by Syamlal (1989) and bubbles continued to form after start up. While their results 

are for the most part qualitative, they concluded that the simulation of spontaneous bubble 

formation, in a narrow uniformly gas-fluidized bed was possible. 

In recent years, due to the controversy surrounding the governing and closing equations (ie. 

empirical models) used for the simulations, many researchers have been validating proposed 

models. Of particular note is the work by Boemer et al. ( 1996 and 1997) and van W achem et 

al. (1999 and 2001). Boemer's work in 1996 determined the closing equations that best 

predicted spontaneous bubble formation in a fluidzed bed (see chapter 6). In addition, in 

1997 Boemer et al. conducted experiments and simulations, using Fluent, to verify properties 

using a two-dimensional bed. Among the properties studied were the bubble wake angle, 

voidage and pressure distribution, bubble size, and bubble velocity. In general, these 

properties found good agreement with experiments. It should be noted that while their work 

gave positive results, the amount of data studied for bubble properties is limited, with 13 

bubbles being used in some graphs for comparing with correlations and experiments. Van 

Wachem et al. (1999) also conducted a validation of Eulerian simulated dynamic behavior of 

gas-solid fluidized beds. They studied the behavior of a Geldart B particle system to 

determine if the dynamic behavior matched experiments. The choice of closing equations 

was based on fast numerical convergence and accurate physical results. The closing equation 

chosen followed the work of Syamlal (1993), Boemer et al. (1995), Ding and Gidaspow 

(1990), and Lun et al. (1984) with the inter-phase exchange being that of Syamlal (1993). 

Van Wachem et al. (1999) mainly examined the power spectral density of the pressure and 

voidage fluctuations, which they found matched correlations. The paper by van W achem et 

al. (2001) succinctly summarizes the governing and closing equations that are more 

commonly used. Showing results both qualitatively and quantitatively, they were able to get 

a feel for the range of applicability of simulating the behavior of a bed with glass beads. 
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They also concluded that the choice of solids stress models, or radial distribution 

functions, play little role in the final simulation answer. 

Very little open literature discusses simulations of large commercial scale or even pilot scale 

reactors. At present, Gobin et al. (2001) is one of the only groups, in open literature, 

studying large-scale reactors. Their numerical code, ESTET-ASTRID, developed by 

Electricite de France for CFB boilers and based on the two fluid model, is used for these 

simulations. They were able to predict the pressure drop across a fluid bed and determine 

some of the gross flow patterns, such as solid flow rate and solid volume fraction. They also 

conducted some preliminary work to examine the credibility of modeling a three dimensional 

reactor in two dimensions. While there were some variations, they concluded that, for 

industrial use, they were comparable. An additional study by Lettieri et al. (2003) concluded 

that a two dimensional model provided sufficient accuracy. 

While most of the work to date has dealt with glass beads, some work has been done with 

Geldart A particles (For Geldart classification see Appendix A). Of note is the work by 

Krishna and Baten (2000), who compared both experimental and simulation results for FCC 

catalyst. They also examined the scale-up of these reactors to determine model suitability at 

predicting the change in hydrodynamics that accompanies a variation in column diameter. 

Their results demonstrated good agreement between the experimental and simulation results. 

Many of the authors agree that CFD will be a powerful tool in determining the macro and 

microscopic phenomena associated with gas-solid fluidized bed reactors. Yet, it is generally 

accepted that the next step necessary in providing a reliable, fully predictable model is 

experimental validation (Gobin et al. 2001). This experimental validation is the focus of this 

work. 

2.4 Diameter Correlations 
Over the past 45 years, there has been considerable interest in predicting the diameter of 

bubbles in gas-solid fluidized bed reactors. Several empirical correlations have been 
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proposed by Gel dart, 1971 ; Cranfield and Gel dart, 197 4; Mori and Wen, 197 5; Rowe, 

1976; Werther, 1978; Horio and Nonaka, 1987 and Choi et al. 1998. The following section 

will outline some of these bubble diameter correlations. 

2.4.1 Mori and Wen (1975) 

This correlation predicts the diameter of a bubble in a freely bubbling fluidized bed. The 

correlation is based on the diameter of the column, maximum attainable bubble diameter, and 

minimum bubble diameter just above the distributor. The correlation for Geldart B and D 

particles is: 

where: 

dbm -db -0.3H l d, ---=e 
dbm -dbo 

dbo = 2·78 
(u

0 
-umf ) 2 for a porous plate distributor 

g 

[ ]

0.4 

d bm = 0.65 : dt2 (uo -umf ) 

(2) 

(3) 

(4) 

This gives the diameter of the bubble at any bed height H, in a bed of diameter dt. The range 

of conditions from which this correlation was derived are: 

dt:S 1.3 m 

60 s dp:S 450 µm 

2.4.2 Rowe and Yacono (1976) 

0.5 S Umf S 20 cm/s 

llo - Umf S 48 cm/s 

Rowe and Yacono conducted a series of experiments using x-rays on different size silicon 

carbide particles ranging from 40 - 260 um. By manually tracing the bubbles, the authors 

developed a correlation based on the differential gas velocity (between operating velocity Uo 

and minimum gas velocity Umf) 
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(5) 

where H0 is a characteristic of the distributor (0 for porous plate), H is the height above the 

distributor, and g is the acceleration due to gravity. 

2.4.3 Werther (1978) 

Werther gave another expression for the bubble diameter. His correlation is based on the 

differential velocity between the minimum fluidization velocity and the operating superficial 

gas velocity, fitting data obtained from experiments. 

(6) 

and the range of application is: 

dt> 20 m 1 :S Umf :S 8 cm/s 

100 :S dp :S 350 µm 5 :S Uo - umf :S 30 cm/s 

2.4.4 Horio and Nonaka (1987) 

These authors proposed a diameter correlation that took into account both splitting and 

coalescence to predict the diameter of the bubble in various powders. 

( P:-K)( .{<i;-J<5J=e-o,H1d, 
P::-P:: (7) 

where: 

¾ _(rm +11)/4 (8) D - 4 
M 

1J = (r~ + 4D•/4Js (9) 

and 



where: 

-p ( J0.5 - aumf Dt r ----
m 0.9kb g 

!!:_ = 2.3xl 0-2 m/s2 

kb 

= 6.5xl0-3 m1.2/s2·2 

kb 

20 

(10) 

(for p=l) (11) 

(for p=l.2) (12) 

It should be noted that the authors acknowledge that this correlation simplifies, in the case of 

Geldart B powders to the correlation of Mori and Wen (1975) since there is negligible 

splitting. As a result: 

(13) 

2.4.5 Choi et al. (1998) 

In an effort to generalize the prediction of bubble diameters, Choi et al. (1998) proposed an 

equation that takes into account the volumetric bubble flow rate and bubble coalescence-

splitting frequencies. The result is an equation that predicts the bubble diameters for Geldart 

A, B and D particles. 

b d 11 2 

bO b ,eq bO b,eq b + b,eq 

[ 
d _ d ] [ (d 1 / 2 _ d 112 )(d 112 d l/ 2 ) ] b,eq 

d _ d (d 112 _ d 112 )(d 112 + d 112 ) (14) 
b b,eq b b,eq bO b,eq 

where a and b are: 

a= 4.266g 11 2 Ifs* 

u : superficial gas velocity 

Umf: minimum fluidization velocity 

1/ 2 l/2 = exp(2(H I a+ db -dbo )) 

b = _( u_-_u m_if_) 
0.71 lg 11 2 

(15) 

(16) 



H : height of bed 

Is* :splitting frequency of a single bubble 

dbo : bubble diameter at distributor 

db,eq: equilibrium bubble diameter (when coalescence frequency equals breakup 

frequency) 

f * = 6 4 7 X 10-4 (U I u ) 0.454 g I u . 
s • 

for a perforated plate 

dbO =3.685(U-Umf )2 / g for a porous plate 

db ,eq = 6.792(U - /JUmf )/ f * 

fJ = (U I U mf ) o.62 
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(17) 

(18) 

(19) 

(20) 

(21) 

While this equation does provide some universality to the prediction of bubble diameter, 

according to the authors, it is cumbersome. Since the particles in this study were all Geldart 

B, the correlations by Mori and Wen (1975) and Werther (1978) were the most applicable. 

2.5 Velocity Correlations 
While there are a large number of correlations for the diameter of bubbles, there are only a 

few correlations of bubble velocities. The next section will examine a few of the more 

popular correlations by Davidson and Harrison, 1963; Werther, 1981; and Kunii and 

Levenspiel, 1991. 

2.5.1 Davidson and Harrison (1963) 

One of the first velocity correlations proposed is by Davidson and Harrison (1963). Based on 

the two phase theory, they proposed the following: 

U b = U o - U mf + U br (22) 
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where Ubr is the velocity of a single bubble and defined as: 

(23) 

This correlation is based on dp being the diameter of a sphere having the same volume as a 

spherical cap bubble, and where wall effect do not intrude. 

2.5.2 Werther (1981) 

Werther developed a correlation that covered the entire range of particle sizes from Geldart A 

to D, and accounted for the reactor size. This equation is similar to the one proposed by 

Davidson and Harrison (1963), except a parameter is introduced to account for the vessel and 

particle size: 

(24) 

where <p is the fraction of visible bubble and is 0.8, 0.65, and 0.26 for Geldart A, B, and D 

particles respectively. The values proposed by Werther for a are listed in Table 1. 

Table 1 Values of a proposed by Werther. 

Geldart-type solids A B D 

0.87 

dt (m) 0.05-1.0 0.1-1.0 0.1-1.0 

2.5.3 Kunii and Levenspiel (1991) 

Kunii and Levenspiel ( 1991) proposed a velocity correlation based on the data provided by 

Werther. Their correlation is: 

(25) 
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which is valid for reactors with diameters less than 1 m. 

Similar to the correlation by Davidson and Harrison (1963), the velocity of the bubbles (in a 

bubbling bed) are dependent on the velocity of a single bubble, Ubr· There are two proposed 

correlations for the velocity of a single bubble. One does not take into account wall effect 

(Davidson and Harison, 1963), while the other correlation, shown below does (Wallis, 1969): 

(26) 

According to Kunii and Levenspiel, wall effects are important when the ratio of d/dt > 0.25. 

Because this study looks at a small scale reactor, the wall effects are significant, and as a 

results the correlation by Kunii and Levenspiel (1991) is used accounting for wall effect 

(Wallis, 1969). 
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The goal of the experimental research is to determine the properties of bubbles in a gas-solid 

fluidized bed reactor using x-ray fluoroscopy, a non-intrusive imaging technique. X-ray 

fluoroscopy is used to produce images that capture the movement of bubbles. This chapter 

will discuss the equipment used and the experiments conducted. 

3.1 Experimental Setup 

3.1.1 Column 

The experiments were conducted on a scaled down gas-solid fluidized bed reactor used for 

the production of polyethylene. The reactor is 0.1 m in diameter and 1.0 m in height with a 

disengagement zone on top. Figure 2 shows the experimental setup with the column 

outlined. 

Figure 2 Picture of the experimental setup with the column circled. 
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Taps, located at regular intervals, can be used to attach vessels for entrainment tests and 

pressure transducers for pressure tests. These taps are spaced, starting at the distributor, 

every 0.17 m for a total of seven taps. The distributor is a porous plate distributor that is 

comprised of three layers shown in Figure 3. 

Coarse Mesh 

--Whatman 1 fHter paper 

55 um mesh 

Figure 3 (top) Picture of the distributor. (bottom) The individual parts that make up the 
distributor plate. 

Under the distributor are marbles (approximately 0.1 m in diameter) that disperse the air 

uniformly around the bottom of the distributor. Air from a compressor enters the bottom of 

the reactor, below the marble bed. It enters through four inlets and leaves the top of the 

column after going through a solid disengagement zone. The disengagement zone is a 

section of the column where the cross sectional area is increased. The increase in the cross 
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sectional area decreases the gas velocity and, as a result, entrained particles "drop out." 

The air then exits the column and travels through a cyclone which collects any residual 

solids. Rotameters, listed in Table 2, along with pressure regulators are used to control the 

flow rate of the air. 

Table 2 List of rotameters used for the experiments (Product of Bailey Fischer Porter) 
Solid Phase Shell Insert Maximum Flow Rate 

(SCFM) 

LLDPE (all sizes) FP-1/2-21-G 10 ½-GSVT-45A 2.47 

0-425 µm FP-1/2-21-G 10 ½-GNSVT-48 4.52 

425 -707 µm FP-1/2-21-Gl 0 ½-GNSVT-48 4.52 

707 - 1000 µm FP-3/4-27-G 10 ¾-GSVGT-54 11.1 

Glass Beads FP-1/2-21-G 10 ½-GSVT-45A 2.47 

Using fluoroscopy, images of the bubbles, frozen in time, can be acquired on a computer. 

The size of the images are approximately 13.5 cm in diameter, as shown in Figure 4. 

Figure 4 A single picture showing a bubble, the bright spot in the image. The diameter of 
the circle where the image is shown is approximately 13.5 cm. 
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Since the fluidized bed height is in excess of 13.5 cm, images must be obtained at several 

different camera heights in order to capture the movement of bubbles for the entire bed. The 

next section will briefly discuss x-ray generation and the various parameters that affect the 

quality of fluoroscopic images obtained. 

3.2 X-ray Fluoroscopy 
X-ray attenuation is the basic principle allowing an image to be produced through x-rays. 

The amount that an x-ray beam is attenuated depends on the object's atomic number, density, 

and thickness. It can be calculated using the Beer and Lambert relationship (Yates et al. 

1994). 

where: 

I is the transmitted intensity 
l0 is the incident intensity 

I = I O exp( -Kpl) 

K is the attenuation coefficient of the material 
pis the density of the material 
1 is the path length 

For a fluidized bed reactor, the equation can be written more specifically as: 

I= Io exp[-(K gpgeg + KsPs (l-&g))l] 

(27) 

(28) 

where the subscripts g and s refer to the gas and solid phase respectively. Fluoroscopy is 

used for many medical purposes but is typically used for viewing moving objects. Patients 

can be injected intravenously or intra-arterially with an x-ray contrast material containing a 

high atomic number element such as iodine. Pictures are then captured to monitor the 

movement of the tracer. While traditional x-ray radiography produces a single image, 

fluoroscopy can be used in conjunction with an image acquisition system ( cine, video, or 

computer) to view moving objects. 
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Fluoroscopy can be used to view moving objects because the x-ray machine produces a 

continuous stream of low energy x-rays over a certain period of time, which is usually 

dependant on the cooling capability of the x-ray machine. A schematic of the fluoroscopy 

setup is shown in Figure 5 and a picture of the unit in the laboratory is shown in Figure 2. 

Pressure Data 
Acquisition 

Ai r 
Inlet 

Figure 5 Schematic of the fluoroscopy setup. 

Computer 

Image 
Analysis 

The power source, or generator, for the x-ray unit is a GE MPX 100 and the bucky (x-ray 

tube and image intensifier) is a GE RFX0
. The next section will discuss some of the basics 

ofx-ray generation and some of the problems inherent in x-ray image production. 

3.3 Basics of X-rays 
X-rays are produced by energy conversion, when a stream of fast moving electrons are 

suddenly decelerated on a target or anode. An x-ray tube is designed so that the electrons 

produced on the filament (cathode) can be accelerated by a potential difference towards the 

anode or tungsten filament. Figure 6 shows the major components of an x-ray tube. 
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The kinetic energy of the electron is: 

E=eV (29) 

where V is the applied voltage and e is the electric charge of an electron and the electron 

charge is constant at 1.6 x 10-19 Coulombs. Since the charge of an electron is constant, the 

+ Anode 
Tungsten 
Target 

Elect rons 
+-- Heated Tungsten Filament 

Evacuated Envelope 

Figure 6 The major components of an x-ray tube (Curry et al., 1990) 

only way to vary the energy of the electrons is to vary the applied voltage. Higher electron 

energies translate into greater penetrating strength for the x-rays. On an x-ray machine, the 

peak voltage is usually chosen, and corresponds to the x-rays maximum possible energy. 

This is important in diagnostic radiology as technicians must be able to control the x-ray dose 

to patients. 

When an x-ray tube is operating at 100 kVp (peak applied voltage), few electrons are at 100 

ke V ( electron volts) because the applied voltage pulsates between a lower value and the peak 

voltage of 100 keV. Therefore, the energy of the x-rays is a gaussian distribution to a 

maximum of 100 ke V. In addition to controlling the energy of the electrons being emitted 

from the x-ray tube it is also important to be able to control the number of electrons emitted 

or tube current. This can be accomplished because the greater the tube current, the greater the 

number of electrons being emitted from the x-ray tube. It should be noted that the number of 
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x-rays depends on the atomic number of the target material, the square of the voltage, and 

the tube current. However, since the voltage and target material are usually fixed, the tube 

current is the only parameter changed to vary the number of x-rays emitted. 

Image contrast is one of the greatest concerns using x-ray fluoroscopy. Contrast is a measure 

of the ability to differentiate between objects of interest and the background. The greater the 

contrast, the easier it is to separate objects. There are two parameters that control the 

contrast, x-ray voltage and grid. 

3.3.1 Controlling Image Contrast through X-ray Voltage and X-ray Grids 

Determining the potential difference or voltage to apply to the x-ray tube is, in part, a 

function of the material being studied. To penetrate objects that are thicker, denser or have a 

higher atomic number, requires higher energy electrons. Therefore, a larger potential 

difference is required. However, as the voltage is increased, the contrast decreases. This 

decrease is a result of a wider variation in x-ray energy, which, in tum, is due to a higher 

peak voltage. As a result there will be a "long-scale contrast" since there will be a large 

number of grayscale values between the lightest and darkest portions of the image. At low 

peak voltages, "short-scale contrast" results. This means there are fewer shades of gray, 

hence objects are typically black or white. To illustrate the point, assume there is an object 

with an abrupt change of thickness. As a result, the thinner portion attenuates fewer x-rays. 

As mentioned earlier, contrast is a measure of the ability to differentiate objects. Therefore: 

I Subject Contrast = _s 
IL 

(30) 

where Is is the number of x-rays that are not attenuated by the thin section and IL is the 

number of x-rays not attenuated by the thick portion. As shown in Figure 7 if the incident 

number of x-rays is 100, and a low voltage of 50 kV is applied to produce x-rays, it can be 

assumed that the number of x-rays that penetrate are 25 for the thick part and 40 for the thin 

part (Curry et al. 1990). Therefore, the contrast is 40/ 25 or 1.60. If the applied voltage is 
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then increased to 80 kV, the amount of x-rays not attenuated by the object increases. 

While more x-rays will go through both the thick and thin portion, there will be more of an 

increase in the number of x-rays through the thin section (Curry et al. 1990). Assuming that 

the values are 80 through the thin section and 60 through the thick section, the contrast ratio 

becomes 80/ 60, or 1.33. 

I = 100 I = 100 

kVp = 50 kVp = 80 

Is= 40 ls= 80 

.IL= 25 IL= 60 

Subject Contrast= 40 / 25 = 1. 60 Subject Contrast= 80 / 60 = 1. 33 

Figure 7 Schematic showing how the subject contrast varies with the peak voltage of the x-
ray beam ( Curry et al. 1991 ). 

As a result, the peak voltage is set at the lowest possible value that allows part of the x-rays 

to pass through the highest attenuating material in the object. 

Additionally, ax-ray grid is a parameter that affects the contrast of the image. Grids are used 

to absorb secondary radiation before it reaches the image intensifier. Since x-rays are 

collimated, the path of the x-rays is either parallel, or in the shape of a cone. X-ray photons 

can interact with an object in five ways (with the forth and fifth not being important in the 

diagnostic radiation range): 
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1) Coherent scattering 
2) Photoelectric effect 
3) Compton scattering 
4) Pair production 
5) Photodisintegration 

Coherent scattering is radiation that undergoes a change in direction but not wavelength. As 

a result, the x-ray energy is unchanged. This type of scattering is fairly small, being 

approximately 5% (Curry et al. 1990) of the total radiation. 

The photoelectric effect is the second type of interaction. The atom consists of several 

layers of electrons, each with a certain binding energy. The inner most electron shell is 

called the K-shell, while the other shells are named L, M, N and so on. Each shell has a 

binding which increases with distance from the nucleus. If an incident x-ray photon with a 

little more energy than the binding energy of the K-shell electron collides with a K-shell 

electron, then the K-shell electron is ejected from its orbit. As a negatively charged electron 

with low penetrating power the ejected electron is quickly absorbed by another atom. 

Because the K-shell electrons are at the lowest energy level, the void that is left in the K-shell 

is quickly filled by an electron in the L-shell. As the L-shell electron moves down, it emits a 

characteristic radiation of the energy difference between the levels. This characteristic 

radiation does not necessarily have the same path as the incident x-ray. Therefore, it is 

considered secondary radiation and not desirable for the current application. 

The third type of interaction is Compton scattering. As a photon strikes a free outer shell 

electron, it can be ejected from its orbit. As this happens, the wavelength of the incident 

photon is increased, because of a decrease in energy, and changes direction. Scattering 

radiation in diagnostic radiology is almost entirely a result of Compton scattering. 

The net result of these interactions is a change in the x-ray's path. When x-rays scatter they 

no longer carry any useful information (for this application although certain techniques make 

use of this radiation). Since these photons hit the intensifier in random places, they are 

considered to be noise. Only the x-ray beams that are absorbed or pass through are useful. 
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Therefore, only the x-rays that pass through, considered primary radiation, are used to 

construct the image. 

The x-ray grid consists of lead slats, which absorbs x-rays, and aluminum slats, which are x-

ray transparent and used for structural support, angled and focused on the image intensifier 

so that only primary radiation interacts with the image intensifier. Figure 8 schematically 

shows how the lead slats reduce the amount of scatter radiation from hitting the image 

intensifier. Essentially, the grid stops the x-rays that are not traveling in a straight line and 

are not supposed to hit the intensifier. 

Tube Anode 

Primary Radiation 

Object . 

Film 

Figure 8 Schematic showing how a grid reduces the scatter radiation from hitting the film/ 
intensifier. 

Grids are made with certain specifications. To minimize the amount of secondary radiation 

the height of the lead strips should be maximized and the space between the lead strips 

should minimized. A test was conducted to see how a grid altered the results. Figure 9 

shows a graph of the intensity difference, along a chord, between the object (~125) and the 

background (255). 
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It can be seen that without a grid, the intensity difference between the object (dark, ~125) and 

the background (light, 255) is larger with the grid in place, which means there is better 

contrast. However, increasing the height of the lead and decreasing the spacing will require 

more electrons to produce an adequate picture. When dealing with a living object, this is a 

concern as the patient's x-ray dose must be minimized. However, for inanimate objects, such 

as the reactor, this can be made as large as possible since x-ray dose is not an issue. 

Currently, the grid, manufactured by Liebel Flarsheim Sybrem, has the following 

specifications: 

/JI 
; 150 +-----\--------,..,,,,.'-+-----+-----l--------lll-"'1~4----------Flt::.ll't------l 

:s 

50 100 150 200 

Pixel 
250 300 350 400 

Figure 9 Intensity difference of a chord across an image with and without a grid. The graphs 
shows that there is less edge separation without a grid, shown by a shallower trough. 

6:1 ratio of height oflead to lead spacing 
40 lines/ cm 
focal range (from x-ray source to image intensifier) 71 - 122 cm 

Attempts were made to use another grid in addition to the current grid in the x-ray unit, 

however, the focal distance did not match with the focal range of the present machine, which 



resulted in poor images. For future work, to improve the contrast, different grids should be 

used with a larger height to width ratio and lines/ cm . 

3.4 Image Intensifier 
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In the past, the original images created from fluoroscopy had to be seen in a dark room as the 

images were too dim. This all changed in the 1950's when the image intensifier was 

developed. 

The image intensifier converts x-ray photons into light so they can be viewed by the operator. 

The image intensifier consists of several components: 

1) input phosphor and photocathode 
2) electrostatic focusing lens 
3) accelerating anode 
4) output phosphor 

The x-rays hit the input "phosphor" (Csl) which converts the x-rays into light. The light 

energy then strikes the photocathode which emits photoelectrons that are withdrawn from the 

surface by a potential difference between the screen and an anode. It is by accelerating the 

electrons that a brighter image is produced since the brightness of the image is dependent on 

the energy of the electron. These electrons are focused and strike the output phospor ( Csl) 

which converts them to light energy for viewing. 

There are several reasons for contrast loss in the image intensifier, however, the major factor 

is lag. Lag is defined as the inability of the phosphor to "refresh" itself after stimulation, 

which causes ghosting. 

3.5 Generator 
One of the last factors affecting the performance of x-ray fluoroscopy is the generator, which 

provides the power to the x-ray tube. As a result, the voltage delivered to the machine has a 

frequency which is 1 kHz for the GE MPX 100. The peak and valley of the voltage is of the 

order of 10% (Lezek Hahn, 2003 ). Therefore, the intensity difference between images can be 
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as great as 10%. Because of this "waving" voltage there is a "waving" output intensity. 

While this may not be important if still images are being acquired ( since frames can be 

averaged), however, for moving objects where averaging is not an option, intensity variations 

for the same material can occur. 

3.6 Image Acquisition System 
Images are collected at a rate of 30 frames per second. While previous work (Fan, 2000) 

recorded the image on a video tape, improvements were made in this work by capturing the 

images straight to a computer (from the fluoroscopy machine) using a frame grabber, which 

maintains maximum resolution. 

The frame grabber board used in this work is the Matrox Meteor-II. The software used to 

capture the images is MeteorCapture Version 2.2. This software enables the system to 

acquire the images at a rate of 30 frames per second. The computer used to capture and 

process the images is a NEC Ready 9700 with a 400 MHz PII processor and 256 MB 

SDRAM running on an NT platform (necessary for the software and speed). Since 307200 

bytes of information must be stored at a frequency of 30 Hz a high speed hard drive is also 

necessary (SCSI, 10,000 rpm). With this system the images are acquired and stored at the 

desired rate for future processing. Because images are the "data" being stored, the files are 

large and collected at a rate of 0.55 GB per minute. 

3.7 Minimum fluidization 
To calculate the minimum fluidization velocity, a graph of superficial gas velocity versus 

pressure is created, (Kunii and Levenspiel, 1991). Four pressure transducers (Schlumberger 

Solartron, model 8000DPD) are attached to the column taps using 1/8" tubing, as shown in 

Figure 5. The four transducers produce a 4-20 mA signal that runs through a resistance of 

approximately 250 ohms giving a signal of 0-5 volts. An analog to digital converter reads 

the voltage through the conversion resistors on a PC-LPM-16 card, from National 

Instruments, which is mounted in an Intel 386-based PC. The pressure is collected at a rate 

of 250 Hz for 10 seconds at each flow rate. For relatively low flow rates, the pressure 
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increase is linear until a maximum pressure ( slightly above the static pressure of the bed) 

is reached. This occurs when the bed is unlocked and begins to fluidize. Above minimum 

fluidization velocity, the pressure remains constant until entrainment occurs and the pressure 

increases, as seen in Figure 10. 
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Figure 10 Minimum fluidization graph of superficial gas velocity versus pressure. 

Figure 10 shows the minimum fluidization for the glass beads (~200 µm) with a bed height 

of 40 cm. While it is hard to determine minimum fluidization from Figure 10, by zooming 

into the first transducer (TO) the transition to the fluidized state is clear, as shown in Figure 

11. 

From this view, the minimum fluidization velocity is 9.3 emfs. Since the particle size 

distribution is relatively narrow, the graph exhibits textbook behavior (Kunii and Levenspiel, 

1991). Examining Figure 11 , it can be seen that, at lower gas velocities, the pressure drop is 

proportional to the gas velocity and reaches a maximum pressure drop slightly higher than 
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Figure 11 Zoomed view of transducer one from Figure 10 which clearly show the transition 
of the bed to a fluidized state. 

the static pressure of the bed. There is slight hysterisis present which is a result of the bed 

"unlocking" as the bed goes from a static bed to fluidized bed ( starting from a bed at rest), 

and going from a fluidized bed to static bed (starting from a fluidized bed). It was observed 

that the bed expanded almost exactly when the gas velocity reached just above 9.3 and 

bubbles formed shortly after (in terms of velocity). These particles exhibit Geldart B 

characteristics because they have a density 1.4 < Ps < 4 g/ cm3 
, have a mean diameter greater 

than 40 µm and less than 500 µm, and have a Umb/ Umf~ 1 (Kunii and Levenspiel, 1991) 

3.8 Experimental Procedure 
The following section will outline the experimental procedure for collecting the minimum 

fluidization velocity and fluoroscopic images. 
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3.8.1 Minimum Fluidization Velocity 

The purpose of the following steps is to collect pressure data that can be used to determine 

minimum fluidization. Once the data is collected, it is processed using a program that 

averages the pressure obtained at each flow rate and then plots superficial gas velocity versus 

pressure. This is done to determine the "break" where the bed begins to fluidize. The 

following is the procedure for determining minimum fluidization. 

1. Ensure that the column is clean. If not, vacuum the inside walls of the column to remove 

away residue. 

2. Fix the column on the stand and install the four-pressure transducers to the pressure taps 

on the column. 

3. Check if the column is vertical. 

4. Ensure sure the unused taps are plugged and the sampling port valves are closed. 

5. Fill the column with the particles to the desired bed height. 

6. Install the expansion section to the column body and attach the vacuum hose from the 

top of the column to the cyclone. 

7. Choose the appropriate rotameter for the desired flow rates. The bed should expand at 

approximately 50% of the rotameters maximum flow rate. 

8. Fluidize the bed for two hours to remove packing effects. After 2 hours of fluidization, 

allow the bed to rest for half an hour. 

9. Create the data sub-directories on the data acquisition computer. 

10. Set the airflow on the rotameter to 8%, which is the lowest rotameter setting, and adjust 

the rotameter operating pressure, keeping it constant throughout the run. Acquire 10 

seconds of data at a frequency of 250 Hz. Increase the airflow by increments of 2% and 

acquire the pressure data until maximum flow ( 100%) is reached. 

11. During the first trial, record observations on the changes in bed height, the first 

appearance of visible bubbles, and any other changes. 

12. Repeat step 9, starting at 100% and reducing the airflow by 2% each time. 

13. Repeat step 9 and step 10 for two more trials. 

14. Process the data. 
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3.8.2 X-ray Fluoroscopy 

The purpose of the following steps is to acquire images of the bubble movement using x-ray 

fluoroscopy. Once the data has been collected, it is processed using software explained in 

the next chapter. 

1. Follow steps 1 through 6, as stated for the minimum fluidization section, except do 

not connect the transducers. 

2. Tum the fluoroscopy unit's power on and allow it to warm up for 1 hour. 

3. Tilt the bed to 90° and ensure that the x-ray tube in the bed is engaged. 

4. Ensure that the lead shields are placed in front of the console where you stand. 

Further, ensure that the door to the lab is closed and the radiation sign is placed on 

the door knob so no one enters the room when scanning. 

5. To warm the x-ray tube, start at 60 kVp and low mAs and tum on for 3 seconds three 

times. Increase the power byl0 kVp and repeat until it is the voltage and current that 

will be used for the experiments. 

6. Place the column between the intensifier and the x-ray tube and set the air flow rate 

to the desired setting. 

7. To achieve optimal contrast, use the lowest voltage and vary the current until the 

picture is adequate. 

8. Make a directory on the computer for storing the images. 

9. Open MeteorCapture and input the following settings: 

a. Input: 

1. Grayscale 

11. Start at odd field 

111. Xscale = 1 and Xsize = 640 

lV. Y scale = 1 and Y size = 480 

b. Time to wait before capturing: 

1. Delay (seconds) = 4 

c. Capture to: 

i. Disk ( enter the file name) 

d. References: 
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i. Adjust brightness and contrast until the "best" image is obtained 

e. Frames: 

1. Set frames to grab depending on experiment 

11. Save every N'th frame = 1 

10. To view an image and adjust the voltage current, press the x-ray activation button and 

push the <Display> button on the MeteorCapture program. The contrast and 

brightness of the image can now be adjusted. 

11. To capture images press <Capture> on the MeteorCapture program. The program 

will allocate the file space first, which may take some time. A message will then 

appear saying it is pausing for 4 seconds, as inputed. At this point, press the x-ray 

activation button and keep it depressed until the total number of frames have been 

captured. 

12. Ensure no error messages are echoed. 

13. To save bitmaps, press <Save> and specify the file names. 

14. To shut off the fluoroscopy machine, press the off button. 

The number of frames captured is typically 3600 frames, or two minutes worth of data at 

each bed height. Techniques for measuring the properties of the solid phase such as the 

density and size can be found in Wright (1999). 
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Chapter 4 

Image Processing 

In order to retrieve information from the images obtained using fluoroscopy, software had to 

be developed. Two different programs were written, one identifying the bubbles and the 

other that tracked the bubbles. Identifying bubbles automatically from frame to frame 

required the use of image processing tools, while tracking the bubbles required certain 

"rules" be developed to account for bubble actions. The following section will describe the 

algorithm developed in order to automate the task of bubble identification and tracking. 

4.1 Image Processing Goal 

Before outlining the details of the new program, developed to identify the bubble properties, 

it is important to state the imaging objective. For this research, the objective is to develop an 

algorithm, using image processing tools, to automate the detection of bubble boundaries. 

Previous work to determine bubble boundaries was based on visual inspection (Pyle and 

Harrison 1966), calibration wedge (Romero, 1965; Yates et al. 1992), and minimum entropy 

(Mudde et al. 1994). Nevertheless, defining the bubble boundary is not trivial. 

The criterion for detecting bubble boundaries, in this study, is based on visual inspection. 

Many different algorithms were attempted to determine the most accurate and repeatable 

method for bubble identification. Pictorially, the imaging objective is shown in Figure 12 

where the original image with poor contrast and noise is processed to produce the final 

binarized image from which data can be extracted. 

It is worth mentioning that there is no general theory for image enhancement and that visual 

evaluation of what constitutes a "good" image is highly subjective (Gonzalez and Wintz, 

1977). However, as long as the image processing is consistent from frame to frame then the 
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Figure 12 The image on the left is the original cropped image obtained from the fluoroscopy 
unit and the image on the right is the final image with the bubbles identified after image 
process mg. 

information obtained will be reproducible and could be used as a measure for comparing 

different reactor configurations and operating conditions. 

4.2 Image Processing Steps 

Images collected from the fluoroscopy unit have a resolution of 640 by 480 pixels, which 

means that the total number of pixels is 307200. In addition, the images collected are 8 bit 

grayscale images, which means each pixel can have 28 or 256 possible values of gray ranging 

from 0 (black) to 255 (white). An image can simplistically be viewed as a large matrix of 

numbers that can be manipulated. 

Before the images are processed, they are cropped to retain only the portions of the image 

that containing useful information (the column). While the images could be processed in 

their entirety without cropping, reducing the size of the images will reduce computational 

time. As mentioned above, the image size obtained from the fluoroscopy is 640 x 480 pixels. 

Typically, the size of the cropped image is 180 x 330, roughly a third of the regular size, 

which also means the computational time required to process the images is roughly a third. 
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The images are cropped on the column walls and across the top and bottom as shown 

Figure 13. 

Figure 13 A raw image showing the circular field of view and the area cropped for image 
process mg. 

4.2.1 Removing Random Noise 

The first step in processing the images is to remove random noise created as a result of 

radiographic noise. To remove random noise, spatial averaging using neighbourhood 

averaging is applied to the image. With this kind of averaging, the noise can be reduced but 

care has to be taken not to blur edges, displace boundaries, or reduce contrast. In the extreme 

case smoothing can introduce artifacts such as "pseudo-resolution" or "aliasing" when two 

nearby structures are averaged together in a way that creates an apparent feature between 

them (Russ, 1999). The principle of neighbourhood averaging is simple: add together the 

pixel intensity values in a region and divide by the number of pixels in the neighbourhood. 

This process is shown in Figure 14. 
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Figure 14 An example of neighbourhood averaging using a portion of an image matrix. The 
pixel intensities on the left image are added together and divided by 9 to get 3. This value is 
placed at the center of the averaged pixels. 

In equation form: 
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W is the weight of each pixel in the neighbourhood 

mis the space (coordinate number) 
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The equation can be performed over a square with a dimension 2m+ 1, which means there are 

an odd number of pixels. Therefore, the neighbourhood size can only be 3x3, 5x5, 7x7, and 

so on. The weight, W, of each pixel refers to the relative importance of each neighbourhood 

pixel. A matrix (or kernel) must be constructed that accounts for the relative importance (or 

weight) of each neighbour. 

Figure 15 A simple smoothing kernel. 
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Figure 15 could be used as a 3x3 kernel, although typically the values are not all unity. 

Nevertheless, the above kernel has a major drawback. Because all the weights are equal 

edges tend to be blurred. 

The kernel's size can be increased. However, the increase in size results in further edge 

blurring. The amount of blurring can be reduced by making the integers in the kernel non-

unity. By specifying values that are non-unity, the relative importance of the pixels can be 

dictated. The kernel used in this program is: 

1 4 1 

4 12 4 

1 4 1 

Figure 16 A weighted smoothing kernel. This is the kernel used in this research. 

This kernel ensures that the central pixel is dominant. Also, by weighting the diagonal and 

orthogonal values as 1 and 4 respectively, the pixels farthest away from the central pixel are 

given the least weight. Once this kernel has been applied, the result must be normalized. In 

this case, this means that the result is divided by 32. It should be noted that the shape of this 

filter is approximately Gaussian. This means that the profile of the integers along any row, 

column or orthogonal through the center approximate a Gaussian function with a standard 

deviation is 0.391 pixels (or 68% of the magnitude of the coefficients are within 0.391 pixels 

of the center). 

Similar results could have been obtained by converting the image into the frequency domain. 

However, there was no added benefit and, actually, the computational time to perform a 

Fourier transform and inverse Fourier transform was longer. Also, going into the frequency 

domain added unnecessary complexity to the problem. 

Weighing the advantages and disadvantages of smoothing, the 3x3 kernel shown in Figure 16 

was applied twice. This removed the majority of the visible random noise. Increasing the 

size of the kernel or the frequency of application produced no benefits. 
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Figure 17 The left image is the original cropped image where certain intensities have been 
coloured to emphasise the effect of the filter. The right image is the resulting image after the 
filter has been applied. 

4.2.2 Removing Bias 

After removing the random noise, the next task is to remove the bias present in the system 

due to several factors such as object geometry, x-ray beam geometry and heeling effect. The 

object geometry can affect the path length of the x-ray. Since the object is circular, the 

beams traveling through the side of the column will go through less material than the center. 

As a result, the beam will attenuate less and there will be a gradient from dark in the middle 

to bright on the side. A conical x-ray beam increases this gradient. As a result, the x-ray 

beams on the outside of the cone will have a longer path length and less intensity following 

the Beer-Lambert relationship equation 27. The equation shows that, as the path length 

becomes longer, the beam is attenuated less. 

The last effect called the heeling effect, can be seen in Figure 18. Due to the anode angle, 

there is a brighter spot on the right hand side of the image. This is present in our system. 



Anode 

Central Ray 

31 56 73 85 95 100 103 104 105 102 95 

Figure 18 The heel effect. The numbers at the bottom represent a comparison of the 
intensities in relation to the central ray (Curry, 1990). 
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As a result of the above mentioned phenomena, a correction must be made to ensure 

uniformity across the image. To accomplish this, a background subtraction was performed. 

Before showing the effect of background subtraction, the details of choosing a background is 

discussed. 

4.2.3 Choice of Background 

While background subtraction initially seems simple, there are some complications. The first 

obvious complication is creating a background image. The background image in this work 

was constructed by averaging a series of images from the run. The theory is that, if the 

bubbles are randomly occurring, the brightness created by them in each frame should average 

out when a sequence of frames are averaged. Previous attempts were to use images from a 

non-fluidized column. However, this was not useful for the algorithm used in this study to 

determine the bubbles. The algorithm used in this study revolves around subtracting the 

background from an image and being left with only bright regions, or bubbles. Since a 

packed bed has a higher bulk density than a fluidized bed, because of decreased voidage, the 

images are darker. Since a dark image has lower pixel intensity values, upon subtraction 
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additional pixels remain. Therefore further modifications are necessary. Operating the bed 

at minimum fluidization to obtain a background image resulted in similar problems. 

The next choice was the number of frames that needed to be averaged to obtain a suitable 

background image. The average intensity of the images varies depending on the number of 

frames used. A test was performed to determine the "best" number of frames to average, by 

averaging a different numbers of frames and comparing the mean pixel intensity for the 

image was then found Figure 19. 
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Figure 19 Graph showing the effect of averaging different number of frames to get a 
background image. 

Figure 19 shows that increasing the number of averaged frames increases the mean intensity. 

The choice for the background was using 200 frames approximately half way through the 

sequence (frames 1500 - 1700). Using images halfway through the sequence minimized the 

effect of the fluctuating energy of the intensifier and generator. Figure 20 shows the results 

of scanning the same object for 1 minute. It further shows that the intensifier intensity 

deceases with time (since the images get darker). The object scanned was simply random 

objects that gave different intensities. 
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Figure 20 Graph showing the decrease in intensity with time. 
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Figure 20 reveals that as time progresses the energy drops off at the outset relatively rapidly 

and that after approximately one minute the average pixel intensity has decreased by about 1 

pixel value. 

The same comparison was attempted for an experimental run to determine if the average 

intensity remained constant, as seen in Figure 21. This figure shows that, at the outset, the 

average intensity decreases rapidly but stabilizes past approximately 500 frames. Therefore, 

when analyzing the images, only frames above frame 500 were analyzed to minimize the 

intensity drop off of the x-ray unit. 
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Figure 21 Variation of intensity for an experimental run. Shows that at about 500 frames the 
intensity stabilizes. 

As a result of the above mentioned phenomena, the background was chosen to be an average 

of 200 frames from frames 1500 to 1700 and the frames chosen for processing were only 

those above frame 500. The result of the background subtraction is shown in Figure 22. 

Looking at the filtered image minus the background image (Figure 22, right image), there is 

considerable speckling. While smoothing could be used to remove the speckling, due to this 

method's limitations, another method was chosen. Two useful image processing tools that 

reduce the amount of speckles or holes are opening and closing (Russ, 1999). The opening 

operation is an erosion followed by dilation (explained in section 4.2.4), while the closing 

operation is dilation followed by erosion. Both erosion and dilation can be applied to binary 

and grayscale images, however, use of these operations on binary images will be described, 

as this is easier. 
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Figure 22 The left image is the smoothed image. The middle image 1s an averaged 
background. The right image is the filtered image minus the background. 

4.2.4 Removing Speckling and Holes 

Essentially, a binary image has pixels that are on (value greater than zero) or pixels that are 

off (value of zero). Once an image is binarized, the object of interest usually has pixel values 

larger than zero and a background of zero. Erosion removes pixels, or turns pixels off that 

were on within a neighbourhood (the neighbourhood can be defined by the user). Ordinarily, 

a pixel will not be turned off unless four of its neighbours are off. Classically, erosion 

removes any pixel touching another that is part of the background. Therefore, if an image 

has speckling, it will be removed and, on large objects, a layer of the object will be removed. 

In contrast a dilation is the complimentary operation of an erosion. Dilation turns pixels on 

that were previously off which essentially fills in small holes. For a large object, a layer of 

pixels is added. If erosion and dilation were used by themselves, objects would change in 

size. However, by combining these operations in different orders, speckling can be reduced 

using the open operation, and holes can be filled using the closing operation, with the object 

remaining the same size. 
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With grayscale images there is a slight difference in how the operations are carried out, but 

essentially the outcome is the same. When a grayscale erosion is applied to an image, a pixel 

will keep the darkest pixel value (smallest value) of the defined neighbourhood pixels. In a 

dilation, a pixel will keep the lightest pixel value (highest value) of the defined 

neighbourhood pixels. The advantage of using opening and closing is that the size of objects 

does not change and edge definition remains sharp. 

Opening and closing operations are performed on the smoothed original image, minus the 

background, to reduce speckling and fill in holes as shown in Figure 23. 

Figure 23 The left image is the image after background subtraction. Notice all the speckling 
and holes in the "bubble." The left image after opening and closing operations have been 
applied. 

Once a final processable image is obtained, in which bubbles do not have holes or speckles, 

the next stage is to find the bubble boundary. The image (Figure 23 right hand image) shows 

the largest size the bubble could be including the bubble wake. The next task is to find the 

actual boundary of the bubble not including the wake. Part of the problem now faced is that 

some of the blobs identified as bubbles are actually two bubbles which can be seen by 

examining the behaviour of the bubbles in previous and subsequent frames. Therefore, an 

algorithm needed to be developed that can consistently separate bubbles. The problem with 
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previous software attempts (Li, 2000) was that a global threshold was used in order to 

determine bubble boundaries. However, while this is a good first attempt, by using what will 

be termed "local" thresholding, bubble boundaries are more accurately predicted. The next 

section will first explain the basis of global thresholding and then delve into "local" 

thresholding. 

4.2.5 Final Image Segmentation 

Typically, when images are segmented to separate an object from the background, a global 

threshold is used. This means that the user specifies a grayscale value so that every value 

either above or below ( or sometimes in between two values) is the region of interest and is 

therefore, separated from the image. The reason that global thresholding does not work in 

this study is due to the wake of the bubbles. Since a wake is present on all bubbles care has 

to be taken when distinguishing between small bubbles and the wake around large bubbles. It 

should be noted that the wake of the small bubbles is proportionally less than large bubbles 

(Rowe and Yacono, 1976). If global thresholding is used, it tends to either over-predict the 

size of the large bubbles and identify the smaller bubbles, or predict the size of large bubbles 

and not identify small bubbles. This can be explained by looking at the number of particles 

along the length of the x-ray beam. Since the amount a beam is attenuated is due in part to 

the amount of material along the length of the x-ray beam, it can shown that the amount of 

mass along a beam that passes through the wake of a large bubble can equal the amount of 

mass along a beam that passes through a small bubble. Figure 24 shows that the number of 

spaces along ax-ray beam in the wake of a large bubble can equal or exceed the number of 

spaces for a small bubble. The dark gray part of the image is assumed to be the bubble 

(fraction of solid is zero) and the spaces (light gray) are assumed to be spaces in the wake of 

the large bubble while black is the background. The numbers on top of the image are the 

total number of spaces added vertically (assumed path of the x-ray). 

The threshold for an image is an intensity value, which itself is proportional to the number of 

voids or particles along the path of the x-ray. Figure 24 shows that if the large bubble 
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boundary were chosen as cutoff, the segmented image would include any columns with a 

value greater than 4. Looking at the small bubble, this would only leave the central line (the 

column with 5 medium grey pixels), thus underestimating the size of the small bubble. 

0 3 6 10 13 12 14 17 20 20 15 14 14 10 4 2 1 0 00135 3 100 

Figure 24 Figure showing the number of particles in the wake of a large bubble can equal or 
exceed that of a small bubble. 

Conversely, if the small bubble boundaries were set as the threshold, then any column greater 

than or equal to 1 would be included. Therefore, the entire wake of the large bubble would 

be included in determining the size of the large bubble thus considerably over-predicting the 

size. From this example, it becomes apparent that global thresholding will not work for the 

images obtained in this study. 

Local thresholding uses successive erosion and logic to determine the number of bubbles in 

an image. Figure 25 shows the steps involved when separating the bubbles. The image 
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Figure 25 The steps for determining the bubble boundaries based on local thresholding. (a) is 
the original image, (f) image a thresholded at 0, (b) image a after one erosion, (g) if any new 
bubbles have separated compared with/ these bubbles are replaced, (c) image b after one 
erosion, (h) if any new bubbles have separated compared with g these bubbles are replaced, 
( d) image c after one erosion (i) if any new bubbles have separated compared with h these 
bubbles are replaced, ( e) image d after one erosion G) if any new bubbles have separated 
compared with i these bubbles are replaced. 

chosen for this example is one that after visually examining the images before and after five 

separate bubbles were identified. The present algorithm works by taking the original image 

and eroding the boundaries until the bubbles are separated. Stepping through the images in 

Figure 25, Figure 25a is the original image. This image is binarized and the result is stored in 

a separate image buffer, Figure 25f. The original image is then eroded by one intensity value 

as shown in Figure 25b. This image is binarized and also stored in a separate buffer as 

shown in Figure 25g. This image is then compared to the previous binarized image to see if 

any new bubbles have appeared. If any new bubbles are found, they are stored in the 

binarized buffer and only the bubble that is separated is changed while the other bubbles 



57 
maintain their maximum size. This continues for five iterations until the final image has 

separated the bubbles as seen in Figure 25j. Five iterations were chosen after examining 

many frames and determining when bubble separation had occurred and when "bubbles" 

were being artificially created by intensity variations in the real "bubbles." 

The last step in determining bubble boundaries is to superimpose the final binarized image as 

shown in Figure 25j, onto the background subtracted image (Figure 23) and to threshold the 

image at 30% of the maximum intensity of each individual bubble. A sensitivity test was 

done on this value, 30%, and it was found to be the best value based on visual inspection and 

matching correlations (Werther, 1978 and Kunii and Levenspiel, 1991). 

The output from this program is a text file that stores the following information: frame 

number, number of bubbles per frame, area of the individual bubbles, geometric centers of 

gravity in the x and y direction, minimum and maximum x and y value for the individual 

bubbles, first x and y point on the bubble boundary and the minimum, maximum and mean 

feret diameter. The measured quantities are illustrated in Figure 26. 
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Figure 26 Illustration of the measured properties determined by the bubble identification 
program. 
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Once these parameters have been identified, the next step is to track the bubbles from 

frame to frame so that bubble velocities can be calculated. This is done by tracking the center 

of geometry for the bubbles. While at first this seems trivial, it is actually quite complicated. 

4.3 Bubble Tracking 

The output file from the bubble identification program is a text file that contains the frame 

number and individual bubble properties for all the captured frames. Additionally, each 

bubble is given a "label", 1 to the number of bubbles in the frame, in the first program. The 

bubbles are labeled sequentially as they are met, scanning left to right and top to bottom. 

Problems arise if bubbles coalesce, break-up, go out of the frame, come into the frame, 

appear or disappear. This is because these actions change the relative labeling in successive 

frames. A simple example shows the difficulties with tracking bubbles. If there are four 

bubbles in one frame, with bubble one and two joining, and three bubbles in the next frame 

(Figure 27), without any logic statements which account for joining bubbles, the program 

would think the bubble labels match (i.e. 1 with 1 and 2 with 2 and so forth). However, since 

two bubbles have joined, bubble 1 in the next frame is actually two bubbles (1 and 2) in the 

previous frame. It can similarly be shown that other actions cause problems with matching 

bubbles. 

0 

frame 100 frame 101 

Figure 27 Image showing the problem with matching bubbles when bubbles join. 
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There is also one additional problem that arises because of the size of the images. Since the 

diameter of the image frame is only 13.5 cm, various camera heights have to be used in order 

to obtain a complete picture of the bubble properties for the entire height of the reactor. 

Because of the image edges (both top and bottom), sometimes only part of a bubble is visible 

in the frame as shown in Figure 28. As a result, when the center of geometry is calculated, it 

is, in actual fact, not of the "real" bubble but only a portion. Therefore, bubble velocities will 

be incorrectly calculated. 

The next section will describe the major details outlining how the program deals with partial 

bubbles and bubbles that join, break up, appear, or disappear. 

4.3.1 Partial Bubbles 

Problems arise if the bubbles are partially in the frame since their centers of geometric 

gravity do not coincide with the bubbles center of gravity as seen in Figure 28. 

Actual 'COG 

Calculated COG 
.___ I mage·frame 

Border 

Figure 28 Picture showing the difference between the real bubble's center of gravity and the 
calculated center of gravity based on the image frame. 

In order to account for partial bubbles, due to incoming bubbles and outgoing bubbles, 

modifications have to be made to the program. Outgoing bubbles are accounted for by 
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checking the frame after the current frame being processed. If there is a bubble that has a 

minimum point of O in they direction (top of the frame) then it is in the process of going out 

of the frame. If this is the case, then the properties of the bubble on the current frame are 

passed to the next frame. While the area of the bubble remains the same, the center of 

gravity is now shifted by the amount the bottom of the bubble moves. This continues until 

the bubble completely disappears from the frame. 

Bubbles entering the frame also require modification. When the data is read into the 

program, seven frames ahead of the one being processed are also read. If a bubble has 

"appeared" in the frame from the bottom, then a bubble that matches the space it occupies is 

found in subsequent frames. This is done by looking at the following frame and determining 

if the current partial bubble is within the bounds of a bubble in the next frame. This logic 

continues until a bubble is found in a subsequent frame that is completely within the image 

frame. 

4.3.2 Joining/ Break-up 

As mentioned above, the program reads bubble properties for the current frame being 

processed and seven subsequent frames. To determine if a bubble has joined, the program 

determines if any bubbles are within a certain distance of each other. The distance is 1.4 cm 

in the axial direction and 1.3 cm in the radial direction. This value was arrived at through 

trial and error. If any bubbles are within this distance, the labels are recorded. The program 

"double checks" to make sure that, in fact, the bubbles have joined. This is done by checking 

the next frame and determining how many bubbles are within the area of the potentially 

joined bubbles. While this is the basic method of determining joined bubbles, there are some 

complications. 

For example, if three bubbles were at first identified as joining but, in fact, only two of them 

join, there is a problem. Finding the two bubbles with the minimum separation distance and 

assuming they join rectifies this problem. 
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The logic for bubbles breaking up is the same as joining except, the next frame 1s 

examined to see if any bubbles are within "joining" distance. In other words, it must be 

determined if there are fewer bubbles in the current frame than in the subsequent frame. 

4.3.3 Appear and Disappear 

Once all the options are tested, the last task is to match all the remaining bubbles that have 

not been identified as joining or breaking up. This is additionally necessary as bubbles 

sometimes randomly appear and disappear. An assumption is made that bubbles can only 

travel so far from one frame to another (based on literature). A large bubble's center of 

geometry must be within the area of the bubble in the previous frame (plus 1 cm in the y 

direction) and small bubbles can only travel 1 cm in the radial direction and 2.5 cm in the 

axial direction. These values were arrived at through trial and error. As a result, if a bubble 

is within this range, it is matched, if not, the bubble has either appeared or disappeared. 

4.4 Validation of Bubble Tacking Program 

To validate the software developed for this work, data sets were created to simulate bubble 

movement. Bubbles were drawn on graph paper, representing the image grid, which is the 

resolution of the image. The bubbles were then "moved" to simulate the actions of real 

bubbles in the experiments. Once it was determined that the program could pick up these 

actions, the program was tested on a trial set of data. Several parameters had to be adjusted 

through trial and error in order for the program to track the bubbles correctly. 

Once the trial sets of data were analysed with suitable accuracy, the next step was to perform 

an experiment using particles that gave good contrast, and had been used by other 

experimenters in literature. The choice for the solid phase was glass beads with a mean size 

of 200 µm. These particles were Geldart B and, due to the density of these particles 2480 

kg/m3 compared with polyethylene 850 kg/m3
, the contrast was superior and the bubble 

boundaries were easier to resolve. In addition, the experimental results were used for CPD 

model validation ( chapter 8). 
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4.4.1 Experimental Conditions 

The experiment was conducted using the conditions mentioned in chapter 3. Aside from the 

generic reactor configuration, settings on the fluoroscopy unit are tabulated in Table 3. 

Table 3 Fluoroscopy unit and image acquisition program settings 

Fluoroscopy Unit 
_v_o_l_ta~g_e __________ 70kVp 

current 4. 6 mAs 

Image Acquisition Program 
Brightness 108 ----------
Contrast 152 ----------
Im age size 640 x 480 

f----""--------------+--
N umber of frames collected 3600 
f---------------+--

F ram es per second 30 frames/ s 

As mentioned above, the solid phase was chosen to be glass beads with a mean particle size 

of 200 µm and a narrow size distribution, 150 to 250 µm. The experiments conducted are 

listed in Table 4, with the minimum fluidization velocity being 9.3 cm/s. The height, which 

is measured to the bottom of the frame, was 2.85 cm (closest the camera could get to the 

bottom), 16.35 and 29.85 cm above the distributor. 

Table 4 List of the experiments conducted on glass beads. 

Minimum Fluidization Umf ----
1.25 Umf 
1.5 Umf 
2.0Umf 

4.4.2 Results and Validation 

The bubbles from the images were analysed using the program previously discussed in this 

chapter. Raw data for the experimental results are presented in chapter 5 for polyethylene, as 
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this is ultimately the system of interest. The results offered here are simply presented to 

validate the program and experimental techniques developed for this study. This is 

accomplished by comparing the results with correlations found in literature without any 

physical interpretation. 

The first feature examined was the distribution of bubbles in the column. According to 

literature, there should be more bubbles at the bottom of the column and, because they 

coalesce, fewer bubbles occur at higher points in the bed as shown in Figure 29. 
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Figure 29 Bubble distribution in the column. The discontinuities are caused by overlapping 
data sets which results in double counting above and below the top of the camera, 16.35 and 
29.85 cm. 

Looking at other distribution graphs, the distribution unfolded as expected. Figure 30 shows 

the distribution of bubble sizes and as expected, shows a significant number of small bubbles 

and fewer large bubbles. Similarly, in Figure 30, the distribution of axial velocities follows a 

Gaussian distribution, as expected. 
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Figure 30 Upper graph shows the bubble diameter distribution. The lower graph shows the 
axial velocity distribution. 
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Once it was determined that the distribution of bubbles looked "as they should," the 

average bubble diameters and velocities were calculated to determine if they compared with 

correlations in literature. While there are some bubbles with negative velocities ( attributed to 

mismatched bubbles), which was not observed in viewing the images, they constitute a small 

fraction of the overall velocity distribution. The average bubble diameter is comparable with 

a correlation by Werther (1978) as shown in chapter 2, and the correlation by Mori and Wen 

(1975). However, it appears to taper off at higher bed heights, as seen in Figure 31 , which 

could be due to the scale of the reactor or the range of validity of the correlations being 

different than the experimental conditions. 
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Figure 31 Graph showing the average bubble diameters as a function of bed height. 

The average axial velocity, as seen in Figure 32, also follows trends found in the literature. 

While the absolute value for the bubble velocity is different in Figure 32, the shape of the 



curve is comparable to the correlation of Kunii and Levenspiel (1991) using the single 

bubble velocity of Wallis ( 1969), which accounts for wall effects. 
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Figure 32 Figure showing the average axial velocity as a function of bed height. The 
difference in the correlations is that KL Wallis uses a correlation by Kunii and Levenspiel 
(1991) based on data by Werther (1978) using the velocity of a single bubble by Wallis 
(1969). KL Davidson uses the single bubble velocity proposed by Davidson and Harrison 
(1963). 

4.4.3 Accuracy 

Aside from the errors introduced in defining the boundaries of the bubble, using x-ray 

fluoroscopy as discussed in chapter 3, there are additional errors purely associated with 

image processing. The most obvious is spatial discretization. Since the images have a 

limited resolution, so too do the calculated bubble sizes. With the size of a pixel being 

equivalent to 0.357 mm, the absolute error is of this magnitude. Young (in Muddle et al., 

1994) showed that the relative error, due to spatial discretization, s in the computed area of a 

digitized circle is a decreasing function of the number of pixels, S per diameter: 
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; = o.s8ss-1.6 (32) 

Therefore, smaller diameter bubbles are more prone to errors in determining the size. 

Table 5 The relative error for determining the size of a circle according to Young. 

Bubble Size ( cm) Number of Pixels Error 

1 28 0.3% 

3 84 0.05% 

6 168 0.016% 

demonstrates that the relative error in calculating the bubble diameter, caused by spatial 

discretization, is minimal. 

The second "major" source or error is time discretization. Since the frames are "grabbed" at 

a frequency of 30 Hz, and the frame consists of 340 horizontal lines, the time interval 

between two consecutive lines is, Li-tu= 98 µs. The bubble velocities are approximately 35 

cm/s therefore, combined with a pixel resolution of ~p = 0.357 mm, the relative error can be 

calculated according to the following equation. 

(33) 

Which means the relative error is approximately 1 %. 

This means that there is a relatively small error when calculating the center of geometry. 

Since the error introduced by imaging is small, the majority of the error introduced into 

calculating the velocity of a bubble will arise from the changes in bubble shape, and size 

from frame to frame, which can be quite dramatic. 
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Chapter 5 

Polyethylene Results 

Chapter 5 will examine results obtained from experiments conducted using polyethylene for 

the solid phase and air for the fluid phase. Raw data from a settled bed height of 40 cm will 

be presented, followed by results from a settled bed height of 60 cm, and results obtained 

using particles of a different mean size but the same particle size distribution. While the 

main properties examined are the bubble diameter and axial velocity, other properties are 

examined to help elucidate the behavior of bubbles in the reactor. 

5.0 Solid Phase and Fluid Phase 
The solid phase used in these experiments was a linear low-density polyethylene (LLDPE), 

which has the same appearance as laundry detergent. The sample used has a wide particle 

size distribution ranging from fines, particles less that 100 µm, to particles larger than 1500 

µm. The bulk density of the polyethylene particles, measured in the laboratory, was 850 kg/ 

m3 (Wright 1999), which agrees with results obtained by Gobin et al. (2001) and Newton et 

al. (2001). 

Unlike glass beads, which are typically used in fluidization experiments, polyethylene 

particles are porous and irregular in shape, as shown in Figure 33. For all the experiments 

conducted, the fluid phase (gas) for these experiments was air at ambient conditions. The 

experimental setup is described in chapter 3. 

5.1 Data for a Settled Bed Height of 40 cm 
The first set of experiments was conducted to determine the properties of the bubbles using a 

settled particle bed height of 40 cm. The raw data will be presented from experiments 
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Figure 33 Micro CT picture of a 650 µm polyethylene particle showing the non-spherical 
shape and porous nature (Reiber, 2002). 

using a superficial gas velocity of three times minimum fluidization velocity to demonstrate 

the distribution of the data and then averaged to determine trends. 

5.1.1 Bubble Distribution 

Before analyzing the diameters and velocities of the bubbles, the gross distribution of 

bubbles in the bed was examined. According to literature, the number of bubbles should 

decrease with increased height above the distributor, as shown in Figure 34. Figure 34 

agrees with what is observed visually, in that there is a larger number of bubbles near the 

distributor with fewer at higher bed heights, due to bubbles coalescing. 

5.2.2 Bubble Diameter 

The first property examined was the bubble diameter, which can be difficult to define due to 

the irregular shape of the bubbles in a bubbling bed. While the program created can 

determine the feret diameter of the bubbles, authors in literature use an effective bubble 

diameter. The effective diameter is calculated assuming that the bubbles are spheres. As 

such, since the present images are two dimensional, the diameter of the bubbles are 

calculated assuming the area of the bubble, calculated by the program, is that of a circle. 

Therefore the effective diameter of the bubble can be calculated as: 
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Figure 34 The distribution of bubbles throughout the column. This figure shows that the 
number of bubbles become less farther away from the distributor. 

db = ( 4 x Total_ are;_ of_ bubble )o.i (34) 

The feret diameter, calculated in the program, is a more accurate measurement of the bubble 

diameter since it does not assume the bubble is a circle. Instead, it calculates the length of a 

chord that joins two points on the surface of the bubble. Determining this length at eight 

different angles, the program then outputs the minimum, maximum, and mean feret diameter. 

These values give a better idea of the shape and size of the bubbles. However, a considerable 

portion of the work is a comparison with literature and, as a result, the effective diameter is 

used as a basis for comparison. 

The effective bubble diameters can be plotted and compared to the bed height as seen in 

Figure 35, to get a feel for the size and distribution of the bubbles in the reactor. 
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Figure 35 The raw data of the effective bubble diameters showing the wide distribution of 
sizes. 

Figure 35 demonstrates that, at every bed height, there are small bubbles, which is confirmed 

by visual observation. The scatter in the data also agrees with observations by other 

researchers (Goddard and Richardson, 1968; Miwa et al., 1971 and Werther, 1973). 

The bubble diameter distribution was also examined, as seen in Figure 36. As expected, 

Figure 36 shows what is visually observed, that there are a large number of small bubbles 

and fewer large bubbles. The results, when plotted using a logarithmic scale, showed a near 

logarithmic normal distribution as shown in Figure 3 7, which agrees with Yoshioka et al. 

(1984). 

The deviation at lower bubble diameters can be attributed to the difficulty in detecting small 

bubbles. In addition, since the majority of the small bubbles appear near the distributor, there 

are problems with separating these small bubbles that occur in a swarm. 
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Figure 37 Bubble size distribution plotted on a logarithmic scale showing a nearly normal 
distribution, except at lower bubble diameters. 

72 



73 
The distribution of bubble diameters at binned bed heights further determines the 

distribution of bubble diameters. The best way to visualize the distribution is on a 3-

dimensional graph, seen in Figure 38, where the z-axis is the binned bed heights. The bubble 

properties are binned in 4 cm intervals to produce the graph. To clarify this graph, individual 

distribution graphs are displayed in Appendix C. 
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Figure 38 Three dimensional graph showing the distribution of the bubbles diameters at 
different binned heights. This shows that at all bed heights small bubbles are present. 

It is interesting to note that, at higher bed heights, the fraction of small bubbles present is 

significant. This is confirmed by examining the images. In many instances, small bubbles 

appear and disappear "randomly" at all bed heights. Sometimes these small bubbles do not 

coalesce but travel axially without interaction. It should also be noted that the distribution of 

bubble diameters is not uni-modal. 

The next step was to average the bubble diameters over the binned bed heights. While 

statistically taking the mean of a sample that is not uni-modal (see Figure 38) is incorrect, it 



does provide a means of comparison with other correlations and gives a feel for the 

predominant bubble size. The averaged results can be seen in Figure 39. 
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Figure 39 Average bubble diameter as a function of bed height. This graph also shows the 
difference between the average ferret diameter and the effective diameter. 

Figure 39 shows a companson of the effective and feret diameter with correlations by 

Werther (1978) and Mori and Wen (1975). Reviewing the correlations in chapter 2, most of 

them converge or predict values close to the correlation by Mori and Wen ( 197 5) when using 

Geldart B particles. Horio and Nonaka (1987) proposed a bubble diameter correlation that 

takes into account break-up and coalescence with a variety of particles including Geldart A. 

However, they note that, for Geldart B particles, their correlation converges to that of Mori 

and Wen (1975), as discussed in section 2.4.5. It is also noted that the predictions by Darton 

et al. (1977) are close to those by Mori and Wen (1975), while those of Rowe and Yacono 

(1976) are somewhat higher. The more complicated correlation by Choi et al. (1998) 

predicts bubble diameters that agree with those of Horio and Nonaka (1987), which, as 
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previously stated, converge to Mori and Wen (1975) for Geldart B particles, although for 

this case they followed the values of Rowe and Yacono (1976). These correlations are plotted 

together in Figure 40 to show the variability in the correlation predictions. 
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Figure 40 Comparison of various bubble diameter correlations for experimental conditions. 

Since the results in Figure 39 matched the correlations by Mori and Wen (1975) and Werther 

(1978), they will be used for future companson. 

As mentioned the results are comparable with the correlation by Werther (1978) for Geldart 

B particles. This is interesting as the correlation by Werther (1978) is applicable for: 

dt> 0.2 m 1 ::S Umf ::S 8 emfs 

100 ::S dp ::S 3 5 0 µm 5 ::S Uo - Umf ::S 30 emfs 

and the correlation by Mori and Wen (197 5) is applicable for: 

dt ::S 1.3 m 0.5 ::S Umf ::S 20 cm/s 

60 ::S dp ::S 450 µm Uo - Umf ::S 48 cm/s 
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with the present experiments being conducted using: 

dt = 0.1 m Umf = 7.7 cm/s 

dp = 850 µm Uo - Umf = 15.4 cm/s 

There are additional complications when looking at the correlations. The correlation 

proposed by Mori and Wen (197 5) is not meant for the slugging regime, which is defined by 

Mori and Wen (1975) as occurring when the diameter of the bubble is 0.3 times the diameter 

of the column. For these experiments, due to the nature of the reactor size and the particle 

type, the majority of the experiments were conducted in the slugging regime (Mori and Wen, 

1975) or in the transition to slugging regime. Slugging is defined by Grace in Kunii and 

Levenspiel (1991) as occurring when the diameter of the bubble is 0.6 times the diameter of 

the column. It should also be noted that, for the development of the correlations, the data 

used was for systems where the particles were glass beads, silica and other dense materials. 

Figure 39, suggests that there are other factors affecting the fluidization characteristics. The 

absolute size difference could also be a result of differences in the definition of the bubble 

boundary, which must be more clearly defined in literature. This being said, while the 

absolute values for the bubble diameters does not exactly match, the growth trend is 

comparable. 

Additionally, it should be noted that there is a difference between the feret diameter and the 

effective diameter. Clearly the shape of the bubble are not circular in these images and 

examining the ratio of the maximum to minimum feret diameter, Figure 41, the ratio deviates 

from one significantly. 

5.2.3 Axial Bubble Velocity 

The bubble axial velocities were calculated based on the movement, from frame to frame, of 

the geometric center of the bubbles, which were identified by the program described in 

chapter 4. Figure 42 shows the bubble axial velocities plotted as a function of the bed height. 

Similar to the plot for bubble diameters, seen in Figure 35, there is considerable scatter in the 

velocities, which is consistent with literature. 
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Figure 41 Ratio of the maximum feret diameter to the minimum feret diameter showing that 
the bubbles are not circular, since the ratio for a circular bubble would be 1.0. 
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As with the bubble diameters, the distribution of bubble velocities were examined to 

ensure a proper distribution and to ensure there was not a large number of negative bubble 

velocities, since bubbles were not observed traveling down the column (although further 

analysis should be done). It should be noted that some bubbles appear to be stationary voids, 

created by channeling and change in shape, which can cause negative axial velocities. 

Negative bubble velocities were attributed to bubbles being matched incorrectly. The 

frequency distribution, seen in Figure 43, shows that the distribution is, as expected, 

Gaussian, with a few bubbles traveling quickly (as they coalesce). There is also a small 

fraction of negative velocities, which were discarded in the averaging process. 
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Figure 43 Frequency distribution of bubble velocities. 

The distribution of the bubble velocities follows an almost uni-modal distribution, as shown 

in Figure 44, a 3-dimensional distribution graph. Once again, the individual distributions for 

the velocities are in Appendix D, similar to the bubble diameter distributions. 
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Figure 44 Three dimensional graph showing the distribution of the bubbles velocities at 
different binned heights. 

Due to the near Gaussian distribution of the axial bubble velocities, averaging the bubble 

velocities is statistically valid (as opposed to averaging the bubble diameters). By averaging 

the bubble velocities in the same manner as the bubble diameters, Figure 45 is obtained. 

Figure 45 shows a strong agreement between the correlation of Kunii and Levenspiel (1991) 

while taking into account wall effects (Wallis, 1969), and the experimental results. The 

choice of this correlation stems from the inadequacy of the other correlations for this system. 

Davidson and Harrison's (1963) correlation is based on the two-phase theory which 

according to Kunii and Levenspiel (1991), does not fit well with experimental findings. 

While the correlation by Werther (1981) is complicated, because it requires knowledge of the 

visible bubble fraction, the correlation by Kunii and Levenspiel (1991) based on the data by 

Werther (1978) is more suitable for Geldart B particles. Figure 46 shows a comparison of 

the axial bubble velocity correlations. 
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Figure 45 Average axial bubble velocities obtained experimentally with correlation by Kunii 
and Levenspiel using diameters from Mori and Wen and experiment 

After examining the correlations plotted in Figure 46, it became apparent that there was a 

considerable difference in the predicted axial velocities between different models. It was 

noted, due to the scale of the current system, that the bubbles tended to travel quite slowly. 

As a result, the correlation by Kunii and Levenspiel (1991), including wall effects, matched 

the experimental results the best and was used for comparison. 

Binning the experimental bubble diameters, in 1 cm increments, the axial velocities of the 

bubbles can be calculated and compared with the correlation by Kunii and Levenspiel ( 1991) 

as shown in Figure 4 7. Once again the axial velocities for the respective bubble diameters 

adequately match the correlation by Kunii and Levenspiel (1991), with the maximum relative 

difference being 10%. 



120 .-...... -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -_ -~ ----------- ---------------
• KL using Davidson and Harrison 

(1991) 
.-. KL using Walli s (1991) 

100 
• Davidson and Harrison (1963 

"1:---------:>.,_-- ------ ----------- . ~ · ········• ···· . . 
u, 80 e e 

• Werther using Davidson and 
Harrison (1981) 

• Werther using Walli s (1981) 

• 

. . • 
. . . . . . • 

• • • • • 
• • • 

• • • • • • Ill 

• • • 

. 
·g 60 +--- - ------················: . - •---------

• • • 

... 1 
• • • Ill 

> 
1ij ·x 
<( 

• • • . • • 

• • 
• 

• • • • . • • . • • • • • 
40 • • • . . • • 

Ill II I • A ... 
A A • • A .. • . ... • Ill 

20 

• . • • • • 

• • 
• • • 
L il,. .. .. .... A A .. 

. . . 
• Ill • 

0+--------,c-----~----~----~---~----~----~-------l 
0 5 10 15 20 25 30 35 40 

Bed Height (cm) 

Figure 46 Comparison of the correlations for bubble axial velocity. 
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Figure 47 The average axial bubble velocity for binned bubble diameters compared with a 
correlation by Kunii and Levenspiel. 
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5.3 Comparison With Other Superficial Gas Velocities 
The results in section 5.2 are a sample of the total data collected. Rather than present the raw 

data, the purpose of this research was to determine the effect of certain parameters on the 

bubble properties and draw some conclusions. In addition, these experiments were used to 

determine the sensitivity of the software and experimental techniques. 

The first parameter varied was the superficial gas velocity. Experiments were conducted at 

superficial gas velocities of 2.5, 3.0, and 3.5 times minimum fluidization. The lower range 

was chosen as this was the lowest velocity at which bubbles first formed. The upper value 

was chosen because above 3.5 times minimum fluidization, the flow was predominantly 

slugging. 

Figure 48 is a comparison of images from 2.5 to 3.5 times minimum fluidization. These 

images were obtained from the different camera heights and pasted together to give an idea 

of the "look" of the bed at the different velocities. While Figure 48 does not provide any 

quantitative information, it does give an idea of the general "look" of the bubbles at different 

fluidization velocities. After comparing the images, it is apparent that there is an increased 

number and size of bubbles at higher superficial gas velocities, which will later be confirmed 

graphically. 

5.3.1 Effect of Superficial Gas Velocity on Average Bubble Diameter 

The average bubble diameters, at 4 cm binned bubble heights, for the different gas velocities 

were calculated and plotted to determine trends, shown in Figure 49. 

Figure 49 shows that, as the superficial gas velocity increases, the average bubble diameter 

increases. This agrees with two-phase theory, which states that any air in excess of that 

required for minimum fluidization will form bubbles. This also agrees with the correlations 

presented in chapter 2 (Mori and Wen, 1975; Rowe and Yacono (1976); Darton, 1977; 
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Figure 48 Image comparison for the different fluidization velocities. From left to right the 
velocities are 2.5, 3.0 and 3.5 times minimum fluidization. 

Werther, 1978; Horio and Nanaka 1987 and Choi et al. 1998), where every correlation 

predicts there will be larger bubbles at higher superficial gas velocities. This being said, the 

correlation of Werther (1978) does not predict as great an increase as the experimental 

values. 
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Figure 49 The effect on bubble diameter woth different superficial gas velocities. 
Correlation is by Werther (1978). 

5.3.2 Effect of Superficial Gas Velocity on Average Bubble Velocity 

The next property examined was the effect of superficial gas velocity on the axial velocity of 

the bubbles, shown in Figure 50. Figure 50 does not show a definite trend, although there 

does appear to be a slight increase in the bubble velocity as the superficial gas velocity is 

increased. By binning the bubble diameters, in 1 cm increments, and averaging the 

velocities, the effect of different process conditions on similar size bubbles can be 

determined, as shown in Figure 51. 

Figure 51 shows that bubble velocities do not appear to significantly change with a change in 

superficial gas velocity. The velocity correlation by Kunii and Levenspiel (1991) suggests 

an effect of the gas velocity on the bubble velocities. However, for the present system, the 

correlation by Kunii and Levenspiel (1991) does not predict a noticeable increase in the 

bubble velocities, as shown in Figure 52. 
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Figure 50 Bubble velocities at different superficial gas velocities. 
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Figure 52 Kunii and Levenspiel correlation for the bubble velocities using Ubr for Wallis 
taking into account wall effects. Showing that for the present system there is little effect of 
the gas velocity on the bubble velocities. 

Once it was determined that this program produced results comparable to those in literature, 

the next step was to vary some process parameters that could be altered in a commercial scale 

reactor. It should be noted that, while these properties can be varied in theory, in a 

commercial reactor there may be other reasons why they are not. The results reveal the 

effect of the settled solids bed height and the effect of particle size on bubble properties. 

5.4 Solids Settled Bed Height Comparison 
The bed height was varied to determine the effect of the added height and weight on the 

properties of the bubbles. While conventional wisdom is that the bed height does not affect 

the bubble properties, there have been no studies to confirm this claim (Grace, 2003). For 

this study, the bed height was varied from 40 cm to 60 cm, while maintaining the same 

fluidization velocities of 2.5, 3.0 and 3.5 times minimum fluidization. 
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When the settled bed height was changed, the first property studied was mm1mum 

fluidization. The minimum fluidization velocity for the increased bed height remained the 

same, which agrees with literature. The lack of bed height in correlations can be understood 

by looking at the force balance at the onset of fluidization where: 

(drag force by upward moving gas)= (weight of all particles) 

On the other hand, it appears that the bubble properties are affected by the bed height as 

shown in Figure 53, which is contrary to conventional wisdom. While the bubble diameters 

seem to be dependent on the superficial gas velocities, the axial velocities are independent as 

shown in Figure 54. 

Examining Figure 53 and Figure 54, it appears as though the settled bed height does affect 

the size of the bubbles. In fact, as the bed height is increased, the bubble diameters decrease. 

The velocity, on the other hand, appears independent of bed height, except for 2.5 times 

minimum fluidization, which could be a result of sporadic formation of bubbles). 

At present, the only explanation for the decrease in bubble size is that there is an increase in 

pressure at the bottom of the reactor, where the pressure at any height H is given by: 

(36) 

As a result, the increased pressure might suppress the formation of bubbles. However, this 

theory loses credibility because the bubbles should be the same at 20 cm from the distributor 

(in the 60 cm settled bed) compared with bottom of the 40 cm settled bed, since the pressure 

would be the same at this height in both systems. Therefore, there must be another 

phenomena such as pressure waves that creates the differences. 
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Figure 53 Comparison of average bubble diameter for a bed height of 40 and 60 cm at 
different superficial gas velocities. 
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5.4.1 Averaged Axial Bubble Velocities for Binned Bubble Diameters 

The bubbles were binned into different diameters and the average velocities were then 

compared with those of the lower bed height shown in Figure 55. 
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Figure 55 The effect of bed height on the average axial velocity. Top figure is for 2.5 Umf, 
middle is 3.0 Umfand the bottom is for 3.5 Umf• 

Although there is considerable scatter in the velocities, there does not appear be an effect of 

bed height on the average axial velocity, except at the lower velocity of 2.5 times minimum 

fluidization ( due to sporadic bubble formation) and the larger bubble diameters. 

5.5 Effect of Particle Size and Distribution 
Particle size plays an important role on the fluidization characteristics of a bed (Ghasem, 

1999). Since the particle size and distribution can be varied (Grace and Sun, 1991), it is an 

important parameter to investigate. One of the first investigators in fluidization was Geldart 

who developed a classification for different size and density particles, described in Appendix 
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A. However, it should be noted that this classification system is quite broad and that 

within each category there are variations that can be unaccounted for in current literature. 

From Geldart's description, it is apparent that the polyethylene particles do not fit any of the 

categories exactly. Looking at Figure 92 though it would appear that the particles fall within 

the Geldart B range. Previous work has been conducted to determine the effect of fines, 

which vary the particle size distribution, on the performance of the fluidized bed reactor. 

Fines are commonly defined as particles less than 44 um (Grace and Sun, 1991). Adding 

fines was found to decrease the minimum fluidization velocity (Agarwal and Davis, 1966 in 

Grace and Sun, 1991 ), increase bed expansion ( de Groot, 1967 in Grace and Sun, 1991 ), and 

decrease the distinction between bubbles and the surrounding dense phase (Lockett and 

Harrison, 1967). More recently, studies have confirmed the above observations. For 

example, Werther (1984) observed that increased fines lead to smaller bubbles and higher 

inter-phase mass transfer coefficient, which is beneficial. 

In this study, an experiment was completed to determine the effect of the mean particle size 

on the properties of the bubbles. The particles were sieved into three mean sizes of roughly 

equal distributions, seen in Table 6. The assumption is that the morphology and density of 

the particles are independent of the size. Therefore, in this experiment, the only parameter 

being studied is the effect of particle size. 

Table 6 Particle size, distribution and minimum fluidization velocity. 

Particle Size (µm) Minimum Fluidization Velocity 

(emfs) 

0-425 3.9 

425 - 707 9.5 

707 - 1000 20.3 

All (mean= 850) 7.7 
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Table 6 shows that, as the particles become smaller, the fluidization velocity decreases. It 

is also important to note that the minimum fluidization velocity of the total sample does not 

follow the same trend. Instead, the minimum fluidization velocity for the total sample lies 

below the trend for the relatively narrow particle size distribution, as shown in Figure 56. 
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Figure 56 The minimum fluidization for different sized particles, showing that the total 
sample minimum fluidization velocity does not follow the same trend. 

The difference in the minimum fluidization velocity makes sense, if the Reynolds number for 

a single particle at terminal settling conditions (Syamlal, 1990) is examined. Terminal 

settling condition is examined because the correlation for minimum fluidization, proposed by 

Syamlal (1990), is built upon this parameter. 

Re = ((4.8 2 + I 3 )°'5 
- 4.8] 2 

s 1.26 
(37) 



From this relation, it is apparent that the particle Reynolds number is proportional to the 

Archimedes number (Ar), which is defined as follows: 

3 
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A _ PI gd P ( ) _ gravitational_ forces 
r - 2 Ps - P1 -

µf ~mw_fo~~ 
(38) 

As the diameter of the particle increases, the gravitational forces also increase which results 

in an increase in the Archimedes number. The result is that, the larger particle, the larger the 

velocity required to suspend the particle. Hence, the minimum fluidization velocity is also 

greater. 

To compare the results for the different particle sizes, a superficial gas velocity was chosen to 

maintain a constant differential velocity between minimum fluidization and the operating 

superficial gas velocity. This choice stemmed from examining the velocity correlations 

outlined in chapter 2 which predicts the velocity of the bubble based on the differential 

velocity. To compare with data obtained for the total sample size, a velocity of 11.55 cm/s 

above than minimum fluidization velocity was chosen. This corresponds to the velocity 

difference between minimum fluidization and 2.5 times minimum fluidization, for the total 

sample. 

5.5.1 Bubble Diameter for the Various Particle Sizes 

At a superficial gas velocity of 11.55 cm/s greater than minimum fluidization, bubbles did 

not appear in the large particle bed, even though the bed had expanded to approximately 47 

cm from a bed height of 40 cm. As a result, the velocity was increased until bubbles were 

noticed. However, there did not seem to be any "good" bubbles. Instead, the bubbles 

became flat slugs typical of Gel dart D particles seen in Figure 57. Yet, examining the 

Geldart classification chart, Appendix A, these particles are Geldart B. 
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Figure 57 Thin wispy slugs produced in the 707 - 1000 µm size particle bed. 

Increasing the gas velocity from 32.15 cm/s to 40 cm/s resulted in slugging. This occurred 

even at a bed height of 15 cm. As a result of the slugging, the data was not analyzed since 

slugging is a phenomena associated with small-scale reactors. It should be noted that similar 

results were obtained by Cransfield and Geldart (1971), who did experiments on large 

particles (1000 to 2000 µm) and found that lentil shaped bubbles, similar to the one shown in 

Figure 57, formed. 

The results from the other two particle sizes were analyzed to determine the effect of particle 

size on the bubble diameter and velocity, shown in Figure 58 and Figure 59 respectively. It 

becomes apparent that there is a large difference in the bubble properties and that smaller 

particles breed larger, faster bubbles. This is almost in contradiction to literature. Looking at 

the Geldart classification of particles the smallest particle sample falls within the range of 

Geldart A. However, if these were Geldart A then the bubble should "grow quickly to a few 

centimeters in size and stay that size" (Kunii and Levenspiel, 1991, pg 144). In addition the 
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bubbles in Geldart A samples are small at high superficial gas velocities. It is apparent 

that either the gas velocity in this study is not high or these particles do not fall within this 

category. 

Early results obtained by Rowe and Yacono (1976) suggest that, while the particle size has 

an effect on the velocity of the bubbles, it does not on the bubble diameters. However, it 

should be noted that their choice of particles were Geldart A and the particle sizes were 

between 40-260 µm. The results obtained in this research agree in part with those obtained 

by Wiman and Almstedt (1998). Wiman and Almstedt (1998) conducted experiments using 

two different mean sized silica sand particles of 450 and 700 um. Their goal was to compare 

certain properties at different velocities and pressures. The bubbles showed significant 

differences with the average velocity of the bubbles in the smaller particle bed being larger. 

However, there is no comment on the effect of bubble diameter. 

5.5.2 Binning Diameters 

When the bubbles are binned into 0.5 cm groups, the effect of the bubble velocities becomes 

apparent. Correlations in literature account for the difference in superficial gas velocity and 

in minimum fluidization velocity. Therefore, according to the correlation, as long as the 

difference is kept constant, the bubble velocities should remain constant. However, it 

becomes apparent by looking at Figure 58, Figure 59 and Figure 60 that this is not the only 

factor that affects the velocity of bubbles. These factors should be identified and examined 

to develop correlations that can be used for a wide variety of particles under different 

conditions. 

5.6 Images of Bubbles Joining 
Lastly after looking at thousands of frames, there is one visual observation of note. When 

bubbles joined, the lower bubble caused the surface of the upper bubble to erupt, as seen in 

the sequence of frames in Figure 61. The only previous images that showed bubbles joining 

was in research by Yates et al. 1994, who showed an image sequence of bubbles joining for a 

bed of solids with a particle density of 1770 kg/m3
• Their images showed a more controlled 
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Figure 58 The effect of particle size on bubble diameter. 

45 

40 

35 

ci, 30 s e 
25 

·c:; 
0 -;; 

20 > 
16 ·x 
<( 15 

10 

5 

0 

--·--·"• -------- ·•----
_,,,,,,/ 

,,,,/ ------
/ ---_f:----------

4---------------------------------------- ---
-+-0-425 um 

+------------------------------1 -- a - 425 - 707 um 

-••- All 

0 5 10 15 20 25 30 35 

Bed Height (cm) 
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Figure 60 The effect of particle size on bubble velocities. 

join, where the surface of the bubble was not broken. Since the present particle densities are 

only 850 kg/m3
, the air from the rapidly rising joining bubble must cause the particles at the 

surface of the bubble to disperse due either to the void space or particles with greater 

buoyancy ( a smaller Archimedes number). This eruption zone could have implications on 

determining the mass transfer coefficient as the resulting eruption zone will have a greater 

mass transfer surface area. 
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Figure 61 Sequence of image showing the eruption of the bubble when they coalesce. 



Chapter 6 

Computational Fluid Dynamic Governing Equations and 
Closing Equations 
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In order to describe the behaviour of fluidized bed reactors, some researchers have developed 

governing equations so that they can perform simulations. There has been some agreement 

as to the final form of the governing equations. However, controversy arises when closing 

these equations (Yates, 1994). Solving these equations can not be done analytically. Instead, 

numerical techniques have to be used to approximate the solution. The next section will 

briefly outline the development of the governing and closing equations used in Fluent and the 

solution technique. 

6.0 Introduction 
In principle, the motion of particles and fluid in a fluidized bed can be completely described 

by the Navier-Stokes equation providing each particle's motion satisfies Newton's equation 

of motion (Garg and Prichett, 1975). At first, determining the solvable governing equations 

to describe the behavior of a fluidized bed appears simple. However, a problem arises due to 

the large number of closely spaced particles. This results in a exorbitant number of linked 

equations to describe the solid phase, making it nearly impossible to carry out calculations. 

Therefore, until computers can perform these calculations "better," simplified equations must 

be developed. The problem of simplifying these equations is not unique to gas-solid 

fluidized bed reactors. There is considerable literature on the subject for other systems such 

as the flow of dusty gases, static and dynamic effects of liquid saturated porous media, and 

wave propagation in structural composite material, to mention a few (Garg and Prichett, 

1975). 

The general problem, in this study, as with other physical systems, is that the various degrees 

of freedom do not play the same role; some are macroscopic or evolve slowly while others 



99 
vary on smaller spatial or temporal scales (Anderson and Jackson, 1967). There are a 

number of physical examples that display this disparity: work and heat in thermodynamics 

and hydrodynamic and molecular dynamics quantities in fluid mechanics (Springer 1988). In 

these systems, there is a need to eliminate the "fast" variable and to determine the gross 

behavior of the "slow" variable. This can be accomplished by constructing "macroscopic" 

evolution equations which bring into play the average characteristic of the small-scale motion 

and that give a good approximation to the true evolution of the slow variables. 

In literature, several methods have been used to achieve the above result ( develop 

macroscopic equations that describe a system of slow and fast changing variables). The most 

common is averaging the properties of the bed over an area and treating the two phases as 

interpenetrating continua. To treat the bed as two interpenetrating continua, the point 

mechanical and fluid variables are replaced with smooth variables. This replacement is 

accomplished by averaging the variables over an area that is large in comparison to the 

particle spacing but small in comparison to the bed as a whole. The assumption of 

interpenetrating phases is the basis of the "two fluid" model where the interpenetrating 

continua are the fluidizing fluid (gas or liquid) and the particulate phase which is suspended 

by the up-flowing fluid. Using the theory of interpenetrating continua has two consequences 

that deserves special mention. First, since the theory is only valid for distances which are 

large in comparison to the particle spacing, it is not feasible to analyze phenomena occurring 

on the scale of particle spacing. Second, the interaction terms between the various phases 

appear as formal terms. However, these must be determined empirically or by analytic 

methods (Garg and Prichett, 1975). 

Using different averagmg methods, several authors have derived the continuity and 

momentum equations and they have a similar form. Similar forms have been developed by 

van Deemter and van der Laan (1961), Jackson (1963), Pigford and Baron (1965), Murray 

(1965), Garg and Prichett (1975), Mutsers and Rietema (1977), Kuipers et al. (1992), and 

Clift and Rafailidis (1993). 
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However the form of the governing equations used by most simulators such as CFX, 

MFIX and Fluent are the equation developed by Anderson and Jackson (1967, 1997, 1998). 

These authors use a formal definition of a weighting function to average point variables. 

A weighting function is used to "average" the values within a region. Jackson defines the 

weighting function as g(r). The weighting function g is a function of r, which is the radius 

from a point x over which the variables are being averaged, or equals Ix - YI- Some simple 

properties of this function are: the radius, r, is always positive because a negative radius has 

little physical significance and g(r) is always positive and decreases monotonically as r 

increases, g(r) is positive since a negative weight has little physical significance and 

decreases monotonically means that variables farther away from the point being averaged 

have less of an effect on its average. Similar techniques are used in many other fields and the 

above definition can almost be thought of as a moving average. In imaging, there are 

numerous averaging techniques that make use of the above definition. For image filter 

matrixes, weighting functions (g(r)) are used to define the weight of neighboring pixels on 

some central pixel being averaged, in order to remove noise from an image (Russ, 1999). 

To ensure this function behaves "nicely," several assumptions are made: 

derivatives g<n) (r) exist for all orders of each value of r 

- the integral over the volume g<n) (r) exists for all values of n 

As a result of using the weighting function, variables that vary rapidly in time and space are 

smoothed and become well behaved. 

6.1 General Average Equations 
Some of the properties of the bed can now be defined in terms of an average value across 

some volume. Mean voidage at point x and time tis defined as: 

c(x)g = f g(lx- yl)dVy (39) 
Vg 
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and the number density n(x) at point x: 

n(x) = Lg(lx-xPI) (40) 
poo 

Using these definitions the mean valued property of the fluid phase is defined by: 

s(x)ga(x) = f a(y)g(lx- Yl)dVy (41) 
Vg 

where a(x) is the fluid point property being calculated over the entire fluid volume. 

For the solid phase, there is a slight difference as the particle properties are calculated for the 

particle centers while the average depends on the particles as a whole. Therefore, the 

average particle properties are defined as: 

n(x)b(x)s = Lbs(x-xP) (42) 
p 

These fundamental properties are applied to the continuity and momentum equations to 

develop the averaged continuity and N avier-Stokes equations. A full development of the 

equation can be found in Jackson (1967). 

6.2 Equations Used by Fluent 
Using the averaging techniques described above, the following governing equations can be 

developed (Jackson 1967). 

6.2.1 Conservation of Mass 

The continuity equation for phase q (either solid (s) or fluid (f)) is: 
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(43) 

where: 

aq is the phase volume fraction 

v q is the velocity of phase q 

mpq is the mass transfer from phase q to p 

dq is the diameter of the particle 

pq is the density of the particle phase 

The first term on the left side is the rate of mass accumulation per unit volume. The second 

term is the convective mass flux. The term on the right hand side is the rate of mass transfer 

due to species transport. In these simulations, species transport, and chemical reaction is 

ignored, therefore the net change in mass is zero. The above equation is similar to the 

governing equation used for single-phase flows except the presence of the void fraction for 

each phase. It should be noted that a phase is defined as a group of particles having the same 

density and size. 

6.2.2 Fluid Conservation of Momentum 

The momentum balance for fluid phase q yields: 

---+ ---+ ---+ n .... -+ .... 

+ a f p f (F f + F lift ,q + F vm ,q) + ~)Ks/V s - V f ) + m sf V sf ) 
p=I 

where: 

(44) 

(45) 
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and: 

µ1 the shear viscosity of phase q 

/q the bulk viscosity of phase q 

F 1 is an external body force 

F tift,1 is a lift force 

F vm,1 is a virtual mass force 

Ks1 is the interaction force between the phases 

p is the pressure shared by all phases 

Vsf is the inter-phase velocity 

Vs is the velocity of the solid phase 

VJ is the velocity of the gas phase 

Looking at the momentum equation the first term on the left-hand side is the net rate of 

change in momentum. The second term is the rate of change of momentum due to 

convection. The first term on the right hand side of the equation is the force due to pressure. 

The second term is the effect of shear and normal surface forces in the gas phase. Further the 

third term represents the body forces which in this case is gravity and lastly the forth term is 

any additional forces on the fluid and the fifth term is the interphase momentum exchange. 

Examining some of the terms in the momentum equation, some terms need to be elaborated 

upon, namely, the lift and virtual mass forces. 

Lift Forces 

This force takes into account any lift on the second phase, in this case particles, due to the 

primary phase. These forces are primarily due to velocity gradients in the primary flow field. 

However, for closely packed particles or very small particles, the inclusion of the lift force is 

not necessary. It becomes apparent that the drag force is significantly larger than the lift 

force and therefore does not need to be included in this simulation. 
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Virtual Mass Forces 

This force is caused when the secondary phase p accelerates in relation to the primary phase 

q. The inertia experienced by the primary phase as a result causes this "virtual mass force." 

However, the virtual mass force is only significant when the secondary phase density is 

significantly smaller than the primary phase density, which is not the case for fluidized beds. 

6.2.3 Solid Momentum Equations 

The solid momentum equation is derived in a similar manner but, due to the description of 

the solid particle interactions, the equation is slightly different than the fluid momentum 

equation. 

where: 

__.., __.., __.., n _. _. 

+asps(Fs +Ftift ,s +Fvm,s)+ LCKzs(vz -Vs)+mzsVts) 
p=l 

(46) 

(47) 

The only difference in this equation is the presence of Ps, which is the solid phase pressure 

and is described later in this section. 

While calculating the fluid phase stress tensor is relatively simple, the solid phase stress 

tensor contains some terms that need to be examined more closely in order to calculate 

appropriate values, such as the solid shear and bulk viscosity. 

Solid shear and bulk viscosity can be described by the kinetic theory of granular flow. 

Bagnold (1954) is generally credited with starting the kinetic theory. However, many other 
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authors have contributed to the theory (Savage and Jeffery, 1981, Soo 1967, Jenkins and 

Savage 1983, Lun et al. 1984, Johnson and Jackson 1987, Syamlal 1987, and Gidaspow 

1990). Using this theory, the particles are described in much the same manner as the 

molecular theory of gases. In this theory, the particles are free to move and collide with 

other particles, and the velocity of a particle can be divided into a mean and fluctuating 

velocity (which is associated with the vibration of the particle similar to the thermodynamic 

temperature in gases). The collisional particle interactions follow the approach by Chapman 

and Enskog (1970) where the particles are assumed to have velocity fluctuations much 

smaller than the mean velocity. Further, the dissipation of fluctuating energy is due to 

inelastic deformation and friction of the particles with the fluid. However, there are 

differences when comparing the molecular theory of gases and the kinetic theory of granular 

flow. The first difference in the kinetic theory of granular flow is that, particles in a fluidized 

bed are big and have momentum associated with them (therefore the introduction of the 

coefficient of restitution e, second is that the kinetic part of the solids fluctuation is 

anisotropic, and third as a result of inter particle collisions the velocity fluctuations of solids 

dissipates into heat quickly. 

Before delving into the details of the solid stress tensor, the inter-phase drag will be 

examined. While a few correlations have been proposed, the one by Syamlal is the one used 

in this study (Boemer et al. 1997) 

6.2.4 Fluid-Solid Exchange Coefficient 

A correlation proposed by Syamlal and O'Brien (1987) calculates the inter-phase drag based 

on the terminal velocity of the particles. 

Looking at fluid-solid exchange coefficients, it can be written in the general form: 

(46) 
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where f is defined differently for different models and 'ts is the "particulate relaxation time" 

(time it takes for the particle to reach 60% of the initial difference velocity) and is defined as: 

(47) 

where <ls is the diameter of the particle in phase s. 

Turning to f, the general statement can be made that all the presented models use a type of 

drag coefficient based on the relative Reynolds number. For the present simulations, a 

correlation by Syamlal and O'Brien [1989] is used. 

CD Res a f /=--- (48) 
24v;,s 

where: 

CD =[0.63) 4
·
8 JJ

2 

l Res/vr,s 
(49) 

This drag correlation is based on Dalla Valle ( 1948) and is further based on the measurement 

of the terminal velocities of particles in settling beds with correlations that are a function of 

the volume fraction and relative Reynolds number: 

p,dsl~s -~fl 
Res =-----

µ! 

The form of the fluid-solid exchange coefficient is: 

(50) 
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(51) 

where Vr,s is the terminal velocity correlation for the solid phase (Garside et al. 1977): 

vr,s = 0.5(A-0.06Res + + 0.12Res(2B-A) + A 2
) (52) 

with 

and 

B = 0.8at- 14 

B = 0.8az2"65 

A =a4.I4 

for a1 :s; 0.85 

for a1 > 0.85 

(52) 

(53) 

(54) 

After some mathematical manipulation, the 0.8 for the a 1 < 0.85 and the 2.65 for a1 > 0.85 

(for the coefficient B) should be changed to tune the drag law to meet minimum fluidization 

for the particular system being simulated. A spreadsheet is used for this calculation to ensure 

that the drag coefficients can predict minimum fluidization velocity. 

6.2.5 Solid-Solid Exchange Coefficient 

The solid-solid exchange coefficient Ks1 takes the form (Syamlal 1987). 

(55) 

where: 
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e1s is the coefficient of restitution 

Cfr,1s is the coefficient of friction between the 1th and sth solid-phase particles 

d1 is the diameter of the particles of solid 1 

&,ls is the radial distribution coefficient 

After the inter-phase drag is accounted for, the next step is to define the various parameters 

used for the effective solid viscosity. 

6.2.6 Solid Pressure 

The solid phase lies in the compressible regime as the particles are not tightly packed. 

Therefore, a "solid pressure" is required to take into account any gradient occuring in the 

solid phase as a result of differences in emulsion voidage. Solid pressure is also the pressure 

exerted by the particles on the wall and is a measure of the momentum transfer due to the 

"streaming" motion of particles. 

To account for solid pressure, the equation Lun et al. (1984) is used. 

(56) 

where: 

ess is the coefficient of restitution 

go,ss is the radial distribution function 

8s is the granular temperature 

6.2.7 Radial Distribution Function 

The radial distribution function proposed by Ding and Gidaspow (1994) is: 
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(57) 

and is used as a correction factor to modify the probability of collisions between particles 

when the granular phase becomes dense. 

6.2.8 Shear Viscosity 

The solid stress tensor contains a term for the shear viscosity, a result of the particle 

momentum exchange due to translational and collisional interaction of particles. The 

collisional, kinetic and frictional shear viscosity account for the overall solids shear viscosity. 

µ s = µs,col + µs ,kin + µ s,fr 

Collisional part, µ s,col Gidaspow (1992): 

Kinetic Part, µs,kin,Gidaspow (l 992): 

Frictional Viscosity, µ s,fr Schaeffer (1985): 

Ps sin¢ 
A ,Jr = 2 ry-

'\/1 2D 

(58) 

(59) 

(60) 

(61) 
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6.2.9 Bulk Viscosity 

Additionally, bulk viscosity is contained in the equation describing the solid stress tensor. 

The bulk viscosity accounts for the granular particle's resistance to compression and 

expansion ( dilatation). The expression used in Fluent is by Lun et al. (1984): 

(62) 

6.2.10 Granular Temperature 

The granular temperature accounts for random fluctuation in kinetic energy resulting from 

particle collisions and velocity gradients. Granular temperature is similar to thermodynamic 

temperature and expressed as the following transport equation (Gidaspow, 1990): 

On the left side of the equation, the first term represents the rate of accumulation of granular 

energy. The second is the rate of diffusion of granular energy. On the right hand side of the 

equation, the first term is the generation of energy by the solid stress tensor and the second is 

the diffusion of energy (k is the diffusion coefficient). The third term on the right hand side 

of the equation is the collisional dissipation of energy while the last term is the net rate of 

transfer of the fluctuation energy between the phases. 

In this equation, there are several other parameters needing to be defined. The diffusion 

coefficient ke is calculated using a correlation by (Syamlal, et al. 1993): 

(64) 
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with: 

(65) 

The collisional dissipation term, accounts for, the dissipation of granular energy, within the 

solid phase, due to collisions between particles. Derived by Lun et al. (1984) the equation 

1s: 

(66) 

The granular temperature exchange, is the transfer of kinetic energy of random fluctuations 

in particle velocity, from the particles to the fluid phase. The granular temperature exchange 

is defined by Ding and Gidaspow (1990) as: 

(67) 

Once the equations have been developed to describe multiphase flow, the next step is to solve 

these equations for the proposed geometry. The next section outlines some basics of CFD 

modeling. 

6.3 CFD Solvers 
CFD codes are based on numerical algorithms that solve for fluid flows. Most commercial 

software include three elements: a pre-processor, a solver and a post processor. 

The pre-processor is where the user defines the problem to be solved. In Fluent, this includes 

"building" the object via a CAD-style interface, creating the mesh, and specifying the 

boundary conditions. The solver provides the solution technique for the package and the 

post-processor deals with processing the data. Data can be displayed as a graph, an image 

and various other forms. 
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6.3.1 Solution Technique 

In CFD modeling, there are four distinct solution methods used (Versteeg and Malalasekera, 

1998). These are: finite difference, finite element, spectral and finite volume method. Each 

of these methods differ in their respective solution techniques. However, each approximates 

the flow variables by means of simple functions, discretizes the approximations by 

substitution into the governing equations, and solves the equations algebraically. The major 

differences of the four techniques are briefly outlined below. 

The finite difference method describes unknown variables in flow problems by means of 

point samples found at the node points of grid lines. Truncated Taylor series expansions are 

often used to generate approximations of derivatives of the variable in terms of point samples 

of the variable at each grid point and its immediate neighbours (Versteeg and Malalasekera, 

1998). Finite element uses simple piecewise (linear or quadratic) functions to describe the 

local variations of the unknown flow variables. Spectral methods approximate the unknown 

variable by means of truncated Fourier series or series of Chebyshev polynomials. Unlike 

finite difference and finite element, the approximations are valid throughout the entire flow 

domain and are not solely local. The last method is control volume, which is the most 

established method and the method used by Fluent. The control volume method differs from 

the other methods in that the governing equations for fluid flow are formally integrated over 

the entire control volume of the flow domain. The remaining solution steps are the 

discritization of the integral equations into algebraic equations, and solving the equations by 

an iterative method. 

6.4 Solution Algorithm 
The solution method for the control volume can be illustrated by looking at the steady state 

diffusion of a property q> in a one-dimensional domain. 

!!_(r d</JJ + S = 0 
dx dx 

(68) 
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where r is the diffusion coefficient. 

Setting up the problem requires that the domain be divided into discrete volumes. Figure 62 

shows the reference coordinate system, where W (west) refers to west face, E (east) is the 

east face, and P is the node of interest. 

w 
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w 
• 

w 
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• 
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• 

Figure 62 Schematic of the cell division. 
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The key to the finite volume method is the integration of the governing equations over a 

control volume. The result of the integration is the flow domain's properties are solved for at 

the nodal point (the middle of the cell). Integrating the above equation gives: 

f ~(r d</J)dv + f Sdv = (r A d</J) -(r A d</J) + s~v = 0 (69) 
t:..V dx dx t:..V dx e dx w 

In this equation, A is the cross sectional area of the face and S is source term. There is a 

clear physical meaning to the above equation as it states that the diffusion flux leaving the 

east face minus the diffusion flux leaving the west face is equal to the source added to the 

cell ( the source). 
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Because the control volume method solves the flow properties for the middle of the cell, or 

node point, there is a need to determine the gradient of these flow properties at the control 

volume faces. This is accomplished via a differencing scheme. A differencing scheme is 

required to calculate the flux of various flow variables through cell faces and cell properties 

are calculated for the cell center. The simplest method is central differencing which takes the 

difference of cell center values. However, this method does not account for flow direction 

and is generally unstable. Upwinding, means that the face value is derived from quantities of 

upsteam cells or "upwind" relative to the direction of the normal velocity. In the first order 

upwind scheme, cell faces are determined by assuming cell-centered values of any field 

variable represent a cell-average value and hold throughout the entire cell. In other words, 

the face quantities are identical to the cell quantities. Second order upwind tries to predict 

the "gradient" in and between affected cells and does not assume cell uniformity. This 

method can be shown to be 2nd order with respect to the grid spacing (i.e. doubling the 

number of cells quadruples the formal accuracy). 

Using a simple differencing scheme, or linear approximation, the diffusive fluxes can be 

calculated: 

(70) 

A similar result is also obtained for the west face and the source term can be expressed as: 

(71) 

Substituting this into the above equation gives: 

r A <PE - ¢p - r A <pp - <Pw + (S + S /4 ) = 0 
e e s:. w w s:. 11 Plf'P 

UXPE UXWP 
(72) 
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This equation can be solved using a matrix solution technique (Implicit/ Full Elimination 

or TDMA coupled). While the number and complexity of the equations increases as with 

additional dimensions and phases, the basic solution technique remains the same. 

6.4.1 PC-SIMPLE Solution Algorithm 

The equations being solved contain both the velocity of the fluid and solid phase, as well as 

the pressure field, all of which are unknown. There also exists strong coupling in multiphase 

partial differential equations. Therefore, a special solution technique is used. The technique 

chosen is Phase Coupled Semi-Implicit Method for Pressure Linked Equations (PC-

SIMPLE), which is based on the SIMPLE algorithm techniques developed by Patankar and 

Spalding (1972). The SIMPLE algorithm utilizes a relationship between velocity and 

pressure corrections to enforce mass conservation and to obtain the pressure field. A flow 

sheet of the algorithm is found in Figure 63. 

The velocities are solved by coupling the phases in a segregated fashion. The pressure 

correction term is usually calculated based on mass continuity. However, for multiphase 

problems, the pressure correction term is based on volume conservation. Therefore, pressure 

and velocities are corrected to satisfy the volume continuity constraint. The pressure 

correction equation takes the form: 

(73) 

where v' k is the velocity correction of the kth phase, v * k is the value of Vk at the current 

iteration value, and n is the number of phases. 

6.5 Convergence 
Convergence in Fluent is based on residuals. These residuals are calculated based on the 

influence of the neighbors of a central node. In formula terms: 
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a /PP = Lanb<Pnb + b (74) 
nb 

get initial and boundary conditions 

perform time-step iteration 

calculate primary and secondary phase velocities 

calculate volume fraction 

calculate other scalars 

NO 

Figure 63 Flowsheet for PC-SIMPLE solution algorithm. 

where ap is the center coefficient, a0b is the influence coefficients for neighboring cells, and b 

is the contribution of the source term. The residuals are the imbalance of the above equation 

summed over the computational domain. The residuals are set to a value that ensures the 

solution has approached a physically stable condition and ensures successive iterations do not 

produce any significant change in the solution. For the cases run for this study the residuals 



117 
were set at lx 1 o-4

• Residuals are not necessarily the best indication of a "good" solution. 

A better property to examine would be the fluctuation of a physical property and determine at 

what point the property does not change significantly. A good property to study is the 

pressure at some point in the bed. Several cases were run monitoring the pressure at a point 

in the bed. From these runs it was determined that adequate stability was obtained at 

residuals of 1 x 10-3
. However, convergence was set lower to ensure that at every time step 

the residuals be low enough to ensure there were only minor fluctuations in the physical 

properties. 

6.6 Boundary Conditions 
Most of the simulations were carried out in two-dimensions. The reactors were assumed to 

be a rectangular plane with the front and back effect being neglected. The left and right walls 

were assumed to be no-slip for the air and solid phase (Lettieri et al. 2003). While some 

might argue that the solid phase should be free-slip (van Wachem et al., 2001), in the 

experiments the solids tend to accumulate on the column wall due to electrostatic forces and 

as a result there is a boundary layer of the solid that is no-slip. This layer will increase the 

shear ( or effective viscosity) at the wall and must be taken into account. 

The boundary condition for the top of the reactor is a pressure-boundary. The pressure in 

this work is fixed at the 1.013x105 Pa. An additional criterion that must be fulfilled is fully 

developed flow at the exit, as the Neumann boundary conditions are applied (van Wachem et 

al. 2001): 

au 
-(x,t) = /J(t) ax 

where ~(t) is most often and in this case taken as 0. 

(75) 

The bottom of the reactor is a velocity inlet and follows the Dirichlet boundary conditions 

(van Wachem et al. 2001): 
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(76) 

where a(t) can equal a constant. While the velocity of the gas is specified as uniform across 

the inlet, the solid volume fraction is specified as 0. 

6. 7 Initial Conditions 
Initially, the column is specified at minimum fluidization condition. As a result, the user 

must input the voidage at minimum fluidization, superficial gas velocity and settled bed 

height. 
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Chapter 7 

Parametric Study and Model Validation 

This section examines the effect of certain model parameters, used in the simulation, on the 

predicted bubble properties. These parameters include the time step, differencing scheme, 

solid stress, coefficient of restitution, frictional stress, angle of internal friction, turbulence, 

and symmetry. The geometric configuration and conditions specified for these simulations is 

based on cases run by Syamlal (1989) and Laux (1998), which provided a means for 

quantitative comparison. In addition, the simulation results are validated by comparing 

these results with those obtained from experiments, using relatively mono-sized glass beads 

as the solid phase. 

7.0 Introduction 

The simulations were run for a two-dimensional bed with the solid phase being mono-sized 

glass beads. A two-dimensional bed is simply a narrow rectangular box. Table 7 shows the 

conditions and geometry for the simulation. 

Table 7 Geometric configuration of the computation domain, initial and inlet values of the 
flow variables, and material properties of the phases. 

Particle diameter (µm) 200 

Particle density (kg/m3
) 2480 

Bed dia x depth (cm x cm) 14 X 39 

Urnf (cm/s) 6.3 

Gas velocity (cm/s) 12.6 

Gas density (kg/m3
) 1.21 

Gas viscosity (Pa.s) 1.72x10-:i 

e 0.9 

emf 0.381 

~t (sec) 0.001 , 0.0005 and 0.00025 
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Umf superficial gas velocity at minimum fluidizing conditions 
e coefficient of restitution 
emf void fraction at minimum fluidization 
~t time step for simulation 

7.1 Effect of the Grid Size 

One of the first goals of any simulation is to obtain a solution that is grid independent. Grid 

independence means that the solution does not significantly alter with a change in the grid 

size. Typically, to determine grid independence, the grid is doubled (for a 2 dimensional 

simulation in the x and y direction) until the properties do not change by greater than a 

certain percentage. Problems arise in transient simulations due to the CPU time required for 

each simulation. While a simulation was conducted using a refined grid, this simulation 

required four times the computational time because there were four times the number of 

cells. In addition, the residuals for each time step were far larger than the coarse grid due to 

the need to satisfy four times the number of cell properties at each time step. In literature, 

typical grid sizes are 0.5 x 0.5 cm for a 14 cm column (Syamlal, 1987 and Laux et al., 1997), 

0.714 X 0.756 cm for a 50 cm column (van Wachem et al., 2001), and 10 x 13 cm for a 5 m 

column (Gobin et al., 2001). In all this literature only a portion of one study was devoted to 

determine grid independence. This was for the formation of a single bubble at an orifice for 

0.1 seconds (Syamlal, 1995). For the present simulations the grid was kept constant at 0.5 

cm since this produced comparable results with literature and experiments. 

7.2 Effect of Time Step 

For a transient simulation the solution propagates by solving the governing equation at 

certain time steps. The time step can affect the convergence and the CPU time for a 

simulation. Figure 64 shows the effect of changing the time step on the void fraction of 

solids images obtained from Fluent. Figure 64 also demonstrates the difficulty in 

determining, through images, the influence of simulation parameters. 
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Time step 0.001 s second order upwinding 

Time step 0.0005 s second order upwinding 

Time step 0.00025 s second order upwinding 

. , . 
o"' t> 
c,· J9 
0 .IP, 
~.? 
ow,. 0¥ ... ,_ 

2Jh 2.ls .2.2s 2.4 s 2.5s 2.7~ 2.8s .2.9s 3.0s 

Laux et al. time step 0.001 s 

Figure 64 Void fraction for different time steps compared to Laux and Johansen (1999). 
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From Figure 64, it is difficult to determine the effect of the time step on the bubble 

properties. Using a modified version of the program used for the experimental portion of this 

research, quantitative information could be obtained from the images. Figure 65 shows that, 

as the time step is decreased, the bubbles become larger, probably due to less numerical 

diffusion. 
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Figure 65 Comparison of average bubble diameters for two different time steps, 0.001 and 
0.00025 seconds 

The data for Figure 65 was collected once the column reached "steady state". Steady state is 

defined as the time, based on visual inspection, when "random" bubbling occurs. This 

ensures that the behavior of a bubbling bed is being studied not the behavior of start-up. As a 

result, the time for obtaining data was any time greater than 2.5 seconds. For the parametric 

study, simulations were usually run for approximately 8.0 real seconds due to the CPU time 



required for simulations. However, when comparing with experimental results greater 

than 15 real seconds were used. 

123 

The accuracy of the solution will increase with smaller time steps smce the solution 

technique used by Fluent is first order. That is, reducing the timestep by one half doubles the 

formal accuracy. However, there are however trade-offs. The most important is that the 

CPU time taken to complete a simulation which increases as the time step decreases. When 

simulating in excess of a few real seconds, this becomes an important consideration as these 

simulations can take weeks to run. As a result, time steps less than 0.00025 were not 

considered as the computational time required became too great. For example, 

computational time was greater than 1.5 weeks for 7 seconds for a simple case. For the 

remaining simulations, a time step of 0.00025 s was used to minimize computational time, 

while retaining as much accuracy as possible by maintaining relatively small residuals. 

A dimensionless number that provides a means for comparing different times steps is the 

Courant Number (Gobin et al. 2001). The Courant Number reflects the portion of a cell that 

a fluid will traverse by advection in one time step. 

where: 

Ne is the Courant number 
v is the average linear velocity 
fl.t is the time step 
L1x is the dimension of the grid 

N 
_M 

=V-
e At (77) 

When advection dominates dispersion, keeping the Courant Number low will decrease 

oscillations, improve accuracy, and decrease numerical dispersion. The maximum Courant 

Number is 0.3 , based on calculation speed and convergence (Gobin et al. 2001) for 

maintaining "good" behavior in the calculations. However, because 0.3 is an "industrial 



number", the maximum Courant Number chosen for this study was lower, and values 

obtained from the simulations were always well below 0.15. 

7.3 Differencing Scheme 
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Another parameter affecting the solution is the differencing scheme. For the multiphase 

models in Fluent there are two choices: first order upwind and second order upwind. Figure 

66 shows that, as the differencing scheme is changed from second order upwinding to first 

order upwinding, the bubbles are not resolved due to numerical diffusion as explained in 

chapter 6). 

I ::::::: 5.20e-01 

, 4.55e-01 

3.90e- 01 

3.25e-01 

2.60e- 01 

1.95e- 01 

1.30e-01 

6.50e-02 

O.OOe+OO 

Figure 66 Time step 0.00025 seconds using first order upwinding. 

By not assuming cell uniformity and calculating a gradient between the cell nodes, the 

voidage differences are better determined. Therefore, bubble boundaries are resolved. 

Assuming a constant cell value, or first order upwinding, the solution is essentially smoothed, 

similar to image smoothing, in successive time steps. This is seen in the solid void fraction 

images. Bubbles appear at start up, but they "fizzle out" before random bubbling occurs as 

shown in Figure 66. 
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7.4 Varying the Closing Equation from Fluent's Default to Boemer 
et al. 

Fluent 6.0.20 was the CPD package used for the simulations. A Eulerian-Eulerian model was 

used to deal with the multiphase nature of this problem as discussed in chapter 6. Initially, to 

close the governing equations, the following equations were used: 

Drag Coefficient Syamlal and O'Brien, 1987 

Solid Pressure 

Radial Distribution 

Shear Viscosity 

Solid Bulk Viscosity 

Granular Dissipation 

Granular Temperature Exchange 

Lun et al, 1984 

Gidaspow, 1994 

Syamlal et al., 1993 

assumed to equal 0 

Lun et al 1984 

Ding and Gidaspow, 1994 

These closing equations were chosen since they are the conditions suggested by Fluent 

(Fluent Manual). However, other closing equations were tested to determine the effect on 

simulation results. A study by Boemer et al. (1997) concluded that the following closing 

equations should be used, where the * denotes the equations that are different from Fluent' s 

default equations. 

Drag Coefficient 

Solid Pressure 

Radial Distribution 

*Shear Viscosity 

*Solid Bulk Viscosity 

Syamlal and O'Brien, 1987 

Lun et al, 1984 

Gidaspow, 1994 

Gidaspow, 1994 

Lun et al, 1984 

*Granular Dissipation Jenkins and Savage 

Granular Temperature Exchange Ding and Gidaspow, 1994 

The different closing equations suggested by Boemer et al. (1997) are available in Fluent, 

with the exception of Granular Dissipation, which will have to be programmed for future 

work. The effects of the different closing equations were determined by running two 

simulations. The first uses the default equations of Fluent and the second using the equations 
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Figure 67 Th e effect of bubble properties using the closing equations from Fluent or Boemer 
et al. (1997). 

Figure 67 sho 

in the closing 

ws that the average bubble diameter does not differ significantly with a change 

equations. The difference in the closing equations was the solid phase stress, 

achem et al. (2001) found not to have a dramatic affect on the simulation 

ver, for the remainder of the simulations conducted in this study, the equations 

which van W 

results. Howe 

proposed by Boemer et al. (1997) were used, with the exception of the granular dissipation, 

ed as the correlation by Lun et al. (1984). which remain 
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7 .5 Coefficient of Restitution 

When describing the solid phase as a fluid, one important physical property that must be 

accounted for is the inter-particle collisional effect. The coefficient of restitution, e, accounts 

for the inter-particle collisional effect and for the inelasticity of collisions. When two objects 

collide at a certain velocity, they rebound with a different velocity. The ratio of the rebound 

velocity Yr to the incident velocity Vi is the coefficient of restitution; 

(78) 

The coefficient of restitution varies from 0, being perfectly inelastic, to 1, being perfectly 

elastic. In the case of glass beads the value is 0.9, however measuring this parameter for 

polyethylene is next to impossible (Gobin et al. 2001). As a result, a sensitivity analysis 

determined if a variation in the coefficient of restitution has an effect on the bubble 

properties. From Figure 68, which is a comparison of the bubble diameters using different 

coefficients of restitution, it becomes apparent that the coefficient of restitution has an effect 

on the bubble properties. 

Becasue the coefficient of restitution is difficult to measure, it was hoped that there would be 

little effect on bubble properties from changing its value. However, as shown in Figure 68, 

there is an effect. As the coefficient of restitution is increased, the bubbles become larger. If 

the area occupied by the bubbles is totaled for each frame and then averaged for the entire 

simulation, the gas hold-up can be examined. Table 8 shows that, as the coefficient of 

restitution is increased, the "gas hold-up" also increased. 

The reason for this can be found in the closing equations, and by drawing analogies to gas-

liquid systems, which will be discussed below. 
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Figure 68 The effect of varying the coefficient of restitution on the average bubble size. 

Table 8 The effect of coefficient of restitution of the average bubble area, average bubble 
diameter and number of bubbles. 

Coefficient of Average Bubble Average Total Number of 

Restitution Area (cm2
) Bubble Diameter Bubbles 

(cm) 

0.9 55.36 2.03 1120 

0.7 54.74 1.83 1379 

0.5 50.88 1.74 1356 

The coefficient of restitution is found in the equations for solids pressure, shear viscosity, 

bulk viscosity and granular temperature. Looking at the equations for solids pressure and 

viscosities, an increase in the coefficient of restitution will result in a larger viscosity. This 

makes sense if the solid phase is analogous with the molecular theory of gases. Increasing 

the temperature of a gas causes an increased frequency for gas molecule collisions. Since in 

gases there is enough room for the gas molecules to move, the additional collisions impede 
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the flow of gas molecules. As a result the viscosity increases. In the present case, the 

frequency of collisions is effectively increased by increasing the coefficient of restitution, 

thereby increasing the solid phase viscosity. 

In addition, there is a change in the effective viscosity caused by the granular temperature. 

Granular energy is produced by shear and dissipated by collisions. Globally, the total shear 

is constant; or the average solids velocity is roughly a constant for a given gas velocity 

(Syamlal, 2003). Therefore, if the granular energy dissipation is reduced, by increasing the 

coefficient of restitution, the total granular energy of the system, as well as the granular 

temperature, must increase. The solids viscosity must increase because it is proportional to 

the square root of granular temperature. 

The net result: increasing the coefficient of restitution, increases the effective viscosity of the 

solid phase. Several studies have been conducted on gas-liquid systems to determine the 

effect of viscosity on bubble properties and gas hold-up. For bubble column reactors, several 

authors have reported that an increase in the liquid viscosity increases the gas hold up and the 

mean size of the bubbles (Eissa and Schugerl, 1975; Kuncova and Zahradnik, 1995; Elgozali 

et al. 2002). In addition, several studies have been performed to determine the effect of 

liquid viscosity on bubble break-up (Walter and Blanch, 1986; Walter, 1983; and Dodd et al, 

1988; Otake et al., 1977; Grace et al. 1978; Lewis and Davidson, 1982 in Wilkinson et al. 

1992). These various studies concluded that bubble breakup decreases with an increase in 

the liquid viscosity, which results in larger bubbles. A study was also conducted by Grace 

and Sun (1991) to determine the effect of particle size distribution. In their concluding 

remarks, they noted that a lower effective dense phase viscosity resulted in voids or bubbles 

that were smaller and vice versa. The results of these studies agree with what is observed in 

this system, in that, as the gas phase effective viscosity increases, so too does the gas hold up 

and bubble size. 

Syamlal (2003) reported similar results. In a fluidized bed with a central jet, he found that a 

large viscosity was required to keep the bed bubbling with well defined large bubbles. When 



he ran a case using zero viscosity for the solid phase bubbling did not occur. Instead, the 

bubbles formed into thin streamers. 
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To determine the coefficient of restitution's effect on the average axial bubble velocities, a 

plot was made of the bed height versus the average axial velocity for different coefficients of 

restitution as shown in Figure 69. 
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Figure 69 The average axial velocity of binned bubble diameters for varied coefficients of 
restitution. 

Figure 69 shows that a decrease in the coefficient of restitution results in an increase in the 

axial velocities of the bubbles. If an analogy is drawn to a gas-liquid system, the axial 

velocity of the bubbles should get smaller, the more viscous the liquid phase, due to inter-

phase drag. 
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7 .6 Frictional Stresses/ Angle of Internal Friction 

At high solid volume fractions there is sustained particle interaction. The kinetic theory of 

granular flow assumes that the interaction of the particles is instantaneous, which is not the 

case at high solid fractions (Zhang and Rauenzahn, 1997). As a result, this "constant" 

particle interaction, in the regions of high void fraction, must be taken into consideration. 

This is accomplished by introducing a frictional stress into the model for the dense region of 

the bed. There are a few correlations, which are derived by geological groups, that have an 

application in modeling the dense region of a fluidized bed. The frictional stress proposed by 

Schaefer (1987), first implemented by Syamlal (1993) is suggested by Boemer et al. (1997) 

for describing the additional forces as a result of the dense region in a bubbling bed: 

· sin¢> 
µs,fr = 2 ry-

'V .12D 

(79) 

where P s is the solids pressure (jJ is the angle of internal friction and ho is the second 

invariant of the deviatoric stress tensor. 

Without including the effects of frictional stresses, simulated behavior of the bubbles in the 

bed is unrealistic (Boemer, 1997). Aside from the unrealistic behavior, specified by Boemer 

et al. (1997) by not including frictional stresses, the bubble diameters decrease, as shown in 

Figure 70. 

Without the inclusion of frictional stresses, there are significantly smaller bubbles, which 

means that the bed expands less. This agrees with the findings of van W achem et al. (2001) 

who observed and concluded that, without frictional stresses, there is less air in the dense 

phase, the maximum solids packing is higher, and the bed expansion is less. It was also 

noted that the solution converged "better" with the inclusion of frictional stresses. Van 

W achem et al. (2001) accounted for the improved convergence because the maximum solid 

volume fraction specified in the radial distribution function is approached in the dense region 
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Figure 70 The effect of frictional stresses on bubble diameter. 
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of the bed, and the derivative of the radial distribution function near maximum solid volume 

fraction is extremely steep. 

An increase in the bubble size follows the same rationale as for the coefficient of restitution. 

When the frictional effect in the dense region is accounted for, the effect is to increase the 

viscosity of the solid phase. As shown in the previous section an increase in viscosity causes 

an increase in the bubble size. One of the parameters that can be changed in this model is q>, 
which is the angle of internal friction. The angle of internal friction is the maximum stable 

angle that a pile of particles will hold before collapsing. Figure 71 shows the effect of 

varying the angle of internal friction on the bubble diameter. 
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Figure 71 The effect of varying the angle of internal friction on the average bubble diameter 

Figure 71 is interesting in that the effect of the angle of internal friction is more predominant 

at higher bed heights. Even though not as pronounced, this trend is even obvious in Figure 

70. Looking at the closing equations for frictional viscosity, equation 61 , it is apparent that 

increasing the angle of internal friction increases the viscosity of the solid phase. As seen in 

the previous section, increasing the solids viscosity leads to larger bubbles. The effect of the 

angle of internal friction on the axial bubble velocity can also be examined, as seen in Figure 

72. 

Figure 72 is interesting in that the effect of the angle of internal friction does not have an 

apparent pattern. Using viscosity as the rational, an increase in the angle of internal friction 

should increase the frictional stress. In tum, this increase in the solid stress should result in a 

decrease in axial velocity. This holds true when comparing the angle of internal friction for 
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Figure 72 Average axial velocity for binned bubble diameters for varied angles of internal 
friction. 

20 and 40 degrees, however at 30 degrees there is an anomaly. Van Wachem (2001) 

analyzed the use of different frictional models and stated that they are very empirical and 

should be used with caution, where the normal stresses predicted by the models can differ by 

orders of magnitude. For the remaining simulation the value of 30 degree will be used since 

this is the value used exclusively in literature for simulations, although future work will have 

to focus on the applicability of frictional models. 

7.7 Turbulence Model 

Turbulent flows are characterized by fluctuating velocity fields. When these fluctuating 

fields interact with other transport properties, such as momentum and energy, these 

properties fluctuate as well. Since these fluctuations can be very small and fluctuate at high 

frequencies they are too computationally hard to resolve. Therefore, the fluctuations are 
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treated as time-averaged. A set of computationally less intensive equations are developed 

that account for the turbulent fluctuations in transport properties. 

There are a few proposed turbulence models, however the models most widely used and 

validated are the k-t models (Versteeg and Malalalsekera, 1998). Essentially, this model 

assumes an analogy between the action of the viscous stresses and Reynolds stresses in the 

mean flow. As a result, two additional partial differential equations are introduced, one that 

accounts for the generation of turbulent kinetic energy, k, and the other that accounts for the 

dissipation of turbulent kinetic energy, t. As a result, the turbulent velocities are calculated 

along with a length, which is the distance that is affected by the fluctuating velocity. The 

basic k- t model is adequate for many flows, however, it is typically most accurate for high 

Reynolds number problems. Because the Reynolds number for the fluid phase and the 

particle Reynolds number are approximately 1200 and 4 respectively, the flow is in the 

transition region ( assuming Recrit = 2000). While in a global sense the flow is not turbulent, 

there could be pockets of turbulence that will affecting the flow properties. Since the flow is 

in a low Reynolds Number region, a modification is made to the k- t model. The RNG k- t 

model accounts for the low-Reynolds number by providing an analytically derived 

differential formula for the effective viscosity. This differential equation accounts then for 

the low Reynolds number effects. 

The k-t model was introduced into the simulation, and the results compared with a case not 

accounting for turbulence. With the additional two turbulent partial differential equations, 

the computational time was increased, and the residuals became larger. A comparison of the 

average bubble diameters is shown in Figure 73. 

The reason for the decrease in bubble diameter is not known presently, although the effective 

viscosity being calculated by the turbulence model is a definite factor. While this simulation 

does present some interesting results, authors in literature are unsure about the applicability 

of these turbulence models for multiphase flow (Syamlal, 2003). Without experimental 
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verification, the insertion of a turbulence model into the equation adds yet another 

uncertainty, which at present is not needed. In addition to the validity of using a turbulence 

models, an added complexity arises from having to solve the additional partial differential 

equation, which leads to convergence issues and increased simulation times. 

7.8 Axi-Symmetric Cases 

An attempt was made to simulate the behavior of a cylindrical reactor assuming ax1-

symmetric flow. In a cylindrical coordinate system the flow is assumed to be symmetric with 

respect to the z-axis. Therefore, only one plane needs to be simulated to represent the whole 

bed. However, a problem arose with this simulation. As shown in a sample image in Figure 

7 4, no bubbles formed along the z-axis. 
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Figure 74 An example of bubble formation using an axi-symmetric assumption. The black 
line down the middle of the column is the axis of symmetry. 

There is another problem with the axi-symmetric assumption. If a simulated plane has a 

bubble present, when this plane is rotated about the center line (z-axis), the bubble is actually 

a donut shape which is unrealistic. While the axi-symmetry assumption can be applied to 

many problems, such as fluid flow through a pipe, in this case, this assumption does not 

appear reasonable. Five simulations were attempted to get bubbles to form on the z-axis, 

however none were successful. There were additional problems with convergence and due to 

the donut shaped bubbles, the axi-symmetric assumption did not appear to be an improved 

method for simulating a cylindrical reactor bed than the two dimensional assumption. 

7.9 Simulation Validation using Experimental Results for Glass 
Beads 

To compare the results obtained from the simulation, experimental results from the glass 

bead experiments were used (previously used to validate the image processing software in 

chapter 4). The simulation of the cylindrical laboratory reactor was performed assuming it 
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could be modeled in two-dimensions (Gobin et al. 2001; Lettieri et al. 2003). Gobin et al. 

(2001) and Lettieri et al. (2003) found that the global physical behavior of a two dimensional 

and three dimensional simulation were very similar, and indicated that two dimensional 

models could be used to reduce computational times. While they noticed more bubbles in the 

two dimensional simulation, they attributed these bubbles to the choice of plane in the three 

dimensional model used for analysis. Their conclusion was that the two dimensional model 

provided adequate prediction abilities while requiring much less computational effort. The 

conditions for the simulation are listed in, Table 9. 

The following sections compare simulation and experimental results to determine the 

accuracy of simulation predictions. The properties examined are the fluidized bed height, 

pressure drop, bubble distribution, bubble diameter, and bubble velocity. 

7 .10 Bed Height and Pressure Drop 

The first parameter examined was the average fluidized bed height and pressure drop across 

the bed. Using a program that was developed to determine the lowest point of the fluidized 

bed, the average height for the experimental bed was found to be approximately 42 cm. 

While for the simulations, the average bed height was closer to 46 cm, or approximately 10% 

greater. Other authors have noted the same discrepancy, and in the case of Gobin et al. 

(2001) a simulated bed height was 15% higher. 

Another important quantity is the pressure drop across the bed. "Theoretically", the pressure 

drop for the bed described in Table 9, can be calculated using the following equation: 

(80) 

The "theoretical" pressure drop is approximately 5300 Pa compared to the simulated pressure 

drop of 5200 Pa. Both these values are within 2% of the average experimental pressure drop 

of 5150 Pa. 
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Table 9 Conditions for the simulation using two dimensional assumption. 

Geometry 
Width 0.1 m 
Height lm 
Grid Size 0.005 X 0.005 m 
Bed Height 0.4m 

Boundary Condition 
Inlet Velocity 
Outlet Pressure 
Walls No slip 

Initial Condition 
Velocity of air .186 mis 
Minimum fluidization velocity 0.093 mis 
Initial void fraction solid 0.55 
Maximum void fraction of solid 0.57 

Particle 
Type Glass bead 
Size 150-250 um 
Density 2480 kg/m3 

Coefficient of 0.9 
Restitution 
Angle of Internal 30° 
Friction 

Gas 
Type Air 
Pressure 101325 Pa 
Viscosity 1. 7894e-4 kg/ms 

Closing Equations 
Drag Coefficient Syamlal-O'Brien 
Solid Pressure Sun et al. 
Radial Distribution Gidaspow 
Shear Viscosity Gidaspow 
Solid Bulk Viscosity Lun et al 
Granular Dissipation Lun et al 
Granular Temperature Exchange Ding and 

Gidaspow 
Frictional Viscosity Schaeffer 

Iteration 
Time step 0.00025 s 



140 
7.11 Bubble Distribution and Bubble Diameter Distribution 

The next parameter examined was the distribution of bubbles throughout the column, Figure 

75. 
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45 

Figure 7 5 shows that the simulated bubble distribution follows a similar trend to the 

experimental bubble distribution. The larger number of bubbles, at the lower bed heights, for 

the experimental results can be attributed to the simulation being modeled in two dimensions. 

Essentially, the simulation is taking a slice down the center of the column and, as such some 

bubbles will be missed, especially where the bubbles are predominantly small, near the 

distributor. Gobin et al. (2001) noticed that the number of bubbles in the two dimensional 

simulations was less than a similar simulation in three dimensions. A three dimensional 

simulation was conducted for this research and a similar trend was noticed. 



Looking at the distribution of the bubble diameters throughout the bed, as shown in 

Figure 76, there are similarities between the experimental and simulation results .. 
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Once the distribution of the bubbles and bubble diameters were deemed comparable, the 

effort shifted to examining the bubble diameter and axial velocity for binned bed heights. 

7. 12 Bubble Diameter and Velocity 

The diameter of the bubbles for the simulations was determined using a modified version of 

the program developed for the experiments. As seen in Figure 64, the simulation outputted 

images that show the volume fraction of solids. To analyze the images, a void fraction of 

solids had to be chosen as a cutoff ( similar to the thresholding for experimental images) for 

determining the bubble boundaries. While some authors have chosen the value of 0.3 
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(Syamlal and Guenther 2001 in Laux et al. 1998; Laux et al. 1998) others have chosen 

void fractions of 0.2 (Boemer et al.1997 and Gidaspow 1994) and 0.15 (Kuipers, 1990). 

After comparing with experimental results, a cutoff of 0.2 was chosen. The conclusion by 

most authors (Syamlal, Laux, Boemer) is that an exact definition of the bubble boundary is 

not necessary. However after examining the effect of varying the volume fraction cutoff, as 

shown in Figure 77, it becomes apparent that the definition of the bubble boundary is 

important. 
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Looking at Figure 77, it is clear that an accurate prediction of the bubble diameter is possible. 

The major deviations occur at higher bed heights were the experimental bubble diameters are 

on average larger. This is not surprising as there are more small bubbles detected, at higher 

bed heights, in the simulation than the experiments as shown by the bubble distribution in 



Figure 78. This as opposed to the bubble diameter distribution at lower bed heights 

which are very similar, Figure 79. 
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Figure 78 Distribution of bubble sizes at a bed height of 30 cm. This figure shows the 
increased number of small bubbles for the simulation. 

Looking at the bubble axial velocities, as seen in Figure 80, it becomes apparent that the 

experimental and simulation absolute velocity values are different. While the velocities 

follow the same trend, the simulated bubble velocities are, on average, 10 cm/s faster. Even 

if bubble velocities are averaged for binned bubble diameters as seen in Figure 81 the results 

still deviate by approximately 10 cm/s. It is unclear what contributes to this deviation but 

possible reasons are discussed in the chapter 8. 

After comparing the simulations with the experimental work it becomes apparent that the 

simulations are able to predict some of the bubble properties. While the bubble diameter 

matched well the absolute axial velocities were off by approximately 10 cm/s. However, 

they both followed the same trend, which is encouraging. 
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Chapter 8 

Polyethylene Comparison of Experimental and Simulation 

The ultimate goal of this research is to compare experimental and simulation results for a 

gas-solid fluidized bed reactor using polyethylene as the solid phase. Very few studies in 

open literature deal with the fluidization of low-density particles or polyethylene (Newton et 

al. 2001 and Gobin et al. 2001 ). Most literature is concerned with the fluidization of dense 

particles, such as glass beads, silica, or FCC catalyst. Changing from an "ideal" system 

where the particles are spherical and smooth to a non-ideal system, such as polyethylene in 

the particles are not spherical and smooth, creates some difficulties in predicting flow. This 

is mainly due to the empirical nature of the closing equations, which are derived from dense 

ideal particle systems. The next section compares bubble properties obtained from 

experiments with those predicted by CFD. This is followed by a general discussion on the 

suitability of the present models in simulating the behavior of bubbles in a polyethylene 

system. 

8.1 Introduction 

The simulations were performed usmg the same process conditions and reactor 

configurations as the experiments discussed in chapter 5, except these simulations were 

conducted in two dimensions (Gobin et al. 2001 and Letteri et al. 2003). The initial trial 

simulations were conducted using a superficial gas velocity of 3.0 times minimum 

fluidization and a settled bed height of 40 cm. Simulation geometry, conditions, and other 

input parameters are listed in Table 10. 
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8.2 Choice of Parameters 

The closing equations and parameters were chosen largely the same as those used for 

simulating the bed of glass beads. The major differences were the coefficient of restitution 

and the coefficients used for the drag correlation (Syamlal, 1987). For these 

Table 10 The simulation parameters and process conditions. 
Geometry 

Width 0.1 m 
Height lm 
Grid Size 0.005 X 0.005 m 
Bed Height 0.4 m 

Boundary Condition 
Inlet Velocity 
Outlet Pressure 
Walls No slip 

Initial Condition 
Velocity of air .231 mis 
Minimum fluidization velocity 0.077 mis 
Initial void fraction solid 0.57 
Maximum void fraction of solid 0.58 

Particle 
Type LLDPE 
Size 850um 
Density 840 kg/mj 
Coefficient of Restitution 0.6 
Angle of Internal Friction 30° 

Gas 
Type Air 
Pressure 101325 Pa 
Viscosity l.7894e-4 kg/ms 

Closing Equations 
Drag Coefficient Syamlal-O 'Brien 
Solid Pressure Sun et al. 
Radial Distribution Gidaspow 
Shear Viscosity Gidaspow 
Solid Bulk Viscosity Lun et al 
Granular Dissipation Lun et al 
Granular Temperature Exchange Ding and Gidaspow 

Frictional Viscosity Schaeffer 

Iteration 
Time step 0.00025 s 
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preliminary simulations, the choice for the coefficient of restitution was 0.6 although it 

was varied with the same effect as mentioned in chapter 7. This value was chosen based on 

the physical nature of polyethylene which is softer than glass, which has a coefficient of 

restitution of 0.9. Therefore, the elasticity of the collisions is less. Future work will need to 

determine this value more accurately. 

The other major change was the coefficients used for the drag correlation proposed by 

Syamlal (1990). Despite rigorous modeling of the associated physics, the drag law used in 

this model is semi-empirical in nature. One of the first tests for the suitability of a drag 

model is whether it can correctly predict the minimum fluidization velocity. The gas-solid 

exchange coefficient used in this simulation, proposed by Syamal (1987), is: 

(81) 

This correlation relies on calculating the terminal velocity of a solid particle according to the 

correlation of Garside et al. (1977): 

where: 

and 

vr,s =0.5(A-0.06Res+.J(0.06Res)2 +0.l2Res(2B-A)+A2
) 

B = 0.8at14 

B = 0.8ar65 

A= a4.14 

for a1 :s; 0.85 

for a1 > 0.85 

(82) 

(83) 

(84) 

(85) 
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The default coefficients for B in the correlation are 0.8 (for a, s; 0.85) and 2.65 (for 

a, > 0.85 ). These values need to be adjusted to correctly predict minimum fluidization 

(Syamlal, 1990). If the coefficients were kept at default values, the predicted minimum 

fluidization velocity would be 29.40 emfs, using the conditions in Table 10. From 

experimental work, the minimum fluidization velocity is known to be 7. 7 cmf s. This means 

that the default coefficients will not correctly predict the hydrodynamics. As a result, the 

coefficients need to be tuned. 

To determine the value of B, the minimum fluidization velocity equation, proposed by 

Syamlal, (1993), needs to be balanced to properly predict the minimum fluidization Umf. 

= dp A *(A+0.06BAr*J u~ r * µ1 l+0.06Ar 
(86) 

After balancing the equation, based on the conditions in Table 10, the coefficients for the 

current system are 0.205 (for a1 s; 0.85) and 11.04 (for a,> 0.85 ). Using these new values, 

the equation is now able to predict the minimum fluidization velocity of 7. 7 cmf s. Inputting 

these new values requires a user-defined function, programmed using C, so that these values 

can be "inserted" into Fluent and correctly predict the inter-phase drag. Once the correct 

values were inputted into Fluent, several simulations were run to determine the predictability 

of the flow. 

8.3 Simulations for Three Times Minimum Fluidization 

As mentioned earlier, the first set of simulations was conducted using a superficial gas 

velocity of 3.0 times minimum fluidization. The simulations were run for approximately 15 

real seconds in order to obtain a suitable amount of steady-state data which required 

approximately two weeks of CPU time, on a Compaq 667 MHz machine with 256 MB RAM. 



Several parameters were investigated to determine if the predicted bubble properties, 

from the simulation, agreed with experimental values. 

8.3.1 Distribution of Bubbles and Bubble Diameters 
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The first property examined was the distribution of bubbles throughout the column. Figure 

82 shows a comparison of the simulation and experimental bubble distribution. 

Figure 82 shows a variation at lower bed heights, where the simulation predicts more 

bubbles. This is different than was previously noticed for the glass simulations, because the 

experimental results showed more bubbles at lower bed heights. It was noticed in the 

simulations for the polyethylene that a significant number of small bubbles formed at the 

distributor, as shown in Figure 83. 
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Figure 82 A comparison of the bubble distribution for simulation and experimental results. 
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Figure 83 A comparison of the bottom of the reactor for the polyethylene (left image) and 
glass (right image). 

The difference between experimental and simulations results possibly anses from the 

inability of the experiments to detect the small bubbles at the bottom of the column. This 

could be due to overlap and the sheer number of bubbles, which might appear as a blur on the 

images. On the other hand due to the large number of bubbles, there could be an averaging 

effect on the overall density, which would make bubble detection nearly impossible. Despite 

this anomaly, the distribution of the bubbles in the column follow similar trends. Part of the 

future work for this project will focus on the region close to the distributor (up to 10 cm) to 

determine when the bubbles form and their general behavior. The distribution of bubbles at 

certain diameters, as seen in Figure 84, was also examined to see if it followed the same 

trends found in the experiments. 

Figure 84 shows a high degree of similarity. It also shows the increased number of small 

bubbles ( < 1.0 cm) present in the simulations, which are predominantly found near the 

distributor. This confirms what is visually observed in Figure 83 and, in part, confirms the 

difference in Figure 82. 

8.3.2 Bubble Diameters 

As with the experimental results in chapter 5, the simulation bubble diameters were averaged 

over certain bed heights for comparison. In chapter 7, with the glass bead simulations, it was 
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Figure 84 A comparison of the bubble diameter distribution for the simulations and 
experimental results. 

demonstrated that the cutoff for the bubble boundary has an impact on the absolute value for 

the bubble diameter. Figure 85, a plot of the bubble diameter versus the bed height, also 

demonstrates for the polyethylene simulations that the cutoff will significantly affect the 

absolute values for the diameter. 

As expected and discussed in chapter 7, by increasing the volume fraction cutoff, the size of 

the bubbles increase. The most sensitive area is near the distributor, where there is a swirl of 

bubbles and the "emulsion" void fraction is less that the voidage of minimum fluidization. 

As a result, as the void fraction is increased, some bubbles are merged to form large bubbles. 
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Figure 85 The effect of volume fraction of solid on the bubble diameter. 

8.3.3 Axial Bubble Velocities 
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As with bubble diameters, the bubble axial velocities were calculated for binned bed heights 

and at different void fraction to determine if the cutoff affects the velocities. Figure 86 is a 

comparison of the simulation results with both experimental results and correlations. 

While the absolute values do not match, the trend is similar for experimental, correlation, 

(with wall effects) and simulation results. The same increased absolute velocity value was 

also noticed for the glass bead simulations. The major parameter affecting the bubble 

velocity is the solid phase viscosity. As shown in chapter 7, by decreasing the solid 

viscosity, "faster" and larger bubbles result. While the velocities might match, the bubble 

diameters would not. As a result further work is required to identify other parameters that 

will affect the velocity. 
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Figure 86 The effect of volume fraction of solid cutoff on the averaged axial velocities of the 
bubbles. 

8.4 Varying the Superficial Gas Velocity 

The last few simulations were conducted to determine if variations in the process conditions, 

such as superficial gas velocity, were similar to experiments. The first set of simulations was 

performed to determine the effect of the superficial gas velocity on the bubble diameters and 

axial velocities. The gas velocities were 2.5, 3.0, and 3.5 times minimum fluidization to 

match those of the experiments. 

8.4.1 Bubble Diameter 

Similar to the experiments, the bubble diameters were averaged at binned bed heights. A 

comparison of the bubble diameters can be seen in Figure 87. 
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Figure 87 Comparison of the axial bubble velocities on the bubble diameters. 

While the trend of increasing bubble diameter occurs from 2.5 to 3.0 times mm1mum 

fluidization the bubble diameter at 3 .5 times minimum fluidization is not larger than those at 

3.0 times minimum fluidization. After viewing the images for each simulation, it appears as 

though the bubbles are breaking at higher bed heights at the higher velocity, being 43 for 3.5 

time minimum fluidization versus 6 for 2.5 times minimum fluidization. In addition the 

bubbles become more elongated, possibly due to viscosity effects. 

8.4.2 Bubble Axial Velocity 

The bubble axial velocities were also calculated to determine if they followed the same trend 

as with the experiments. Figure 88 shows a comparison of the axial velocities. 
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Figure 88 The effect of superficial gas velocity on the axial bubble velocities. 
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Interestingly, in Figure 88 there are significantly higher axial bubbles velocities compared 

with experimental results and an increase in the axial velocities of the larger bubbles with 

increasing superficial gas velocity. 

8.5 Settled Bed Height 

The last parameter examined was the bed height's effect on bubble properties, at three times 

minimum fluidization velocity. Figure 89 and Figure 90 show a comparison of the bubble 

diameter and axial velocity respectively. 

From these graphs, there appears to be no significant change in the bubble properties as a 

result of the increased settled bed height. While this agrees with literature, it differs from 

what was experimentally observed. 
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Figure 89 The effect of the settled bed height on the bubble diameter. 
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8.6 Suitability of the Present Model for Non-Ideal Particles 

Examining the data presented in chapter 7 and 8 there seems to be noticeable differences in 

the results obtained from simulations and experiments. There are many factors affecting the 

results and each should be analyzed in depth. With all CFD results, the output is only as 

accurate as the input. With this in mind, the physical values for the system being studied 

need to be determined with suitable accuracy so they are no longer a source of error. The 

possible errors in the simulations can be classified as errors due to inputs or the actual model 

equations. 

While most of the input parameters have an effect on the behavior of the simulations, one 

that has not been accounted for, and has been shown in literature to have a great effect (Grace 

and Sun, 1991 ), is the particle size distribution. The modeling to date has only considered 

the bed as comprised of one particle size equal to the volume mean diameter of the sample. 

More than any other input parameter, this is perhaps the most erroneous assumption. 

Previously, it was mentioned that the solid phase is defined as a group of particle with the 

same size and density. In theory, the simulations should be able to run with a number of 

particle sizes, assuming they initially occupy some volume fraction of the settled bed. 

However, after numerous attempts, simulations using two different sized particles failed and 

the reason for this has not been determined. With the addition of the second solid phase is 

the addition of another partial differential equation needing to be solved. What was noticed 

was that the residuals and CPU time increased dramatically for the approximately 100 time 

steps that the simulation actually ran. 

As a result of these added complications, it was decided to see the effect on the simulation if 

a Sauter mean diameter was used instead of the volume mean diameter. When calculating 

the mean diameter of a sample using standard sieves, there are several methods of 

determining the sample mean. The volume mean diameter, dvm, and Sauter mean diameter 

dvs are calculated based on the following equations: 
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"d. X ~<D -d = L..Ji l I 

vm 100 (87) 

100 
dvs = ~<!) . 

Li~ 
I 

(88) 

where di and ~<Di are the average diameter and mass percentage in the size band i. The 

difference in the mean diameters is that the volume mean is more sensitive to coarse particles 

whereas the Sauter mean is more sensitive to the small particles. Since, in the experiments, 

the behavior of the total sample seemed to be more influenced by the smaller particle sizes, 

the Sauter diameter, approximately 700 µm, was chosen for the simulation. A simulation 

was then performed, however, the results did not show a dramatic change. While the 

diameters were similar, except at higher bed heights where the diameters were less for the 

smaller particles. As can be seen in Figure 91, the axial velocities did not change 

significant! y. 
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There are other physical parameters that can affect the behavior of calculated values for the 

solid phase stress. The most significant is the effect of the eccentricity and roughness of the 

particle. In a recent article by Chou (1999), it was concluded that particle size and shape and 

material properties such as the coefficient of restitution are important parameters in 

predicting granular flow. It was also stated that the inclusion of these parameters in a 

theoretical framework will be complex and difficult. The author stresses the need for more 

experimentation to verify the global properties such as stress and strain rate and also the 

microscopic properties such as granular temperature. With this in mind, a few approaches in 

literature appear promising. Lun and Savage (1987) propose a "simple" kinetic theory for 

granular flow for rough spherical particles. The result of collisions between rough particles 

is the development of rotational energy. When particles are assumed to be smooth, colliding 

particles slide over each other. When the particles are rough, they particles can transfer 

translational energy into rotational energy. As a result, Lun and Savage define a roughness 

coefficient, somewhat analogous to the coefficient of restitution. The roughness coefficient 

varies from -1 to 1, where -1 means the particles are perfectly smooth and 1 means the 

particles are perfectly rough. They found an effect on the normal and shear stress as a result 

of introducing this coefficient. The addition of such a coefficient might prove useful for 

modeling non-ideal particle fluidization. 
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Chapter 9 

Conclusions and Recommendations 

This research can be broken into two parts: experimental and simulation. Due to the limited 

amount of literature dealing with the measurement of bubble properties, and the even smaller 

amount of literature on bubble properties for low density particles, laboratory measurements 

were needed. Not only were new measurements needed, but a new technique, x-ray 

fluoroscopy, needed to be developed to capture and analyze a statistically relevant number of 

bubbles. The result was an experimental system that can capture real-time footage of bubble 

movement, and software that can analyse this data. The number of bubbles studied is 

approximately 15,000 for each run. In comparison, the average number studied in the current 

literature is a few hundred. In addition, this experimental work can be used as a tool to 

compare bubble properties, with the results obtained from computational fluid dynamics 

using Fluent 6.0.20. While other parameters can be used, bubble size and velocity provided a 

good basis for comparison of process conditions and model parameters. 

The remainder of this chapter will summanze the experimental and simulation results 

obtained in this work. 

9.0 Experimental 

Images, showing the movement of bubbles, were captured on a computer at a rate of 30 

frames per second using x-ray fluoroscopy. Software was developed to identifiy the 

properties of these bubbles and track them from frame to frame so that velocties could be 

calculated. 

In this study, different types of particles were studied. Glass beads, with a narrow size 

distribution, 150 to 250 µm, were used to compare experimental results with correlations in 

literature and with computational fluid dynamics models. Further work was conducted using 
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linear low-density polyethylene as the solid phase. The initial experiments were 

conducted using a settled bed height of 40 cm and three different superficial gas velocities of 

2.5, 3.0, and 3.5 times minimum fluidization. Additionally, several parameters were studied 

to determine their effect on the bubble properties. These parameters were the settled bed 

height and the mean particle size. 

9.1 Experimental Results 

9.1.1 Bubble Diameter 

The bubble diameters obtained from experiments, for the most part, followed trends in the 

literature. As expected, the bubbles become larger when they were further from the 

distributor and when the superficial gas velocity was increased. Using this new technique, 

there were some results requiring further analysis before definite conclusions can be made. 

The first is that there was a decrease in the diameter of the bubbles as the settled bed height 

was increased from 40 to 60 cm, which goes against conventional wisdom. The second is that 

the diameters of the bubbles are not solely dependent on the velocity difference between the 

operating and minimum fluidization velocity. Results showed that keeping the velocity 

difference constant and varying the mean particle size resulted in very different bubble 

characteristics. In other words, smaller particles breed larger bubbles. 

Comparing the results with a correlation by Mori and Wen (1975) and Werther (1978) 

showed similarities, however, they did not match exactly. When the superficial gas velocity 

was increased the difference in bubble diameters was more pronounced for the experimental 

results than predicted from correlation. In addition, the correlations failed to predict the 

change in bubble size as a result of the different particle sizes. 

9.1.2 Bubble Axial Velocities 

As with bubble diameters, most of the results for bubble axial velocities followed trends 

found in literature. While the bubbles for the glass bead experiments were slightly larger 
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than predicted, the results from the polyethylene simulations were almost identical to 

those predicted by a correlation by Kunii and Levenspiel (1991), while taking into account 

wall effects. The variations in the process conditions also showed some change in bubble 

velocities. While superficial gas velocity and settled bed height did not have a major effect 

on the bubble velocities, under the conditions studied, the mean particle size did affect the 

bubble axial velocities, as noticed by other researchers in literature. 

9.1.3 Recommendations for Future Experimental Work 

From these results, it is apparent several other parameters affect the properties of the bubbles. 

While this study is not exhaustive, it does highlight some variables that need further 

examination to develop a robust correlation that predicts bubble properties for polyethylene 

fluidized beds. Along these lines, there are several recommendations for future work that 

would help determine those parameters that affect the properties of bubbles. 

While the experimental technique does provide good resolution (0.1 xO. l mm), the contrast of 

the images needs to be improved. This should be done by replacing the x-ray grid with one 

that is taller, and has a greater number of lines per unit length, as explained in chapter 3. 

Also, the image intensifier should be tested to ensure that it is working optimally, or it should 

be replaced with a more modem image intensifier with better detection capabilities. Once 

the apparatus is working optimally, efforts should be made toward improving the software 

algorithm for detecting bubble boundaries. These efforts should focus on calibrating the x-

ray unit. Specifically, the intensity values should be used to determine the mass or number of 

particles along the length of the x-ray beam. Using this information, the three-dimensional 

structure of the bubbles might be obtainable. While this may seem trivial, it is not, due to the 

limitations of low energy radiology. In addition, to obtain the three-dimensional structure of 

the bubbles, a second x-ray fluoroscopy system could be purchased and mounted nearly 

perpendicular to the present unit, thereby providing the missing plane. 
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The remaining efforts in this area should be focused on conducting experiments varying 

as many process conditions as possible. Important parameters that should be investigated are 

the effect of: 

1) Particle mean size and size distribution 

2) Column diameter 

3) Settled bed height 

4) Particle morphology 

5) Particle density 

6) Gas density 

7) Pre_ssure and temperature 

8) Relative humidity 

Because the correlations for bubble diameter are, in part, dependent on the initial size of the 

bubble just above the distributor studies should be conducted in conjunction with x-ray CAT 

to determine at what height bubbles first form and at what size. As the camera window is of 

a limited size, a more difficult task would be to determine the maximum bubble size. 

9.2 Computational Fluid Dynamics 
Simulations were conducted using Fluent 6.0.20. Using an Eulerian-Eulerian multiphase 

model, based on the two fluid model of Jackson et al. (1967, 1997, and 1998), many 

simulations were conducted to determine if these results matched those obtained from other 

experiments. Using glass beads and polyethylene, encouraging results were obtained 

although differences were noticed. In addition, a parametric study was conducted to 

determine the effect of model parameters on bubble properties. 

9.2.1 Parametric Study 

The parametric study examined the effect of certain parameters on bubble properties. 

Parameters varied were the time step, differencing scheme, closing equations, coefficient of 

restitution, angle of internal friction, turbulence model, and plane of symmetry. After 

analyzing these parameters, it became apparent that the factor most often affecting bubble 



165 
size and velocity was the effective viscosity calculated by the model. If the viscosity was 

increased, for example, by increasing the coefficient of restitution, the bubbles became 

smaller and slower, as expected. Once the flexibility of the model was determined, the next 

step was to compare these results with results obtained from experiments. 

9.2.2 Glass Beads Simulations 

The first comparison was made using glass beads as the solid phase. This was done since the 

sample size was relatively mono-sized and the coefficient of restitution was known. For this 

simulation the bubble distribution, diameter and axial velocity were compared. There were 

differences. The experiments showed a larger number of bubbles near the distributor, which 

could be accounted for since the simulations were conducted in two dimensions. One 

important observation was that the bubble diameter could be altered by changing the cutoff. 

While this had little effect on the bubble axial velocity it did play a role in calculating the 

bubble diameter. The last feature noticed was that the axial bubble velocities were larger for 

the simulations than the experiments. 

9.2.3 Polyethylene Simulations 

The last simulations were conducted using polyethylene as the solid phase. Using the 

volume mean diameter, the bubble properties were compared for a variety of conditions. 

Several things were noticed. Firstly, for the base case of three times minimum fluidization, 

the bubble diameters matched well. However, the axial velocities did not match, with the 

trend being the same but the absolute value being approximately 20 cm/s different. The same 

parameters varied in the experiments were also varied in the simulations to see if similar 

trends were observed. Increasing the superficial gas velocity did result in the bubbles 

becoming larger for 2.5 to 3.0 times minimum fluidization but the trend did not continue for 

3.5 times minimum fluidization. It was noticed that the bubbles began to break up more at 

this velocity and also become elongated. Despite this difference, the axial bubble velocities 

did not show significant difference except at the larger bubble sizes. The next parameter 

varied was the settled bed height. Unlike the experiments, but keeping in line with 
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conventional wisdom, the settled bed did not produce any significant difference in the 

bubble properties. 

9.2.4 Recommendations for Future Simulation Work 

The simulations showed much promise at determining the hydrodynamics of a gas-solid 

fluidized bed reactor. This being said, there is still need for experimental verification of 

current models to determine, if in fact, these models are robust enough to be fully predictable 

under most conditions. 

The next step in these simulations was to analyze more closely the applicability of the 

closing equations to the current problem of polyethylene. Additionally, the predictability of 

the bubble velocities in the glass bead system should be improved. With the glass bead 

system, the discrepancy could be a result of the glass beads in the experiments not being 

perfectly smooth and spherical, the particle size distribution, or the reactor size. All these 

reasons become more amplified when switching to polyethylene since polyethylene is 

rougher, less spherical, and has a larger particle size distribution. It is suggested that each of 

the equations used, in particular the drag correlation and frictional viscosity, be studied more 

closely. 

Future simulations should focus on: 

Examining the frictional models, as they greatly affect model predictions. 

Examining the effect of the particle size distribution. Introduce a coefficient to 

account for the distribution of particle sizes. 

Comparing two dimensional results with 3-D results. 

- Using pressure fluctuation data as a tool for comparison. 

Examining the effect of rough particles on the solid phase viscosity. 

Examining further why bubble velocities are larger. 
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9.3 Concluding Remarks 

This research has shown that x-ray fluoroscopy is a powerful tool in providing information 

on the properties of bubbles in gas-solid fluidized bed reactors. Unfortunately, with every 

question that is answered regarding the hydrodynamics of these reactors, another question 

anses. Yet, if more parameters are varied experimentally, better correlations can be 

developed to predict the bubble properties for polyethylene fluidized bed reactors. These 

results can be used to validate CFD models so they may be utilized with more confidence in 

optimizing and designing fluidized bed reactors. 
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Appendix A: Geldart's Classification of Particles 

Geldart (1973), separated fluidized solids into four groups, A, B, C, and D, according to the 

size and density of their component particles. Group A particles are materials such as the 

FCC catalyst, having a small mean particle size and low particle density (<1.4 g/cm3
). These 

solids fluidize easily, with smooth fluidization at low gas velocity and controlled bubbling 

with small bubbles at higher gas velocities. Group B particles, such as coarse sand, form 

bubbles as soon as the minimum fluidization velocity, Um/, is exceeded. Solids of group C 

are very fine powders. Normal fluidization is extremely difficult for these solids because 

inter-particle forces are greater than those resulting from the action of gas. They are cohesive 

materials such as starch, flour and cement. Group D particles are large and dense and prone 

to spouting rather than fluidizing. Geldart's classification is easy to use and is readily 

displayed in Figure 92 (Kunii and Levenspiel, 1991) for air fluidization at ambient conditions 

and for superficial gas velocity, U, less than about lOxUmf For any solid of known density Ps 

and mean particle size d P , this graph shows the type of fluidization to be expected. 

From the above description it is apparent that the polyethylene particles do not fit any of the 

catagories exactly. Looking at Figure 92 though it would appear that the particles fall within 

the Geldart B range. 
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Appendix B: List of the Experiments 

Solids Mean Wide (w) or Superficial Bed Height Number of Number of Settled Bed 
Particle Size Narrow (n) Gas Velocities Frames Bubbles Height 

(um) (cm/s) (cm) 

LLDPE 850 w 19.25 1 3100 5130 40 
2 4687 
3 6378 

850 w 23.1 1 3100 4585 40 
2 6685 
3 8225 

850 w 26 .95 1 3100 4121 40 
2 5153 
3 12215 

LLDPE 850 w 19.25 1 3100 5832 60 
2 7536 
3 5523 

850 w 23 .1 1 3100 4566 60 
2 6690 
3 8163 

850 w 26.95 1 3100 4325 60 
2 5821 
3 12378 

LLDPE 212 n 15.45 1 3100 3914 40 
2 5099 
3 14001 

566 n 21.05 1 3100 5062 40 
2 6750 
3 4132 

853 n 31.85 3100 n/a 40 

Glass 200 n 11 .63 1 3100 4572 40 
2 7881 
3 22599 

n 18.6 1 3100 4089 40 
2 7630 
3 27852 

Bed Height refers to the height of the camera above the distributor. Heights 1, 2 and 3 are 
2.85, 16.25 and 29 .85 cm respectively. 
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Appendix C: Bubble Diameter Distribution 

The following plots are the individual diameter distributions, for each binned bed height, 

shown as a total three dimensional distribution graph in chapter 5. 
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Appendix D Axial Velocity Distribution 

The following plots are the individual axial velocity distributions, for each binned bed height, 

shown as a total three-dimensional distribution graph in chapter 5. 
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Figure 104 Distribution function for binned bed bubble diameter 2.25 cm 
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Figure 105 Distribution function for binned bed bubble diameter 3.25 cm 
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Figure 106 Distribution function for binned bed bubble diameter 4.25 cm 
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Figure 107 Distribution function for binned bed bubble diameter 5.25 cm 
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Figure 108 Distribution function for binned bed bubble diameter 6.25 cm 
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Figure 109 Distribution function for binned bed bubble diameter 7.25 cm 
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