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ABSTRACT

Although the corﬁmercial applications employing circulating fluidized bed (CFB)
technology are developing rapidly, there is still a lack of fundamental research a.nd_
uhderstanding of fast fluidization. The objective of Fhis study is tb develop a more
coherent picture of fast fluidization by exa;.mining the hydrodynamics of CFB risers. The
study involves an experimental and theoretical investigation on thé‘ mechanisms
responsible for creat{ng the intqmal_ﬂow structure wit’hin the riser and on how entrance
and exit effécts3 particle size and density and bperating conditions affect riser
hydrodynémics. “

A predictive model‘based on core/annular flow ‘has been developed to estimate the
axial voidage profile and intgrnal flow structure of risers' under fast fluidization
conditions. The model assumes the riser to consist of three sections: 1) an acceleration
* zone where the solids acce.lerate upon entry into tile riser; 2) a developed flow zone where
| the flow of gas and solids is assumc;,d to be hydrodynamically fuﬁy developed and 3) an
abrupt exit zone for CFB units equipped with an abrupt exit at the top of the riser. Using
'empiric':ally developed equatiéns for p@ﬁc@g the apparent \;oidage at the bottom of the
n’sgr, the length of the acceleration zone and the apparent voidage af the top of the riser
(for CFBs with abrupt riser e);its), the three sections of the riser are solved to yield'th'e
_ average voidage, core voidage, core radius, gas ‘core velocity, solids core velocity, solids

core-to-annulus interchange coefficient and solids annulus-to-core interchange coefficient



as a function of axial location.

- Through comparison with experimental axial voidage profiles obtained ‘in this
study and reported in literature, the model was shown to be able to qualitatively and
quaﬁtitatively predict the effect of op_erating variables such as superficial gas velocity,
solids mass flux, solids diameter and density and riser geometry on the axial voidagq
profile. Because of uncertainties associated with experimental internal flow $tructure
measurements, a meaningful comparison between the simulated and experimental results
could not be made.

To illustrate an ajpplication of the hydrodynamic model to reactor design, the
model was used to study .the formation and evolution of environmentally damaging air
pollutants such as SO, and NO, emissions generated during circulating fluidized bed coal
combustién. The study is a first attemi:t to model emissions from CFB coal combustors

and may serve as a basis for more comprehensive simulations.
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CHAPTER 1
INTRODUCTION

1.1 FLUIDIZATION

Fluidizatioﬁ occurs by passing a fluid at a sufficiently high velocity through a bed
of solids such that an expanded, suspénded mass is created. The liquid-like behaviour of
thé fluidized solids enables it to be easily moved frbm one vessel to another and/or
drained through pipes and valves.

Many different types of fluidization ex&st. Particulate fluidization is characterized
by uniform bed expansion with fluid velocity. Aé the velocity of the ﬁuid is increased,
the particles move farther apart uniformly until they are carried out of their holding
vessel. Usually particulate fluidization occurs when solid particles are fluidized with
liquids although depending on the fluidization conditions and the physical properties of
the solids, particulate fluidization can' Ei.lSO occur with gases. For example, fine catalyst
solids fluidized by high pressure gas have exhibited behaviour\characteﬁstic of particulate
fluidization. For the purposes of this study, only fluidization involving gases is
cénéidered.

Fluidization with gases resulting in the formation of bubbles is called aggregative
or bubbling fluidization. In rbubbling fluidization, most of the gas goes through the bed
of solids as bubbles. The b;haviour of the gas bubbles is hard to predict and depends oﬁ
a multitude of factors. The nature and size distribution of the particles, the type of
di;tributor plate, .the superficial gas veiocity, and the depth of the fluidized bed are

examples (McCabe et al., ‘1985). Once the bubbles form, they have a tendency to
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coalesce and grow as they rise through the ﬂuidized bed of so‘iids. Itis ﬁossibfe for the
bubbles to grow until they fill the entire cross section of the vess.el containing the solids.
Succes;ive' bubbles may then travel up the column separated b)‘f slugs of solids. This
ph‘enomena is called slugging ;md is highly undesirable because of pressnure‘ﬂuctuations
in the bed, poor gas-soiid contact and solids entrainment.

, Wi.th increases in fluidizing gas velocity, the tv&;o phase Vcharacter of the bubbling
bed eventually giv‘es way to a condition of increased uniformity. The resulﬁng fluidized
stat.e has been defined by Lanneau (1960) and by‘ Kehoe and Davidsbn (1971) a;s turbulent
ﬂuidizaﬁon. There are two different views of turbulent fluidization. Kehoe and Davidson
(1971) describes turbulent fluidization in terms of transitory voids moving obiiquély
upwards. Unlike the bubbles z;nd slugs in lower velocity fluidization fegimes, the voids
afe much smaller and occur much more frequenﬂy. Another description 6f turbulent\
fluidization is provided by Brereton (1987). Accéfding to Brereton: (1987), turbulent
fluidization is characterized by an absence of Bubbles and by the existence of'clusters or
packets of solids in the bed. I_n._ both bubbling and turbulent beds, except for minor
carryover of solids, the bed generally experiences no net flow and remains at the bottom
of the holding vessel (Yerushalmi, 1986). Unlike a bubbling bed, in turbulent
fluidization, the top surface; of the bed of solids is conside;rabl& more diffuse becauée of
the greater fluidizing gas velocity.

As the gas fluidi;ation velocity is increased further, the rate of solids‘ carryover
'rapidly increases. Withput some sort of solids replenishment, the inventory of solids in

the system would rapidly become depleted;l By recyéling the solids with external
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cyclonés_ and a standpipe, a ﬂuidiztrd system with a relatively high solids concentration
can be maintained. According to Grace (1990), the fast fluidization regime drcurs ata
‘gas fluidizing velocity where there is no longer a cleé.r interface between a dense bed of
solids and a dilute freeborlrd region. Besides high solid concentrations, fast fluidization
is also characterized by an extensive amoﬁnt of solids backmixing. | |
Increases in gas velocity ‘above the requirement fér fast fluidization leads to what
is known as pneumaric transport. In pneumatic transport high velocity gas carries a lean
gas-solid suspension upward in relatlvely stralght paths with very little backrmxmg of the
solid particles. Flgure 1.1 show a schematxc representation of the various hydrodynamic
types of fluidization and Figure 1.2 represents a regime map of the various ﬂuldlzatmn

states.

L2 FAST FLUIDIZATION AND THE CIRCULATING FLUIDIZED BED SYSTﬁM

Orre way of achieving fast fluidization r:r>nditions is‘ to use a rast or cirr:ulating
fluidized bed (CFB). A schematicr of a typrcal circulating fluidized bed system is shown
in Figure 1.3. Fast fluidization conditions are achieved by operating ata sur'ﬁcierrtlgr high
superficial gas velocity (6-8 rn)s) and by uéing a'cyclone and starrdpfpe arrangement to
recirculate the solids. The riser i§ the most important part of a CFB system since gas-
solid chemical reactionsﬂ occur in this region. Experimental studies of CFB risers have
indrcated that radial gradients exist with signiﬁcantly higher concentrations of solids near. -
the outer wall than in the interior of the riser (Yerushalmi et al.,, 1978; Weinstein et al.,

1986 Geldart and Rhodes 1986; Bolton and Dav1dson 1988; Kwauk et al., 1986 Bader
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et al., 1988; Horio et al., 1988; Rhodes, 1996; Kato et ‘al., 1990; Dingrong et al., 1990).
Furthermore, pioneering studies by Kwauk et al. (1986) have shown that the riser also
co;ltains axial non-uniformities. According to Kwauk et al. (1986), the axial solids
concentraﬁoﬁ profile is g shaped with a dense solid phaﬁc at the bottom of the cqlumn
and a dilute solid phase at the top. The transition betwe¢n the two solid phases is
indicated by an inflection point in the axial solids holdup profile. Workers such as
Kwauk et al. (1986) and Horio et al. (1988) have considered the riser to be made up of
upward and downward moving. clusters or packets of solids dispersed in a dilute
continuum of discrete particles whife others like Geldart and Rhodes (1986), Bader et al.
(1988), Két6 et al. (1990) and Dingrong et al. (1990) have consifiered the riser té be made
up of a dilute upward moving gas-solid suspension surrounded by a film of ud(_)wnward
falling solids. Others such as Bolton a'n'd Davidson (1988) have proposed that the lower
region of the riser is similar to a slugging fluidized bed while the upper part consists of
a lean gas-solid suspeﬁsion similar to that found in :pneumatic transport lines. Depending
, upon the e);it configuration at thé'top of the riser, there may also be significant internal
solids recirculation. As indicated by Brereton (1987) and Patience (1990), abrupt exits
result in internal separation of entrained solids from the gas at the top of the riser and
lead to considerable internal reflux of solids; The effect leads to an increase in solids
hold-up at the top of the riser. Figure 1.4 shows the effect of riser exit configuration on
the axial voidz{ge profile.
Separation of solids leaving the ﬁser is usually accomplished by external vertically

6riented cyclones. ‘Labyrinth separators: can also be used in gas-solid separation (Dry and
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La Nauze, 1990). Labyrinth separators operate by changing the direction of flow many

times and in the process trap solids in stagnant collection slides.

The solids from :the gas-solid separation device fall in;o z; standpipe where they '
are conveyed downward vs)ith the help of gravity. Usnually, aeration is provided to keep
lthe éolids in the standpipe fluidized. The more solids in the standpipef the greater the
- potential driving force for solids circulation and the higher the solids concentration in the
riser (Dry and La Nauze, 1990). |

The solids circulation loop is completed wﬁcn the solids in the standpipe &e
reinjected back into the base of the riser. A critiéal aspect of the solids reinjection syster‘n
involves designing the system so that gas cannot escape up fhe standpipe. Gas in the
standpipe may entrain solids up the cyclone and possibly' into’ do-wns't;eam equipment.
Loop seals, V valves and L valves are often used as part of the solids reinjection system.
1.3 ADVANTAGES OF A CIRCULATING FLUIDIZED BED

Circulating Fluidizéd Beds, operating in the fast fluidization regimé have many :
advantages over lower velocity fluidization systéms. Because of large éxfemal aﬁd
internal recirculation, CFBs have the advantage of température uniformity or isothermal
operation and like all fluidized beds héve extremely good solids handling capabilities.
The absence of bubbles in CFBs elirhinates' thg gas bypassing problen;s that plagues
bubbling fluidized beds. Heat and mass transfer rates are higher in CFBs since ‘smaller
solid particles, which have more interfacial area can be used (An*:tbler, 1988). Other

advantages include adjustable retention time of solids by means of riser exit configuration
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and choice of solids circulation rate, superior lateral mixing and high gas throughput per
unit cross-sectional areé. In the case of combustion nreactions‘, due to better gas-solid
: '. mi):dng characteristics, CFBs can reduce‘ the amount of NO, emissions as well as the
amounf of unburned CO and hydrocarbons. In fast catalytic reactions igvolving rapidly
deactivating catalysts, the reéycle leg can be used as a continuous catalyst regenerator.
The downside of CFBs include high gas compréssion costs due to the high pressure drop
along the riser as the solid particles move upward, increased erosion of reactor
components by the high velocit.y solids, solid partiéle attrition, a higher capital cost than
" lower velocity fluidization systems and most importantly, a lack of fundamental reséarch

and understanding into the phenomena of fast fluidization.

1.4 APPLICATIONS OF CIRCULATING FLUIDIZED BEDS

| CFBs can be used in many industrial applications. Hartge et al. (1986) mentidns
that chemical reacting systems requiring high specific transfer fates, high §olids
throughput and thermal uniformity within the reacfor are excéllent candidates ‘for
application with CFB technology. Lurgi Chemie along with Vereinigte Alurninuﬁ Werke
were the first to use CFBs. | They developed a successful procéss for calcining aluminum
hydroxide to supply cell-grade alumina; (Yerushalmi, 1986). AReh (1986) have indicated
that CFBs have been investigated for combustion of low grade fuels, pyrolysis of
_ biofnass, coal gasification, dry scrubbing of- gases and Fischer-Tropsch synthesis.
Catalytic reactions such as the productior; of maleic anhydride from n-butane have also

been suggested. Presently, CFBs are largely used in the combustion of coal. Recent
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developments in CFB technology include using CFB adsorbers for the recovery of
uranium from seawater (Nakamura et al., 1990) and the use of CFBs for low temperature

oxidation applications (Morooka et al., 1990).

' 1.5 OBJECTIVES OF STUDY

Although the commercial applications employing circulating fluidized bed
technology are de;s/eloping rapidiy, there is still a lack of fundamental researéh and
understanding of fast fluidization. The main objective -of this study is to develop a more
coherent picture_pf fast fluidization by examining tI;e hydrodynamics of CFB risers. The
study fépoi‘ted in this thesis involves an experimental and theoretical investigation oﬁ the
mechanisms responsible for creating the .intemal flow structure within the riser and on
how entrance énd exit effects, particle size and dénsity and operating conditions such as
supérﬁcial gas velocity and solids circulation rate affect riser hydrodynamics. The results -
are used to develbp a predi;:ﬁvé hydrodynamic model whiéh aﬁows evaluétjoq of the axial
voidage profile and internal flow structure of CFB risers. Finally, t:he‘proposed model
is used to study the formation aI;d evolution of environmentally damaging air pdllutant‘s
such as sulfur dioxide (SO,) and ni&ic oxide kNO) generated during circulatihg fluidized

bed coal combustion.
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CHAPTER 2
EXPERIMENTAL EQUIPMENT

-~

2.1 EXPERIMENTAL APPARAfUS

A‘schema'tic of tile experimental circulating fluidized bed used in this study is
shdwn in Figure 21 The experimental unit was constructed ‘at the University of
Waterloo and prcviously used by Arhblgr (1988). The expeﬁmental system consistsr of
a riser equipped with an-abrupt exit cénﬁguratiori, two external x;erﬁcgliy oriented
cyclones in series for gas-solid separation and.a flap valve diverter setup for measuring
solids ﬂowrate. The riser column is 3 m in height and 0.05 m in diameter. It is
constructed from plexiglass to permit visual observation. The pnmary gas distributor is
a sintered metal disk héving approximately 100 pm diameters pores. Thirteen pressure
taps are locate& along the length of the riser to_'measure the axial pressure drop. To
prevent solid particles frém plugging the pressure taps, each opening ‘wasA lined with filter
paper. High pressure air can also be used to ﬂgsh out any solid particles tfapped in the
o préssure taps. The location of the pressure taps along the riser is illustrated in Figure 2.2.
Pressure measurements are made with a bank of manometers ‘co‘ntaining Meriam oil
having a specific gravity of 1.0. The manc;mete‘rs are hooked up in such a way that the
pressure measured at any tap is relative to the pressure at the base of the éolumn, Solids
from the reciréulétion leg enter the bottom of the riser thfough 2 0.04 m transfer line at
: an angle of 45 degrees to the horizontal. An abrup; exit with a 0.12 m dead zone is ’

employed at the top at the riser.
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2.2 RECIRCULATION LEG

Gas-solid separation is achieved by using two vertically oriented cyclones in
series. The primary cyclone, having a low soiids sgparatioh efficiency was originally
design;ad by Ambler (1988) to separate primary high density solids while at the same time
allowing for low density particles to continue with the gas. The captured solids from the
primary cyclone then fall into a buffcr bed. The secondary high efficiency cyclone
collects any remaining solids carried v;'ith the gas in a 0.0508 m polyethylene pipe
connected to a storage chamber. The gﬁs passing through the secondary cyclone is vented
to the atmosphere. Figure 2.3 shows the. configuration and‘ Vdimensions of the two
cyclones. 7 |

A buffer bed is placed below the prirhary cyclone in the recirculation leg not only
to store sdlids but also to prevent upsets during the solids flowrate measurement. The
buffer bed is 1.4 m high and has a diameter of 0.20 m. The bottom of the buffer bed haé
a conical section with a 0.04 m diamefef outlet. A 0.0125 m thick 0.125 m diameter
aeration nng with 100 micron diameter holes is located within the bottom of the buffer
bed: The purpose of the aeration ring is to éerate the solids in the buffer bed so tha£ they
remain in a fluidized state. Packed solids in the buffer bgd is highly undésirable sinée
bridging can occur at the neck of the buffer bed exit and prevent soiids flow. Gés ﬂowr
to the aeration ring is controlled by a needle valve connected to the secondary air supply.

A flai) valve at the enﬁ'ance. to the buffer 'bediis used to divé:rt solids to a
coilectiqn vessel so that the solids flowrate can be evaluated. :thn the solids ﬂg\‘;vrater

is being determined, the diameter of the buffer Bed is large enough so that there is
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minimal reduction in fhe solids head during the diversion time and hence minimal upset
to the system.

| Ap opening is available at the top of the buffer bed to replenish any solids lost
from the system and hencé, keep the solids inveﬂtory constant. Solid rfllowraté is
controlled by means of a 0.0381 m ball valve located immediately below the buffer bed.
A secondary air injection po,rt is installed in the trapsfer line between the solids
recirculation leg and the riser to assist in the movement of solids through this zone.

Figure 2.4 Show the specific dimensions of the buffer bed while Figurés 2.5,2.6

and 2.7 show:the dimensions and configuration of the flap Qalvc controlliﬁg the solids
measurement system, the é’eraﬁon ring and the transfer line;betwe’en the soiid recirculation |

leg and riser, respectively.

2.3 FLUIDIZING AIR CONTROL

The inlet air is divided into two streams: a pﬁmary air stream which goes to the
base of fhe riser and a secondary .air stream which goes to the solids recirculation leg.
Because of static electricity buildup in the ris;:r, the fluidizing air is ﬁrst humidified by
bubbling it through a water-filled vessel. The prirhary air 1s the principal fluidizing gas
carrying solids up through the riser vs)hile the sééondary air is used to facilitate the
mox;ement of solids in the recirculation leg. Primary air is rﬁetered by means of a Brooks 7
type 111'0-08B-A rotameter while the second;a.ry air is controlled by a Brobks t};pe 1110-
08H2A1A rotameter. The secondary air stream is subsequently split by means of a nc;édle

valve so that a portion of it goes to the aeration ring in the bﬁffer bed while the
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remaining air goes into the solids transfer line connecting the riser and solids recirculation

leg.

24 SOLIDS<IN CFB SYSTEM

- Ensuring fast fluidization conditions in the CFB was the main design critérion in
determining the type of solids used in the experimental unit. As indicated iﬁ Figure 1.2,
according to the Geldart (1973) classification of solids, group A and B particles meet the
main design criterion. According to Grewal (1991), there ié a relative abundance of CFB
experimental studies involving group A particles but a lack of studies conduct;ad with
group B. solids. Therefore, one batch of group B (Dp=174 pm, p=2500 kg/m3) and one
of group A (Dp=93 ;im, ps=2500 kg/m3) solid particles were chosenf The relevant
physical properties of the experimental solids are tabulafed in Table 2.1. In the following
chapters, the group A particles will be referred to as "sand A" while the group B particles

will be referred to as "sand B".

2.5 EXPERIMENTAL PROCEDURE

Before any given experirr;ent was performed, a series of steps was taken to ensure
that the experimental CFB unit was operating correctly. To prevent any plugging in the
pressure tap openings, which would affect the pressure tap measurements, air was used
to "flush" out ‘the openings and the filter paper lining each of the pressure tap; was
checked and replaced if damaged. The system was first filled with a desired inventory

and type of solids. Then, the primary and secondary air rotameters were opened. The



PROPERTY SAND 'A’ | SAND B’
Sauter Mean Diameter, Dp, 93 174
pm -
Particle Density, pg, kg/m® 2500 2500
Minimum Fluidization 0.0097 0.033
Velocity, Up,¢, m/s '
Minimum Fluidization 041 0.41
Voidage, e, (-)
Terminal Velocity, U, m/s 0.55 1.55
Geldart (1973) classification A B

TABLE 2.1 - PHYSICAL PROPERTIES OF SOLIDS USED IN

- EXPERIMENTS
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primary air rotameter settings were adjusted so that the deéired primary air flowrate was
obtained. Solids flow was initiated by opening the ball valve located at the Boftom of the
buffer bed. Once the solids:appeared to flow in a more or less continuous manner
downward iﬁto the buffer bed, the flap valve arrangement was uséd to determine the
solids flowrate. A series of measurements were taken to determine the average solids
circulation rate in the system. The ball valve was then adjusted accordingly so that the
desired solids flowrate was achieved. The secondary air rotameter settings were adjusted
during the course of the experiment to ensure a sufficient state of fluidization in the
buffe‘r bed and hence,A a suf_ﬁcient movement 'ofr solids in the line coﬁnecting the
recirculation leg’ to the bottom of the riser. The pressure drop along the riser Was
determined for each experiment by recording the‘pressure difference indicated by the bank
of Meriam oil-filled manometers. To yalidate the reproducibility and accuracy of the
resﬁlts, multiple experiments were conducrted to test the réproducibility of results and au
measured quantities were determined more than once. Visual observations were made
during each experiment to help qualitatively understand the phenomena occurring in

different parts of the CFB system.
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CHAPTER 3
EXPERIMENTAL RESULTS

3.1 VISUAL OBSERVATIONS

Under fasf fluidization conditions, visual observatic;ns of solid and gas movement
in different parts of the experimental CFB unit were made with both sand A and B.
However, irregardless of the solid'type, in a specific region of the experimental CFB unit,
the movement of thé solids and gas appeared to be the same.r Conseq;lently, the visual

observations noted apply to both types of sand used in the experimental studies.

3.1.1 ENTRANCE REGION

| In this study, t.he section of riser located immediately above the distributor plate 7
and extending to the top of the solids re-entry point from the mcﬁculaﬁon leg is defined
as the entrance region.

Because of the turbﬁlent motion of solids in the riser, observations in the entrance
region could only be made at low solids fluxes (typically less than 15 kg/(mz-s)). Ata
solids flux less than 5 kg/(mz-s) and superficial gas velocity of approximatély 5 m/s,
which corresponded to fast fluidization conditions in the experimental unit, the solid
particles seemed to éccelgrate immediately upon entry from the solids return leg.‘ Closer
g e;camination of the region indicateci very little downflow of solids along the walls of the
riser. An interesting observation was the presence of small clumps of solids aroﬁnd the
pores of the siniered plate distribufor. The particles seemed to be trapped betweenrthe

jets of air going through the pores in the distributor. Analysis of the particle size
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distribution indicated that the observed effect may be due to a plugged distributor 'since
it was possible ‘for the sand to get stuck in the pores of the sintered metal plate. At a
constant mass flux of 5 kg/(mzos), increases in superficial gas x;elocity clearly showed the
immediate acceleration of part.icles upon entry into the riser from the recirculation ‘1eg.
In addition, the small !clumps of particles continued to appear and disappear at random
~ intervals.

At intermediate solid mass fluxes (approximately 10 to 15 kg/(mzos)) and a
superficial gas velocity around 5 m/s a small buildup of solids developed on the solids
re-entry side of the riser. The existence of the clump of solids was attributed to the
possibility of the. force from the downward flo.w of solids from the recirculation leg l;eing
greater than the force of the upward gas flow in the Avicinity of the solids return loéaﬁon.
Pai'ticles from the solid transfer line seemed to collide into the clump and cause particles
to be ejected from the mass of solidsf At times, the flow of solids from the transfer line
seemed to oven‘ide"the' clump of stagnant solids and: fall downwards before being
accelerated by the upﬂowiné gas. As a result, a recirculation pattern wés visible. The
presence of the apparently stagnant clump of solids created a maldistribution in the
upflow of the gas-solid suspension. Instead of going upwards the solids seemed to move
B latérally first before being propelled upwards by the fluidizing gas. A small downflow
of solids was present along the wall. Because of the préc}ominant up§vard'ﬂow of gas-
solid .;:uspension in the entrance region, itk was difficult to dete.rmi_ne whether the amount
of solids falling down the wall varied with increases in solids ;nass flux. Increases in

superficial gas velocity did not break down the clump of solids although it was



27

significantly smaller. An immense ‘amount of turbulencé in tﬁe entrance regionrmade
visual observation much more difficult at higher superficial gas velocities.

At high solids fluxes (greater than 15 kg/(mz-s)) observatiohs were extremely
difficult because of the turbulent motion of the solids. At times, it seemed that small
voids of gas appeared but were quickly ericapsulated by an inﬂux of solids. At higﬁ
solids fluxes, the entrance region consisted primgrily of an upward flowing gas-solid
suspension. When the superficial gas velocity was increased, there was so much niixing
within the entrance region that observations of the flow pattern could nc;t be made.

There is very little inforrr;ation on the entrance regibn of CFB units in literature.
Very few, if any, studies have been conducted around the distributor to see how the
region affects the hydrodynamics of the riser. Most studies have concentrated on the
lower region of the riser well away from the distributor and solids re-entry point.r Studies
in the l6wer region of_the riser have shown that radial solid concentra}ﬁon gradients exist.
 Weinstein et al. (1984) have modelled the gradient as consisting of a lean solids region
in the centre of the riser surr;)qnded by a dense and thick: annular ﬁﬁg of solids.
Yerushalmi et al. (1979) have characterized the gradient using clusters or packets of solids
distributed across the cross-section of the riser. The experimental observations séemed
to indicate that a combination of the Weinstein et al. (1984) and Yerushalmi et al. (1979)
theories can be applied to describe the entrance region. Yang (1988) indicated that when
solids are fed into the riser at an ang1<.a, countercurrent to the flowing gas, a turbulent 7
refluking pattern is often created:at the entrance regioh. Visual observations during this

experimental work at intermediate solid mass fluxes supported Yang’s (1988) observation.
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As solid particles falling dowﬁ the wall approached the distributor, gas would force the
particles up the ;:entre of the riser. Many times, the accelerating particles would collide
with fresh solids from the recirculation leg and appear to "swirl" back to the wall region.
Patience (1990) using a 90 degree tee also notéd similar observations. He further noted
that increases in solids flowrate caused the pafticles to penetrate further towards the cehtre
of the ris;:r before being accelerated. In addition, Patience (1990) noted that. at certain

times the entrance region was completely emptied of solids.

3.1.2 EXIT REGION

Fdr the purposes of this study, the exit region is defined as the section of riser -
immediately below the ouﬂet at the top of the riser and encompassing tl;e abrupt exit
conﬁguraﬁon.

As solids and gas reached the exit region, it was evident that the abrupé exit served
to separate the gas-solid suspension by deflecting or diverting a portion of the solids back
down into the riser. It appéared that the upflowing gas "sweeped" solids in the centre of
the riser out towards the wall region. The solids then proceeded .to fall down along the
walls of the riser. _ 7

At low solid fluxes (around 5 kg/(mzos)) and a superficial éa’é vélbcity of 5 m/s, |
impingement of particles at the top of the riser section was not evident. It appeared that
the particles that deflected downwards from the: abrupt exit were "scooped” b.ack: up with
the upflowing gas. Increases in superficial gas velocity at a con;mnt solids flux revealed

progressively smaller amounts of solids refluxing down the sidesr of the riser.
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Similar to the entraﬁce region, ‘the turbulent motion of the solids made it very
difficult to ascertain the flow pattern at intermediate and high solids mass ﬂuxe‘s.

Because the abrupt e;dt was not made from transparent plexiglass, it was not
possible to determine whether there was actually a buildup of particles at the top of the
abrupt exit. The existence of a stagnant zone of particles would not only dampen the
effect of t-he abrupt exit configuration by reducing the amount of solids reflected back
down into the riser but if thick enough, could act like a packed bed and create problems
such as temperafure nonuniformity and sintering of ;:atalyst (if the soli&s v&;ere used as a
catalyét). '

As shown by Brereton (1987) an abrubt exit can create a signiﬁcaht increase in
suspension density not only in the vicinity of the exit but extend throughout the column
and hence, can affectrthe hydrodynamics of the entire ﬂser. In systems ~Where the extent
~ of reaction depends upon the solids concentration, conve;rsion can be increaspd becauée

of the increased solids holdup. Another consequence of -an abrupt exit is the increase in
fhe residence time of the solids in the rise;. With an abruﬁt exit, solid particles are
separated from the gas by inertia when they hit the top of ;he exit and fall back down
along the walls. Instead of going through t'he riser in one pass, the solids may circulate
within the riser many times bef.ore going into the recirculation leg,r thus increasing the
| amount of solids backmixing. Solids residence time ;disu'ibution tests on CFB units with
abrupt exits showed fhat a bimodal solids residence time distribution curve exists (Ambler

et al., 1990). According to Ambler et al. (1990), a bimodal residence time distriBution

- curve indicates two flow phenomena occurring in the riser. The first peak corresponds
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to the fraction of tracer which goes rapidly through the i;'iser while the second peak,
representing the bulk of the tracer, is delayed by a certain extent due to extensiye
backmixing within the riser. Yong et al (1988) have determined axial voidage
distribﬁtions in fast ﬂuidimd beds with different exit structures. From the experimental |
studies, they developed an empirical correlation to predict the fraction of solids that is

reflected back down into the riser because of an abrupt exit.

3.1.3; RISER

The flow pattern of the gas-solid mixture within the central portion of the riser
was difficult to characterize. Except for the entrance region of the riser a definite
downflow of solids along the wall was present at all values of solid mass fluxes and
superficial gaé velocities examined in the study. The downflow of ﬂso,lids was not constant
but appeared to fall down in sheets. At'times an immense amount of solids fell down
while at other times there did not seem to be any appreciable downward flow. Except
for the lowest quarter section of the riser, the downflow of sol‘ids was périodically
disrupted by small packets of gas moving into the wall region and removing solids by
pushing them towards the centre. The solids that were lost to the gas packet was quicidy
replenished by the solids falling down in the wall region. At’thc bottom quarter of the
riser, the fluidizing gas moved predominantly upwards in almost one continuous i)hase
at high gas velocities whereas a downward moving film at the wall was noted forming
with reductions in gas velocity. |

At high gas velocities, the upward movement of the fluidizing gas combined with
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' the accelerating solids from the recirculation leg was such that the lérge majority of the
solids that would have moved down along the wall were captured by the upflowing
suspension before the downward falli.ng solids had a chance to reach the bottom of the
riser. With reductions in superficial gas velocity, the portion of solids reaching the
bottom of" the riser before being captured in the upflowing suspension ingreased
considerably. A dense gas-solid suspension was apparent at the bottom of the riser.
Although quantitative analysis was not conducted, the éxperimcnts s:eem to show that the
apparent dense phase at the bottom of the riser was not an actual deposition of solids as
in a conventional bubbling fluidized bed but merely a consequence of the interaction
between the upflowing accelerating suspension and downflowing solids. Thus the gréater-
the degree of interaction between the upward and downward flowing phases the greater
the apparent densification at the bottom of the riser.

In the middle section of the riser the solids seem to form a continuous
intérconnected phase with the gas. It appeared that although some streaks of solids were
seen to move up with the fluidizing air m the centre of the riser, there was predominantly
more gas than solids in the region. The true nature of the flow pattern was masked by
the downflowing film of solids along the wall. | |

The upper section of the riser, just below the abrupt exit c;onﬁguratioﬁ also -
exhibited a densification ,Of solids. The increase in solids cpnc¢ntration was clearlyg
visible and was attributed to the effect of the abrupt exit, as described earlier.

The majority of research on CFBs have conceﬁtfated on the riser section of the

syétem. Many workers have used devices such as tracers, fibre opticé, photography,
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capacitance probes ‘to try and reveal the true nature of the flow pattern within the riser ‘
(Bader et al., 1988; Kojima et al., 1989; Arena et al., 1990; Brereton, 1987 and Hartge
et al., 1986). From the experimental studies, two general schools of thought about the
internal flow structure inside CFB risers. have evolved. As previously mentioned, some

workers believe that particles are agglomerated into clusters or packets of solids in a

continuum of dilute particles while others believe in a core/annular flow structure. The

core is essentially a dilute upwérd flowing gas-solid suspension while the annular region
consists of a f;lm of falling solids. There are .also combinations of the two schools of
thought. Studies by Patience (1990) and Brereton (1987) inaicaté the existence of clustefs
not only in the centre of the riser but also in the wall region. Their studies seem to
indicate that the true flow pattern is a combination of the two theories. Based on the two
schools of thought, many models have been p;oposed to deséribe the hydrodynamic

structure with CFB risers. An overview of the models is given in Chapter 4.

3.1.4 BUFFER BED

In general, thé solids falling in thé buffer bed appeared to flow downwards in
relatively straight ﬁnes. Voids, clusters or packets of solids and a densification of solids
around the wall region was not present'. Changes is superficial gas velocity did not affect .
the flow of solids in the buffer bed. The only difference 7wa$ the uniform increase in the
amount of solids flowing downward at the higher‘velocities.

As previously mentioned, the solid ﬁowrate in the :system was deterr.ninegl by

means of a flap valve. Whenever the flap valve was diverted to measure the flowrate,
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the change in solids bed height was noted. The observations revealed that there was very
litﬂe change in the bed height and hence, proved that the diameter of the buffer bed‘was
large enough to prevént an upset in gas and solid flow in the system. |
AThere isa sevei‘e lack of information on the standpipe region of Cf'Bs. Generally
ﬂc;w in standpipes is characterized as‘sliding packed bed in which the particle'sr flow
:ddwnward cocurrently with the gas (Patience_, 1990). Most sfudies in the literature
consider the standpipe in isolation of the other components of the Hsystem.. A comrhén
procedure is to study a standpipe with an orifice at the bottom. Patience (1990) notedi
that the solids velocity af the buffcr‘ bed wall is low';ar than the solids-velocity averaged:
 over the entiré cross-sectional area. Without pfoper calibration, significant errors can:
occur in the evaluation of the solids flux if based on the solids velocity at the wall. The
error is magnified even more when one considers that the solids mass flux is the basis of

most correlations pertaining to the hydrodynamics of a CFB system.

3.2 AXIAL PRESSURE DISTRIBUTION

By measuring the pressure drop using Meriam oil-filled manometers the pressure
profile alc;ng me riser was determined. It is assumed that any radial pressure variation
is negligible and hence, ﬂpressure is coristaﬁt across the diameter of the riser. Attempts
were made to cietermine axial pressure I')roﬁles as a function of both superficial gas
7 velocity and solicis mass ﬂﬁx. | The experimental studies revealed that ai&ough it was
very easy to maintain the superficial gas velocity constant while varying solids flowrate,

the reverse was not true. The ball valve controlling the solids flowrate was very difficult



34

to adjust. Fine particles of sand a;nd sometimes relatively largé particles Qf sand caught
in @he crevices of the ball valve and made 6pcning and closing the valve_cxtrcniely
difficult. Efforts were made to try and maintain a constant soiids flux while varying gas
veiocity but because of difficulty in inaking small adjustments in the ball valve, the
attempts were unsucceséful. As a consequence, the majority of the exi)eriméntal studies
performed used the superficial gas velocity as the main independent variable. Table 3.1
télbulates the superficial gas velocity, volumetric-air flowrate, solids mass flux and sand
type for each experiment conducted. From the slope of the experimentally determined
axial pressﬁrc pr(.)ﬁles, the pressuré gradient was calculated at any axial location and used
in the calculation of the axial apparent suspension density and the axial apparent voidagé -
profiles. The suspension densityr and voidage profiles are called "apparent" anq not
~"average" because wthcy élso include acceleration and friction effects. Both the sﬁspension
density and the voidage“ proﬁle provide a picture of how the solids and gases are
distributed a;ong the riser and henée can help in understanding fhe hydrodynamics of CFB
Tisers. | |

The ai;parent suspension density, Psusp’ is related to the axial pressure gradient by

__1dp | 3.1
Psusp T ax

Once the suspension density is known, the apparent voidage, € p can be

ap

calculated.

The relation between apparent suspension density and apparent voidage is



TRIAL U, Q G SAND
# m/s L/s kg/(m?ss) TYPE
1A 1.1 0.28 3.2 A
1B 6.6 0.95 26.9 A
1C 5.0 1.31 109.0 A
2A 8.0 2.11 © 106.0 A
2B 7.7 2.00 740 A
3A 21 0.56 31.6 A
3B 2.2 0.57 332 A
3C 5.5 1.4 46.0 A
3D 8.0 2.06 67.0 A
4A 2.3 © 0.61 134 B
4B 2.4 0.64 10.4 B
5A 52 1.37 41.0 B
5B 5.3 1.39 46.3 B
6A 8.0 2.06 57.0 B
6B 8.0 2.09 104.0 B
7A 4.0 1.10 123.0 B
78 43 1.13 69.0 B
8A 7.7 2.03 75.0 B
8B 7.7 2.03 126.0 B

TABLE 3.1 - SUMMARY OF EXPERIMENTS
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Peisp=Ps (1 ~Eapp) *Pg (Eapp) 32

To obtain an estimate of how much particle acceleration and deceleration (for CFB

risers equipped with an abrupt exit) and frictional effects contribute to the total riser

pressure drop the methodology proposed by Kato et al (1986) wasr used. The total riser

pressure drop used in this study is simply the difference in pressure between the
uppermost and the lowermost taps. |

Accoi'ding to Kato etﬁ al. (1986) the total ax1a1 pressure drop along a riser, AP,, is

comprised of four components: A'Pa,'pressure drop due to acceleration of particlés, AP,

pressﬁre drop due to hold-up of particles, APng and APy, pressure drops due to frictional

" -effects of gas and solid; respectively.

AP =AP, +AP_ +APg +APg, 33
AP, can be detem;ined from the change in kinetic energy of the particles as they
accelerate from the base of the riser. If it is assurﬁed that the vertical velocity at which
the solids enter the riser is approximately zero, then the pressure drof due to solids

acceleration is given by .

. 2 7 ) ’ 7
Ap. = Ps 1=V 3.4

a 2
where & according to methodology proposed by Kato et al. (1986) is the average voidage

in the riser.

The average solids velocity after the acceleration region, Uy, can be calculated by
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. G
s ps(l_e)

35
where G is the net solids mass flux.
The component of the total riser pressure drop attributed to solids holdup in the riser

is calculated from

AP =p g (1-e)Ax 3.6
The Fanning equation can be used to estimate the contribution of the gas frictional effects

on the total riser pressure drop:

2 .
Ax | Uo 37
AP, =4f p & —|—
fg=*1gPg 2Dt( 5 J ‘
where fg is the Fanning friction factor.

For the solid friction component of the total riser pressure drop, the expression is

2
s

AP, =2£,p, (1-¢ )% U 3.8

t

where £ is the solid friction factor.

The solids friction factor can be determined from correlations proposed by Yang
(1977) or Capes and Nakamura (1973). Breault and Mathur (1989) have rcvigwed many
of the correlations proposed for estimating the solid friction factor.

Table 3.2 tabulates the contribution of solids acceleration, solids holdup and gas

and solid frictional effects on the total riser pressure drop for a representative sample of



TRIAL AP, AP, AP, | APy | AP
| # (Pa) (%) (%) (%) (%)

80.5

1C 3924 1.3 88.7 95 | 05
2A 3300 1.8 850 | 115 1.7
2B 2943 11 88.8 | 84 1.7
3D 1766 2.6 80.4 | 14.1 2.9
7A 4414 1.3 88.9 9.5 0.3
7B 1962 2.7 143 2.5

TABLE 3.2 - COMPONENTS OF TOTAL RISER PRESSURE DROP
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the egcpexv'iments performed. The results indicate that the pressure drop component due
to solids holdup contributes the most to the total riser pressure drop. The acceleration
component contn'buti-on typically varies from O to 3 perceﬂt. The result indicates that tﬁe
net comribution of solids acceleration to the total riser pressure drop is relatively small.
The pressure:drop due to accelerating solids at the bottom of the riser is cancelled Qut by
the solid deceleration effects at the top of the riser. However, it should be pointed out
that the local solids acceleration contribution can be very significant in th’e lower part of
the riser. For example, Weinstein and Li (1989) estimated tﬂat as r;luch as 40% of the
- pressure drop in the lower reactor region can be attribufed to particle acpeleration. In the
experimental work, gas frictional effects contributes between 0 aﬁd 3 rperce-nt and solid '
Vfrirctional effects account for 3 to 12 percent of the totél pressure drop. Based on the
results 1n Tabie‘ 3.2, it can be, concluded that for the operating conditions used in the
_ experimental CFB unit frictional effects are negligible and that particle acceleration and
d¢celerati6n should be considered locally in the lower and upper fegions of | the riser,
respectively. |
Figure 3.1 to 3.5 show typical experimental axial apparent voidage profiles. Based

on an error analysis galchlation, the maximum error associated with the experimental
results is appréximately 1%. Figure 3.1 shows the effect of particle; diameter on the
apparent voidage. The lafgest differences appear at the base and the top of tile riser. The
results indicate ;hat the srhaller the particle diameter the mbre dense the gas-solid
suspension at the bottom of the riser. As indicated in Table 2.1, the smaller diameter

- particle is a Geldart group A particle. Such solids can be moved much more readily than
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the larger diameter particles (group B of the Geldart"classiﬁdatidn). Perhaps at the bottom
of the riser, the gas with a high fluidizing ve‘locity' has "so much momentum that it
preferentially moves the smaller solids out towards the sides of the riser to a greater
extent than with the larger solids. Instead of the gas entraining the small solids upwards,
it actually channels right through leaving a dense phase in the lower regio.n of the riser.
At the top of the riser, the larger the solids the greater the abrupt exit effect. The larger
the solid, the greater the momentum and therefore the bacicmixing.of the solids reflected
by the toi: of the abruﬁt exit. |

Figures 3.2 and 3.3 show the effect of solids mass flux on the apparent voidage.
The figures ge.nerally. indicate that the higher the solids mass flux the greater the s.olids
holdup, or equivalently the lower the apparent voidage. For a given superficial gas
velocity, increases in solids méss flux lowers the ability of thg gas to entrain the sé)lids.
If the solids mass flux is -continuously increased, a point will be reached where choking
occurs. At this point_ the éas doesr not have enough momentum to push the solids {lp the
riser and as a result, a dense phase similar to that of a slugging bed forms. It is
- interesting to note that in Figure 3.3, in the upper region of the riser, the experimental
results seem to indicate that the lower the solids mass flux the greater the abrupt exit
effect. Besides ex‘perimehtal error, ‘the apparent contradiction w1th results reported in
literature can be explained by discussing the difficultigs in obtaining consistent fast
fluidization cbndiﬁons with sand A. When sand A .was Vused', mainy times the line
connecting the top of the riser to the cyclone would become pértially plugged. Whenever

there was some sort of clog in the line, the flow of solids through the system was
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significantly reduced. Visual observations indicated that thé solids actuaﬂy built up in
the upper portion of the riser. Consequently, any pressure measurements used to
determine the axial apparent voidage would be distorted by the buildup of solids at the
top 6f the riser.

Figures 3.4 and 3.5 shows the effect of inlet ;uperﬁcial gas velocity on the axial
apparent voidage profile. The figures indicate that a;t the bottom portion of the riser, the
higher the superficial gas velocity the leanef the gas-solid suspension in the riser. At a
constant s_olids mass flux, increaéing the superficial gas velocity increases th-e carrying
capacity of the gas. In Figure 3.4, the difference between the apparent voidage profile
in the middle and top of the riser is very small. In Figure 3.5, the difference between the
apparent voidage profiles in the middle and upper portion of the riser can be attﬁbuted
to the periodic constricted flow in the line connecting the top of the riser to the cyclone,’
as explained earlier.” In Trial 1C (Figure 3.5), because of the combination of high solids
mass flux and low velocity, the effect of the constricted flow on the 'ai)parent voidage is -
magnified. Figure 3.5 indicates that ;lpproximately half of the riser was afft;,cted by the
reduced solids flow. A complete set of the experimentally determined data can be found

in Appendix A.
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CHAPTER 4

. HYDRODYNAMIC VMODELLING
4.1 LITERATURE REVIEW

Having qualitatively described the flow of gas and solids through the different
componehts making up a CFB system, the next step in the study focused on developing
a generalized hydrodynamic model to describe the visual observations. Simply stated, a
hydrodynamic model allows the distribution of gas and solids in the CFB to be
determined. The dis'tributioﬂn provides an idea of the degree of gas;solid interaction in the
reactor and allows calculation of the conversion énd]or concentration of a species at any
point in the system. More importantly, a successful model can be used to predict the
effect of parameters such as system geometry, physical properties of gas and solids and
operating conditions on system performance.

In general, there is a lack of understanding of CFB systems. The. complex
hydrodynamics, combined with the many parameters that influence it, makes the
development of a CFB hydrodynamic model an imposing task. One way to improve the
knowledge of CFB systems and to simplif& the hydrodynamic modelling is to break a
CFB system into modules. Like a jigsaw puzzle, the complete picture is formed by
~ putting the pieces together. The pic;ce of the puzzle th‘is study looks at is the CFB riser.

Many riser hydrodynamic models have been proposed in literature. Generally, the
models follow one of two schools of éhought: a dilute upward ﬁoving gas-solid
suspension surrounded by a denser annulus of downflowing solids (core—ahnulus models)

or packets of upward and downward moving solids occupying a dilute continuum of
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discrete particles (cluster models). Thére are also empirical models based on experimental
data, models that treat the riser like the freeboard of a bubbling fluidized bed and models
bésed on phenomenological equations of mass and momentum. |
Models based on core-annular flow incm:lude‘ those prof;osed by Nakamura and '
Capes (1973), Morooka et al. (1980), Kmeic and Leschonski (1987), Berruti and
Kalogerakis (1989) and Rhodes (1989). The Nakamura and Capes (1973) rhodel assumes
pneumatic transport of gas e;nd solid in the riser and does not consider a transfer of
p@ﬁclcs from the core to the annulus. The Morooka et al. (1980) model is based on
meas{uen.lents of radial variations in parﬁcle velocity and voidage in bubbling fluidized
bed;. From equations of mass conﬁnuity and momentum, Kmeic and Leschonski _(1§87)
7varied the degrees of gas-solid interaction and determined that a model based on annﬁlar
flow best represented their exberimeﬁtal data. Once again, their model was based on
pneﬁmatic transport. Given the axial pressure profile, the i3erruti and Kaldgerakis (1989)
core-annular model predicts the internal hydrodynamic structure within the riser under fast
fluidization conditions. Fufthermore, the model can a1§o predict the net particle radial
flux af any: given axial location. The Rhodes (1989) modell applies to the dilute phase
region not only in CFBs but also the riser of vertical pneumatic conveying lines and the
freeboard of bubbling fluidized beds. The models as‘sumes a net traﬁsfer of solids from
the dilute core to the dense annular region'at any axial locaéon.
- Models based on the clﬁster or packeis phenomena include mése by Arastoopour
and Gidaspow (1979), Li and i(wauk (1980), Dingrohg et al. (1988), Horio. et al. (1988),

" Ishii et al. (1989), Horio et al. (1990) and Zhang et al. (1990). Assuming the existence
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of large clusters of particles throughout the bed and characterizing the clusters by
equivalent diame'ters, the model proposed by‘ Arastoofour and Gidaspow (1979)
successfully predicts pressure drops in columns under fast ﬂuidiéation. The L1 and
Kwauk (1980) and ‘Zhang et al. (1990) models are very similar. Both are based on the
basic diffusivity equation and the randomness of particle motion in a ﬂuidized bed. The
models propose a "S" shaped longitudinal voidage profile with a dense solid phase at the
bottom of the column and a dilute solid phase at the top. The transition betwgen the two
phases is indicated by an inflection point in the "axial voidage profile. Empirical
¢xpressions are given for the poinf of inflection, and limiting voidages in both the dense
énd lean solid phases.. The Dingrong et al. (1988) model cc_)mbines the two schools 6f
thought.‘ The model assumes the clusters that exist within the riser occupsr positions near
the wall region. These workers give expressions for predicting the transfer rates of
_ particles from the core to annulus and from the annulus to the core region. The models
by Horio et al. (1988,1990) are extensions of the Capes and Nakamura (1973) model.
The main difference lies with the inclusion of cluster _phenomenal in the models by Horio
et al. (1988, 1990). The Ishii et al. (1989) model assumes that the riser consists of
clusters that ascend in the core as well as fall along the wall.

Emi;irical axial voidage correlations which describe the distribution of solids and
gases along the riser include those by Kato et al. (1989), Mori et al. (1990) and Chqi et
al. (1990). The range of applicability of' the empifical‘ equ.ations are restricted to CFB
units similar to the ones used to develop the correlation. |

The models of Bolton and Davidson (1988), Geldart and Rhodes (1986) and Kunii
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and Levgnspiel (1990) treat CFB risers like the freeboard region of bubbling ﬂuidized bed
reactors. Bolton and Davidson (1988) measured a decrease in downward flux of particles
in the annulus with riser height in their experimental studies. The effect was modelled
in terms of a mass transfer coefficient. Using the gntrainment cc;nclaﬁons of Wen and
Chen (1982), Geldan and Rhodes (1986) described ;he entrainment of solids at any height
in the lean phase of a CFB riser. The dense phase of the CFB was modelled as if it were
similar t6 the dense phase of a bubbling fluidized bed. Kﬁﬁii and Levenspiel (1990)
viewed a CFB riser as having a lower fegion of constant bulk density Zand an upper region
whose bulk depsity decreases with height. 'I:alcing data from literatui'e, they developed
a correlation to describe the decay in density ;avith ﬁeight. The model was used to
describe the effect of various operating parameters on riser performance.

Using a generalization of the Navier-Stokes equation for two fluids, Tsuo and
Gidaspow (1.990) were Vable to compute the flow regimes within a CFB. The analysis
showed that at high solid concentrations a core:-annular~ flow exists while in lean solid
suspensions, clusters prédbminate the flow. |

" Table 4.1 lists the empirical axial voidage correlations reported i;l literature. In
an attempt to determine the accuracy of the correlations, they have been used to evaluate
the axial voidage profile from experimental data reported in literature. Figure 4.1
compareé the axial voidage profile predicted from the correlations with a calculated
) voidége profile from the experimental data of Patience (199O)H. -The figure indicates that
the empirical axial correlations do not provide a good representatio-n of the actual voidage

profile. The Kato et al. (1989) correlation could not be used because the operating
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TABLE 4.1 EMPIRICAL AXTAL VOIDAGE CORRELATIONS

e-e, (z-%;)
=exp| -

e*-e Zo

where zi=p(3jnt of inflection in voidage profile

e,,€ = limiting voidages and z, is a constant

«Li and Kwauk (1980):

+Kato et al. (1989):

CXp\Z—Z; -
e _0.048 TP Wy _y135(_G_y-128pe0-Bp 042
1-¢ 1+exp(z-2;) | p U, P :
where 1.4 < U, < 6 m/s 0.1 <U, < 0.9 m/s 30 < G < 130 kg/(m?ss)
0.45 <Re, <10 0.04 <D;<0.1 m ‘

*Rhodes and Geldart (1989):
2 Ex
U.e —(U0+Ut+p_)e+Uo=O
S ,

where E, = solids entrainment at any axial location x

_*Zhang et al. (1990):

forz<gz,
’ *
x & 7€ Z-Z;
e=¢e - ex
( 5 )exp( A)
for z > z,
(e*—ea) (zi—z)
=g, + ex
e=g, 3 P T

where eé,e* are the same as for Li and Kwauk (1980) model and A is a constant

+Kunii and Levenspiel (1990):
. e-e%=(e"-e%)exp(-az)

where a,e%,e5t are constants
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conditions employed by Patience (1996) were outside the range of applicébility of the
correlation. The Li and Kwauk (1980), Kunii and Levenspiel (1990) and Zhang et al.
(1590) correlations severely underestimated the actual voidage in the; lower:portion of the
riser. In the middle ps;rtion of the riser, the Li and Kwauk (1980) and Zhang et al. (1990)
correlations overpredicted the solids holdup while the Kunii and Levenspiel (1990)7
correlation approximated £he solids hc;ldup reasonably well. None of the available
correlations could predict the increase in solids holdupr at the top of the riser due to the;

abrupt exit configuration.

4.2 BASIS FOR PROPOSED MODEL

Because the above solids holdup models could not predict the axial voidage profile
with any degree. of accuracy, there is a need to develop a generalized model able to
describe experimental data from literature. The objective is a predictive model for the
axial holdup profile to be used in conjunction with the Berruti ;cmd Kalogerakis (1989)
model for the evaluation of the internal flow structure characteristics. Such a model
would remove the requiremeni: for experimental work and enable the modél to be used
over a wide range of operating conditions with substantial savings 1n money and time.
Moreover, the model can be used in conjunction with reaction kinetics to simulate the
performance of reaction processes such as the combustion of coal or catalytic processes

such as oxidation of n-butane to maleic anhydride.

4.2.1 BERRUTI-KALOGERAKIS MODEL
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The Bérruti and Kalogerakis (1989) model assumes a core-annulus type of flow

structure exists within the riser of CFBs. A mass balance across any section of the riser

gives

E=G+W 4.1
where E is the upward solids mass flux limited to the core region and based on a unit
cross sectional area of riser, W is the downward solids mass flux which is limited to fhe
annular region and G is the net solids mass flux.

The upwards solids flux in the core region is given at any axial location by

2
T 4.2
E=Ug (1-¢.)p;| —
R

where Uy is the actual solids velocity in the core, &, is the core voidage, 1, is the core

radius and R is the riser radius. Solving Equation 4.2 with respect to ¢ yields

e.=1 —___i____.
c 5 4.3
U Ps ;;
If the rising particles in the core do not interfere with each other significantly, then
according to Bolton and Davidson. (1988) and Yang (1988), the upward solids velocity

in the dilute core can be expressed as

where Ugc is the interstitial gas velocity in the core and U, is the single particle terminal

velocity based on the Sauter mean diameter.



53

- Assuming that the gas phase travels upward only in the core region, the interstitial

gas velocity can be calculated from
B 2 -
U =29 R 4.5
-8 e .

where U, is the inlet superficial gas velocity.

According to Yang (1988), the solid particles in the dense annuiar region move
do;;vnward at a velocity close to the terminal velocity of a s:inglc particle and the \?oidage
in the annular region is close tc_i that of a Bubbling fluidized bed at minimum fluidization .
conditions, &,,. With these assumptions, the downward: ﬂux,} W, based on unit riser cross

sectional area can be calculated from

2.
rC
We1-| 2| ps(l-en)) U,

Substitution of Equation 4.1 and Equations 4.4 to 4.6:into Equation 4.3 gives

2 1.
Te
G412 |pl-2npU,
1-

2 U 2
T ol R
SICON

g, = 4.7

A solids balance within a differential volume along the riser gives
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c avg ~ “mf 4.8

The average riser voidage, e,,,, at any given axial location is generally obtained from the

avg
pressure drop profile along the riser of a CFB unit. Equations 4.7 and 4.8 are
independent and thus can be solved simultaneously to yield the values of 1, and e at any
axial location along the riser. Once the core radius and voidage are known, W, E, Ugc
and Ug, can be calculated as a function of riser length.’

The net particle radial flux between core and annulus, R, at any axial location can

be determined from a mass balance around a differential volume along the riser.

1 dQ
S——_i____.. 49
nr, dx

where Q is the upward solids mass flowrate and is given as

Q =E1t:rc2 4'19

4.3 MODEL FdRMULATION
The major assumptions of the proposed model are
1) the riser can be divided into three sections:; an acceleration zone, a developed
' ﬂgon zone and a decelefation zone. The deceleration zone is considered only when
the riser is equipped with an abrupt exit configuration. In the case of a smooth

elbow-type of exit, the developed flow region is considered to extend to the exit.
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2) the solids “in the dense annular region move downwards at a velocity equal to
the terminal velocity of a single particle with a diameter equivalent to the Sauter
mean diameter and 'the voidage at any axial location in the annular region
. corresponds to that of a bubbling fluidized bed at minimum fluidization (Berruti
and Kalogerakis, 1989),
3) the dilute core can be treated as a dilute phase pneumatic transport line with
the majority of gas going through in plug flow,
4) the interface between the core and annular regions is considered to be parallel
to the riser wall dlthough it is recognized t’hat waves or ripples may be pfesent on
the interface surface and
5) clusters may be present in both the annular and core regions but they exist for
only short periods of time. In the core, any clusters that form are rapidly
dissolved by the upflowing gas. Clusters m the annular région are formed by gas
enteﬁng the annular region and isolating clumps of solid from the wall regkion.u
The isolated clumps are quickly swallowed Lip by the downflowing solids.
Therefore, on a time-a{\/craged scale, any non-uniformity caused by clusters and

voids is neglected.

4.3.1 ACCELERATION ZONE
According to Weinstein and Li (1989), in the acceleration zone, the actual dehsity
profile required for reactor design can only be determined if the effect of aécelerating

particles is separated from the apparent density measured from the axial pressure gradient.
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Thus, to properly model a CFB riser, it is important to describe the acceleration zone
correctly. From experimental dbservations, in the lowér regions of the riser, there is a
predominant upflov&; of gas and solids. Although some solids fall down the sides of the
riser, the upward momentum of the gas and accelerating solids causes the majority of the
falling solids lto go upwards. Assuming a predominantly upward flowing gas-solid
suspension exists in the acceleration zone of the riser, a gas and solids momentum balance

gives

2 2 d '
% ps(1-e)U; +pgeUg)=—-d_§,—<ps<1—e>+pge)g . 4.11

Neglecting the gas component because Ps>>Pgs and expressing Equation 4.11 in terms of

solids mass flux and the pressure gradient in terms of apparent voidage gives

G|dUs ¢ ‘ 412

l-e, =" =
app Ps8 dx Us

Weinstein and Li (1989) assumed that dU/dx is proportional to the velocity difference

between solids in the acceleration region and those at the end of the acceleration zone.

du : i
de =k(Usoo _US) . 7 4.13

Integrating Equation 4.13 from an initial solids velocity of Uy, at the bottom of the riser

to a velocity Uy at a position x in the acceleration zone yields
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U ‘ ‘
— > =exp(-kx _ 4.14
T p(-kx)

S0  ~'50
Assuming that the initial solids' velocity, U, is zero and substitution of Equations 4.13

and 4.14 into 4.12 and noting that

415

=1-e,
pSUSco
reduces Equation 4.12 to
. 2
- k
1 €app _ Uso exp(~kx) + 4.16
1-e_, g 1 -exp(-kx)

It should be noted that in some cases the initial soiids velocity, Uy, may not be
.zero. Weinstein and Li (1989) have solved the above equations for the situation ’wflere

the initial solids velocity is not zero. In this case Equation 4.12 becomes

2 ’ .
1 : 4.17

: -_5 exp(~kx)+
1-e, g 1 -T'exp(-kx)
where I is a constant and is expressed as
el-it= . 418
1-¢g, ‘

In Equation 4.18, e, is the voidage at the end of the acceleration zone and e, is the
actual voidage at the bottom of the riser. In order to determine the constant I', ey, the

apparent voidage at the bottom of the riser must be known. Once the bottom 'voidége,



8
the voidage at the end of the acceleration zone a.nd k are known, they can be substituted
into Equatfo;i 4..17 to determine I'. To éstimate the voidage at the bottom of the riser the
empirical correlations of Kato et al. (1988) and Senior and Brereton (1990) were initially‘
used. The coﬁélations are shown as "Case 1" and "Case 2" in Table 4.2. Difficulties
arose with the Kato et al. (1988) correlation because of the limited operating conditions
under \a;/hich it: couid be applied. Many exéerimental studies involved operating
conditions outside the range of applicability of the correlation. Although the Senior and
Brereton (1990) correlation provided a reasonable estimate of the bottonll zone voidage,
the correlation was not realistic because it suggested that the riser(diameter had no.effect
on the bottom voidage. The studies by Kato et al. (1I988) indicated that the diameter has
an important effect on the voidage profile. Consequently, modified forms of the Kato et
al. (1988) and Senior and Brereton (1990) correlations have been proposed and tested.
The modified forms are shown as "Case 3" throuth "Case 5" in Table 4.2. "Case 3" is
a modiﬁed form of the Kato et al. (1988) correlation. It is .obtainecxl by agsuming that the
voidage at the bottom is independent of the point of inflection in the axial voidage profile.
Many experimental studies do not show a point of inflection, which separates the dense
solid phase ﬁom the lean solid phase (Arena et al.,1986; Brereton, 1987; Patience, 1990).
"Case 4" incorporates the effect of riser diameter into -th'e correlation proposed by Senior
' and Brereton (1990). "Case‘ 5" is another modified form bf the Kato et al. (1988)
expression. The term involving the point of inﬂection‘ is neglected and instead of the left
hand side being equal to ey, /(1-ep) it is assumed.to be simply equal to &y, Duriﬁg the

riser bottom voidage analysis, the latter was found to give a much better prediction of the
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TABLE 4.2 - EMPIRICAL BOTTOM VOIDAGE CORRELATIONS

*CASE 1:
€ exp(z-z;) _ _
b =0.048 : 1 (UO—U[)I?’S( ) 1.28 (Rep)023 (Dt) 0.42
1-gy . l+exp(z-z;) sU
*CASE 2:
PZ G
1-ep=A|U(——5 B (— L _ )¢
) pg(ps_pg) ps (Uo —Ut)
where A,B,C are constants :
"+CASE 3:
€ ' G D E
® =A(U,-U;)B(—)CRe, D,
_ 1-gy, PslY¢
where A,B,C,D.E are constants
*CASE 4:-
P2 G :
D
l-e, =AU (8 B Y Cp
| ® T By (P Pg) Ps(UgUp)
where A,B,C,D are constants
*CASE 5:
ep=A(—> _)BDC Re
s™¥o0

where A,B,C,D are constants
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bottom voidage. During the analysis, it was determined that a sinéle expression could not’
accurately predict the riser bottom voidage. It was kevident that Geldart (1973) group A
particles behaved differently' from Geldart‘ group B particle's. In CFB risers in‘volving
group B and borderline group A and B particles, an expression illustrated as "Case 5 " has

been developed to estimate the riser bottom .voidage:

R2=0.8600 419

t ‘ P ?

g )OO aa06. 0.018583
e, =0.249 ~0.233% pe O

D R
psU'o

with 20 < G < 198 kg/(mZ.s?, 4 < U0 < 8 m/s, 90 < Dp < 277 pm and Rep-—f l_:pgDp/pg
The coefficient of mul_tiple determination, R, is a statistic which is used to illustrate the
adequacy of the fitted regression model (Equation 4.19). The quantity indicates the
portion of the regressed data that is explained by tl.le fitted model. A RZ value of 1.
suggest"s a perfect fit. If Geldart (1973) group A solids are used, then the corresponding

expression for estimating the riser bottom voidage is

G -0.02528 . 2' 6
e, =0.714|. D, 004 Re "012016 g2_0g551 41%

PsUo P

with 60 < G < 251 kg/(mzos), 4<U, <91 s, 50 < Dp < 90 pm
The source of the data (from this work as well as from data reported in literature) utilized
in the development of the above correlations as well as pertinent riser geometry

dimensions and gas and solid physical properties are shown in Table 4.3. The calculated



DATA SOURCE

Ps

G Uo Dt Dp

kg/mA2-s kg/m’\?: m/s m Em

Patience (1990)c | ~ 198 ' | 2630 6 0.0828 277
: 151 2630 6 0.0828 277

102 2630 6 0.0828 277

70 2630 6 0.0828 277

45 2630 6 0.0828 277

20 2630 6 0.0828 277

this work ok 109 2500 5 0.05 93
106 2500 8 0.05 93

74 2500 8 0.05 93

67 2500 8 0.05 93

41 2500 5 0.05 174

46 2500 5 0.05 174

104 2500 8 0.05 174

123 2500 4 0.05 174

69 2500 4 0.05 174

75 2500 8 0.05 174

126 2500 8 0.05 174

Arena et al, 489 2600 5 0.041 38
(1986) 500 2600 7 0.041 88
390 2600 5 0.041 88

382 2600 7 0.041 88

Hartge et al. 65 2500 5 04 56
(1986) 118 2500 5 0.4 . 56
Bader et al.(1988) = 147 1714 9 0.305 76
Arena et al. 114 2543 5 04 90
(1990) 215 2543 5 0.4 90

| 251 2543 5 0.4 . 90
Rhodes and 115 1800 4 0.152 64
Geldart (1986) 102 1800 4 0.152 64
86 1800 4 0.152 64

TABLE 4.3 - REFERENCES AND EXPERIMENTAL CONDITIONS FOR DATA

IN FIGURES 4.2A AND 4.2B
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coefficient of multiple variation indicates ‘that over 85% of the riser bottom voidage
regression data can be ﬁtted‘ by either Equation 4.19 or 4.19a. Figure 4.2A shows
| graphically the accuracy of Equation 4.19 while Figure 4.2B shows -the accuracy of
Equation 4.19a.

The first term on the right hand side of Equation 4.17 represents the contribution
of the accelérating particles to the pressure drop in the accéléfation zone while the second
term represents the contribution of the weight of the solids. The real or average voidage
profile in the acceleration zone can be determined by omitting the effect of the
accelerating parﬁcles and qssuming frictiénal effects to be negligible.

The proportionality 'cdnstant k can be determined from Equation 4. 14 if the l,ength‘
of the acceleration zone is known. The end of the acceleration zone is dcﬁp@d as the
point where the axial voidage profile does not change with height. It can glso be defined
as the point on a pfessure drop versus height curve (measured from the solids inlet) where
the pressure gradienf becomes cbnstaﬁt. Assuming that Uy is 0.99Ug,, when x is

approximately equal to L,

acc» a0 expression for k can be derived from Equation 4.14:

0.01

acc

k =-In(

) o 7 4.20

In order to solve Equation 4.20 the accéleratidn zone length must be known. If
expeﬁmen@ dafa is available then the length can easily be determined. However, in a
'I;redictive hydrqdyna.mic niodel, one must be able to evaluate the acceleration zone length
witﬁout the -benefit of experimental data. An analysis was performed to determine

whether such a model or correlation exists in literature.
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Kalpakov and Donat (1970) studying the use of vértical pipelines for conveying
solid particl;as developed a relatioﬁship for the pfessure drop in the acceleration zone.r
They divided the acceleration pressure drop into two terms: one correspbnding to the
consuﬁpﬁon of energy to overcome the iﬁertia to particles fed from the feed device and
the other term for the acceleration of .particles. In order to use the equation, experimental
studies must be performed to determine several fitting parameters. Rose and Duckworth
(1969) suggested that the acceleration length is related to the Stokes number, Froude
number and the loading rates of solids and fluid. Based on theoretical analysis, the‘
workers devclope;d an émpirical acceleration length correlation. The correlation is said
to be able to taice into account acceleration effects in the tfansport of solids in gases or
fluids. A drawback of the correlation is that gas and frictional effects are not taken in.to _
account iﬁ the c;orrelation. Work by Yang and Keairns (1976) and Enick et al. (1987)

sho.wed thag the frictional effects, especially the solids friction factor must be deternﬁned
| correctly to produce accurate results. Jotaki and Tomita (1976) developed a one-

| d:iménsional solids flow ‘model for analyzing the acceleration region of pneumatic
) transport of granulgr solids -in vertical pipes. Based on -a solids force balance, they
showed that the acceleration pressure drop was dependent on solids to air feed rati(;, air
velocity, solids free falling velocity and solids friction éoefﬁciént. Except for sélids to
air feed ratio, the acceleration length is also dependent on the sa@e factdrs.

Yang and Keairns (1976) and Enick et al. (1987) analyzed the length of the
_ acceleration zone based on evaluating an integral composed of a force balance between

drag forces, gravity forces and solids friction. The resulting model was found to be very
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sensitive to the value used for solids friction factor. Depending on the solids friction
factor used, there was a wide range in the accuracy of the predicted results. Beéause of
the difﬁ'cdlty in generating accurate results, Enick et al. (1987), using observed trends
reported in literature, developed an empirical formula for predicting the acceleration
length in horizontal and vertical pneumatic transport lines.
Attempts were macie to try and determine the validity of the different models and
correlations available. Some correlations like the Kolpal;ov and Doﬁat (1970) expression
"required ﬁttihg paraﬁeters for &ifferent -types of solids. Using suggested fitting
parameters, the calculated acceleration lengths were significantly diffe;rent from the
experimental results. In many cases, the calculated acceleration lengths were many times
smaller than the éctual length. " As gxpected, the deviations indicate that' the E)arameters
are not suitable for gpnditions prevalent in fast fluidization. Most models were not
suitable for the types of solids and conditions typically found in fast fluidization. The
Yang and Keairns (1976) model could not predict the correct acceleration zone length for
fine solid particles typically found in CFB units. Furthermore, the voidage proﬁk? in the
acceleration zone must be known before the acceleration length can be determined. In
the proposed model fonnuléﬁoh the acceleration length is needed 7in order to determine
the voidage. |
It became evident that the existing correlations in literature could not déscribe the
-acceleration zone length under conditions of fast ﬂuidiéation. The development of ajmhew
conelaﬁon for estimating thé accelgration zone length involved an ‘attempt to combine all

the observed trends reported in literature into one equation. The empirical equation of
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Enick et al. (1987) was used as a starting point since their method of analysis was

similar to the one proposed. For vertical pneumatic transport the expression of Enick et

al. (1987) is

)0915 ReO.415 4.21

L
acc =1. 84X10 -5(_) -0.173 ( )1 .24 (1+
pt Dp pg ‘ opg

where Re=U opgDp/pg | |

Figure 4.3 shows the acceleration length predictions of the Enick et al. (1987) correlation

for various risers under fast fluidization. Table 4.4 shows the source of the experimental

data (from work" performed in this study‘and work reported in literature) used in this

investigation. The figure indicates a wide. disagrcement between predict;:d and actual

results. In almost all instances, the Eni;:k et al. (1987) f:orrelaﬁon severely underestimates

the acceleration zone length. )

Previous analysis of the Kolpakov and Donat (1970) expression suggested that due

to dissimilar types and degrees of gas-solids mixingx in pneumatic transport and fast

fluidization, different constants should apply. Using the expeﬁmental data from the
studies referenced in Table 4.4, a regression analysis was pérformed to determine new

constants in Equation 4.21. The modified Enick et al. (1987) correlation for fast

fluidization conditions, based on the regression analysis, is :

L
( acc) =7. 92)(108( )-0 7642( )"1 .213 (1+ )0 .2789 (R )-0 .9692 4.22
Dt wp ' Pg Uopg




DATA SOURCE G Ps Uo Dt Dp .

kg/m"Z-s ng/m’\3 m/s m pm

Patience (1990) @ 198 2630 6 0.0828 277

151 . 2630 6 0.0828 277

102 2630 6 0.0828 277

70 2630 6 0.0828 277

45 2630 6 0.0828 | 277

20 2630 6 0.0828 277

this work u 106 2500 8 0.05 93

74 2500 8 0.05 93

67 2500 "8 0.05 93 .

104 2500 8 0.05 174

75 2500 8 0.05 174

126 2500 8 0.05 174
Arena et al. 489 2600 5 0.041 88

(1986) 500 2600 7 0.041 88

390 2600 5 0.041 88
382 2600 7 0.041 88
180 2600 5 0.041 88
199 2600 7 - 0.041 88

Bader et al.(1988) m 147 1714 9.1 0.305 76
Arena et al.(1990)x 215 2543 5 04 90
Harge et al.(1986)A 65 2500 5 04 56

TABLE 4.4 - REFERENCES AND EXPERIMENTAL CONDITIONS
FOR DATA IN FIGURES 4.3 AND 4.4
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Equation 4.22 is used to determine the acceleration length in the hydrodynamic model.
The results of the analysis are‘prcscnted in Fi;gure 4.4. The coefficient of multiple
variation is 0.9021 indicating that 90% of the regression data is described by Equation
4.22. |

Figures 4.5 and 4.6 show how the experimental apparent v;)idage profile compares
with the calculated apparent voidage profile based on the assumption of gas-solici upﬂbw
in the acceleration zone. The figures also shows how acceleration effects alter the axial
voidage profile in the bottom of the riser. The figures indicate‘ a reasonable agreément
between calculated and experimental profiles.” More iinportantly, the results show the
correct trends in the voidage profiles. The highest concentration of solids is at the very
bottorﬁ of the riser and decreases with height. Also, Equations 4.16 or 4.17 projides an
easy procedure for evaluating the effect of acceleration on the axial voidage profile in the

bottom of the riser.

4.3.2 DEVELOPED FLOW ZONE

The developed flow zone is the region of the riser where the voidage remains
relatively constant with height. It is well away from the entrance zone affecked by solids
acceleration and the exit zone where there may be effects caused by the presence of an
abrupt exit. The flow of ;gas and solids in’ the region can be characterized as steady state
flow. That is, the velocity of the gas and solicis are relatively constant iﬁith variations in
riser height. |

The slip factor criterion of Patience et al. (1991) is used to describe the developed
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flow zone in the hydrodynamic mbdel. The slip factor criterion states that in the fully
developed region of CFB risers the slip factor, which is defined as the ratio of interstitial

gas to average solids velocity is approximately equal to two:

Uo‘i =2 . 423

¢= T,

€avg

¢ is the slip factor while U, and Ug are the superficial gas and average solids velocity,
respectively.
The average solids velocity is calculated based on the net solids circulation rate, G, as:

G

=S 424
ps( 1-e avg)

S

. -As mentioned before, & the average voidage can be calculated from the longitudinal

avg’
riserjpressure drop profile. In the developed flow zone, solids acceleration does not
contribute to the riser pressure drop and assuming frictional effects are negligible, the
experimentally- determined pressure gradient can be used iq evaluating the average
voidage:

e =1- 1 dpP
avg™ ——psga

4.25

The slip factor criterion only applies in the developed flow region of a CFB riser.
Figures 4.7 and 4.8 compare the experimental apparent slip facfor with the calculated
actual slip factor in the solids acceleration region of the riser. The apparent slip factor

incorporates the effect of accelerating solids while the actual slip is based solely on the

hydrostatic head of the solids in the region. The figures indicate that the apparent slip
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factor is significantly greater than two in the acceleration region. The slip factor
decreases when the solids acceleration contribution is removed and tends to a constant
value equal to two. In the developed flow zone, where the solids have stopped
accelerating, the apparent and actual slip facfors coincide and are approximately equal to
two.

The slip factor criterion applies over a wide range of operating conditions; particle
characteristics and ‘furthermore, in both large industrial and small Vexperimental uhits.
Matsen (1970) has feported that the slip factor in the risers of in‘dustrial scale fluidized
catélytic crackers (with diameters up to 1.5 m) is a}pproximately equal to two.
Experimental studies by Van Swaaij (1970) in a 0.18 m diameter riser and Patience
(1990) in a 0.0825 m diameter unit have validated the slip factor criterion in small
experimental units. The experiments performed in this study have also shown that the
slip facfor is approximately equal to two in the developed flow zone of a small diameter
CFEB riser. As mentioned by Patience et al. (1991), in general, the valuesr of the slip
factor lies between 1.5 and 2.5. Howevexj, in some experimental studies, like those of
Brereton (1987) the calculated slip factors are much higher than two. The anomaly may
be attributed to the secondary air supplied to the column in Brereton’s (1987) stﬁdies.
The introduction of secondary air has a significant impact on the voidage profile. The
developed flow zone is never reached due to the extension of the acceleration zone by the
secondary air supplied to the column. The right angled:abrupt exit in Brereton’s
experimental unit cannot be used to explain the high slip factors. Studies by Patience |

(1990) and work in this study with right angled exits resulted in slip factors
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api)roximately equal to two. Other studies have also resulted in slip factors deviating
from a value of approximately two in the developed flow zone (Arena 1986). The effect
may be attributed to inaccurate solids flowrate measurements. As indicated by Patience
et al. (1991) any error in solid flowrate measurement can affect fhe slip factor
significantly. Burkell et al. (1988) has examined various methods for evaluating solids
flowrate and has indicated the limitations of the commonly used methods.

Assuming 5 slip factor ef two in the developed ﬂew zone, Equations 4.23 and 4.24

to yield

can be combined and solved with respect 10 e,,,

eavg=_____2Gli°g:ps | 426

ﬁquation 4.26 allows the average voidage in the developed flow zone to be determined.
Once the average voidage is known, the internal flow structure can be fully
determined. The interhel ﬂow structure allows the net solids radial flux to be evalpated,
accoreing to the Berruti and Kalogerakis model (1989). The net solids radial flux, Ry,
can be wriften in terms of the eore-to-annulus solids interchange coefficient, K ,, and the

. annulus-to-core solids interchange coefficient, K,.:

R =K ,0-K,.pp . 4.27
'. where o is the suspension density in the dilute core region and py, is the bulk density of

' the selids in the annular region. The bulk density. corresponds to that of a bubbling

- fluidized bed at minimum fluidization and can be determined experimentally. |

The suspension density in the dilute core is given by
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0L=ps(1—ec)+pg:=:c 4.28

The core-to-annulus solids interchange coefficient can be attributed to either the turbulent
diffusion of solids from the core to the annulus or to the interactions occurring through
solid-solid collisions. The exact mechanisrﬁ is not known since only a few experimental
studies have been conducted to deduce the core to annulus solids transfer mechanis:;l.
In the process of evaluating the degree of internal circulation in a fast fluidized bed,
Bolton and Davidson (1988) noted that their experimental observations were consistent
with the assumption of turbulent mass tré.nsfér of particles from the dilute core to the film
of soﬁcis in the annulus region. Using the results of various workers, they cam;a up with
an empirical expression for the deposition of solids fr;)m the core to the annulus:

1-2.8Re "1/8)
K, =0.1yx U, ade 429

where Re, is the Reynolds numbc'ar and S=pst2Uo/(l8ngt) is the Stokes number.
Senior and Breretoﬁ (1990) assumed that solid-solid collisions accounted for the
laterai movement of solids from the core to the annular region in their hydrodynamic
model of a CFB coal combustor. There is no mention of the validity of their assumption
alt.hough from experiments performed on the experirr_lenta} CFB unit at The University of
British Columbia,'they deduced that the value of the core-to-annulus solids interchange
coefficient ranges from -0.05 to 1.0 m/s. A value of 0.20 m/s provided tile best msu?ts
in their hydrodynamic model. Chandok and Pei (1972) in studying solid dynamics in gas-
solid flow and Min_ (1967) researching the intensity of particle motion in gas-solid

suspensions also noted a similar range of K, values.
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Dingrong et al. (1988) with experimental work and data reported in literature
‘proposed an empirical correlation for the movement of solids from the core to the annular

region. The empirical correlation is given as

K,,= D“i (A-B) | 430
tPg
wherc? A is defined by
A=7.67m ~0-75 Re 1042 p; ~0.802 . -0.416 4.31
and B by |
B =9 18m ~1-111 Re0.935 gy ~0.953 o, -0.57 4.32

In Equations 4.31 and 4.32, Fr=Ut/(th)0'5 , is the Froude number, Ar=Dt3pg2g/p2, is the
Archimedes number and m is equal to p,U,/G. Again, there is no mention of the
postulated mechanism responsible for core to annulus solids transfer.

In the present hydrodynamic model, the Bolton and Davidson (1988) correlation
was used to evaluate the solids core-to-annulus interchange coefficient. As will be
explained in the next section, a constant value of 0.20 m/s as used by Senior and Brereton
(1990) and the value determined from the correlation of Dingrong et al. (1988) could not
be used to simulate the solid densification due to an abrupt exit configuration.

The solids annulus-to-core interchange coefficient is based on an éﬁalogy \;\rith
two-phase count;ercurrcnt annular flow. Observations by Bagier et al. (1988), Rhodes

(1989), Senior and Brereton (1990) and Takeuchi and Hirama (1990) suggest that the

instabilities in the annulus region are similar to that described in liquid flow literature.
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According to Wallis (1969) the interfacial friction factor is related to the dimensionless

liquid layer thickness, R /Dy t;y

R ‘ .
f=f;,|1 +§_E:_ 4.33

where f; is the smooth pipe friction factor, Rw is the thickness of the liquid layer in the
annular region, Dy, is the riser hydraulic diameter which is equal to the riser diameter for
a circular pipe and ( is a constant fitted parameter accounting for the wavy nature of the
annular film.

The interfacial friction factor is defined as

1o u? ¢

Y =§'pcom com i

4.34

where P, is a combined phase core density and U, is a combined phase core
velocity. .

The combined phase density is given by

_UgcecPg+Usc (1 -€¢)pg | 435

p =
T T Ugpe tUg (1-e)
while the combined phase velocity is defined as
Ucom =(Ugc ec+Ug( l—éc))'—ci‘ 4.36 :
- R

Senior and Brereton (1990) assumed that the interfacial shear is proportional to the

vertical momentum chaﬁge of solids removed from the annular region. Following a
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similar approach the interfacial shear is related to_the solids annulus-to-core transfer

_ coefficient by

=K 0Pp (Uge ~Uga) 4.37
where ¢ is the proportionality constant relating the interfacial shear to the annulus-to-core.
solids interchange coefficient ax;d Uy, is the solids velocity in the annular region which
according to the Berruti and Kalogerakis (1989) model is equal to the single particle: |
terminal velocity. Combining Equations 4.33, 4.34, 4.35, 4.36 into 4.37 results in the

following expressing for the solids core-to-annulus interchange coefficient.

2 . ‘ '
- ®PcomUcomfio (1 +C(Rfrc) 4.38
% 2pp(Ug —Usa)k D,

The proportionality constant can be evaluated by considering the situation where
the wall thickness approaches zero. At such a condition, é‘certain limiting apparent
voidage existsr'in the riser. 'Accqrding to Senior and Brereton (1990), &e limiting
apparent vqidagé or eq.uivalently,r the limiting suspen;ion density corresponds to the
situation where a negligible thin film of solids exist on the riser wall and where the net
transfer of -solids is zero. Consequently, setting Ry, the net solids radial flux to zero and

substituting Equation 4.38 into Equation 4.27 yields

, -y | .
' o - 4.39
K., (P +p.(1-2)=0 com ~ com " i0
ca‘lFg ‘1 s 1 2pp (U, -Ug,)
where e, is the limiting core voidage and Peom and Uy, are evaluated at the limiting -
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core voidage. Onée the limitin;g core voidage is known, it can be used io S(;lve fbr the
core radius and voidage and core gas and solids velocity. Consequently, everything
except for ¢ 1s known in Equation 4.39. The limiting, voidage can be physically measured
by lowering the net solids circulation rate until a negligible thin film of solids is evident
on the riser wall (Senior and Brereton, 1990). Senior and Brereton (1990) used a limiting
suspension of 2 kg/m3, which is a typical upper limit found in dilute pneumatic' literéture
in their hydrodynamic model. Attempts were made to detqrmine the limiting spépension
densii:y iﬁ the experimental CFB .unit at the University of Calgary by lowering the solids -
circulaﬁon rate until there was no downflow of solids along the wall. Howex}er, due to
large fluctuations in the manometer unit, the measqr;:d pressure drop along the riser ‘was
not very accurate. The limiting suspension density typically vaﬁe& between 1 and 50 .
kg/m3. The limiting suspension value used l;y Senior and Brereton (1990) was therefore
incorp(;rated in the proposed model.
The only unknown parameter remaining in the expression for the solids annulus-to-
core interchange coefficient is {. The value is expected to vary ;iepending upon the
conditions prevalent in the riser. Wallis (1969) and Dukler (r1970) have noted that in two-
phase countercurrent flow that the w‘a:vy nature of the gas-liquid' interface is proportional
to the gas velocity. The researchers have also poted that the amount of fluid flowing
down the sides of a vertical pipe also has a significant effect on tﬁe amount of instability
' on.. the gas-liquid interface. At low liquid flowrates, there is a tendency for t.he“ gas to
entfain large amounts of liquid ﬁom the wall region. As the liquid flow is increéased, the

interface flattens out and there is less entrainment of fluid. However, an increase in film
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thickness is accompanied by an increases in liquid flowrate. The increased film thickness
leads to increased interstiﬁal gas velocity because of the reduced cross-sectional area.
Applying similar reasoning to CFB risers, it' is expected that high interstitial gas velocities
which have a greater ability to entrain solids from the annular region result in a higher
annulus-to-core solids interchange coefficient vyhen compared to a situation involving a
lower interstitial gas velocity. The amount of solids in tile‘ downward flowing film can
be expected to affect the interchange of solids from the annulus to the core in the saxhe
manner as for twq-phase countercurrent gas-liquid a-n'nular flow. The less solids aloﬁg
the riser wall, the greater the chance for the gas to penetrate into the annular region and
sweep out the solids. As the amount of solids in the annulﬁs region increases the annulus
‘to core interchange coefficient decreases because of the increased difficulty for the gas-
to penetrate into the annular region. A trial and error approach is generally useci to

determine the magnitude of { because of the many factors that affect it.

4.3.3 ABRUPT EXIT ZONE

| The abrupt exit zone in this study is déﬁned as the region of riser that is affe_cted
by the presence of an abrupt exit configuration. As‘mentioned earlier, ‘the effect of an
abmﬁt exit is a densification of solids at the top ana somgtimes throughout the riser due |
to the internal recirculau"on of solids. Only a few experimental 'stﬁdies invdlving CFB
units with abrupt exits have been reported in literature. Using right-angled abrupt exits,
Brereton (1987). was the first to notice -the increased solids concentration at the top

portion of the riser due to the exit. The greater the net solids circulation rate at a
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constant inlet superficial gas velocity, the greater the densification at the top of the riser.
TheT higher the net solids circulation rate, the greater the interaction between the solids
flowing upwards and the solids reﬂectingroff the abrupt exit. Although there fs still a
densification of splids in the upper region of the riser with increases in gas velocity at a
' constant het solids circulation, the effect is not as significant. VHigh gas velocities lead
to a leaner gas-solid suspension in the riser. With leaner gas-solid suspensions there is.
less chance of solids interactidn. The experimental results suggest that an abrupt exit can
have important effects on the conversion of a reaction process because of the increased
solids residence time due to the reﬂecgi;)n of solids off the exit configuration. Patience
(1990) and the experimental work in this study (both using right angled abrupt exits) have
confirmed the experimental results of Brereton (1987). Solids residence time tests by
Patience (1990), Ambier et al. (1990) and by Milne and Berruti (1990) in CFBs with
right-angled abrupt exits have resulted in a bimodal solids residence ﬁmé curve. The first
peé.k corresponds to the fraction of solids which leaves the riser in one pass Whilg thé
second peak represents the fraction of sglids which reflects off the abrupt exit and
ci;culates within the riser for a period (;f time before exiting. Studying vaﬁous types of
| exit configuration Yong etral. (1988) developed an empirical formula for predicting the
fraction of solids reflected off a certain type of abrupt exit configuration.

In the present modelling development, the approach taken in evaluaﬁng the axial
voidage profile and the internal flow structure in the abrupt exit zone is different frorﬁ the
strategy used in both the developed flow zone and the acceleration region. In both the

acceleration zone and the developed flow zone of the riser, correlations have been used
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to determine the axial voidage first and from that the internal flow structure was then
evaluated. Preliminary modelling involved trying to determine an empirical formula to
model the apparént voidage in the upper region of the riser. Difficulties arose becaﬁse
of 1) a limited amount of experimental data involving abrupt exits, 2) thf; inability to
_ match the available data even though the same type of abrupt exit was employed and 3)
complications in evaluating the portion of the riser affected by the abrupt exiti

Because of the difficulties encountered, the method used in the abrupt exit region
in\.lolved solving for the inter;xal flow structure first and then determining the apparent
voidage. Equation 4.27 expressing the net solids radial flux as a function of the
i.nterchange coefficients is used as the basis for determining the internal flow structure in
the abrupt exit region. Q, th§: upward solids flowrate can be expressed in terms of core

radius by combining Equations 4.1 and 4.6 to yield

r | 4.40
Q={G+(1-()%)ps(1-em) Uy nr” :

The net solids radial flux expression remains the same as before. Substitution of Equation

4.40 into 4.27 gives

. i
. d{[G+(1 -(DHps(1 —emf>Ut1nrc) 441

- . =Kca 0 ~KycPp

c dx

As a first approximation, the solids core-to-annulus interchange coefficient, K, is

2nr

assumed to be the same as that in the developed flow zone. As mentioned before, there
is very little information reported in literature which can be used to infer a specific

interchange coefficient in the abrupt exit zone. It should be noted that the formulation
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of the model is very ﬂexible SO thth any expression for K., can be easily ir}coz:poratedr
into thc model. Consequently, as more experimental data becomes: available, more
reliable expressions for Kc'a can be’ used 1n ~the model. The expression for K, is the same
as for the developed flow and acceleration regions except that the value of { is not ﬂ
expected to be the same because 'the degree of solids intéraction is vastly different. AThe
unkn-owﬁs in Equation 4.41 are &, r, and . .The core voidage can be eliminated by
incorporating' the r'elationship between €, and 1, from the Berruti and Kalogerakis (1989)
model. As a result, knowing {, Equation 4.41 can be solved as a bouhdary value
- problem to yield the core radius profile in the abrupt exit zone. The bounamy condition

at the top of the riser is given by the apparent voidage at the top of the; riser. Knowing
_the riser top aﬁparent voidage, the core radius can be determined from the Berruti and
Kalogerakis (1989) model. Similarly, knowing the apparent voidage in the developed
‘ ﬂow zone, the boundary cémdition at t};e bottom of the abrupt exit zone can be
determined. | | |

Empirical forms similar 'to the bottom zone analysis were evaluéted and the best
equation was used to estimate the riser top voidage. Table 4.5 tabulates the data used to
develop the riser top voidage exi)mssion. Based on:a formulation similar to "Case 4" in
~Table 4.2, the final forrﬁ of the equation used to predict 'the ‘average voidége i)roﬁle at the

top of the riser is:

-0.8578

' 2 | ~0.2999 :
e : 4.42
°t _130.934| U (—E__ )13 G A
1"'8‘: ) pg(ps_pg) pS(UO—Ut)

where A is defined by
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DATA SOURCE G - Dt Dp yA
kg/m"Z—s kglm’\B m/s m m pm
Patience (1990)o 198 2630 6 |[0.0828} 277 5
151 2630 6 |0.0828] 277 5
102 2630 6 10.0828{ 277 5.
- 70 2630 6 10.0828| 277 5
45 2630 6 [0.0828| 277 5
20 2630 6 |10.0828{ 277 5
this work e 106 2500 8 0.05 93 3
74 2500 8 0.05 93 3
41 2500 5 0.05 174 3
- 57 2500 8 0.05 174 3
104 2500 8 0.05 174 3
Brereton (1987)A 35 2650 6.1 | 0.152| 148 9.3
45 - 2650 6.1 | 0.152| 148 | 9.3
59 2650 6.1 | 0.152°] 148 9.3°
45 2650 7.1 | 0.152 ) 148 9.3
73 2650 7.1 | 0.152 | 148 9.3
66 2650 8.1 | 0.152 | 148 9.3
82 2650 81 | 0152 148 | 9.3

. TABLE 4.5 - REFERENCES AND EXPERIMENTAL CONDITIONS

FOR DATA IN FIGURE 4.9
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-0.53642 Re -0.10143 z 103377 4.43

A=D, o

Figure 4.9 shows how the apparent voidage at ﬂ;e top of the risel; predicted by Equation
4.42 compares with experimental data obtained in this work and reported in literature.r
Although there is a very good fit between the cxpeﬁmenta} and predicted results
(R2=0.9629), as Table 4.5““ indicates there is a lack of data on thé apparent ‘voidagé at the
tdp of the riser. The experimental studies have all involveci CFB riser with small
diaxﬁeters and solids with a narrow range of physical properﬁes. Consequently, it shouldr
be mentioned that Equation 4.42 is valid only for conaiﬁons similar to the ones outlined
in Table 45 The reasonable fit provided by the equation suggests that the form can be
used to determine the apparent voidage at the top of a CFB riser equipped with a right-
an.gled abrupt exit. However, much more eXperimental studies witﬁ larger‘dia'.meters,'
differeqt ‘solids an“d‘ gas phys{cal properties as 'iwellr as with different types of exit

configurations are required to validate Equation 4.42.

* 4.4 SOLUTION METHOD

The solution of the model equations presented in thq preceding three sections is -
a three step procedure. Fir'st, the internal flow structure and apparent voidage in‘ the
abrupt exit éqne is determined. Using Equatiém 4.42, an estirﬁ_ate of the riser top ;/oidage
is obtained. The core radius and core voidage correspbndihg to the riser top voidage is
then calculated by simultaneous solution of Equations 4.7 and 4.8. Thelcalcqlat:ed core
radius becqmes the boqndary conditions at the top of the abnipt exit zone. Using the slip

factor criterion of Patience et al. (1991), the averagé voidage in the developed flow zone
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(s;ince there are no solid acceleration effects and frictiona} effects are assumed to be
negligible) can be calculated. The corresponding core radius becomes the boundary
conditiqn at the bottom of the abrupt exit zone. Discretizing Equation 4.41 and starting
from the top of riser a modified Euler’s algerithm is used to determine the core radius
profile in t:he abrupt exit zone. If the' calculated core raciius 7proﬁ1e does not converge
with the core radius in the developed flow zone, the ;ralue of € is varie:dr until
‘convergence occurs. Once convergence ie obtained, internal flow qumﬁﬁes such as core
radius and voidage, core gas and solids velocity. and solids interchange coefficients can
be calculated as a function of axial location. The portion of the riser affected :by:the
abrupt exit configuration is detemﬁned from the location where the core radius from the
developed flow zone coinci&es with the core radius from the bottom of the, abrupt exit
zone. Once the core radius and voidage are known, Equation 4.8 can be used to
determine the apparent voidage in the abrupt exit zone. In situaﬁens where a CFB unit
‘does not have an abrupt exit, the abrupt exit zone calc&lation ie not required as the
average voidage along the riser remains approximately conste;lt throughout the entire fully
developed flow region and up to the riser exit. The secend step involves calculation of
the axial voidage f;ofile and internal flow s&ucture in the developed flow zone. Equation
4.26, developed from the slip factor criterion of P:atie_nce etal. (1991) is used to eetermine
the voidage in the developed flow zone. The core radius and voidage and core gas and
sohds velocity are subsequently calculated from the equations of the Berrutl and
Kalogerakis (1989) model. The value of C determmed from the abrupt exit zone |

calculation is used to calculate the solids annulus-to-core interchange coefficient while the
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_solids core-to-annulus coefficient is obtained from the Bolton and Davidson (1988)
correlation. The third step involves detefmining the axial apparent voidage profile and
the internal ﬂbw structﬁre in tﬁe acceleration zone. Estimating the length of | the
acceleration zone and the riser bottom voidage from empirically developed ekpressions,
Equation 4.17 is used to determine the appareﬁt 6r real v<;idage in the acceleration zone.
Equation 4.7 and 4.8 are then solved simultaneously to determine the core radius, core
voidage, core gas velocity and core solids velocity. Althpugh the appafent voidage or
equivalently, the net solids radial flux is k;10wn in the‘ acceleration zone‘“ of the riser, the
evaluation of the solids interchange coefficients is made more difficult because the solids
core-to-annulus interchange coefﬁqient is not constant. At the bottom of the riser, the
greater ‘conc\entration of solids cémbined with the momentﬁm of the gas causes more.
Jateral movement of the solids than in the developed flow zone. The calcﬁlation of the
core-to-annulus interchange coefﬁcie;nt irivolv¢s ev;a.luaﬁon of K, first and then back
calculation of K,. At the top of the acceleration zone or equivalently, the bottom of the
developed flow zone, ‘Kca is' known. Using Equatioﬂ 4.27, an initial ;'alue of  is
assumed and Kea is calculated as a function of riser height. The computed value of K.a
at the end of the ac;celeraﬁon zone is compared with the value at therbottom- of the
developed flow zone and if they are not the same, the value of { is varied until

convergence is achieved. Once convergence is achieved, Equation 4.38 is used to

calculate K. and Equation 4.27 can be solved to yield K.,
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CHAPTER 5

MODEL VALIDATION AND SIMULATION RESULTS

5.1 MODEL VALIDATION METHODOLOGY

rTo determine the validity of the proposed model, computer simulations were
performed to compare the apparent axial voidage prOﬁla and/or internal flow structure
characteristics preda‘cted using the model with data ol:;tained in expeﬁinental CFB uaits.
Comparisons were also made between the simulated and experimental results to illu'strate
the ability of 't.he model to predict the effect of bperaﬁng parameters aach as superficial
gas velocity, solids mass flux, solids diameter and deriaity and riser geometry.
Furthermore, a sehsitivity analysis was perfpnned rto illustrate the effect of the same

operating parameters on riser performance.

5.2 APPARENT VOIDAGE PROFILE
The simulated and experimental apparent ax1a1 v01dage profiles from the
expenmental CFB unit at the University of Calgary are shown in Flgures 5.1 through 5.7.

Both the simulated and expenmental ax1a1 apparent voidage proﬁles show the same

' characteristic shape. At the bottom of the riser there is.a gradual decrease in the solids

holdup or equivalently, an increase in apparent voidage with increases in riser height.

‘The effect is due to the acceleration of the solids as they enter the riser from the

recirculation lcg.' Once the solids stop accelerating the apparent voidage becomes
relatively constant with further increases in riser height. The flow of gas and solids is

thougﬁt to be hydrodynamically developed once the voidage becomes constant with
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height. Because of tne abrupt exit configuration used in this work there is a dcnsiﬁcaﬁon
of solids in the upper portion of the riser.

Detailed examination of Figures 5.1 thiough 5.7 indicates a réasonably good fit
between the simulated and experimental apparent voidages. VAlthough it may appear that
there are some localized differenCes in the simulated and expenmentai results, in all cases
the percent difference is less than 10%. The large'st ‘percent d,iffrercnce, in 'apparent '
voidage values occurs in Figure 5.2. At the bottom of the ‘riser the percent difference
between the simula'ted‘and experimental voidage is aipproxime{tely 7% while at the top of
the riser the error is roughly 6%. However, as will be discussed ‘sho‘rtly, the differences .
~can be attributed to tne difﬁculties encountered in maintaining uniform flow through'the
line connecting the riser to the cyclone ﬁther than the inability of the proposed model to
simulate the axial apparent voidage profile. In Figure 5.5, Which also appears to have_
large differences between the simulated and experimental results, the nnmd percent
difference in apparent voidage is small. At the bottom of the riser the difference is
roughly 2.5% while the percent diffefence at the top of thé riser is approximately 1.5%. ‘
Similarly, in Figure 5.4, at an axial location of 6.75 m, although it appears much larger,
the percent difference between the simulated and apparent -voidage‘ is actnaily only 2.5%.
In the developed flow z'one‘ of the riser, the predicted and cxperirncntal voidages almost
alWays | coincide.

The choice of superficial fluidizing gas velocity can signiﬁcantiy affect the shape
of the apparent voidage proﬁle; For example, experimental studies by Jotaki and Tomita

(1976) and Yang and Keairns (1976) have demonstrated that at a constant solids flux, the
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greater the superﬁcial fluidizing gas v‘ek')cityr the shorter the acceleration region in fhe '
riser. The higher the gas velocity and hence the larger the gas momentum, the easier it
is to push the solids u;') through the risef. Because of this, the greater the gas veldcity af
a constant solids flux thé lower the solids concentration at the bottom. In fact, it can be
surmised that if ;he superficial ga;s velocity is lowered enough, the fluidization state in
- the riser will change from fast to turbulent ﬂuidizaéion and then to bubbling fluidization.
Bader et al. (1988),:usiﬁg FCC catalyst, shov.ved that at a solids mass flux of 147
-kg_/(mzos) lowering the superficial gas from 9.1 to°4.7 m/s resulted in a significant
densification of solids at the l?ottom of the riser.  Figures 5.1 and 5.2 show ‘the
experimental and simulated apparent voidagé at approximately the same mass flux but at
different superﬁcial gas velocities.r At a superficial gas vélocity of 8 m/s (Figure 5.1), tﬁe
length of the acceleration zone is approximately 1.35 m while the simulated acceieration
zone is roughly 1.5 m. Lowerihg the superficial gas velocity to 5 m/sec (Figure 5.2) the
- experimental acceleration increases to approximately 1.5 m while the simu}ated.length
' increases to roughly 2.2 m. The la;ge difference between the predicted and exberimental
acceleration length at the lower gas velocity was due to the slugging condition thét
. existed in the riser. The slugging conditions in the ﬁser was attributed to the almost
periodic constricted flow in the line connecting the risér.to the cyclone. Whene;/er there
was some sort of clog in the line, the flow of solids was significantly reduced. After
enopgh pressure buiit up from the ﬂuidizing gas, the solids forming the F:hoke were
removed and a sudden increase in solid flow was initiated. The response of the CFB unit |

appeared to be an_alogous.to the situation where a pulse input of tracer is applied to a
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reactor system to determiné the residence time distribution. After an initial delay which

allowed rthe slug of solids to travel through the recirculation leg and into the riser, large’
fluctuations were noticed in the manometers used to. measure the axial pressure drop

:along' the riser. After the slug passed through the riser th; ﬂuctuatidns appeared to

dissipate. However, because of the periodic constricted flow at the top of the CFE unit,

it was very difficult to record the manometer readings and subsequently, the aéceleration,
zone length with any reasonable degreel of certainty. Even with the expefrimen.tal,:
| difficulties encountered in performing Trial 1C (Figure 5.2), the results have been

presepted to illustrate how the performe_mce of one part of a CFB unit affects all the other

components that make up the rest of tﬁe system. Although the operating conditions of

Trial 1C (superficial gas velocii};; solids’ mass flux) are typicai of those encountered in
fast fluidization, the plugging of solids in the line connecting the riser and the cyclope
resulted in gas and solid flow patterns vastly different from; that of circ'ula'ting ﬂuidizcd
beds. Figures 5.3 and 5.4 better illustrate thé effect of superficial gas velocity in the
acceleration region. In this instance the simulated and experimental acceleration lengths
“are almost exactly the same and it is evident that the higher the superficial gas velocity
the shorter the aé:celerati‘on zone. f‘urthermore, the greater solids concen&ation associated
with the lower gas velocities js also evident at the bottom of the riéer. In fact, in Figure
- 5.3 the low superficial gas velocity combined with thé high solids mass flux creates a
situation where the entire riser acts like an acceleration zone. -

In the developed flow zone, increasing the superficial gas velocity at a constant

solids mass flux leads to highei' apparent voidages. The effect can again be attributed fo
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th.e fact that the higher the gas ;zelocity the easier it is for the solids to be pushed out of
the riser. As a result, ét any"point in the developed flow zone, the leaner the gas-solid
suspension and hence the higher the apparent voidage. Examination of Figures 5.1 and
" 5.2 indicates the effect of superficial gas velocity or; the apparent voidage in the
developed flow zone for sand A.r As the figures indicate the higher the gas velocity the
* higher the voidage. It should be noted thag in Figure 5.2 the extent of densification of
solids in the riser due to the plugging in the line connebting the riser to tl"né cyclone is not
known. If the densification effect is large enough, it ma); also increase the voidage in the
developed flow zone. As previously mentioned, in Figure 5.3 ther acceleration zone
alimost occupies the entire riser column and hence theré is no developed flow zone. As
a resuit, a comparison of apparent voidages as a function of superficial gas velocity could
not be made for sand B |

Unlike the acceler‘étion zZone dr the developgd flow zone, it is‘ not clear how
various CFB operating co;ldiﬁons affect the segment‘ of riser affected by an abrupt exit.
The uncertainty ié magniﬁed by the lack of expeﬁmfental stucﬁés involving CFB units
equipped with abrupt exits. Figures 5.1 and 5.2 show the effect of superficial gas velocity
on the apparent voidage Vat the upper part of the riser for sand A while Figures 5.3 and
5.4 show the correspond:';ng effect for sand B. The experimental‘ and simulated results
suggest t'hatrthe lower the superficial gas velocity the ‘greater the abrupi exit effect. As‘
shown in the acceleration and developed flow zones rof the riser, increasing tI;e superficial
gés velocities at a constant solids flux leads to leaner gas-solid suspensions. The leaner

the gas-solid suspensions, the smaller the amount of interaction between the solids
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 reflected off the top of the abrupt exit and ;he solids ﬂowing up with the gas.
Generally, at a given superficial gas veiocity, the higher the solids mass flux the
greater the length of the acceleration zone. High solids fluxes result in a greater solids
concentration in the riser. Consequently, at a given superficial gas velocity the higher thér
solidé concentration the longer the time required for the solids to reach their steady. state
vélocity. Consequently, there is a larger region at the bottom of the riser where there is
a relatively highrsolids holdup. Figures 5.1 and 5 5 represent the axial appérent voidager
profiles at constant superficial gas velocity but different solids fluxes. It is evident in
“both the simulated and experimental results that the higher the solids mass flux the greater
the portion of riser making up the accelei'ati_on zone. At a solids flux of 106 kg/(mzos)
the simulated acceleration zone length is approximately 1.5 m and the experimental length
is 1.25 m while at a solids flux of 67 kg/(mzos) the predicted and experiincntal
acceleration zones are around 1.0 m. Figures 5.4 and 5.67shoW_ similar results but in this
case the solids is sand type B. Similar results have begn observed by Jotaki and Tomita
(1976) and Yang and Keairns (1976) in experimerftal studies involving the aéceleration
Tegion of vertical pneumatic transport lines. |
Increasing solids mass flux at a coﬁstant superﬁcial gas velocity results in lower
apparent voidages in the developed flow zone.; The effect of solids mass flux on the
apparent voidage profile in the developed flow can bé seen by examining Figures 5.4 and
5.6. The figures -illustraie that the higher the solids maés flux, the greater the
concentration of soﬁds in the develoi)ed flow zone. ; E?(amin;:lﬁqn of Figu'res 5.1 and 5.5

illustrates a similar effect fof éand A although the effect is not as evident as with sand
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B. Both the simulated and experimental results suggest that for sand A the apparent
voidage in the developed flow zone is relatively insensitive to the range of solids mass
flux used. The differer;t degree to which the solids mass flux affects the apparent voidage
profile can be interéreted in terms of the degree of solid-solid intgraction in the riser.
Since sand A and sand B have the same solids density, solid-solid collisions will be more
significant with sand B because of the larger diameter and hence, greater mass. The
greater momentum exchange can lead to an increase in the lateral chvement of solids
within the core or between the core and annular regions which lengthens the amount of
time solids stay in the riser. The net result is an increase in solids loading at any axial
location. The effect is magnified by increasing the solids flux and solids mass. The sé.me
reasoning can be applied to the results Vshown in Figures 5.1 and 5.5. In this instance, the
degree of solid-solid interaction is still expected to increase with increases in solids mass
flux. However, because of the small éolids diameter and the solids flux employed, the
number and extent of soiid cé)llision is not large enoﬁgh t;) have any appreciable effect
on tﬁe axial apparent voidage.

Comparison of the experimental results in Figures 5.1 and 5.5 suggest that the
lower the solids mass flux. at a constant gas ;/elocity the greater the dégree of .
densification of solias at the top of the riser. However, experimental studies by Brereton
'(1987) and by i’atience (1990) indicate the opposite effect; at a consiant superficial gas
velocity the greater the solids mass flux the greater the buildup of solids at the top of the
riser. The higher the solids flux the greater the deflection of so}ids off the top or the

sides of the abrupt exit. As a result, there is a greater degree of interaction between the
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upward ﬂowinrsoT solids and those falling down from the exit. Thf: observed contradictio;l :
m Figures 5.1 and 5.5 can again be aftriButéd to the constricted flow of gas and solids
from the riser to the cyclone. As discussed earlier, the constricted flow ipg:reases the
~ solids hpldup in the upper portion of the riser above the amount that would normally
exist. Exlamination of Figures 5.4 and 5.6 shows the correct trend. In both the simulated
and experimental results the greater the éqlids mass flux at a constant gas velocity the.
- greater the effect of the abrupt exit. It is interesting to note that even though the
restricted flow in the line connecting the riser to the c;’rclor;e creates an additional amount
of solids in the uppéf region of the riser, the experimental results suggest that tl_le' portion
of the riser affected by the abrupt exit is approximately the same for a giver'l solids type.
In the case of sand A, which is shown in Figurcé 5.1 and 5.5 the abrupt exit affects only
the upper 0.5 m of the riser. The simulétioﬁ results also predict a similar effect but
unlike the experimental fesults, the simulation results estimate _Fhat' only the upper 0.15
m of the riser is affected by the abrﬁpt exit COnﬁgmaﬁon. Similar results have been
obse;'ved in the experimental results of Patienc;e (1990). Ip is difficult to speculate on the
reasoning behiﬁé the observed effect. Visual observations were not possible because the
abrupt exit could not be made out of plexiglass dﬁe to thé *sandblasting’ effects of the
sand. In the plexiglass se.ction‘of the riser, the High superficial gas velocity and solids
mass flux observations created an immense | ambunt of turbﬁlence so that visual
observations could not be made. A possible explanation could be that the solidé can only
be reflected back a ceﬁain distance from the abrupt éxit. Once the solids reach this point,

théy have lost all the momentum gained by reflecting off the top and are re-entrained with
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the upward flowing gaé.

Figures 5.6 and 5.7 provide an illustration of how the particle diameter affects the
axial apparent voidage profile. The only visible differences lie in the lov§er and upper
portions of the riser. A denser region exist at the bottom of the rise1" when the smaller
sand is used. According to the Geldart classification system, sand A is a group A
powder. Such solids can be moved from one area to another more easily than solids such.
as sand B. Perhaps at the bottbm of the riser at the high superficial gas velocities
typically found in fast fluidization, the fluidizing gas has so much momentum that it
preferenﬁally moves the smaller éblidg out towards the sides of the riser to a greater
extent than with the larger solids. 'Ifhusz instead of the. gas entraining _the solids, the gas‘
actually channels right through them. At the iop of the riser, the larger the solids the
greater the abrupt exit effect. The response is expected since for a constant density solid,
the greater the solid the greater the mass and hence the greater the gaih in momentum
from deflection off the top of the exit. Furthermore, the larger the s.ol'ids, the greater the
chance of collisions between the pa;rticles at the top of the riser.

Simulations were also performed with data reported in literature to further validate .
the applicability of the model in pmdcﬁg the axial apparent voidage profile in CFB
risers. Figures 5.8 to 5.10 show the comparisons be;ween the results of the simulations
and the experimental data. The simulation conditi%ms in Figures 5.8 through 5.10 were
chosen so that the ranée of ;pplicability qf the model could be illustrated.

Very few experimental studies have been condu.cted on CFB units équipped with

abrupt exits. To determine whether the model could simulate other CFB units equipped
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- with a right-angled type abrupt exit, simulations were conducted to model the
‘experimental voidage profiles obtained by Patience '(1990). Figures 5.8A and 5.8B
compare the simulated and experimental apparent voidage proﬁlcé. The simulated riser
ié 5 m long and has an inside diameter of 0.0828 m. The column was operated at room
temperature and atmospheric pressure. The simulated and cxpeﬂméptal results follow thg
trends reported earlier. At the bottom of the riser, the voidage pfoﬁle gradually increases

with height because 6f soli'ds acceleratioﬁ. The largest difference between the simulated |
and experimental results occurs in this region. For ‘example, in Figure 5.8A the percent
di‘fference in exp‘eximental and simulated apparent voidage‘at the Zbottom of the riser is
‘approximately 10% whereas for the rest (;f the column thé percent difference is well
within 5%. As the figurés show the greater the solids flux the longer the length of the
écceleration zone. For a solids flux of 198 kg/(m2-s) the experimental acceleration zone
is approximately 2 m while reduc;ing the solids flux to 20 kg/(mzos) the acceleration
length decreases to approx’imately 1.25. Once the solids have stopped accelefating, the
voidage profile becomes cbnstgr{t with increases in riser height.‘ It is cléarfy evident in
Figures 5.8A and 5..8B the slip factor cﬁteﬁon (Patience et al., 1991) provides an
exfremely good representation of the flow of gas and solids in the ‘developed ﬂ&w zone.
" A comparison of the two figures shows that the higher the solids mass flux the lower the
apparent‘ voidage in thé developed flow zone. Because of the abrupt exit, there is é
;iensiﬁcation of solids at the top of the riser. It i§ interesﬁng to note that unlike the
experimental apparent voidage profiles shown earlier, in both‘ Figure 5.8A and 5.8B the

experimental apparent voidage at the top of the riser is almost constant. The result
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indicates that an abrupt exit can create many complex gés and solids flow patterns at the
top of the riser. Clearly, further work is necessary-tq establish the role of an abrupt exit
. on gas and solid flow patterns in the riser.

According to Matsén (1976) in large industrial fluidized catalytic crackers, solid
circulation rates typically range between 600 and 1500 kg/(mzos). Unfortunatély, most |
experimental CFB units operate at rn‘o&erate solids flux and furthermore, to the best of
the author’s knov;'ledge, apparent voidage; profiles and' operating conditions of industrial
CFB units have not been pué)iished in ljterature. Consequently, to determine whether the
proposed hydrodynamic model can be used to predict the axial voidage profile at high
circulation rates the experimental déta of Arena et al. (1986) was simulated. Aithoﬁgh
the experimental CFB unit used by Arena et al. (1986) is only 6.4 m high and has a

| internal riser diameter of 0.04 m, the experimental study was performed at very high solid
circulation rates. Figures 5 .9A and 5.9B shoyv the comparison between the simulation and
experimental results for the column used by Arena et al. (1986). 1 Unlike the results
presented earlier, the experimental CFB unit used by Arena et al. (1986) is nof ‘equippe‘:d
with an abrupt exit and consequently, as shown in the axial appérqnt voidage profiles -
theré.is no deﬁsiﬁcaﬁon of solids in the upper r_egion of the riser. The largest difference
between the simulated and experimental results lies in the bottoﬁ1 portion of ‘the riser.
The main reason for “the difference is due to inability of the bottom voidage co;relgﬁon
to predict the bottom voidage. Examination of Table 4.3 which shows the data used in
the development of the bottom voidage correlation indicates that the operéting conditions

- used by Arena et al. (1986) are outside the range of applicability of the correlation.
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Neglecting the differences that exist in the bottom portion of the riser, the agreementr
between the simulated and experimental results is very good. In the case of Figure 5.9A
the percent difference is roughly 3% and in Figure 5.9B the error is or;ly 0.25% in the
developed flow zone.

So far all the experimental and simulated results presented have been for CFB
risers with relatlvely small diameters. To determine whether the model could be apphed."
to large diameter risers, the expenmental risers used by Hartge et al. (1986) and by Bader
et al. (1988) were simulated. Figure 5 .10A shows the simulation results for the riser used
by Hartge et al. (1986). The experimeqtal unit has a internal riser diameter of 0.4 m and
a riser hei;ght of 7.8 m. The figure shov?s the excellent agreement between the simulated
" and experimental voidage profiles. Figure 5.10B shows .the simulated akial apparent
voidage profile for the conditions used by Bader et al. (1988). The ekpcrimehtal unit is -
12.5 m in height and has a diameter of 0.305 m. Again, the results show there is a very
| good match between the simulated results throughout the column.

The good ﬁt‘between the simulated‘ and experimental apparent voidége profiles
suggests that the assumptions made in the fo@ulaﬁon of the hydrody.namic model are
reasonably correct. The assump‘tion of predominant upflow of gas and solids in the
acceleration rcgi;)n provides an extremely good first estimate of the apparent voidage. '
The true flow phenomena in the acceleration region is very compley;. Besides solids
acceleration there are also the effects :c:)f the mechanical device useq to transfer solids
from the recirculation leg to the riser and tﬁe movement of the fluidizing gas in the

acceleration region which can impede the upward flow of gas and solids. Studies by
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Rhodqs et al. (1989) and Yang (1976,1988) in experimental CFB units and obseﬁaﬁons

noted by Couturier et al. (1'991) in an industrial unit have indicated that the design of the
return transfer line, which controls the flow of solids into the riser can have a very
important effect on gas-solid flow patterns at the bottom of the riser. For a inclined
solids return line, Yang (1976, 1988) has indicated the angled dowhﬂow of solids can
combine with the upwaird flowing gas to create a recirculation pattern in the lower regions
of the riser. The internal recirculation (caused by the solids enteﬁﬁg the riser) in the
bottom region leads to an inc.reased‘ solids ﬁoldup due to the longer time the solids stay
in the region. Studies by Rhodes et al. (1989).and Couturier et al. (1991) have illustrated }
that solids entering from one side of the riser can cause a radial maldistribution of solids
- across the riser cross-sectional area. Such ”pockets" may leaid to stégnant solids which
increases the solids holdup in the lower regions of the riser. Because of the difficulty
in determining the response Qf the apparent voidage to these g:ffccts, the proposed model
neglects the internal recirculation due to solids entering the riser from the recirculation
leg‘ and the possibility of stagnant regions of solids due to the maldistribution of solids. -
The inability of the model to predicf exactly the apparent voidage at the top and
bottom of the riser is due‘ to the liinit;tions ’of the proposed empirical correlations.
Although a wide range of experimental data was used to develop the correlation for
predicting the voidage at the bottom of the riser, differences such as the design of the
solids return line connecting the riser and the rccirculatipn leg could have sﬁperimposed
an additional amount of solids holdup 1n tﬁe experimeﬁtal results and hénce, resulted in

a false estimate of the bottom apparent voidage. Further work is necessary to determine
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the extent to which the desién of the solids transfer line affect's the voidage at the bottom
of the riser. Furthermore, most experimentel CFB units, ihcluding the one at the
University of Calgary, do not have a pressure tap situated at ‘the very bottom of the riser.
The first pressure tap is usually some distance avvay from the bottom. Consequently, one
must extrapolate the experimental data to determine the voidage at the very bottom of the
riser.

Similar arguments can be presented for the correlation used to predict the apparent
voidage at the top of the riser. The experimental axial suspension profileS or
equivalently, the axial apparent voidage profiles recorded by Patience (1990) demonstrated
that the apparent voidage at the upper portion of the riser does not always decrease vvirh
increases in height. In some of his experiments the voidage actually increased at the top.

. Consequentiy, it is very difficult to eXUapolete the data to any signiﬁcaht degree of
accuracy srnce it is not clear how the abrupt exit affecrs, solids behaviour. Furthermore,
there Vhave only been a few experimental studies reported on CFB units with abrur)t exits.
The work by 'Brereton (1987), Patience (1990) and the experimental work performed in
this study involved small diameter columns {0.05-0. 152 m) and e relatively narrow range
of superficial gas velocities (5-8 m/s). As for the botrom voidage correlation, more
extensive expenmental studies involving various reactor geometnes and gas and sohds
physical properties are required to increase the range over which the top v01dage
correlation applies. Nevertheless it should be emphasized that the correlations proposed
to predict the apparent voidage at the top and bottorh of the riser successfully predicted

the experimental voidages to within 15% error.
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The slip factor criterion (Patience et al., 1991) provides an extremely good way
of calculating the apparent‘voidage in the developed flow zone. As Figures 5.1 through
5.8 indicate, the experimental-and simulated results in the déveloped flow zone almost
coincide. The results indicate that the ratio of ixite'rs‘titial gas to average solids ve1;>city
or the slip factor is indeed approximately two in CFB risers.

Based on the simulation of data from the experimental CFB unit at the University
of Calgary and from the simulation.of data reported in literature the i)ropos‘ed model has
been shown to simulate well experimental CFB risers with diameter ranging from a 0.05
m up to 0.40 m, superﬁcial éas velocities varying from 4 to 8 m/s and solids fluxes from
20 up to 200 k;g/(mzos). The applicability of the model is mainly limited by the range of

-operating conditions and gas and solid physical properﬁes used to develop the riser
bottom anci top voidége correlations. Because of the limited experimental dat-a involving
high solids mass fluxes, it cannot be ‘surmiséd that the model can be used with high

- circulation rates, although simulation of the work by Arena et al. (1986) suggested that

the model is indeed applicable.

53 INTERNAL FLOW STkUCTURE

An accuraté elvaluation of the model’s ability to ther internal flow characteristics
is difficult because of the many uncertainties associated with experimental internal flow
structure data To simplify the modelling of the CFB riser, it is assumed that the core
radius has a dlstmctly defined constant value at any ax1a1 location and that the 1nterna1

flow structure parameters are averaged values over the core and annular regions. In
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reality, because of solids intercha;lgfa between the core and the annﬁlus and because of
interactions between the fluidizing gas and solids, it is expected that the core radius can
be considered to be any number or radial locations. Furthermor.e, as shown by Rhodes
et al. (1989) ata givenﬁ axial location, the fadial structure within the .riser varies depending
upon the angle the device used to measure the radial structure makes with the solids inlet
position. For example, if some probe is used to measure the radial structure anci if it is
sitl1’ated 180 degrees away frém the solids inlet position; the radiai profile is different than
if the probe was situated at an angle of 90 degrees to the solids inlet position.
Complicating matters ey;en' more is the fact that wall effects can be very important. The
high c;1rcu1ation rates can cause Signiﬁcant erosion leading to indentations in the riser
wall. The indentations act like obstacles in the path of the falling solids. As a result,
instead of having a downward flow of §olids' along the riser wall, there can be Jateral flow
from the deflection of the solids off the indentations. The model does not 7take into
account the change in flow patterns caused by erosion proﬁlems or.maldistribution of -
solid flow. Finally, another problem obscuring the evaluationr of"the' internal flow
structure around the wall rcgioh is the type of equipment used to determine tflc radial
7 structure. Herb et al. (1989)- and Reh and Li (1990) indicate that the solid concentration
determined from fibre-optic probes may be in error because a fibre-optic probé is
dependent on the intensity of reflected light. Often, instead of just receiving light from
solids in the riser, light reflected from the wall is also collected b).'. the probe.
Consequently, the measured solids concentration r'nay be higher than it actually is.

Irregardless of what type of prbbe is-used, it is obvious that a probe will cause some sort
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of disruption in the flow pattei'ns of the gas aﬁd solids within the riser. Because of the
lower concentration of solids in the middle of the riser, the disturbance is not as great as
near the wall region. At or near the wall, solids may deflect off the probe and into the
di‘luté éore region or into other parts of the annular region. Consequently, the probe may
actually dilutc the amount of solids actually present in the annular region.

A set of the internal flow structure parameters as predicted by the model is shown
in Figures 5.11 through 5.13. A typical core voidage profile is shown in Figure 5.11A
while the corresponding core radius prbﬁle‘ is shown in Figure 5.11B. Both profiles have
similar shapes. The sr.nallest core radius and voidage occurs at the bottbm of the riser.
As the solids accelerate from their initial value the core radiu'é and voidage gradually
increase to a constant value at which point the solids have reached their developed flow
velocity. Like the appafent voidége, at the top of the riser, both the core voidage and
radius decrease because of the abrupt exit efféct. The figures indicate that the core radius
is affected‘mor‘e than the core voidage at the top of the riser. fdr the same 6p§mﬁng
conditions Figure 5.12A and Figure 5.12B show the core gas and core solids velocity,

'respectivély._‘ Since the gas is assumed to travel only up the dilute core, the maximum:
core f,;as velocity occurs at the bo-ttom of the riserj\;vhere the core radius is the smallésf.
As the core radius ‘increases and hence, the core cross-sectional area, the gas velocity
decreases. At the top of the riser, the ‘densiﬁcation of so.lids leads to a reduced core
cross-sectional area which increases the core gas velocity. Initially, the splids {Iclbcity
at the bottom of the riser is hpproximatel& zero. The solids velocity rises until the ,solids

stop accelerating. At the top of the riser, because of the way the solids core velocity is



4
L A
V4
z e . : ,
ur ! ' G=106 kg/mA2-s
2 ; : ~ Uo=8m/s
% 098~,‘ ----------------------- B TR R R R R
E lI ‘ : . Dp=93 microns
& I Ps=2500 kg/mr3
S ﬂ ‘
(3] 72 S R USSR RSN R
0.96 y y . T
0 0.5 1 15 2 25 3

CORE RADIUS, (m)

. 0.0255
/ RISER RADIUS
0.025 -
. : R T T e e e e e e T —— N
- S
Pid N
// : '
1 Seoreesnene e
S | G=106 kg/mA2-s
‘ J Uo=8 m/s
X R Gttty
// Dp=93 microns
. Ps=2500 kg/m~3
0.0235-f----- e eseeetesameemeeeeeeseesmeemeeeeasaseosesenenacoceacao
0.023 T : Y . —
0 05 1 1.5 2 25 3

RISER HEIGHT, (m)

FIGURE 5.11A } SIMULATED CORE VOIDAGE PROFILE - TRIAL 2A

. RISER HEIGHT, (m)

FIGURE 5.11B - SIMULATED CORE RADIUS PROFILE - TRIAL 2A

113



9.2
\
\
G =k e et
Q A G=106 kg/mA2-s
E v - Uo=Bm/s
t" 8.81----- '\\' """"""""""""""""""""""""""""""""""""""""""""""""""""""""
= \ Dp=93 microns
3 N\ P $=2500 kg/mA3
! d 8 6— ---------- AN . et hintetieeinieieheee it tieibeiede i tebadeedeidebdde bbbt LD LSS LA L DL EE S S 4
> \
w \
[ond ‘ \\
8 8. 4f-emnmemrannne '('\' -----------------------------------------------------
o ~
g : \\\ y
S T et ———
8 i 1 ] {
0 0.5 1 1.5 2 25 3
 RISER HEIGHT, (m) «
FIGURE 5.12A - SIMULATED GAS CORE VELOCITY PROFILE - TRIAL 2A
8
. //”’ ~~~~~
@ -~
I A G=106kgme2s
t‘ / , Uo=8m/s
8 I, - - Dp=93 microns
- / ’ | ,  Ps=2500 kgm~3
[11] /
D e e e e e e
w /
S |/
O
8
oy R AN DSt L PRt SR e
o
n
O T - 1 L] i
0 0.5 1 1.5 2 25 .3
RISER HEIGHT, (m) \

FIGURE 5.12B - SIMULATED SOLIDS CORE VELOCITY PROFILE - TRIAL 2A

114



115
defined in the model formulation, the solids velocity increases because of the increase in
core gas velocity. The corresponding solids interchange coefficients are shown in Figures
5.13A and 5.13B. The interchange coefficients follow the same shape although the core-
to-annulus coefﬁcie;lt is approximately an order of magnitude larger than the annulus-to-
core cqefﬁcient. At the bottom of the riser, there is a large transfer of solids from the
core to the annulﬁs as the core/annular structure is formed. With increases in riser height,
Kca decreases to a constant value in the developed flow zone. VBesides the difference in
magnitude the only other difference in the K, profile is the increase in value at the top
 of the riser. - The value increases because of the abrupt exit v;/hich serves to transfer solids
from the annulus to the core. Although a direct comparison cannot be made, the

magnitude of K, is similar to the range determined by Senior and Brereton (1990). A

comparison of the K, values cannot be made because of the lack of data in literature.

5.4 PARAMETER ANALYSiS

A parameter analysis was 'per'formed to rdetermiljle the sensitivity of operating
' parameters such as superficial gas velocity, solids diameter, riser diameter and solids mass
ﬂuxron the axial apparent voidage profiles. The simulation results are shown in Figures
5.14 to 5.16.-

The effect of superficial gas i/elocity on the apparent voidage profile is shown in
Figure 5.14A. The figure shows that increasing the superficial gas velocity results in a
higher apparent voidz;ge at any axial location. This is agreeable witﬁ the results presented

earlier and consistent with results reported in literature. There does not seem to be one
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regidn that is affectea more by the'superﬁc‘:ial gas velocity than any other region. For.
example, ‘changing thp gas velocity frqm 6 m/s to 8 m/s causes the voidage to increase
by roughly 1% at every axial location. |

Figure 5.14B shows how the solids diameter affects the axial app;a.rent voidage
profile. The figure shows that the solids diameter has the largest impact on the voidage
at the bottom and top of the riser. At the bottom of the riser, the smaller the diameter
the lower the apparent voidage. As noted earlier, the effect is attributed to the
channelling of gas through the so‘lids.; At the top of the riser, the larger diameter solids
have a more pronounced effect on the voidage profile. Because of their gree'lter mass, the
klarger diameter solids create a greater amount of agitation in the region.. "The particle
: | diameter does not really affect the apparent voidage in the developed ﬂ-ow zone, where,
except for slight variations, therapparentgvoidagc can be assumed to be a constant.

The effecrt'of riser diameter on the apparent voidage profile is shown in Figgre
5.15A.' The figure indicates that variations in diameter can have a significant impact on
the axia;l voidage .proﬁle ‘at the top of the riser. At riser diameters of 0.0828 and 0.15 m,
the apparent voidage at the top of the riser is similar in magnitude to the ones observed
in experimental ;mdiés .by Patience (1990) and Brereton (1987). However, increaéing the -
riser diameter to '0.2_5 m results in :a 1;nreas0nable top voidage. The reason t:or the
~ unrealistic result is ;iue to the limited data used to develop the top voidage correlation. |
As mentioned earlier, the diameter of the largest experimental riser equipped with an
abrupt exit is 0.152 m. Consequently, using the top voidage co;relaﬁon for diameter

larger than 0.15 m results in erroneous results.
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The variation in apparent voidzige with changes in solids mass flux is shown in
I;“iguré 5..15B. As reported earlier, the higher the solids mass flux the greater the solids
holdup at any axial location along the riser. IF should be noted that the apparent voidage
is most sensitive to the solids mass flux at the lower regions of the riser. Thé figure
shows that incfeasing the solids flux from 100 to 200 kg/(mzos) results in a 10% change
in the voidage at the very bottom of the riser. In both the developed flow zone and the '
abrupt exit zone the change is approximately 1%. The large change in the bottom region
of the riser is due to the region required to accelerate the solids. At a solids flux of 100
kg/(mzos), the acceleration zone is approximately 1 m, while at a solids flux of 150
‘kg/(mzos). the length of the acceleration region increases to 1.5 m. Finally, increasiné the

solids flux to a value of 200 kg/(mZ-s) leads to an acceleration zone of 2 m.



APPARENT VOIDAGE, (-)

APPARENT VOIDAGE, (-)

A N aeemeem
G=200 kg/m~2-s
Uo=6 m/s
T T Pe=2630 kgimA3 . N\
Dp=250 microns
0,85 == nmmmmm e oo oot Noseeeen
Z=5m
IO S
0.75 ‘ ‘ . ; — . . i
b 05 1 15 2 25 3 35 4 45 5
~ RISER HEIGHT, (m)
—-- Dt=0.0828m —— Dt=0.15m ------ Dt=0.25m

FIGURE 5.15A - PARAMETER ANALYSIS - SIMULATED EFFECT OF RISER

4
0,95 =g fen et e e e X
; Uo=6m/s
/ Ps=2630 kg/mA3
4 Dp= microns
0.9""‘" _!“_""""““""““"";P-:?_s-o. ............................... SRttt
: Dt=0.0828 m
Z=5m
. B e
0865 T 15 & 25 B8 35 4 45 5
RISER HEIGHT, (m) | _
——— G=100 kg/m?2-s — G=150 Kg/mA2-§ ------ G=200 kg/mA2-s

DIAMETER ON APPARENT VOIDAGE

FIGURE 5.15B - PARAMETER ANALYSIS - SIMULATED EFFECT OF SOLIDS

MASS FLUX ON APPARENT VOIDAGE

120



m
CHAPTER 6
MODELLING OF SO, AND NOy EMISSIONS FROM CFB COAL
| COMBUSTORS

6.1 INTRODUCTION
To illustrate an application 6f the proposeq hydrf)dynamic model to reactor rdesign,
the model was used to simulate SO, and NO, emissions from a CEB coal combustor.’
The burning of coal has widesprqad implications on society. As of 1989, 2777 bﬂﬁon
kilowatt-hours of electrical power was generated in the United S‘tates, of which 56% was |
produced by burning coal, 19% from nuclear plants, 9.5% from hydroelectric sources,
9.5% from burning natural gas an& the remaining 6% from petroleum, geothermal and
other sources (Berruti and Wong, 1991). Unless there is a new economical way for
producing energy, the usage of ‘coal is expected to increase even more in the near future.
As society increases its demand for technologically sophisticated products, which involve
a lot more production steps, the amoyni of energy required to produce the products will
undoubtedly increase. Moreover, coal accounts for approximately 85% .of the potential
U.S. fossil-fuel reserves and, as such, an increased exploitatiqn would reduce the risk Of,
a possible dependence on foreign fuel supplies. However, there are many environmental
concerns associated with coal buming. Coal burning plants emit large quantitiés of sulfur
dioxide, oxides of nitrogen and carbon dioxide that may f.‘all back to the earth as acid rain
and/or contribute to global warming.” Of the various sources of air pollution in the U.S.,
coal-fired power plants contribute about 70% of the sulfur dioxide, 30_% of the nitrogen |

oxides and approxiniately 35% of the carbon dioxide (Berruti and Wong, 1991). As

environmental regulations become progressively stricter and coal consumption increases,
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. the popularity of CFB coal combustion technology has increased s1gmﬁcant1y over the
last decade. According to Makans1 and Schwieger (1987), out of 83 projects involving
the combustion of coa}, circulating fluidized bed are employed in 46 of the ventures.
Furthem%ore, they say that rﬁany fluidized Bed boilers suppliers have either eliminated the
.bubbling bed product line or have modiﬁt;,d the boiler to approximate a CFB unit. Some
of the attractive qualities of CFB coal combustors inclﬁde a higher combustion efﬁciency
which leads to more | efficient coal usage and more environmentally friendly operation due
to lower sulfur dioxide and nitrogen oxide emissions than cor;ven'tidnalcoal-fued furnaces

or bubbling bed technologies.

6.2 CFB COAL COMBUSTOR

| Figure 6.1 shows a échematic of a generic ciréulating fluidized bed combustor
(CFBC) unit. The':ﬁg'ure shows all of thé parts that are typically employed in the design
of a CFBC. The units include the fuel and sorbent preparation and feed syStems; the
ﬂuidizing/combustidn air supply, the combustion cell, the gas—soﬁd Sepméﬁon devices and
the éonvccﬁve paSs system. The fuel and sorbent system consists of bins that store the
.fuel supply (in this case coai) and sorbents such as lime, limestone or dolomite which are
used to control SO, emissions. Sometimes, the fuel and sorbents aré larger than the -
design size and therefore, have to be "preparéd" befofe they cén be utilized in the CFBC.
Té help pr/epare the coal.and sorbents, mechanical devices such as screw feeders are used‘
tc; grind up the particles to the desired size. According to Stringer and Stallings (1991)

of the Electric Powér Research Institute, the coal feed size is typically less than 6 mm and
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sorl;ents such as limestone particles are usually less than 0.5 mm. HO\'avever, it should be
pointed out that the éhoice of solids size is dependent on the operating conditions of the
CFBC and as mentioned by Makansi and Schwieger (1991) can vary widely from one
CFBC supplier to another. The fuel and sorbents are usually fed separately into the
combustc;r immediately above the distributgr although, in some cases; to promote better
mixing of the fuel and sorbent particles they are sometimes mixed before beipg sent into
- the “combustor.

| The ﬂuidizihg air system not only consists of tht? air required to maintain fast
fluidization conditions inrthé combustor but also the air. stoicéhiometrically required -to
:can'y out combustion. The fluidizing air system is set 1-1p so that staged combusti(;n is
possible. That ié, the ﬂuidizing/combustion air is usually split into two streams: a
primary air stream containing between 50-70% of the stoichiometric requirements which
is fed through the bot;om of the riser and a secondary a1r stream added some distance up |
the riser. As will be explained later, staged combustion is primarily designed to minimize
the formation of NO,, although reducing the ~amourllt of combustion in the lower regions
of the combustor provides a way to cqntrol heat release distribution. Air is also
introduced into the recirculation leg to control solids flow and into the fuel and sorbent
feed pbns to prevent bridging in the feed lines. According to Grace_(1990), superficial
gas velocities in CFBCS typically range from 5-9 m(s.

The combuStion cell or the riser is“ the part of a CFBC unit where the reaétions

associated wifh combustion occurs. The fluidized fuel and sorbent particles mix with an

inert medium such as river sand and react with the oxygen in air to initiate coal

A}
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combustion and the reactions that result in the formation of NO, and SO, emissions.
-According to Basu and Fraser (1991), the majority of sqlids within the riser is the inert
medium. The fuel and sorbent particles make up only 1-3% of the total solids inventory
within the combustion cell. According to Grace (1990) and Dry and La Nauze (1990),
the net solids circulation rate within a CFBC unit is usually between 10 apd 100
kg/(mzos). The solids circulation rate is ‘mainly determined by costs (Dry and La Nauze,
1990). Although higher solias circulation rates would lead to better gas-solid mixing and
generally, a better combustion environment, the blowers required to provide the large
| vk)llime of combustion air would become too costly. The purpose of the inert mgdium
is to promote better mixipg between the -solids and to act 1ik¢ a thermal ballast which
helps to help maintain both the axial and radial temperature approximétely constant
(Senior and Brereton, 1990; Zhao et al., 1989). The usual operating temperature of a
CFB cpmbustor is between 800-900°C. The operating temperature is a qomprorrﬁse
between efforts to ensure high combustion efﬁciency which is a measure of carbon
burnout and efforts to minimize _air pollutaimts'. General}y, the higher the operating
temperature, the greater the combustion efficiency. However, high combustion
temperature lead to high levels of NO, and SO, emissions. The combustion cell is one
of three areas within a CFBC s&stem wheria heat removal occurs. Because of the high
gas velocities found in CFBCs and the resulting erosion proi)lems, itis not recommended
that in-bed heat recovery tubes s:jlmilar to those employed in bubbling bed combustors
be used for heat exchange. Instead, heat é);change is accomplished by the use of water-

cooled membrane walls surrounding the riser walls. To increase the available surface area
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'for heat exchange, thé combustion cell is us"ually square in cross sectional area.
According to Stringer and Stallings (1991), wihg \;valls, which are vertical pane{s '
perpendicular to the wall and extending into the combustion ceﬁ have also been used for
heat exchange purposes. :

| The gas-solids separation system consists of the cyclone(s) and the standpipe
arrangement used to separat'c the solids and recycle tﬁem back to the base of the
combustion cell. The cyélone(s) if integrated with tpe combustion cell and the water walls
is known as a hot cyclone since it operates at approximateiy the same temperature as the
combustion cell, thus enhancing the co_mbustion efficiency of the process. The return of
the solids from the bottom of the cyclone to the combustion cell is achieved through a
vértical pipe with a turn at the bottom. The turn acts-like a valve and is referred as a J-
valve, L-valve or loop seal. Heat removal can also (l)ccur in the solids recirculation leg.

“The heat-exchanger'surrounded by the dashed box in Figure §.1 can be placed in the
recycle leg and used to cool the solid m;:ueriai coming from the gas-solid separation
device. The heat exchanger in the' recirculation leg is known as an external heat
exchanger and is esséntia’lly a bubbling ﬂl}idizeii bed containing immersed tube bundles.
Accprding to Makansi and SchWieger (1987), onc;, advantage of an external heat exchanger
is its ability to heip regulate the heat él'bsorption.rate ina CFBC. Sometimes, when the
fuel type is changed or wilen the corqbustdr is operated at part-load conditions, the
absorption rate will change in the combustion cell. The overall absorption rate can be
maintained constant by changing the operating conditions within the external heat

exchanger.
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The flue gas leaving the cyclone is cooled as it is directed through a convective
heat transfer boiler known as the convective pass system. It is then sent through a |
baghouse or electrostatic precipitator to further remove any particulates before being

released into the atmosphere.

6.2.1 COAL COMBUSTION

| The combustion of coal is a very complicated pro;:ess. Figure 6.2 show"s the bﬁsic
phenomena involved in coal combustion and the relative timé to complete each step
(Keairns et al., 1984). As tﬁe figure shovs;é, coal comb;lsﬁon involves three Asteps:: 1)
heating of the' coal particle to ignition temperature and vaporization of any trapped
moisture, 2) pyrolysis or devolatiliéation of volatile matter and subsequent combustion
of the volatiles 6utside the particle surface and 3) combustibn of the remaining char
particle.

Devolatilization involves b;eaking the weak carbon-carbon bonds found in coal.
At temperatures around 350°C, the bonds break releasing aromatic hydrocarbbns and
gases. Many of 'the heavier hydrocarbons react .with the coal an'd crack to yield lighter
corhpounds and carbon. The devolatilization products subsequently diffuse throughr the
internal pores of the coal‘ particle and to the particle surface where the volatiles undergo
combustion (Ehrlich, 1987).

Despite extensive rese‘arch on coal devolatilization, reliable rate expressions for
coal devolatilization in CFB coal combﬁstors are not available (Rajan- and Wen, 1980;

Borghi et al., 1985; Stubington and Chan, 1988). In the pfesént study, it is assumed that
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. the only devolatilization products are sulfur which is emitted as SO, and nitrogen which

is emitted as NH;. The weight fraction of sulfur released duﬁng the devolatilizatiori,

process is estimated from (Fine et al., 1974)

X =0.001T-0.6 ' 6.1

where T is the temperature of the bed in Kelvin,
Similarly, the weight fraction of volatile nitrogen emitted during devolatilization (Fine et

al., 1974) is

X, =0.001T-0.06 — 6.2

‘Although spécies sﬁch as l;xethané, hydrogen, carbon dioxide, water ahd tar are also
products of the devolatilization process, the lack of kinetic data makes an estimation of
their composition extremely difficult. Any nitrogen or sulfur that is' not released through
~ the devolatilization process is aésumeci to be released during the char combustion pfocess,
at a rate proportional to the rate of char combustion.

Once devolaﬁlizatién has occurred, a relétively porous and pure carbon particle
called char remains. The type ‘of coal, particle size, temperature;oxygen cohceritration _
and fluidizing characteristics are factors that influence the rate of combustion of char.
According to Rajan and ,Wc;l (1980), the reaétion describing the burning of residual char

is given by



- 130

1 2 .2 '
c+lo, = 2-2yco+2-1)co 6.3
rgR T @rpCOrE-DCo, _

where § is a mechanism factor which is a function of particlé diameter and bed
temperature and takes the value 1 wl}en Co, is‘trahsported away from the char particle
and 2 when carbon monoxide is transported away during char combustion (Field et al,
1967); According to Rajan and Wen (1980), with small particles, éari)on ndonoxidet
formed during cha;r combustion diffuses out fast because of rapid mass transfer whereas;
with Iarge particlés; because of thenslow rate of mass transfér, carbon monoxide bﬁrﬁs 7
within the boundary layer of thel par’giclé. The parameter 8 is expressed by -

_2p+2
p+2

5 , d,<0.005cm 6.4

5 . 2P +2)p(dg-0.005) /0.005

td

0.005<d,<0.1 cm 6.5
P +2 . k

where d, is the diameter of the char particle.

The parameter p in Equatidns 6.4 and 6.5 is defined as the ratio of carbon monoxide to

carbon dioxide formed during char combustion and is expressed by Arthur (1951) as

- ! . 7 N ~
p =2500 exp(—.s‘lg_XIO) 6.6
- R/T .

where R~/is the unijversal gas constant and is'equal to 8314 J/(kmol-K).
Reviews on char combustion have been presented by Mulcahy (1978), Essenhigh
- (1981) and Smith (1982§. Because each coal type has a different composition and

structure, the best way to model char combustion is to experiinentally' determine the
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chemical reaction rate expression. Because experiments were not possible, the char

combustion rate expression developed by Field et al. (1967) is used in the present reactor

model simulation. The rate expression is given by
: 2
Tehar =7 ke Co, 6.7

where k; is defined as the overall rate constant and can be expreésed as

F e

1 1 : 6.8
kcr | kcd

R, is also the universal gas constant and is equalltp 82.06 atm cm’/(mol+K) and k.. and

k.4 are the chemical reaction rate and diffusion rate constants, respectively.

The chemical reaction rate constant can be'expresse}d as

_1.497x10%

k.. =8710exp(
R/T,

) | 6.9

-

while the diffusion rate constant can be expressed as

L .o 248D . 6.10
IR, T ' :

cg

~where D is the mqlecular diffusivity for oxygen-nitrogen and T is the cilar particle
temperature which can berdetermined through a thermal balance over a char particle or
from an experimentally determined expression. Very few studigs under fast ﬂ’uidi‘zation
have been conducted to determine parameters such as the qonyecﬁve hegt transfer

coefficient or emissivity which are required to solve the pariicle thermal balance.
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Furthermore, because the hydrodynamic conditions are vastly different, there is much
cénjécture as tol whether correlations developed from bubbling bed studies can be used
in situations involving fast fluidization conditions. In the present stﬁdy, in order to get
an estimate of the char particle temperature, the empirical correlation of Ross and

Davidson (1981) is used:

- T, =T+66OOOCO2 6.11
whem T, is the char particle temperature in Kelvin and Cg, is the molar concentration
of oxygen in the combustion cell. The validity of the equation in CFBs was illustrated by
Basu et al. (1981) who, using the Ross and Davidsori;(1981) correlation, was able to
predict the burning rate of carbgn particles in a circulating fluidized bed.

The carbon monoxide formed during char combustion can react with oxygen to

produce carbon dioxide. That is,

C0+-0,=CO, 6.12

: 'According‘ to Hottel et al. (1965), the rate expression for the above reaction is

6.699x107, 0.5 1750, s

p 1
fen =3x1010| 2 ex —_—
co = p( " ) YH,0 Yco T+24.7y,,

g .
In the present reactor model éimulation, it is assumed that char corhbustion can be
represented by using a coai particle with a diameter equivalent to the Sauter mean
di;:lrneter. It is postulated that the greater rate of combustion associated with smaller

paﬁicles will be compensated by the slower combustion rate of larger parﬁcles. Through
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contact with other particles and/or the walls of the combustion cell and possibly during
devolatilizaton, attrition or breakup of the coal particles will occur. Because it is difficult
to estimate the degree of attrition that occurs within the combustion cell, the effects_ of

attrition is neglected in the reactor model.

'-6.2.2 SULFUR CAPTURE AND SO, EMISSIONS

The sulfur dioxide emitted during coal combustion comes from either ther
combustion 'of sulfur in pyrite (FeS,) or from the sulfur contained in the organic
molecules of the coal. Typically, coal may contain between 1 and 5% (suvlfur content.
The release of SO, into the atmosphere is a major‘envircnr‘nentaI‘ and health concern:
The SO, emissions can cembine.with water vapour to form solutions of sulfuric acid
which are then washed out of the air during a rain or snowfall. Ac‘id rain has been
amibuted to the destruction of numerous biological ecosyetems and damage to the surface
of buildings, cars and monuments. |

Of all the schemes proposed for controlling the SO, emissions, addition of
sorbents such as limestone (CaCO3) or dolomite (CaCO3-MgCO3) into the com};usuon
‘chamber to react chemxcally with SO, is the simplest and most direct. Sulfur capture
- with limestone or dolomite is a high temperature process. Calcination, which is the
process by which limestone is coﬁverted to calcium oxide requires ; teméerature over
750°C. The resulting calcium oxide then reacts with SOé to form solid calcium sulfate

which can be removed by electrostatic collectors, bag filters or simply drained from the

bed. Depending upon its purity, the CaSQy, better known as gypsum, can be used as a
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soil staBilizer, a filler in concrete or a filler in drywall. The reaction of interest, between

calcium oxide and SOZ is as follows:

Ca0(s) +50,(g) +..;_02(g) =CaSO,(s) 6.14

The reaction is an example of a non-catalytic gas-éolid reaction. That is, a solid reactant
(CaO) reacts with gasesr to produce another solid product. Since calcium sulfate (CaSO,) |
has a larger molar volume than the original liﬂlestone, a product layer forms around the
grains and pores of the sorbent and reaction eventually stops before all the limestone has
reacted. Typically,—onl)} 50% of the limestoﬁe reacts andAvit must, therefdre, be fed at a
' rate greater than the stoichi_ometric amount (Dry and La Nauze, 1990). The amour.It of
limestone'required is usually expressed in terms of the ratio ofr the amount of calcium in
the limestone sorbent to the amount of sulfur in the coal. According to Dry and La “
Nhauze (1990), typical Ca/S requirements in CFB. combustors rarilge ffom 2 to 4.
Equipmént needed is limited to conveyors for han(iling the sorbent, pulverizers for
‘ reduciné the size of the sorbent, a 'systém for injecting the sorBent into the reactor and
means of removing the solid product.

Over thirty models have been proposed in the literature to describe the SO, - CaO
' rc;,action. An excellent review of the models has been given by Dogu and Dogu (199'1).
The particle-pellet or the grain model as applied by Hartr;xan and Coughlin (1976) to
| sulfur capture is used in the proposed CFB Icoal combﬁstor model. According to the grain
‘model, a porous paﬁicle is comprised of spherical gréjns“of uniform size separated by

pores through which the reacting gases diffuse. A shell of the reaction product is formed
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on the surféée of ther grains as the reaction procee’:dsf_ The_ product layer increases to a
point where the pores betwec?n the grains become plugged and the rreactionrs:tops.-

According to Wen (1968), the rate at which the reaction layer moves is small with

reépect'tp the rate of trahsport of SO,. Consequently, the transport of sulfur dioxide

within a spherical pellet of lime can be described utilizing the pseudo steady js.tate

approximation. Assuming a spherical limestone pellet, the transport o'f; SO, within the

pellet can be described by

1 9
2 0R
RP

2 oC

DeffR — —I'SO =0 ; 6.15
p

P{ aRP] 2 .

where Rp is the pellet radius, rgq, is the rate at which sulfur dioxide reacts within the
pellet and D ¢ is the effective diffusivity in the pores of the limestone pellet. '

The boundary conditions for Equation 6.15 are

C=C, at Ry=Rp, 616
and

acC | o

> =0 at R,=0 6.17

R, R

In Equation 6.16, it is assumed that, because of the high slip velocity between solid and
gas, a film does not develop around the particle and cohseguently, there is no external
film resistance. The boundary condition of Equation 6.17 is simply the condition of

symmetry for a spherical particle.

The effective diffusivity can be calculated from
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D =De, - 618
‘where D is the molecular diffusivity of SO, in the limestone particle and e, relates the
porosity of the reacting particle and the progress of the sulfation rcacﬁon.
From the experiments of Hartman and Coughlin (1974), e, is given by

3

r .
Ve 0 +(1-—£)(Ves ~Veo)] ~(1-y) Pis | 6.19

rgo Pcc

_1 (1_ ls) plsy

where €l 1s the porosity of natural limestone, y is the content of calcium carbonaté in
limestone, p;g and P are the density _of limestone aﬁd calcium carbonate, respectively,
and VCC; and Ves are the molar volumes of calcium oxide and calcium sulfate. The
densities -and molar volumes, as well as the magnitl;de of y, can be obtained through
experiments.

If it is assumed that the reaction between the gas and grain§ is first order with
respect to sulfur dioxide, the rate at which sulfur 'dioxide reacts within the pellet can' be

expressed as (Hartman and Coughlin, 1976)

2
r ,
= g
I'SO2 =3 (1 —Slsc)-_é—ksozcc - 6.20
" Teo '
where &, is the por051ty of calcmed 11mestone, L is the radlus of the reaction interface

_ within a sphencal grain, Iy o 18 the initial grain radius, kgq, is the chemical reaction rate
constant per unit area of reaction inferface and C, is the concentration of SO, at the
reactlon interface within a grain. The term 3(1 elsc)r /r converts the reaction rate

constant from a per unit surface area basis to a per unit volume pellet basis.
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The chemical reacﬁon rate constant is specific to each type of sorbent. As shown
by Borgwardt and Hmey (1972),. physical propertieé such as grain size-distribution or
crystail structure and chemical composition of the original rock can ‘greatly affect the
reaction rate constant. The grain size distribution affects the ease with which SO, can
diffuse within a pellet,i while certain chemicals such as sodium or potassium may retar&
absorption because they occlude or obstruct reactive surfaces (Makansi and Schwieger,
1987). Thus, to rigoréusly and properly model sulfur capture with limestone particles,
experiments must be conducted to determine the chemical reaction rate. In the proposed
simulation, the kinetic data obtained by Hartman and Coughlin (1976) is used.

Assuming that the unreacted shr1nk1ng core model can be applied to a spherical

grain, C the SO, concentration at the reaction interface within a grain can be

c,

determined. The concentration of SO,, Cpl’ at any radial location ol in the product layer

: can be determined from

2 ' :
0°Cpi 2 ICpy | 6.21
arjl Tpi 9Tpy
with the following bounda.fy conditions:
Cpi =C(Rp) at Tpi =Tgo 6.22 -
aCy .
g arp =kgo,Cc 6.23
- pl = 3
Tp1 =g

where Dy is the solid product layer diffusivity.

Integration of Equation 6.21 with the boundary conditions shown in Equations 622and



138
6.23 yields

c - DC
c= o 6.24
DS +ksozrg( 1 "'-—)
. I'go

The rate at which the reaction interface moves inward may be expressed by

or ‘ kso, . - -
L= ZCC for rg>0 . ‘“6‘25.
dt p :
where p is the molar density of calcium oxide.
The boundary and initial conditions for Equation 6.25 are
Iy =Ty, at t=0 ' | 6.26
-and
or ‘
—L=0atr,=0 6.27
ot £ .

The grain (local) and pellet (overall) calcium oxidé conversion per péllet can be

expressed in terms of the position of the reaction interface. The local conversion is given

by
E—_— 3 ~ ‘ ’
XL =1- g ‘ 6.28

while the overall conversion is calculated by
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3
=3 (Reogp2(;-'s 6.29
Xo _3f0 R (1-—£)dR, | .

Rp ' Too

" Equations 6.15 to 6.29 describes the concentration profile within a spherical -
limesfone pellet, position of the reaction interface within the individual grains df the
limestone pellet and the local and overall calcium oxide conversion per pellet during the
reaction. The solution to the sulfur captqfe problem involves the solution éf Equations
6.15 énd 6.25. The equations can be discretized and solved in an semi-implicit manner.
At t=0, the grain reaction interface is equal to the grain radius and the concent;ation of
SO, at each grid point in the limestone pellet is known. Thus, Equation 6.25 can be
solved to yield the reaction front posit}on at time step t+1. Knowing the reaction front K
position at each gﬁd péint, the fnethod of lines can bé used to solve Equation 6.15

implicitly to determine the SO, concentration profile within the pellet at time step t+1.

The SO, concentration profile is updated and the entire procedure is repeated again.

6.2.3 NO, EMISSIONS

Nitrogen oxides (NO,) enﬁ&ed from the burning of coal include nitrou; oxide“’
(N,0), nitrogen dioxide (NOy) and nitric oxide (NO). Furthermore, when air is heated
to ele\‘/ated te,mperatures‘, oxygern and nitrogen can dissociate to their atomic forms and
recombine to form thermal NO,. There is a considerable amount of evidence indig:ating
that nitrogen oxides are deleterious éomponents of air pollution (Sticksel‘an'd Engdahl,

1984). The presence of smog creates significant respiratory problems for beople suffering
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from br.onchitis, emphysema or asthma. Nitrogen oxides‘ can cause'fading of textiles and
weaken metals by the formation of gcids. Combination of water with nitroéen oxides can
lead to the fqnnatién of nitrous ‘and nitric acid which contribute to acid rain.
Furthermore, nitric oxides such as nitrous dioxide caﬁ react with ozone in the upper
atmqspherc (str;cttosphere)'fo cause a reduction in ozone concentration (Moritomi et al.,
1991; Wojtowicz et al, 1991). l Changes in the ozone concentration in the upper
atmosphere would alFer the quantity of ultraviolet radiation reaching the’ earth’s surface ‘
and can subsequently lead to global warming. Recently, reductions in stratospheric ozone,
which acts to protect the earth from harmful solar radiation have been linked to increased
cases of skin cancer. |

Many methods have been dévised for controlling the formation of NO, emissions
during coal combustion. Examples include ammonia aqd/or urea injection and thermal
deNO, procedures. A review of th¢ various emission control strategies is given by
Berruti and Wong (199i). Staged combustion is one of the mést popular methods. “Air
staging aims at reducing NO, emissions by capitalizing on the enhanced NO, destruction
that occurs under sub-stoichiometric conditions. All &e _éoal is injected into the primary\ ,
stage so that the bed is maintain.ed at or near $ub-§toichiometric conditions creating NO,
reduction. Partial combuétion of coal in the reducing environment produces carbon

monoxide and char, which tends to reduce NOX by the following reactions:
NO +co'=>_;‘_1\12+co2 6.30

and
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NO+C=>%N2+CO L 631

: According to Ehrlich (1987), in a fluidized bed coal combustion systém there are
five mechanisms responsible for NO, formation and four mechanisms for NOy reduction.
The NOxnformation mechanisms are 1) reactions of atmosphéric nitrogen and oxygen to
form thermal NO,, 2) reaction of atmospheric nitrogen and oxygen via a solids
intermediate such as calcium cyanimide (CaN CN), 3) reaction of érganic nitrogen with
air via a solid intermediate, 4) reaction of organic nitrogen dirgctly with air and 5)
reaction of volatiles with air via a gaseous intermediate such as hydrogen cyénidc (HCN).
The mechanisms responsible for the destruction of NO, include 1) reaction with char to
form carbon monoxide, carbon dioxide or nitrogen, 2) reaction with gaseous intermediates
such as NH,, 3) reaction with hydrocarbon volatiles and 4) reaction via a heterogeneous
catalyst. Direct reaction of organic ‘nitrogen wifh air is the most likely NO, formation
mechanism whereas reaction with char to form carbon dioxide appears to be the most
‘favourable desn'ﬁcti(;n route. cher NO, formation and réc_luction _pathways have been
proposed by Gibbs and Hampartsoumian (1984), Furusawa et al. (1985), Johnsson (1989),
Wojtowicz et al. (1991) and Morit;)mi et al. (1991). |

Unlike the many mechanisms that have been proposed for the f:ormation and
destruction of NO*, the number of studies that have beet; conducted to determine NO,
kinetic information has been very limi?ed. Johnsson (1989) developed ;1 ldneﬁé modelr
to describe NO, formaﬁon in a bubbling ‘bed combustor. ‘Using kinetic data réported in

literature, Johnsson (1989) concluded that the majority of the kinetic data could not be
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used with respect to modglling NO, formation in a bubbling bed combustor. Most of the
kinetic rate expressions were deveioped outside the operating conditions (temperature and
concentration) typically encountered in fluidized bed combustion, and many of thé
reacti'on rate expressions were derived from different types of coal. In order to properly
model NO, formation, the kinetic data should be derived from the same coal typé under
the proper operating conditions. As indicated by Ishizuka et al. (1988), Mulcahy and
Smith (1969) and Tsuoboi and Iwasaki (1988), coal composition and type has a large
impact on NO, formation. For example, bituminous coal particles combust three to six
times faster than an anthracite coal particle of equivalent sizé (Mulcahy and Smith, 1969)
and hence can result in a greater degree of NO, emissions in a given time interval.
Although Kramlich et al. (1989) and Kilpinen and Hupa (1990) have proposed kinetic
models for the homogepe_ous formation of N,O and kinetic studies have been done by
Miller and Bowman (1988), there is still no conclusive picture on N,O formation and .
destruction mechanisrhs.

The intrinsic kinetic data obtained by Johnsson and Dam-Johansen (1991) is used
in the present work to model tﬁe formation and reduction of NO, in a CFB combustor.
' Their experimental study focused only on the heterogeneous reduction of NO and
oxidationﬂof NH;j ‘to NO. As a result, the proposed simulation only looks at the NO ‘for;n
of NO, enﬁssions and involve only coal types similar to the ones use;d by Johnsson and
Dam-Johansen (1991). It is assumed that thermal NO formed from the oxidation of

molecular nitrogen has only minor significance in a CFB coal combustor. Studies by

Furusawa et al. (1978), Pereira et al., (1974) and Bonn and Richter (1990) have validated



143

this assumption. Table 6. 1'A, 6.1B and 6 1C show the NO forming and reducing reactions
c‘onsidered in the present simulaﬁon along with their cqrresponding rate expressions. It
should be pointed out that intrinsic kinetic rate data do not take into account intraparticle
or interparticle effects. The overall kinetic rate expressioni can be seve;ely affected by the
degree of interparticle or intraparticle resistance. As 'v‘vith bubbling beds, because of the
high degree of gas-solid mixing, it is assumcd that interparticle resistance is negligible.
To determine the degree of intrapartiéle resistance, the effectiveness factor is calculated..
Assuming a sphericél pellet and a first order irreversible reaction, the effectiveness factor

is given by

n=tf__1 . 1. 1632
y{tanh(3y) 3y s ‘

where V is the Thiele modulus.

The Thiele modulus is given b);

ko 633
3 A Det ’

where R is the radius of the solid particlés, k, is the volumetric reaction rate constant
for a first order irreversible reaction and Dy is the effecti've S(;lid diffusivity.

De¢r can be determined expeﬁmentally 01; from one of the many models available
in 1iteraifure. The evaluation of k, @s more difficult since most 7reaction rate expressions
are not first order. In érder to estimate k,, the half life was’calculated for each of the

reactions that were not first order. Then, assuming a pseudo first order reaction, the half

life is evaluated and used to back calculate the pseudo first order reaction i‘atc constant.
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TABLE 6.1A - SUMMARY OF REACTIONS USED IN REACTOR MODEL

REACTION 1:

1 iy 2 L2
C+_0O 2-2)CO+(=-1)CO
*s = ( 8) +(8 )CO,

2
=T) = ~Tohar =Td K, CO2

where -1y is in gmol/(separticle) and k; is from Field et al. (1967)

REACTION 2:

CO+ %02 = CO,

0.5 ky2Yo,
T = ~Tco =kK12¥m,0 YO

where -1, is in gmol/(cm3-s) and k;,, k55 and ks, are from Hottel et al. (1965)

REACTION 3:

NO+C =>%N2+CO

k;3k33CNno

3 N0 % 3Cno k33

where -r3 is in kmol/(kges) and k;3 and k33 are from Johnsson and Dam-Johansen (1991)
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TABLE 6.1B - SUMMARY OF REACTIONS USED IN REACTOR MODEL

REACTION 4:

NO+CO = .;_Nz +CO,

with char and bed material as catalyst

k14Cnolk24Cco +k34l
k14Cno*k24Cco tk34

T4="INO T

where -1, is in kmol/(kges) and k4, ky4 and ks, are from Johnsson and Dam-Johansen
(1991) :

REACTION 5:

NO +%NH3' = %Nz +H,0

with char and bed material as catalyst

a5 b5
~15 = -0 =k5CnoCna,

where -15 is in kmol/(kges) and ks, a5 and b5 are from Johnsson and Dam-Johansen
(1991) o L : :

REACTION 6:

NH; «:%02 = NO +%H20

.with CaO as catalyst

a6 . b6
—1'6 = —rNH3 =k6CNH3C02

where -r¢ is in kmol/(kges) and kg, a6 and b6 are from Johnsson and Dam-Johansen
(1991) - ”
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TABLE 6.1C - SUMMARY OF REACTIONS USED IN REACTOR MODEL

REACTION 7:

2NH, +%02 = N, +3H,0

with char catalyst

: : a b7
=17 = ~Inn, =k7Cnm, Co,

where -r; is in kmol/(kges) and ky, a7 and b7 are from Johnsson and Dam-Johansen
(1991) ' '

REACTION 8:

CaO(s) +SOy(g) +.%02(g) =5 CaSO,(s)

2

) T

- - g

~Tg = ~T50,=3(1 ~#15)—ks0,Cs0,
. rgo

where -1g is in gmol/(cm3-s) and kg, is from Hartman and Coughlin (1976)
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For a first order irreversible reaction, the half life is related to the rate constant by

_ In(2)
k

t0.5 6.34

v

If the effectiveness factor is close to one, then there is no intraparticle resistance whereas
if the effectiveness factor is close to zero, then there is a significant amount of

intraparticle resistance.

6.3 REACTOR MODEL

| The solids holdup along the CFB combustor is obtained from the proposed
. hydrodynamic mpdel described earlier in this work. Although thc? ilydrodynan{ic.model
was developed with data from experimental CFB units at room temperature, it is assumed
that the axial voidage profile can be ‘applied to units that operate typically between 800-
900°C. Increasing the bperaﬁng tempemuiré as shown by Senior and Brereton (1990)
causes a reduction in gas viscosity and would lower the axial solids holdup. Tﬁc lower .
gas viscosity r.nékes it easier for the solids to move through the riser.  The proposed
reactor model described in the following pamgraphs only qualitativelyv describes the SO,
and NO emissions from a CFB coal combustor. There is not enoﬁgh i’nformation
available in literature to quantitatively model the emissions from an actual industrial or
experimental CFB unit. The kinetic information pertaining to the coal and sorbent type
used in CFB units are usually not given and, at this point in time, only some of the
. reactions responsible for NO, formation and ‘reduction are known. ‘For éxample, although

HCN is known to play an important role in NOx formation, there is no kinetic



148

information available (Johnslson, 1989).

It is assumed that all chemical reacti(;ns éonsidered in Tables 6.1A,6.1B and 6. IC
occur only in the core regiqn of the riser. The assumétion follows from the development
of the hydrodynamic model; the majority of gés ié assuﬁed to go only through the cenﬁ*e
regio_n of the riser. In Vaddition, the flow and quantity. of gas and solids in' the
recirculation leg and in downstream equipment is not known and as a result, it is hard to
estimate what reactions are possible and to what extent the reactions can occur.

As shown by Rhodes (1989) and Bader et al. (1988); the flow of gas in the core
region can be approximated as plug flow. Furthermore, studies by Senior and Brereton
(1990) and Zhao et al (1989) have shown that there is very little radial or axial variation
of temperature in the riser of a CFB combustor. Assuming the gases to be flowing in
plug flow and assuming isothermal conditions, material balances can be written for each
component in the system. The plug flow reactor design equation, for homogeneous

reactions, can be expressed as

dF; =Y re 6.35
Y2 1
dav
where V is the volume of the reactor, F, is the molar flowrate of species i, & is the
voidage, r; is the reaction rate based on unit volume of reactor and referenced with respect '
to species i. The summation in Equation 6.35 is carried out over all reactions involving
species 1 in the systém.
Because chemical reactions are assumed to occur only in the core region of the

riser, the volume of the reactor is determined from the core radius obtained from the



149

hydrodynamic model and, by similar reasoning, ‘the voidage term refers to the core
voidage.
For heterogeneous reactions, the corresponding plug flow reactor design equation

is given by

dF

i *
d—Vl’E‘fi (1-e)pput 636

where ri* is the reaction rate based on a unit mass of catalyst and-py, y; is the bulk density
of the catalyst, which is used to convert the reaction rate to a reactor volume basis. As
an illustration of the plug flow design equation, the following is a material balance for

NO:

dF wf, mw
NO = I3 ~Ty ~T45+Ig +(1 —Xn) 1 °

_—T 7 7 6.37
dv wfcmwn ‘

where the 1;’s are the reaction rates based on NO as illustrated in Tables 6.1A, 6.1B and
6.1C and have 5een converted to a reactor volume basis. The last term in Equation 6.37
feprescnts the amount of nitrogen that is converted to NO through char combustion. The
quantities wf,, wf, are the weight fmctipns of nitrogen and coal, determined from the
ultimate coal analysis, while mw,, and mw, are lthe m;)lecular weights of nitrogen and
coal. X is the fraction of coal released through the devolatilization process. The last
term of Equation 6.37 indicates the rate of release of nitrogen into NO from char
combustion is such that the ratio of nitrogen to carbon always remain the same. Similar
balances can be written for oxygen, nitrogen, carbon monoxide, carbon dioxide, water,

sulfur dioxide and ammonia. Knowing the initial concentration of each species, the
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material balances can be solved to yield the concentration profiles of each species along
the riser. '

© Table 6.2 shows .the typical physical parameters and operating conditions
arbitrarily chosen for the proposed reactor model. It should be pointéd out that quantities
such as riser diameter, solids circulation rate and superficial gas velocities are limited by

the range of operating conditions over which the hydrodynamic model can be applied.

6.4 REACTORjMODEL SOLUTIOI‘& METHOD

In order to solve the »_reactor model; the proposed hydrodynamic model must be
" solved simultaneously with the re'act'ions\ associated with coal combustion, sulfur capture
and NO formation and reductioﬁ. First, kfxowing the operating temperature, the reaction
rates and the density and concentration of each sﬁegies in the system can be calculated.
Then, the inlet molar calcium-to-sulfur fatio and primary air ratio are chosen so that the
"limestone, coal feedrate and superficial gas veiocity can be determincd._ As mentioned
earlier, the amount of coal and limestone is much smaller than the amount of sand in the
system. Coﬁsequently, the properties of the sand are used to determine the initial
hydrodynamic structure. The main iteration loop is then started. The solids core velocity
is known from the ﬁydrody;namic model and can be combined with the solids flowrate to
determine the ‘solids residence ﬁme between two cc;néecutivé grid points. The sulfur
capture subroutine is then called to deterr'nine the calcium oxide conversion per pellet.
The conversion can be converted to a mass basis knowing the density of calcium oxide

and the dimensions of the limestone particle. Using the initial species concentration at
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TABLE 6.2 - SUMMARY OF PARAMETERS USED IN REACTOR MODEL

’ Sulfur Captufe Model

Constants

CaC?3 anSity, pcc,
kg/m .

CaCO; content, y, (-)

molar volume-CaO,

" Veo m3/mol

molar volume-
CaCO;, Ve, m>/mol
weight fraction-CaO
Wicaor ©)

product layer
diffusivity, D, m%/s
limestone diffusivity,
D, m%/s

limestone porosity,
818’ (")

calcined limestone
porosity, €, (-)
initial grain size,
m

I'go,

Reactor Operating
Conditions

2710

0.982
16.9x107°

52.2x100
0.55
6x10713

7.5x1076

0.52

1x10°7

Coal Composition

Component wt%
carbon 71.80
sulfur 0.39
nitrogen 1.00
hydrogen 3.70
oxygen 12.51
ash 9.90
Coal Physical Properties
diameter, dp,, mm 1.5-3.5
density, p,, kg/m’ 1500
effective diffusivity, 1x1073
De par m%/s

Limestone Physical

Properties

diameter, dpy,, mm 1.2-5
density, Py, kg/m3 2710 .

solids circulation rate,
G, kg/(m?es)

superficial gas
velocity, U, m/s

riser diameter, D, m

riser height, Z, m

50-100

6-12

0.1-0.6
5-8
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grid point i, the reaction rate expressions can be solved to yield the reaction rate. 'Th“e
éffectiveness factor is also calculated to determin_é the effect of intraparticle resistance on
the reaction rates. The mass balances obtained from the plug flow reég:tor design eiluatibn
(in either thq homogenéous or heterogeneous form) are then solved to yielc;l the flowrates
and subsequently concentration, mole or mass fractions at the next grid point i+1. The
flowrate of the individual species are added togcthér to determine £he new superficial gas
velocity which if different, is used to update thchydrodynamic flow structure. If the grid
point corresponds to the location where secondary air is added, then the additional amount
- of dxygen and nitrogen are added to the material balances before the hydrodynamic flow

structure is updated. The procedure is repeated until the end of the riser is reached.'

6.5 REACTOR MODEL RESULTS

The simulation results from the proposed reactor modél are shown in Figures 6.3
through 6.9. As menti.oned earlier, the simulation results from the proposed reactor model
are only qualitative results. The omission of reactions pertaining to the formatioxi and
reduction of NO,, N,O and hydrocarbons means that the model cannot be used to fully
‘simulate an actual CFB corﬁbustor. Furthermore, reactions in the cyclone, standpipe and
in the downstream separation dévices (baghouse) were assumed to be negligible.
Depending upon the extent to which macﬁons occur in these units, the emission out of
thé CFB combustor can be signiﬂcantly different from those out of the top of the riser.
Figure 6.3 shows the effect of excess air on NO and SOZZ emissions for two molar Ca/S

ratios while Figure 6.4 shows the effect of staged combustion on the same emissions.
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The excess air refers to the amount of air required not only to fluidized the bed of solids
but also the reactions associated with coal combustion, sulfur capture and NO forming
and reducing reactions. Figure 6.3 shows that in the case Qf NQ emissions, the greater
the quantity‘ of excess air, the greater the NO emissions.: The effect is partly due to the
fact that the lar,ge; concen&aﬁon of oxygen associated with the higher excess air values
increases the extent to which NO forming reactions occur. Studies by Hiltunen and Tang
(1988), Tsuboi and Iwasaki (1988) and Brown and Muzio (1991) have shown that
_ oxidizing con@itions drastically increase the amount of NO, emissibns in_ both
experimental and industrial sized CFB combustors. The effect is also due to the larger
degree of combustion that occurs at higher excess air levels.r Exﬁerimentai studies by
Salim et al. (1989) and Lee et al. (1984) have shown that combustion efficiency, which ‘
is a measure of carbon burnout, increases with increasihg excess air ratios. Thethigher
combustion efficiencies indicate that the coal burns to a greater deéree and hence the NO
contribution from .char combustion also increases. It is interesting to note that at excess
air levels greater than 1.4, NOié formed to a greater extent than at lower excess air
values (change in slope). A possible expléhaﬁon for fhe increased NO formation could
be that for the given simulation conditions, the amount of ‘oxygen a;'ailable is such that
there is an enhanced degree of coal combustion. It should also be pointed out that the
higher the excess air level the greater the gas velocity and the short¢r the gas residence
tirﬁe within the riser. Theoretically, the decrease in gas residence tilme corﬁbincd with the; |
lower solids concentration due to the highef gas velocity should decrease the rake of any

chemical reaction. However, based on the NO emission results shown in Figure 6.3, it -
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appears that increasing the amount of oxygen has a more dominant effect on NO emission
than a reduction in gas residenée time.‘ The figure further shows that for the simulated
operating conditions, the molar Ca/S ratio does ﬁot seem to affect the NO emissions.
Exanﬁngﬁon of the data used to develop Figure 6.3 indicates that NO emissions actually
increase with mdlar Ca/S ratio although the difference is small. For example, at an
excess air level of 1.2 and a Ca/S ratio of 2, the simulated NO emission at the top of the
riser is 105.78 ppm while at the same excess air level and at a Ca/S ratio of 3, the NO :
emission is 109.88 ppm. Reports by Dry and La Nauze (1591), Schaub et al. (1989) and
" Lin and van den Bleek (1990) have indicated strong interactions t;etween sulfur caﬁm_re
and NO, emissions in CFB combustors. The difference between the simulated and
experimental results could be attributed to the omission of key reactions responsible for
NO, and SO, interaction in the reactor model. A more detailed discussion on the effect
of limestone on NO emissions will be provided later. The SO, profile shown in Figure
6.3 increases with excess air level up to a value of approximately 1.4 and then
subsequently decreases with further increases in excess airflevel. The increase in SO,
emissions with excéss air levels can be explained in terms of the impact of solids
concentration and gas residence time on the SO, emissions. Low excess air levels result
" in lower superficial gas velocities which accordiné to the proposed hydrodynamic model
results in a higher solids concentration along the riser. Higher,solid concentrations not
 only increases the amount of 1ime§tone particles but also coal particles at any axial
location. Any available oxygen must be shared bet\‘aveen“ the char combustion .reaction,

NO forming and reducing reactions and sulfur capture reaction and hence, lowers the
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chance of sulfur capture by the limestone parti;:IeS. Since the SO, profile increases with
increasing excess air levels, the results show that the cha; combustion and NO fotmat:ion
and reduction reactions occur to a greater extent than the sulfur capture | or sulfation
reaction. As with the NO emissions, at an excess air level greater than 1.4, there is a
change in the SO, emissions. Unlike; the NO emissions, the SOZ'emissions actually
decrease with further ingrcaSes in excess air. Even though the superficial gas velocity
increases and hence, solids concentration decreases, the amount of oxygen may be high
enough to cause a marked increase in sulfur capture.

The simulated effect of staged combustion on the NO and SO, err1issi§ns being
emitted out of the top of the riser is shown in Figure 6.4. The degree of staged
combustion is expreés'ed ix} terms of the primary air factor. (paf), defined as the fraction
of fluidizing gas that is sent into the combustor as pﬁmary air. The NO emission profile
shows an optimum paf value of approxima.tely 0.85. Th;: NO ,p£oﬂ1c can be partially
explained in terms of the hydrodynamic conditions that exist within the riser. Low paf
valués lead to low inlet superﬁcial gas velocities which according to the axial solids -
"holdup ﬁlodel results in an increased solids concentration. Although reducing conditions
exist in the'lower portion of thé riser, the rate of char combustion is still significant
enough to cause a large amount of NO to be released. If the NO formed is not reduced .
enough in the bo&om zone, it may not have enough opportunity to be rc.:duced in the rest
of the riser. There is a signiﬁcant increase in superficial gas velocity at and above the
secondary air locatioh because of the introduction of secondary air. As the primary air

factor is increased, the amount of solids in the lower region is not as high and the amount
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of N(‘)‘ formed through char C()_mbustion is not as significant as with a lower paf value.
When the primary air factor is increased, the amount of secondary air added becomes
smaller and smaller. ansequéﬁtly, the e;ffect of secbndary air on the axial solids holdup
and on ihe gas residence time is not as significant. The effect is reflected in a lower
amoﬁnt of NO emissions with an increase in primary air factor values. The SO, profile
in Figure 6.4 indicate that the 10wér the primary air factor, the greater the degree of sulfur
capture. Experimental sﬁﬁcs by Beacon and Lundqvist (1991) and Khan and Gibbs
(1991) have ‘shown that reducing conditions in a CFB riser can lead to decreased sulfur
retention efficiency. The ‘effect is attributed to a coﬁbinaﬁon of lower oxygen
coﬁcenuaﬁon in the bed available for the sulfation reaction and incfeased sulfur
regeneration from CaSO, in the reducing region of the bed. The main reason why the
experimental observations were not achieved in the simulated results was due to the
difﬁculties in determining the extent to which sulfur capture is hampered by reducixig
conditions in the reactor. Studies by Hansen et al. (1990) ”have shown that reducing |
conditions in the riser can reduce the effecﬁvcngss of éulfulf capture using limestone
particles.

The effect of molar Ca/S ratio and the effect of limestone particle diameter on NO
and SO, emissions is shown in Figures 6.5 and 6.6, respectively. Figure 6.5 shows that
in the case of NO emissions, at a constant excess air level, there is no signiﬁca;lt effect
céﬁse& by changes in the Ca/S rati‘o. In the case of SO, émissions, the simulated results
show that the greater the molar Ca/S ratio the greater the degree of sulfur capture. As

expected, increasing the amount of limestone in the reactor encourages greater sulfur -
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capture. As shown earlier the gﬁeatér fhe excess air level the ihcreaséd qua.ntity of NO
and SO, emissidns. |

As shown in Figure 6.5 and confirmed again in Figure 6.6, the reactor model
predicts that NO emissions are not affected by increases in Ca/S ratio. The greatest
- impact of limestone particle diameter is on the SO, emissions. As the figure shows, the
larger the particle size the higher the SO, emissions. The effect is due to the increased
difficulty in capturing the SO, with lérger particles (Hartman and Coughlin, 1976). For
the simulation conditions shown in Figure 6.6, using a limestone particle diameter of 1.2
" mm and a Ca/S ratio Qf approximately 4 would result in 100% sulfur retention.
Increasing the limestone particle diameter to 2.2 mm would require a Ca/S ratio of around
7 to achieve 100% sulfur retention. The difference in Ca)S ratio becomes even more
significant if one thinks in terms of the amount of iimestone required. The simulated
résults suggest that for limestone particles with diameters aréund 5 mm, 100% sulfur
retention is possible without using an excessive amount of limestqne. It is impo@t to
point out that with the high degree of mixing in a CFB riser, attrition of limestone particie
through contact with s:and'of char particles or with the walls can play an important role
in the amdunt of sulfur retention that occurs. Attrition can prolong the usefulness of the
calcined limestone particle by exposing fresh calcium oxide for reaction with SO,.
Although limestone attrition was not considered in the model, the SO, emission results
shown in Flgure 6.6 indicate the worst case scenarios for the simulation conditions
chosen. For example, with attrition effects, 100% sulfur retention might be achievable

at a Ca/S ratio well below 4.
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" Figures 6.7 é.nd 6.8 show the effect of coal particle diameter and riser diameter
on NO and SO, emissions, respectively. The effect of coal particle diameter is to
influence the amount of NO emitted ‘from tﬁe top of a:CFB riser. Figure 6.7 shovs;s that
at any excess air level, the larger the coal parFicle, the lower the NO emission. The éffect
is due to the lower rate of char combustion associated with-larger char particles.
According to the Fine et al. (1974) correlation, 'the amount of NH; (which is subsequently
converted to NO) rcieased through the devolatilization process is only a function of
temperature. Therefore, for a given operating temperature, the NH; released is a constant.
Consequently, the change in NO emissions is due entireiy to thc:reduétion in NO formed
from char cqmbustion. The higher the ex'cess air level the greater tﬁp difference i)etween
the NO emitted at different particle diameters. This is directly related té the increased
combustion that occurs at higher b;cygen levelé. The SO, profile is essentially
independent of coal particie dia.meter. The effect is again due to the Fine et al. (1974)
correlation used to estimate the amount of sulifur released -through the devolatilization
pr@ess. According to the conditions shown in Figure 6.7, all of the sulfur contained in
the coal is released in the devoléﬁlization process. if it is assumed that- only a frélction
of the sulfur contained in the coal is released through the de\)olatilization process then
results similar to those of the NO emission are expected. The larger the coal particle, the
lower the rate of char combustion and hence the lower the SOé emitted. |

‘The effect of riser di;mieter is shown in Figure 6.8 at two different exéess air
levels. The effect of riser diameter on 'SOZ emissions is different from that of NO

emissions. Increasing the riser diameter and keeping all other operating conditions
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constant lead to an increase in gas and solids residence’ tir.:nes. In the case of | NO, the
effect is to increase the enﬁssioﬁs at the top of the riser: At smaller ﬁmeteﬁ, for the
same volumetric flow, the superficial gas velocity is increased so much that there is very
little chance for any type of reaction to occur. Again, thé higher the excess air level, the
greater the NO emission. In the case of SO,, the larger £he diameter the longer the solids
residence timé and hence, the great'er the degree of sulfur retention. As Figure 6.8 shows
the SO, emission profiles crossover at a riser diameter around 0.38 m. At smaller
diameters, the SO, emissions at an excess air level of 1.2 is greater than the SO,
emissions at an excess air level of 1.6. The results seem to indicate that the reduction
in gas residence time is not as impor@nt as the oxygen concentration in affccting the |
sulfur capture reaction for riser diameters less than 0.38 m. This is mainly due to the fact
" that with the small diameter and consequently, high superficial gas velocity, the solids
concentration does not vary enough to affect sulf1.1r capture to any significant degree. At
riser diameters greater than 0.38 m the SO, emissions are h;gher fof the ﬁigher excess air
level. At these riser diameters the effect of solids concentration is more important.
Figure 6.9 shows the effect of riser height on NO and SO, emissions at the outlet
of a CFB riser and at two different riser diameters. As expected, the greater the riser
height, the longer the limestone residence time and héncé, the lower the S0, emiséions.
The NO emissions are not affected to the same extent as the SO, emissions. As Fif;,rure
6.9 shows, the NO qmissions rerﬁain reasonably constant with changes in riser height.
At a riser diameter of 0.20 m, the NO emissions iniﬁally decreases slightly and then

gradually increases as the riser height is raised. The changes to the NO emission profile
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can be explained by considering the fact that increasing the Tiser length, increases the
amount of char combustio'n that can occur'torform NO. However, as indicated in Figure

" 6.9, the amount of ‘char combustion due-to the increased riser length is very small. In all
erﬁl;ood, the oxygen concentration is so szmrall that the rate of cilar cbmbustion is very
small.. Although it‘should be emphasized that there are many assumptions used in

generating Figure 6.9, the ﬁgure suggests that increésing the riser height only benefits the

control of SO, emissions.
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' CHAPTER7
CONCLUSIONS AND RECOMMENDATIONS
| 7.1 CONCLUSIONS

A predictive model based on core/annular flow has bhcen developed to estimate the

axial voidage profile and internal flow structure of risers under fast fluidization

’ conditions. The model assumes tl_xe riser to consist of three sections: 1) an acceleration
zone where the golids accelerate upon entry into the riser, 2) a developed flow zone where
the ‘ﬂow of gas and. solids is assumed to be hydrodynaxhically developed and 3) an abrupt
exit zone for CFB units equipped with an abrupt exit at the top of the riser. Using
empiri_cally developed equations for predicting tﬁe apparent voidage at t'He bottom of the
riser, the length of the accelqration zone and the apparent.voidage at the tdp of the riser -
(for CEBs with abrupt ﬂser exits), the three sections of the riser are solved to YieldA the
average voidage, core voidage, core radius, gas core velocity, solids core velocity, core-to-
annulus solids interchange coefficient and annulus-to-core solids interchange coefficient
as a function of axial locz;.tion.

The validity of the proposed model was demonstraited by perfomling computer
simulations to compare the apparent axial voidage profile and/or rintemal flow structure
characteristics predicted using the model with data obtained in experimental CFB units.

“Generally, the simulated results compared favourably with the experimental resuits. The
model was able to qualitatively and quantitatively predict the effect of operating variables |
such as superficial gas velocity, solids mass flux, solids diameter and density and riser

geometry on the apparent voidage profile. Because of the uncertainties associated with
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expen'rhental internal flow structure measurements, a meaningful comparisc;n between the
simulated and experimental internal flow structure results could not be mach 7

The applicability of the model is majnlyr.limited by the range of operating
conditions and gas and .solid—physical properties used to develop the riser bottom and top
voidage correlations. Using the model outside the range of applicability of the empirical
equations would undoubtedly lead to erroneous results.

To illustrate an application of the hydrbdynamic model to reactor design, the
model was used to study the formation and evolution of environmentally damaging air
pollﬁtanjs such as SO, and NO, emissions generated during circulating fluidized bed coal
~ combustion, HoWever, due to a combination of unreliablé kinetic data and uncertainty
in the mechanisms résponsible for the fpnfxation and reducﬁon of NO, emissions like
NO, and N,O, the hYdrodynamic model was :only used to study. thé SO, and NO
emissions from a CFB coal combustor. This study represents a first attempt to model
emissions from CFB combustor§ and may sefve as a basis for fnore comprehensive
simulations.

The results of the reactor model agreed reasonably well with ;he trends reported
in literature. The reactor model showed that the greater'thé reducing conditions in the
combustion cell the lower the NO emissions. Increasing the overall excess air resulted
in an increase in NO emission out of the ﬁsér. The Ca/S ratiorrand limestone particle
diameter were shown to be important parameters a.ffc_ect_ing limestone utilization.
Increasing the Ca/S ratio results in better sulfur retention but also inc:rea’ses' the amount:

of limestone required, while increasing limestone particle diameter decreases the
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effectiveness of sorbent. Simulations involving riser diameter and riser height as
independent variables illustrated that both gas and solids residence times have an

important effect of the amount of SO, and NO emitted from a CFB riser.

7.2 RECOMMENDATiONS

Presently, mainly because of the limited data reported in literature, the model is
restricted to experimental CFB units with smail diameters and short riser lengtﬁs operating
ovef a narrow range of solids circulation rates. Further experimental studies should be
performed in order to gather more data so that the range of conditions over which the
| axial solids holdup model is applicable can be increased. Specifically, studies shouid be
conducted on industrial sized units operating at high circulation rates and at various
operating temperatures and pressures. |

Although many mechanisms for NO, formation and reduction have peen proposed,
the kinetic studies that have been conducted to validate the mechanisms has been limited.
More studies should be conducted to determine kinetic data for NO, formation and
reduction. Once the information is available, it can be incorporated into the proposed

reactor model to make it more comprehensive.
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APPENDIX A

EXPERIMENTAL PRESSURE GRADIENTS

TRIAL # | 1A 1B 1C 2A
Height, | dP/dx,.| dP/dx, | dP/dx, | dP/dx,
m Pa/m Pa/m Pa/m Pa/m
0.10. 804 6000 3104 1387
0.25 603 | 3888 | 1940 817
050 | 333 2716 1096 666
074 | - 235 2101 706 511
099 - | 219 1347 706 187
1.24 185 590 706 187
1.49 185 312 706 - 187
1.68 185 261 706 187
1.93 185 261 746 187
2.18 197 261 1052 187
243 - | 197 261 | 1563 187
2.68 416 261 1700 485
2.83 574 550 1800 490
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TABLE Al - EXPERIMENTAL PRESSURE GRADIENTS (TRIALS 1A TO 2A)
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TRIAL# | 2B 3A 3B 3C D
Height, | dP/dx, dP/dx, dP/dx, dP/dx, dP/dx,
m Pa/m Pa/m’ Pa/m Pa/m Pa/m
0.10 1387 2400 3814 2155 810
0.25 1059 1600 3051 1272 571
0.50 883 1200 2746 909 376
0.74 519 960 1907 430 270
0.99 490 872 1430 214 162
1.24 379 436 1040 214 162
1.49 204 282 320 214 162
' 1.68 204 282 320 214 162
1.93 204 282 320 214 162
2.18 204 282 . 320 214 162
2.43 204 320 520 214 162
2.68 441 400 1443 1010 606
2.83 588" 480 2286 1136 . 693

TABLE A2 - EXPERIMENTAL PRESSURE GRADIENTS (TRIALS 2B TO 3D)
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TRIAL # 4A 4B 5A 5B 6A
Height, | dP/dx, dP/dx, dP/dx, dp/dx, | . dP/dx,
m Pa/m Pa/m Pa/m Pa/m Pa/m
.

0.10 - 5775 5087 809 1416 392
0.25 3850 4545 539 927 294
0.50 1980 4040 320 - 726 196
0.74 990 2484 245 492 196
0.99 990 2480 245 492 140
1.24 990 - 1325 245 492 131
1.49 990 1325 245 492 131
1.68 990 1325 245 492 131
1.93 990 1325 245 492 146
2.18 990 1325 245 674 148
2.43 990 1325 245 1118 197
2.68 1732 1325 525 1150 336
| 2383 2310 1325 715 1180 586

TABLE A3 - EXPERIMENTAL PRESSURE GRADIENTS (TRIALS 4A TO 6A)
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TRIAL # 6B 7A 7B 8A 8B
Height, dP/dx, dP/dx, dP/dx, dP/dx, dP/dx,
m Pa/m Pa/m Pa/m Pa/m Pa/m
0.10 1796 2525 905 864 1716
0.25 1320 2424 746 495 1287
0.50 832 - 1683 566 448 1250
0.74 532 1154 364 226 1100
0.99 300 932 364 226 715

" 1.24 300 504 364 226 498

" 1.49 300 504 364 226 498
1.68 300 504 364 226 498
1.93 300 504 364 226 498
2.18 300 504 364 226 498
2.43 1122° 505 364 1394 667
2.68 1150 932 506 605 794
2.83 1220 | 1010 716 770 1110 ||

TABLE A4 - EXPERIMENTAL PRESSURE GRADIENTS (TRIALS 6B TO 8B)



